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1.0, INTRODUCTION

‘ The Clean Air Act Amendments of 1977 require each State in which

there are areas in which the national ambient air quality standards

(NAAQS) are exceeded to adopt and submit revised State implementation
plans (SIP's) to EPA. Revised SIP's were required to be submitted to
EPA by January 1, 1979. States which were unable to demonstrate attainment
with the NAAQS for ozone by the statutory deadline of December 31, 1982,
could request extensions for attainment with the standard. States ‘
granted such an extension are required to submit a further revised SIP
by July 1, 1982. ‘

Section 172(a)(2) and (b)(3) of the Clean Air Act require that
nonattainment area SIP's include reasonably available control technology
(RACT) requirements for stationary sources. As explained in the "General
Preamble for Proposed Rulemaking on Approval of State Implementation
Plan Revisions for Nonattainment Areas," (44 FR 20372, April 4, 1979)
for ozone SIP's, EPA permitted States to defer the adoption of RACT ‘
~ regulations on a category of stationary sources of volatile orgahic
compounds (VOC) until after EPA published a control techniques guideline
(CTG) for that VOC source category. See also 44 FR 53761 (September 17,
1979). This delay allowed the States to make more technically sound
decisions regarding the application of RACT. ‘

Although CTG documents review existing information and data concerning
the technology and cost of various control techniques to reduce emissions,
they are, of necessity, general in nature and do not fully account for
variations within a stationaky source category. ConSequent]y, the ‘
purpose of CTG documents is to provide State and local air pollution '
control agencies with an initial information base for proceeding with
their own assessment of RACT for specific stationary sources.







2.0 PROCESS AND POLLUTANT EMISSIONS

2.1 INTRODUCTION

The polymers and resins industry includes operations that convert
monomer or chemical intermediate materials obtained from the basic '
petrochemical industry and the synthetic organic chemicals manufacturing
. industry into polymer products. Such products include plastic materials,
synthetic resins, synthetic rubbers, and organic fibers covered by
Standard Industrial Classification (SIC) codes 2821, 2822, 2823, and
2824, The 1979 production of the major industry polymers was 16,052 Gg.

Thirty-six percent of this total production of the industry is from -
the manufacture of high-density polyethylene, polypropylene, and po]ystyrene.
In addition, the manufacture of these three polymers is estimated to
account for 56 percent of the total estimated industry process emissions
of 86.2 Gg/yr of volatile organic compounds (VOC).

This chapter describes the manufacturing processes for each of
these three polymers under consideration and the associated process VOC
emissions.  In general, the manufacture of these polymers may be
considered as a five step operation: (1) raw materials storage and
preparation, (2) polymerization reaction, (3) material recovery, (4)
product finishing, and (5) product storage. The equipment used in each
process step may have associated process emissions. The relationship
between process section (that is, the group of equipment used in
the performance of one of the five basic process stebs) and process .
emissions is shown in the tables identifying vent stream character1st1cs
for each polymer type. v

Fabrication, blending, or formation of resin materials are not
included in the process descriptions, nor are emissions from these
operations quantified. Fugitive and storage emissions from these
processes are described in other CTG documents, "Control of Volatile
Organic Fugitive Emissions from Synthetic Organic Chemical and Polymers
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and Resins Manufacturing Equipment” and "“Control of Volatile Organic
Emissions from Volatile Organic Liquid Storage in Floating and Fixed
Roof Tanks" and hence, they are not discussed here.

The model plants in this chapter represent most of existing processes
in the ozone nonattainment areas for each particu]ar‘resih.‘ The\uncontrof]ed
emission factors can be used as a basis for the verificatﬁoh of VOC |
emissions developed from emission source tests, plant site visits,
permit applications, etc. These emission factors should not be applied
in cases where site-specific data are available, but rather, in instances
where specific plant information is Tacking or highly suspect. States
may choose to analyze, or EPA may subsequently analyze, other processes
not represented by the model plants, such as the relatively new gas phase
processes of polypropylene and polyethylene or the less common liquid phaée
solution process of high-density polyethylene production. .
2.2 POLYPROPYLENE
2.2.1 General Industry Description

Manufacture of polypropylene, on a commercial scale, started in the ‘
1950's when stereospecific catalysts were discovered. Polypropylene is |
a high-molecular weight thermoplastic crystalline polymer of propylene.

The general formula for polypropylene is as follows:

. CHy = CH=CHp = CH - CHp = CH - . . .
l | I
CH3 CH3 CH3
The polymer is lightweight, water- and chemical-resistant, somewhat
rigid, and easy to process. It exists in three different forms depending
on the geometric arrangement of the methyl groups: (1) isotactic - with
all methyl groups aligned on the same side of the chain as shown above, |
(2) syndiotactic - with the methyl groups‘a1ternating, and (3) atactic -
all other forms in which the methyl groups are randomly aligned on :
either side of the chain. TypicaT]y, commercial polypropylene consists
principally of crystalline material (isotactic), with only a small amount
of amorphous material (atactic).l | :
Consumer products from polypropylene can be formed in many ways,
including solid molding, extrusion, rotational molding, powder watering,a
thermoforming, foam molding, and fiber orientation.?2 B
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Polypropylene resins are supplied in many grades for a variety of
uses. Apart from major distinctions between homopolymer, intermediatefimpaCt
co-polymer, and high-impact co-polymer, the grades may also differ in v
specific formulations. Different grades of polypropylene lend themselves
to use in different applications. Molded applications inc]udeAbottTés
- for syrups and foods, caps, auto parts, appliance parts, toys, housewares,
and furniture components. Fibers and filaments are used in carpets,
rugs, and cordage. Film uses include packaging for cigarettes, records,
and housewares. Extrusion products include pipes, profiles, wires and
cable coatings, and corrugated packing sheets.3

- Injection molding accounts for 41 percent of polypropylene use;‘
- fibers and filaments account for 31 percent; and other forms aCcount_for
28 perceht.3 In terms of end uses, major sectors are shown in Table 2-1.

Production of polypropylene has grown from 981 Gg in 1973 to 1,743.Gg
in 1979, a 10.1 percent annual growth rate. C.H. Kline projects a
9.0 percent growth rate for polypropylene from 1978 to 1983,4 and SRI
International projects an 8 percent growth rate from 1977 to 1982.5
Currently, 24 plants produce polypropylene in the United States.® The
existing polypropylene plants known to be in the current ozone nonattainment
areas are listed in Table 2-2. '

2.2.2 Model Plant ‘

The continuous slurry process for manufacture of polypropylene is
the most widely used process commercially. Based on data from 10 existing
plants located in nonattainment areas, a model plant capacity of 141 Gg/yr
was selected. . »

The polypropylene resins, characterized by having a controlled
content of isotactic material, are obtained through coordination polym:
erization, employing a heterogeneous Ziegler-Natta type catalyst system,
which typically is a combination of titanium tetrachloride and aluminum
alkyls. More recent process technoiogy, which uses a high-yield catalyst
with improved activity, requires much less catalyst than the conventional
process. With this high-yield process, the catalyst is left in the
product. This technology results in fewer processing steps and, thus;
less emissions. This new process is incorporated in the model plant by
exclusion of several processing units, and is consistent with a proportional
reduction in the total emission factor.'
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Table 2-1, END USES OF POLYPROPYLENE

Weight Percent
Sector Po1ypr0py1gne Use

Consumer/Institutional | 19
Furniture/Furnishings 18
Packaging | o H16
Transportation 12
Electrical/Electronics 7

Other “ 28




Table 2-2. POLYPROPYLENE (PP) PLANTS IN OZONE NONATTAINMENT AREAS3

, o h Capacity

Company Location - Status (Gg/yr)
ARCO Polymers, Inc. Deer Park, TX NAR - 181
Amoco Chem. Corp. - Chocolate Bayou, TX | NANR 125
Exxon Chem. Co. Baytown, TX NAR 250
Gulf 0i1 Cedar Bayou, TX NAR - 181
Hefcu]es, Inc. ‘ Baytown, TX : NAR . 272

' Lake Charles, LA NANR 376
Northern Petrochem. Morris, IL ~ NANR 91

CO. . o '

USS Novamont Corp. La Porte, TX ~ NAR 159
Phillips Petro. Co. Pasadena, TX | NAR ' 82

Rexene Polyolefins Odessa, TX NANR . 23-46
Co. o Bayport, TX , - NAR -
-Shell .Chem. Co. Norco, LA ~ NANR 136
‘ , Woodbury, NJ : NAR 136 .
Soltex Polymer Corp. Deer Park, TX NAR 91

This list is illustrative only. Since the nonattainment status of

areas changes from time_to time, this is not intended to be a definitive
list of plants that will be affected by this guideline document.

bozone nonattainment area not requesting extension (NANR).
Ozone nonattainment area requesting extension (NAR). :

SOURCES: SRI International, 1980 Directory of Chemical Producers,
United States. '
U.S. EPA study by Pu]iman-KeT]ogg Co., plant listing.

The BNA Environmental Reporter AQCR Listing. §121 (thfough
March 12, 1981). ‘ ‘
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2.2.2.1 Process Description. The continuous slurry processes,
conventional and high-yield, are represented in Figure 2-1. Reactor

feed materials consist mainly of monomer propy]ene, comonomer ethylene, |
monomer impurities propane and ethane, hexane, and a stereospec1f1c ‘ |
catalyst. Hexane is used as a process diluent and acts as a heat transfer
agent and polymer suspending medium. The catalyst 1s usua]]y manufactured
on site to consistently maintain the required cata]yst act1v1ty. It is
mixed with necessary solvents and metered accurately into the po]ymer1zat1on
reactor along with other reactant§. Process diluent is also used in |
catalyst preparation and spent diluent is sent to the di]dept recovery
section for reuse. “

The reactor is a continuously stirred jacketed vessel or a loop
reactor. During reaction, a portion of the polymer/monomer/diluent
mixture is continuously drawn from the reactor to a flash tank in which
the unreacted propylene and propane are separated, and recovered by |
condensation.

Slurry from the flash tank is then fed to the deact1vat1on/decant1ng
section for washing with an alcohol-water solution to remove most of the,
catalyst residues. The diluent/crude product slurry is lighter than the
alcohol-water solution and the two phases are separated by decantation.
The alcohol-water phase is disti]]éd to recover alcchol; whereas, the ;'
diluent/crude product phase which is in the form of a slurry is str1pped
to remove part of the diluent. The product slurry is then sent to a
sturry vacuum filter system in which isotactic polymer product solids are
separated from the diluent. The atactic polymer remains dissolved in
the diluent. The isotactic product goes through a product dryer, then is
extruded, pelletized, and sent to product storage.

In the methanol recovery section, the crude methanol streams are
refined and recycled, and the bottom streams, cbntaihing cata]ysté
metals are sent to the plant waste-water treatment faciTity.

The atactic-diluent solution is fed to the by-product (atactic) and
diluent separation unit in which the diluent is purified and dried for |
recycle, and the atactic solids are recovered or burned in 1nc1nerators.

In the high-yield slurry process, the cata1yst is 1eft in the
product so deactivation/decanting and alcohol recovery‘sect1ons are
unnecessary. Along with this, one of the major emission streams is also

t
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eliminated. Figure 2-1 indicates the units that should be excluded in
this process.

In addition to the use of high-yield catalysts, other process
variations may occur. Mixtures of aliphatic hydrocarbons may replace ‘
hexane as the process diluent, and isopropyl alcohol mayjrep]ace methano]f
as the catalyst deactivation agent. Also polymer dryerssmay vary with |
the facility, but a fluid bed dryer with hot nitrogen or air is the most
common. Nitrogen drying has safety advantages and the nitrogen can be
recycled resulting in lower costs and emissions. Other types of product
dryers and different operating pressures may result in a much higher VOC
emission rate. Except for high-yield catalyst, and the product dryer
type and operating pressure, these other process variations are minor
and should have little effect on the process voC emisSidﬁé. ‘

2.2.2.2 VOC Sources. The offgas stream characteristics for po]ypropylene
manufacturer are shown in Table 2-3. The combined process VOC emission
factor for the conventional slurry process is 36.7 kg VOC/1,000 kg
product. For the high-yield slurry process, Streams C and D are not
present; therefore, the combined process VOC emission factor for this
process is about 23.4 kg VOC/1,000 kg product. Most of the emission |
streams are continuous and consist mainly of propylene, ethylene, propane;
and a small amount of process diluent. Properties of these compounds ﬁ
are summarized in Table 2-4. The temperature of the streams varies from :
ambient to 1040C, and the pressure is about atmospheric. Each of the j
major VOC-containing streams are indicated on Figure 2-1 and are describeq
below: ‘

1. Stream A: (Catalyst Preparation Vents - This vent continuously
releases process diluent that is used in preparation of the catalyst.
2. Stream B: Combined Polymerization Reactor Vents - These emi ssions

are from vents of reactors from all process trains. This is a continuous
stream venting organic process offgas, consisting mainly of C3 (propy]ene:
monomer and other hydrocarbons with three carbon atoms such as propane) |
and process diluent, which could be hexane or a mixture of aliphatic
hydrocarbons with 10-12 carbon atoms.

3. Streams C & D: Decanter and Neutralizer Vents - These vents
are part of the alcohol recovery section. This is usually the largest
VOC source in the process and consists of methanol or isopropyl alcohol,
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Table 2-4. COMPONENTS OF POLYPROPYLENE VENT STREAMS

Propylene (monomer) MW =

Propane (monomer impurity) MW =

n-Hexane (diluent) MW =

Methanol or Isopropanol MW =
(washing a]coho]?

Ethylene (comonomer) MW

i

Co-C H&drocarbons (might include
etﬁylene, propylene, and propane) MW

Cy H.C. (A mixture of aliphatic
gydrocarbons with 10-12 carbon

42.06, 2186 Btu/cu ft
44,09, 2385 Btu/cu ft
86.17, 4412 Btu/cu ft
32,04 or 60.02

28.05, 1513 Btu/cu ft

50 (Avg)

144.0

atoms.) MW =
A1l of these compounds are usually diluted in
Air MW =
Nitrogen | MW =
Hydrogen MW

gases like:
29.0
28.0

= 2.0, 275 Btu/cu ft
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in addition to C3 and process diluent. The stream is continuous and
exists in most of the existing polypropylene plants. The prbcess using
a high-yield catalyst does not require these vents, and the reduction in
total emission factor is significant.

4. Stream E: Slurry Vacuum Filter System Vents - This stream is
from the system which separates the atactic and isotactic polymer. It
is one of the largest VOC emission streams venting process diluent and
alcohol remaining in the polymer. It is a continuous stream at atmospheric
pressure and exists in both the conventional and high-yield slurry '
process plants.

5. Stream F: Diluent Separation and Recovery - This stream originates
from the by-product and diluent recovery section and can be the second
largest VOC emission stream in the entire process. The diluent recovery
section which consists of an evaporator, an extractor and distillation

units is part of all processes and emits process diluents and alcohol
vapors. ' '

6. Stream G: Dryer Vents - This vent emits hydrocarbons diluted
in air or nitrogen at a relatively high temperature (104°C) and atmospheric
pressure. The emissions consists of vapor of hexane, methanol, and
propane.

7. Stream H: Extrusion/Pelletizing Vent -~ This vent can continuously
emit significant quantities of hydrocarbon that may remain in the polypropylene
powder as it exits the dryer.and enters the extruder feed chute. At
this point,‘the powder is in equilibrium with a vapor that can contain
up to 25 percent hydrocarbon by weight. As a result of heating and
compression in the extruder, there is some VOC loss through the extruder/
pelletizing section and futher losses from the powder/pellet transfer
system downstream from the product dryer since the transfer medium acts
as a stripping gas.

The stream properties and VOC concentrations of Streams A to H can
vary depending on proéess conditions. The variation generally depends
on the product grade or type being manufactured and other variables such
as temperature, pressure, catalyst concentration‘or activity, and the
amount of hydrogen used for molecular weight control. The concentration
and the magnitude of each stream is, of course, hightest under start-up
or shutdown conditions because of process conditions away from equilibrium.
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2.2.2.3 Control Systems. No controls are routinely applied for |
VOC control of these continuous sources. The polymerization reactors j
and the atactic separation units, however, are genera11y‘provided with;
emergency relief valves Teading to a flare for safety purposes in the
case of upsets. These emergency vents usually pass through knock-out .
drums to separate entrained liquid and polymer particles before the
vapors are piped to the flare. Also, in the production steps, the -
concentrated atactic polymer stream from the slurry vacuum filter system
is piped to a vessel and its liquid content is removed by evaporation.
The solid amorphous atactic polypropylene is left behind and is then
either burned in incinerators or is packed and sold as a by-product for
paper coating and other applications. For some produceré the atactic;
polymer is incinerated, 1iquid and gaseous waste streams from the process
may also be burned in the same device.
2.3 HIGH-DENSITY POLYETHYLENE
2.3.1 General Industry Description

High-density polyethylene (HDPE) resins are linear thermoplastic
polymers of ethylene with densities higher than 0.94 g/cm3 HDPE resins
are typically produced by a low-pressure process in which organic so]vents

are used; the solid catalyst is in suspension; and the polymer forms a
slurry (e.g., the processes originated by Phillips Petroleum Company aﬁd
Solvay and Cie, SA). Although there are various solvent processes usea
the variations do not affect emissions except with respect to the so1vent
recovery methods used.

HDPE is a highly (>90 percent) crystalline po]ymer containing 1ess
than one side chain per 200 carbon atoms in the main cha1n. The typ1ca1
density range is 0.95-0.97 g/cm3.7 1t is strong, water- and chemical-
resistant, and can be easily processed. It is one of the largest vo]ube
plastics produced in the U.S. and in the world. It is extruded into
film sheets, pipe or profiles, coated, injection molded, blow molded,
rotationally molded, foamed, or formed in other ways.2

HDPE's primary application is blow molded bottles for bleaches,
1iquid detergents, milk, and other fluids. Other b]ow molded forms for
which HDPE's are used include automot1ve gas tanks, drums, and carboys.
HDPE's also are used for injection molded forms including material
handling pallets, stadium seats, trash cans, and auto parts. Film is‘
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used in making shopping bags. Forty percent of all HDPE is blow molded;
another 22 percent is injection molded. Film and sheet combined account
for only six percent of HDPE use. Other uses account for 32 percent.
End use sectors for HDPE include packaging (45 percent), consumer/insti-
tutional (11 percent), building and construction (9 percent), and other
sectors (35 percent).3 - o
From 1973 to 1979, production of HDPE'grew from 1,196 Gg to 2,273 Gg,
"a growth rate of 11.3 percent. C.H. Kline projects growth at 7.0 percent
for 1978 to 1983.4 SRI International projected growth from 1976 to 1980
at 10 percent.? |
2.3.2 Model Plant
The Phillips particle form'process serves as the basis for this
- model plant, but it is intended to represent all other 1liquid phase .
slurry processes. . '

This model plan specifically includes an unreacted monoméffrecycTing
system. There are other similar liquid-phase processes that do not use
such systems and have larger emissions. The plant capacity for the
model HDPE plant is 214 Gg/yr. This is based on p]anté located in
nonattainment areas. -The existing HDPE plants known to be in the current
ozone nonattainment areas are listed in Table 2-5. »

2.3.2.1 Procesé Description. Referring to the schematic for this

process, Figure 2-2, the feed section includes catalyst purification and
activation. The prepared catalyst is then fed to the reactor continuously
by being slurried in a stream of process diluent (pentane or isobutane).
Ethylene monomer and comonomer (1-butene or hexene); after purification,
are also fed to the reactor where po]ymerization takes place in process

solvent. The reactor, for the part{c1e—form process, is usually a -
closed loop pipe reactor. The product HDPE is separated from unreacted
monomer and diluent by flashing from a low pressure to a vacuum and by
steam stripping. The wet polymer solids are dewatered in a centrifuge
and then dried in a closed-loop nitrogen or air-fluidized drying system
prior to extrusion. |

The unreacted monomer and diluent vapors are sent through a diluent
recovery unit where most of the diluent is separated and'recycled back
to the reactor. The rest of the stream is then sent to the ethylene
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Table 2-5.

NONATTAINMENT AREAS®

HIGH-DENSITY POLYETHYLENE (HDPE) PLANTS IN OZONE

“ b Capacity

Company Location Status (Gg/yr)
Allied Chem. Corp. Baton Rouge, LA NANR,‘ ” 272
ARCO Polymers, Inc. Port Arthur, TX NANR 147
Cities Servicé Co. Texas‘City, X NANR 82
Dow Chemical Freeport, TX NAﬁR 136

Plaquemine, LA NANR 136
Amoco Chem. Corp. Chocolate Bayou, TX NANR 159
E.I. Du Pont de Orange, TX NANR 104
Nemours & Co. Inc. Victoria, TX - NANR 102 |
Gulf 011 Corp. Orange, TX NANR 200
Hercules, Inc. Lake Charles, LA NANR 7 i
Nat'l Petrochem. La Porte, TX NAR 227 |
Corp.
Phillips Petro. Co. Pasadena, TX ‘NAR 420
Soltex Polymer Corp. Deer Park, TX NAR | 270
ucc Port Lavaca, TX 181

NANR

This Tist is illustrative only.

Since the atfa1nment‘statué of

areas change from time to time, this is not intended to be a definitive
1ist of plants that will be affected by this gu1de11ne document

bozone nonattainment area not requesting extension (NANR)
0zone nonattainment area request1ng extension (NAR)

SOURCES:

SRI Internat1ona1
United States.

1980 Directory of Chem1ca1 Producers,

U.S. EPA study by Pullman-Kellogg Co., plant Tisting.

The BNA Environmental Reporter AQCR Listing.
March 12, 1981).
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recovery unit where ethylene is recovered and sent to recycle ethylene
treaters and back to the reactor. ‘

2.3.2.2 VOC Sources. All the process streams,‘except the feed
preparation stream, in HDPE manufacture are continuous, and they consist
mainly of ethylene and process solvent diluted in nitrogen or air.

Most of the streams are at ambient temperature. An ethylene safety
flare is always a part of each system, and some plants may use it for
VOC emission control. Since this particular model plant incorporatés
ethylene recycle, it has relatively small emissions, but“piants which
vent unreacted monomer and use air-fluidized dryers have substantially
higher VOC emissions. The major VOC source is the flash tank where an
unreacted monomer stream (about 50 percent VOC) is released. HDPE
manufacturers often send this stream to a boiler to recover the heat
content. Table 2-6 shows the vent stream»characteristics foh‘the vOC
sources: these sources are described below:

1. Stream A: Feed Preparation - This is an intermittent stream
consisting mostly of ethylene. Assumed to vent 12 times a year, it's
sources are arying, dehydrating and other feed purification operations.

2. Stream B: Dryer - Dryer‘emissions are continuous and have low

|

VOC concentrations. Closed-loop drying systems have very low emissions
of process solvent in nitrogen. Air-fluidized dryers have significant]y‘
higher emissions. I |

3. Stream C: Continuous Mixer - This is another low VOC emission
stream coming from a mixer which mixes polymer with anti-oxidants. It
is continuous and releases process solvent that is sti]j 1eft in the

|

polymer along with a large quantity of nitrogen. Usually this stream 155
emitted to the atmosphere.

4, Stream D: Recycle Treaters - This is a semi-continuous VOC
emission stream containing about 80 weight percent VOC. Currently this |
stream is usually flared. Treaters consist of vessels containing such
materials as adsorbents, dessicants, and molecular sieves which remove ;

water and other impurities in the recycle ethylene stream. Emissions
occur when the vessels are purged during regeneration of the adsorber
beds. This stream is considered a continuous stream. The stream flows
continuously for about 20 out of 24 hours.
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2.3.2.3 Control Systems. As noted, like the other polyolefin
processes, the HDPE process generally has a flare as a part of the

system for safety reasons. A complete line of safety relief dev1ces
leading to the flare are commonly provided to avoid accidents as a
result of equipment overpressur1zat1on or ma]funct1on. ‘
2.4 POLYSTYRENE ‘
2.4.1 General Industry Descriptfon
Polystyrene offers a combination of excellent physical properties
and processibility at a relatively low price for thermop]ast1c mater1als.
It is crystal clear and has colorab111ty, rigidity, good electrical
properties, thermal stability, and high-flexural and tensile strengths.
Polystyrene products are used in molded forms, extrus1ons, 11qu1d so]ut1ons,

adhesives, coatings, and foams. The family of polymer1zed co-polymers
from styrene monomer and its modifications ranked third among atl p]ast1cs
in consumption within the United States.8

Molded uses include toys, autoparts, housewares, kitchen items,
appliances, wall tiles, refrigerated food containers, radio and te]evisibn
housings, small appliance housing, furniture, packages, and building
components such as shutters. Extruded sheets also are used in packaging,
appliance, boats, luggage, and disposable plates. Foamed styrene is a l
good insulator and is used in construction, packaging, boats, housewareé,
toys, and hot/cold insulated drink cups.2 Fifty pelcent of all styrene
is molded. Extrusion accounts for 33 percent. Other forms make up |
17 percent.

0f end use sectors, packaging makes up 35 percent, consumer/
institutional - 22 percent, building and construction - 10 percent,
electrical and electronic - 10 percent, and other sectors - 23 percent.3

Production of styrene has grown from 1,507 Gg in 1973 to 1,817 Gg |
in 1978, a 3.2 percent growth rate. C.H. Kline projects a 6.0 percent -
growth rate for 1978-1983% while SRI International projects a 4.9 percent
growth rate for 1979-1982.5 | |

Styrene polymerizes readily with the addition of eitﬁer heat or
catalyst 1ike benzoyl peroxide or ditertiary butylperbenzoate. Styrenei
will homopolymerize in the presence of inert materials and co-polymerize
with a variety of monomers. Pure polystyrene has the following structure:
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Although polymers with molecular weighté in the millions can be

' made, those most useful for molding have molecular weights of about
125,000; while those used in the surface coating industry average about
35,000.

2.4.2 Model Plant

A continuous process for the manufacture of polystyrene was chosen
for developing the model p]ant'primari1y because of its significant VOC
emissions. Mass (bulk) polymerization was used as a basis for developing
the flow diagram. However, the model plant represents all liquid phase
confinuous processes. In the case of suspension polymerization, becausé
polymerization takes place in water, dewatering, washing, centrifuge and
dryer sections are required. These sections usually are not sources of
VOC emissions. The model plant capacity is 73.5 Gg/yr. This capacity
represents an average of capacities from polystyrene plants using batch
or continuous processes in ozone nonattainment areas. The existing
polystyrene plants in ozone nonattainment areas are listed in Table 2-7.
The list includes both continuous and batch-type processes; when the
process type is unknowh the process comment is left blank. The plants
with unknown process type are included for complieteness of the Tlist.
Only the continuous processes are covered by RACT.

2.4.2.1 Process Description. This description is for a
fully continuous, thermal co-polymerization process for the manufacture
of pelletized polystyrene resin from styrene monomer and polybutadiene.
- Several grades of crystal and impact polystyrene are produced by this
process. The continuous process is represented in Figure 2-3.

Styrene, polybutadiene, mineral oii, and small amounts of recycle
polystyrene, anti-oxidants and other additives are introduced into the
feed dissolver tank in proportions that vary according to the grade of
resin being produced. Blended feed is pumped on a continuous basis to
the reactor where the feed is thermally polymerized to polystyrene. The
polymer melt, containing some unreacted styrene monomer and by-products

2-19




Table 2-7. POLYSTYRENE (PS) PLANTS IN OZONE NONATTAINMENT AREAS®

b Capacity Procesg
Company Location Status (Gg/yr) Comment
A.E. Plastik Pak Co., Inc. City of Industry, CA NAR 16 -
Am, Hoechst Corp. Cheasapeake, VA NANR 91
Leominster, MA NANR 54 -
Amoco Chemical Corp. dJoliet, IL NANR 136 Continuous
Torrance, CA NAR 16 Batch
Willow Springs, IL NAR a1 Batch
ARCO Polymers, Inc. Monaca, PA NAR 238 -
BASF Hyandotte Corp. Jamesburg, NJ NAR 136 Batch
South Brunswick, NJ NAR 50 ~ Batch 1
Carl Gordon, Ind., Inc. Owensboro, KY NAR Batch
Oxford, MA NAR 68
HWorchester, MA NAR -
Cosden 0i1 & Chemical Co. Windsor, NJ NAR 54 -
Calumet City, IL NAR 120 Continuous
Crest Container Corp. Saginaw, TX NANR 14 Batch
Fort Worth, TX NANR 3.6 -
Dart Ind., Iné. Bayport, TX NANR 68 -
Dow Chemical Corp. Allyns Pt., CT NAR 82 -
Midland, MI NANR 100 Continuous
Torrance, CA NAR 91 _Continuous
Gulf 011 Chemical Co. Marietta, OH NANR 102 Continuous
' Channelview, TX NAR 18 -
Mobil Chemical Co. Holyoke, MA NAR 45 -
Joilet, IL NANR 20 -
Santa Ana, CA NANR 34 Continuous
Monsanto Addyston, OH NAR 136 Continuous
Decatur, AL NANR 45 Continuous
Long Beach, CA NAR 23 -
Springfield, MA NAR 136 Continuous
Polysar Resins, Inc. Copley, OH NANR 82 Continuous
Leominster, MA NAR 52 -
Richardson Company Channelview, TX NANR - -
Shell Chemical Co. Belpre, OH NANR 141 Continuous
Sterling Plastics Corp. HWindsor, NJ NAR %Z.g- Continuous

2This 1ist is 1llustrative only. Since the attainment status of areas chahge
from time to time, this is not intended to be a definitive 1ist of plants that will
be affected by this guideline document.

bOzone nonattatnment area not requesting extensioh (NANR).
Ozone nonattainment area requesting extension (NAR).

°0n1y continuous processes are covered by RACT.

SOURCES:

SRI International, 1980 Directory of Chemical Producers,
United States.

U.S. EPA study by Pullman-Kellogg Co., plant Tisting.

Thgl§NA Environmental Reporter AQCR Listing. §121 (through March 12,
1981).
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is pumped to a vacuum devolatilizer where most of the monomer and by-
products are separated, condensed and sent to a styrene recovery unit.
Vapors from the styrene condenser are vented through a vacuum system.
Molten polystyrene from the bottom of the devolatilizer is pumped
through a stranding die-plate into a cold water bath. fhe cooled strands
are pelletized and sent to product storage. | |
In the styrene recovery unit, crude styrene monomer is separated 1n
a distillation column. The styrene vapor overhead from the tower is -
condensed and recycled to the feed dissolver tank. Noncondens1b1es are
vented through a vacuum system. Heavies from the bottom of the column
can be used as a fuel suppiement.
2.4.2.2 VOC Sources. Table 2-8 shows the vent stream characteristics
for the continuous po]ystyrene process. All VOC emission streams from
the process are continuous. Industry's exper1ence with continuous
polystyrene plants indicate a wide range of emission rates from plant to
plant. Steam present in Streams B and C reflects the use of a steam Jet
ejector in the vacuum system used; air reflects the use of vacuum
pumps. ‘
1. Stream A: Feed Dissolver - This vent emits mostly styrene.‘
The VOC emission results from washing losses. Currently, the styrene:is
emitted to the atmosphere. ‘
2. Stream B: Styrene Condenser Vent - Consists of unreacted
styrene separated from the polystyrene in a vacuum devolatilizer, The
stream can be exhausted through a vacuum system (e.g., steam jet ejecfor)
to atmosphere. This is the largest VOC source. when vacuum pumps are
used and followed by refrigerated brine condenser, the emissions can be
Tower.

3. Stream C: Styrene Recovery Unit Condenser Vent - This stream
contains the noncondensible components separated in the styrene recovery

tower and is vented through a steam jet ejector or vacuum pump.

4, Stream D: Extruder Quench Vent - This stream consists of |
steam and a trace of styrene vapor. The stream is usually vented through
a forced-draft hood and passed through demister-pad or e1ectrostetic ‘
precipitator before venting to the atmosphere. “ - | ]

2.4.2.3 Control Systems. No routine control is app11ed to cont1nuous
processes other than normal condensation operations. One unique system
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however, of vapor condensing/recovery is used where each process vesse1?
is equipped with rupture discs having the respective pressure relief |
settings. When any of these process vessels are overpréssured,“the
vapors relieve to the vapor condensing/recovery sys1em. By flashing
action and by condensation, most of the vapors are condensed, recovered‘
and reused in the process. This system also results in a single em1ss1on
point in the entire process. Unlike the polyolefins processes, no

flares are used as control devices.
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3.0 EMISSION CONTROL TECHNIQUES

Volatile organic compounds (VOC), used as solvents and key raw
materials in the manufacture of polymers and resins, are emitted to the
atmosphere from a variety of process equipment. Process VOC emissions
can be reduced either by installing emission control devices or by
reducing the VOC in the vent streams by a process modification such as
recovery of monomer or solvent. This chapter describes emission control
techniques that may be used to reduce process emissions from the polymers
and resins industry. ‘

Process emissions from the manufacture of polymers and resins are
diverse in both composition and flow. Streams contain a wide range of
VOC concentrations, i.e., less than 1 percent to essentially 100 percent,
47 but most are of high concentration. Some streams are continuous, while
others are intermittent. Process emissions also differ in temperature,
pressure, heating value, and miscibility. These factors are extremely
important in the selection and design of VOC emission control equipment.

Due to this diversity, different control techniques may be appropriate
for different vent streams. The control techniques may be characterized
by two broad categories: combustion techniques and recovery techniques.
Combustion techniques such as flares and incinerators are applicable to
a variety of VOC streams. Recovery techniques such as cbndensation,

' absorption,Aand adsorption, are effective for some select vent streams.
Economic  incentives may encourage the use of either type of VOC control,
since certain combustion configuraticns may permit heat recovery, and v
recovery techniques permit the conservation and reuse of valuable materials.
The selection of a control system for a particular application is based
primarily on considerations of technical feasibility and process economics;

The most common control techniques form the basis for this chapter.
Basic design considerations for flares, thermal and catalytic incinerators,
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jndustrial boilers, condensers, absorbers, and adsorbers, are briefly
described. The conditions affecting the VOC removal efficiency of each
type of device and its applicability for use in the polymers and resins
industry are examined. Emphasis has been given to flares, thermal
incinerators, and condensers because of their wide anp11cab111ty to a
variety of VOC streams. Combustion techniques are discussed in Section 3 1
and recovery techniques in Section 3.2.

3.1 CONTROL BY COMBUSTION TECHNIQUES

The four major combustion devices that are or can be used to contro]
VOC emissions from the polymers and resins industry are: flares, therma1
or catalytic incinerators, and boilers. Flares are the most w1de1y used
control devices at po1yethy1ene and polypropylene manufactur1ng p1ants.
Incinerators and boilers are also used to a Tesser extent, to control
continuous vent streams. Although these control devices are founded
upon basic combustion principles, their operating characteristics are
very different. While flares can handle both continuous and 1nterm1ttent
streams, neither boilers nor incinerators can effectively handle large
volume intermittent streams. This section d1scusses the genera1 pr1nc1p1es
of combustion, and then the design and operation, VOC destruction eff1c1ency, ”
and applicability of these four combustion devices at polymers and
resins manufacturing plants.

Combustion is a rapid oxidation process, exothermic in nature,

i

i
oo

which results in the destruction of VOC by converting it to carbon |
dioxide and water. Poor or incomplete combustion results in the productfon
of other organic compounds including carbon monoxide. The chemical |
reaction sequence which takes place in the destruction of VOC by combustion
is a complicated process. It involves a series of reactions that producé
free radicals, partial oxidation products, and final combust1on products.
Several intermediate products may be created before the ox1dat1on process
is completed. However, most of the intermediate products have a very
short 1ife and, for engineering purposes,‘compléte déstfﬁctidn of the
VOC 1is the principa] concern.

Destruction efficiency is a function of temperature, turbu]ence,

and residence time. Chemicals vary in the magn1tude: of these parameters

I
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that ihey require for complete combustion. An effective combustion
technique must provide:2 A

1. Intimate mixing of combustible material (VOC) and the oxidizer
(air), | “ |

2. Sufficient temperature to ignite the VOC/air mixture and complete
its combustion, | ,

3. Required residence time for combustion to be completed, and

4, Admission of sufficient air (more than the sto1ch1ometr1c
amount) to oxidize the VOC completely.

3.1.1 Flares ‘

- Flaring is an open combustion process in which the oxygen required
for combustion is provided by the air around the flame. Good combustion
in a flare is governed by flame temperature, residence time of components
in the combustion zone, turbulent mixing of components to complete the
oxidation reaction, and oxygen for free radical formation.

There are two types of flares: ground level flares and elevated
flares. Kalcevic (1980) presents a detailed discussion of different
types of flares, flare design and operating considerations, and a method
for estimating capital and operating costs for f]ares.3 Elevated flares
are most common in the polymers and resins'industry. The basic e1ements
of an elevated flare system are shown in Figures 3-1 and 3-2. Process
offgases are sent to the flare through the collection header. - The
offgases entering the header can vary widely in volumetric flowrate,
moisture content, VOC concentration, and heat value. The knock-out drum
removes water or hydrocarbon droplets that could create problems in the
flare combustion zone. Offgases are usually passed through a water seal
before going to the flare. This prevents a possible flame flashback,
~which can be caused when the offgas flow to the flare is too low and the
flame front moves down into the stack.

Purge gas (Nz, €0y, or natural gas) also helps to prevent flashback
in the flare stack caused by Tow offgas f1ow. The total volumetric flow
to the flame must be carefu]]y controlled to prevent Tow flow flashback
problems and to avoid a detached flame (a space between the stack and
flame with incomplete combustion) caused by an excessively high flowrate.
A gas barrier or a stack seal is sometimes used just below the flare
head to impede‘the flow of air into the flare gas network.
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The VOC stream enters at the base of the flame where it is heated :
by already burning fuel and pilot burners at the f]are t1p Fuel flows
into the combustion zone where the exterior of the microscopic gas
pockets is oxidized. The rate of reaction is Timited Hy the mixing of
the fuel and oxygen from the air. If the gas'pocket has sufficient
oxygen and residence time in the flame zone it can be completely burned.
A diffusion flame receives its combustion oxygen by diffusion of air |
into the flame from the surrounding atmosphere. The high volume of fuel
flow in a flare requires more combustion air at a faster rate than
simple gas diffusion can supply, so flare designers add steam injection
nozzles to increase gas turbulence in the flame boundary zones, drawing?
in more combustion air and improving combustion efficiency. The steam
injection promotes smokeless flare operation by minimizing the cracking
reactions that form carbon. Significant disadvantages of steam usage
are the increased noise and cost. The steam requ1rement depend° on the
composition of the gas flared, the steam ve10c1ty from the injection
nozzle, and the tip diameter. Although some gases can be flared smokelessly
without any steam, typically 0.15 to 0.5 kg of steam per kg of hydrocarbon
in the flare gas is required.

Steam injection is usually controlled manually with the operator
observing the flare (either directly or on a te1ev1s1on monitor) and
adding steam as required to maintain smokeless operat1on Several f]are
manufacturers offer devices which sense flare flame characteristics and‘
adjust the steam flowrate automatically to maintain smokeless operationL

Some elevated flares use forced air instead of steam to provide thé
combustion air and mixing required for smokeless operation. These
flares consist of two coaxial flow channels. The combustible gases flow
in the center channel and the combustion air (provided by a fan in the
bottom of the flare stack) flows in the annulus. The pr1nc1pa1 advantage
of air assisted flares is that expensive steam is not required. Air
assist is rarely used on large flares because air flow is difficult to
control when the gas flow is intermittent. About 600 J/sec (0.8 hp) of
blower capacity is required for each 45 kg/hr (100 1b/hr) of gas flared
(Klett and Galeski, 1976). 4




Ground flares are usually enclosed and have md]tip]e burner heads
that are staged to operate based on the quantity of gas released to the
flare. The ehergy of the gas itself (because of the high nozzle pressure
drop) is usually adequate to provide the mixing necessary for smokeless
operation and air or steam assist is not required. The fence or other
enclosure reduces noise and light from the flare and provides some w1nd
protection. '

Ground flares are less numerous and have less capacity than elevated
flares. Typically they are used to burn gas "continuously" Whi]e_steam
assisted elevated flares are used to dispose of large amounts of gas
released in emergencies (Payne, 1982).5

3.1.1.1 Flare VOC Destruction Efficiency. The f]ammabiiity Timits
of the gases flared influence ignition stability and flame extinction
(gases must be within their flammability limits to burn). When flammability
limits are narrow, the interior of the flame may haveginsufficient air
for the mixture to burn. Outside the flame, so much air may be induced
that the flame is extinguished. Fuels with wide limits of flammability
are therefore usually easier to burn (for instance, H, and acetylene).
However, in spite of wide flammability 1imits, CO is difficult to burn
because it has a low heating value and slow combustion kinetics.

The auto-ignition temperature of a fuel affects combustion because
gas mixtures must be at high enough temperature and at the proper mixture
strength to burn. A gas with a Tow auto- 1gn1t1on temperature will
ignite and burn more easily than a gas with a high auto-ignition temperature.
Hydrogen and acetylene have low auto-ignition temperatures while CO has
a high one. A :

The heating value of the fuel also affects the flame stability,
emissions, and structure. A lower heating value fuel produces a cooler
flame which does not favor combustion kinetics and also is more easily
extinguished. The lower flame temperatiure will also reduce buoyant
forces, which reduces mixing (especially for large flares on the verge
of smoking). For these reasons, VOC emissions from flares burning gases
with Tow heat content may be higher than those from flares which burn

high heat content gases.




- Some fuels, also, have chemical differences (s]ow combustion k1net1us)
sufficient to affect the VOC emissions from flares. For 1nstance, co 1s
difficult to ignite and burn, and so flares burning fuels with large
amounts of CO may have greater VOC emissions than flares burning pure
voc.

The density of the gas flared also affects the structure and stabi]ity
of the flame through the effect on buoyancy and mixing The ve10c1ty 1n
many flares is very low, and, therefore, most of the f]ame structure is
developed through buoyant forces on the burn1ng gas. L1ghter gases thus
tend to burn better, all else being equa] The dens1ty of the fuel a1so
affects the minimum purge gas required to prevent flashback and the ‘
design of the burner tip.

Poor mixing at the flare tip or poor f]are ma1ntenance can cause
smoking (particulate). Fuels with h1gh carbon- to-hydrogen ratios (greater
than 0.35) have a greater tendency to smoke and requ]re‘bgtterﬂmjx1ng‘1f‘
they are to be burned smokelessly.

The following review of flares and operating conditions summarizes
five studies of flare combustion efficiency.

Palmer (1972) experimented with a 1/2-inch ID flare head, the tip
of which was located 4 feet from the ground.6 Ethylene was flared at 15
to 76 m/sec (50 to 250 ft/sec) and 0.12-0.62 x 106 Jd/sec (0.4-2.1 x 106 |
Btu/hr) at the exit. Helium was added to the ethylene éS a tracer at 1
to 3 volume percent and the effect of steam injection was investigated
in some experiments. Four sets of operating conditions were 1nvestigated;
destruction effidiency was measured as greater than 99.9 percent for
three sets and 97.8 percent for the fourth. The author questioned the
validity of the 97.8 percent result due to possible sampling and analytical
errors. He recommended further sampling and analytical techn1ques
development before conducting further flare evaluations.

Siegel (1980) made the first comprehensive study of a commercial
flare system.7 He studied burning of refinery gas on a commercial flare
head manufactured by Flaregas Company. The flare gases ‘used consisted
primarily of hydrogen (45.4 to 69.3 percent by volume) and Tight paraff1ns
(methane to butane). Traces of HZS were also present 1n some runs. The

i
{
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flare was operated with from 130 to 2,900 kilograms of fuel/hr (287 to

6,393 1b/hr), and the maximum heat release rate was approximately 68.9 x 106
J/sec (235 x 100 Btu/hr). Combustion efficiency and local burnout was
determined for a total of 1,298 measurement points. Combustion efficiency
was greater than 99 percent for 1,294 points and greater than 98 percent

for all points except oné, which had a 97 percent efficiency. The

author attributed the 97 percent result to excessive steam addition.

Lee and Whipple (1981) studied a bench-scale propane flare.8 The
flare head was 2 inches in diameter with one 13/16-inch center hole
surrounded by two rings of 16 1/8-inch holes, and two rings of 16 3/16-inch
holes. This configuration had an open area of 57.1 percent. The velocity
through the head was approximately 1 m/sec (3 ft/sec) and the heating
rate was 0.09 x 106 J/sec (0.3 x 100 Btu/hr). The effects of steam and
crosswind were not investigated in this study. Destruction efficiencies
were greater than 99 percent for three of four tests. A 97.8 percent
result was obtained in the only test where the probe was located off the
centerline of the flame. The author did not believe that this probe
location provided a valid gas sample for analysis. |

Howes, et al. (1981) studied two commercial flare heads at John Zink's
flare test facility.9 The primary purpose of this test (which was
sponsored by the EPA) was to develop a flare testing procedure. The
commercial flare heads were an LH air assisted head and an LRGO (Linear
Relief Gas Oxidizer) head manufactured by John Zink Company. The LH
flare ‘burned 1,045 kg/hr (2,300 1b/hr) of commercial propane. The exit
gas velocity based on the pipe diameter was 8.2 m/sec (27 ft/sec) and
the firing rate was 12.9 x 106 J/sec (44 x 100 Btu/hr). The LRGO flare
consisted of three burner heads 1 meter (3 feet) apart. The three-burner
combination fired 1,909 kg/hr (4,200 1bs/hr) of natural gas. This
corresponds to a firing rate of 24.5 x 100 J/sec (83.7 x 106 Btu/hr).

Steam was not used for either flare, but the LH flare head was in some
trials assisted by a forced draft fan. In four of five tests, combustion
efficiency was determined to be greater than 99 percent'when sampling
height was sufficient to ensure that the combustion process was complete.

One test resulted in combustion efficiency as low as 92.6 percent when
the flare was operated under smoking conditions.

3-9




An excellent detailed review of the abovehfour‘sthies was done byi
Payne, et al. in January 1982, 10 and a fifth study [McDaniel, et al.
(1982)] determined the influence on flare performance of m1x1ng, heat
content, and gas flow ve1oc1ty.11 A summary of these studies is given |
in Table 3-1. Steam assisted and air assisted flares were tested at the
John Zink facility using the procedures developed by Howes. The test‘
was sponsored by the Chemical Manufacturers Association (CMA) with the
cooperation and support of EPA. All of the tests were with an 80 perceht
propylene, 20 percent propane mixture diluted as required with nitrogen‘
to give different Btu/scf values. This was the f1rst work which determ1ned .
flare efficiencies at a variety of "nonideal” cond1t1ons where lTower :
efficiencies had been predicted. A11 previous tests were of flares |
which burned gases that were very easily combust1b1e and did not tend to
soot. This was also the first test that used the samp11ng and chem1ca1
analysis methods developed for the EPA by Howes.

The steam assisted flare was tested with exit flow velocities up to
19 m/sec (62.5 ft/sec), with heat contents of 11 to 81 x 100 J/scm (2941to
2,183 Btu/scf) and with steam-to-gas (weight) ratios varying from zero
(no steam) to 6.86:1. Flares without assist were tested down to 7.2 x 105
J/scm (192 Btu/scf). A1l of these tests, except for those with very
high steam-to-gas ratios, showed combustion efficiencies of over 98 percent.
Flares with high steam-to-gas ratios (about 10 times more steam than
required for smokeless operation) had lower efficiencies (69 to 82 percent)
when combusting 81 x 106 J/scm (2,183 Btu/scf) gas.

The air assisted flare was tested with flow velocities up to 66 m/sec
(218 ft/sec) and with Btu contents of 3.1 to 81 x 106 J/scm (83 to 2, 183 Btu/scf)
Tests at 10.5 x 100 J/scm (282 Btu/scf) and above gave over 98 percent
efficiency. Tests at 6.3 x 100 J/scm (168 Btu/scf) gave 55 percent
efficiency. ‘ | ‘ o

After consideration of the results of these five tests, EPA
concluded that 98 percent combustion efficiency can be achieved by |
steam assisted flares when these flares are operated with combustion
gas heat contents and exit flow velocities within ranges determined by
the tests. Under the tests conducted, steam flares were shown to
obtain 98 percent combustion efficiency combusting gases with heat
contents over 11.2 x 106 J/scm (300 Btu/scf) at velocities of
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less than 18.3 m/sec (60 ft/sec). Steam flares are not normally operated
at the very high steam-to-gas ratios that resulted in low efficiency in
some tests because steam is expensive and operators make every effort to
keep steam consumption low. Flares with high steam rates are also noisy
and may be a neighborhood nuisance. Nonassisted pipe flares were shown

to obtain 98 percent efficiency with heat contents over 200 Btu/scf at
velocities of less than 18.3 m/sec (60 ft/sec). Air assisted f]ares
were shown to obtain 98 percent efficiency with heat contents over 1l. 2
x 106 J/scm and at velocities not exceeding that determined by the
following formula:

v(ft/sec) = 28.75 + 0.867 HC
where v = maximum ges velocity in ft/sec, standard ;onditiohs,
HC = heat content of the combusted gas in Btu/scf.

The EPA has a program underway to determine more exactly the eff1c1enc1es
of flares used in the petroleum/SOCMI industries and a flare test fac111ty
has been constructed. The combustion efficiency of four 1ares (3.8 to
30.5 cm dia.) will be determined and the effect on eff1c1ency of flare
operating parameters, weather factors, and heat content will be estab11shed
The efficiency of larger flares w111 be est1mated by sca11ng. A final
report of this work should be ava11ab1e in the spr1ng of 1984.

3.1.1.2 Applicability of Flares. A typ1ca1 po]ymer plant produces
several hundred million pounds of product per year. Because of this |

huge throughput, the VOC emissions that result from frequent process
upsets are also large. Flares are used mainly to minimize the safety
risk caused by emergency blowdowns from high pressure processes where
large volumes of gases with variable composition must be released from |
the plant almost instantaneously. Flares are ideal for this service and
their reliability, as measured by absence of explosions and plant fires,
has been demonstrated repeatedly. Flares also effectively eliminate thé
hazard of process streams which, during startup or shutdown, WOuld
otherwise vent to the atmosphere and could also create an explosion or |
toxic hazard. Finally, flares are also used to burn co-products or
by-products of a process that has too little value to reclaim, and thus
would otherwise be a continuous VOC emission during normal operat1on of‘
the unit. This practice, which was the standard practice for low presshre

processes such as the liquid phase polypropylene and polyethylene processes,
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has become less common during the past decade as the value of VOC étream
components has dramatically increased.
3.1.2 Thermal Incinerators ,

The design and operation of thermal incinerators are influenced by
operating temperature, residence time, desired VOC destruction efficiency,
of fgas characteristics, and combustion air. Operating temperatures may
typically be between 650°C (1,200°F) and 980°C (1,800°F) with a residence
time of 0.3 to 1.0 second.l2 The temperature theoretically required to
achieve complete oxidation depends on the nature of the chemical involved
and can be determined from kinetic rate studies.l3 The design of the
combustion chamber should maximize the mixing of the VOC stream, combustion
air, and hot combustion products from the burner. This helps ensure
that the VOC contacts sufficient oxygen while at combustion temperature,
for maximum combustion efficiency.

The heating value and water content of the waste gas feed and the
excess combustion air delivered to the incinerator also affect incinerator
design and operation. Heating value is a measure of the heat produced
by the combustion of the VOC in the waste gas. Gases with a heating
value less than 1,860 kd/scm (50 Btu/scf) will not burn and require
auxiliary fuel to maintain combustion. Auxiliary fuel requiremehts can
be reduced and sometimes even eliminated by transferring heat from the
exhaust gas to the inlet gas. Offgases with a heating value between
1,860 kJ/scm (50 Btu/scf) and 3,720 kd/scm (100 Btu/scf) can support
combustion but require some auxiliary fuel to ensure flame stability,
i.e., avoid a flameout. Theoretically, offgases with a heating value
above 3,720 kd/scm (100 Btu/scf) possess enough heat content to not
require auxiliary fuel (although practical experience has shown that
5,580 kd/scm (150 Btu/scf) and above may be necessary)l4 and these
offgases may be used as a fuel gas or boiier feed gas.l® A thermal
incinerator handling offgas streams with varying heating values and
moisture content requires periodic adjustment to maintain the proper
chamber temperatures and operating efficiency. Increases in heat
content reduce auxiliary fuel reqUirements, whereas increases in water
content can substantially increase fuel requirements.

Incinerators are always operated with excess air to ensure a sufficient
supb]y of oxygen. The amount of excess air used varies with the fuel
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and burner type but should be kept as low as possible. Using too much
excess air wastes fuel because this air must be raised to the combustion
temperature but does not contribute any heat by participating in the
oxidation reaction. Large amounts of excess air also increase the flue
gas volume and may cause an operator to invest in a larger system than
required.

A thermal incinerator usually contains a refractory-lined chamber
(which may vary in cross-sectional size along its 1ength) conta1n1ng a
burner at one end. Because of the risk to the refractory, 1nc1nerators‘
are neither brought quickly up to nor cooled down quickiy from operat1ng
temperatures. They require a fairly constant fuel input to ma1nta1n |
combustion temperature. A diagram of a thermal 1nc1nerator using dlscrete
burners is shown in Figure 3-3. (Numbers in parentheses following the
mention of equipment parts or streams denote the numbered items on the
referenced figures. ) Discrete dual fuel burners (1) and iniets for the
offgas (2) and combustion air (3) are arranged in a premixing chamber
(4) to thoroughly mix the hot products from the burners with the offgas
air streams. The mixture of hot reacting gases then passes into the
main combustion chamber (5). This section is sized to allow the m1xture
enough time at the elevated temperature for the oxidation reaction to be
completed (residence times of 0.3 to 1 second are cohmon). Energy can |
then be recovered from the hot flue gases with the installation of a |
heat recovery section (6). Preheating of combustion air or the process
waste offgas fed to the incinerator by the incinerator exhaust gases |
will reduce auxiliary fuel usage. In some instances, the incinerator
exhaust gas may be used in a waste heat boiler to generate steam.
Insurance regulations require that if the process waste of fgas 1is preheated
the VOC concentration must be maintained below 25 percent of the Tower
explosive Timit (LEL) to minimize explosive hazards.l6

Thermal incinerators designed specifically for VOC incineration |
with natural gas as the auxiliary fuel may use a grid-type (distribUted)
gas burner similar to that shown in Figure 3-4. The t1ny gas f]ame Jets
(1) on the grid surface (2) ignite the vapors as they pass through ‘the
grid. The grid acts as a baffle for mixing the gases entering the j
chamber (3). This arrangement ensures burning of all vapors using less
fuel and a shorter burning length in the duct than conventional forward

1
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flame burners. Overall, this system makes possible a shorter reaction
chamber while maintaining high efficiency.l’ |

Thermal incinerators used to burn halogenated VOC's often use
additional equipment to remove the corrosive combustion products. The
flue gases are quenched to lower their temperature and routed through
absorption equipment such as spray towers or liquid jet scrubbers to
remove the corrosive gases from the exhaust.l3

Packaged, single unit thermal incinerators are available in many
sizes to control streams with flowrates from a few hundred scfri up to
about 50,000 scfm. A typical thermal incinerator buiit to handle a VOC
waste stream of 850 scm/min (30,000 scfm) at a temperature of 870°C
(1,600°F) with 0.75 second residence time would probably be a refractory-
lined cylinder. With the typical ratio of flue gas to waste gas of
about 2.2, the chamber volume necessary to provide for 0.75 second
residence time at 870°C (1,600°F) would be about 100 m3 (3,500 ft3). If
the ratio of the chamber length to the diameter is 2, and if a 30.5 cm
(1 ft) wall thickness is allowed, the thermal incinerator would measure
8.3 m (27 ft) long by 4.6 m (15 ft) wide, exclusive of heat exchangers
and exhaust equipment.

3.1.2.1 Thermal Incinerator VOC Destruction Efficiency. The
destruction efficiency of an incinerator can be affected by variations

in chamber temperature, residence time, inlet concentration, compound
type, and flow regime (mixing). Of these, chamber temperature, res1dence
time, and flow regime are the most important.

When the temperature exceeds 700°C (1,290°F), the oxidation reaction
rate is much faster than the rate at which mixing can take place, so VOC
destruction becomes more dependent upon the f1u1d‘hechaﬁics within‘the |
combustion chamber.l9 Variations in inlet concentration also affect the
VOC destruction efficiency achievable; kinetics calculations describing
the combustion reaction mechanisms indicate much slower reaction rates
at very low compound concentrations. Therefore, at low VOC concen-
tration, a greater residence time is required to achieve a high combust1on
efficiency.

Test results show that a VOC control efficiency of 98 percent can
be achieved consistently for many VOC compounds by well-designed units
and can be met under a variety of operating conditions:20,21 combustion
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chamber temperatures ranging from 700 to 1,300°C (1,300 to 2,370°F) and
residence times of 0.5 to 1.5 seconds. The test results covered the
following VOC compounds: Cj to C5 alkanes and olefins, aromatics (benzene,
toluene, and xylene), oxygenated compounds (methyl ethyl ketone énd
isopropanol), chlorinated organics (vinyl chloride), and nitrogen-containing
species (acrylonitrile and ethylamines). Although a combustion éhamber
temperature of 870°C (1600°F) and a residence time of 0.75 seconds was
chosen for the cost analysis, the test results show that 98 percent
- destruction efficiency is sometimes available at temperatures of 700°C
(1300°F) and residence times of 0.5 to 1.5 seconds.20

Based on the studies of thermal incinerator efficiency, auxi11ary
fuel use, and costs, EPA has concluded that 98 percent VOC destruction,
or a 20 parts per million by volume (ppmv) compound exit concentration
(whichever is less stringent), is the highest reasonable control level
achievable by all new incinerators considering current techno]ogy;?2

3.1.2.2 Applicability of Thermal Incinerators. Therma]linéinerators
can be used to control a wide variety of continuous waste gas streams (one
has been observed in a polypropylene p1ant23). They can be used to
destroy VOC in streams with any concentration and type of VOC. A1th6ugh
they accommodate minor fluctuations ih flow, 1ncinerat6rs are not‘weil
-suited to streams with intermittent flow because of the large -auxiliary
fuel requirements during periods when there is no fuel contribution from
the waste gas, yet the chamber temperature must be maintained to protect
the incinerator lining. '

For extremely dilute streams, a catalytic incinerator might be a
favorable choice over a thermal incinerator if suppliemental fuel requirements
are of principal concern. However, most waste gas streams in this
industry contain enough heating value to support a flame by itself on a
properly designed flame burner. Such streams can be considered for use
as fuel gas or boiler feed gas, from which the recovery of energy may
more than compensate for a thermal incinerator's capital costs.

3.1.3 Catalytic Incinerators

The control principles and eduipment used in catalytic incineration
are similar to those employed in conventional thermal incineration. The
VOC-containing waste gas stream is heated to an appropriate reaction
temperature and then oxidation is carried out at active sites on the
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surface of a solid catalyst. The catalyst increases the rate of oxidation,
allowing the reaction to occur at a lower temperature than in thermal
incineration. This technique may offer advantages over thermal 1nc1nerat1on

in auxiliary fuel savings where low VOC content makes 1arge fuel usage
necessary. Catalytic incinerators also may produce 1ess NOX because of

- !
[

lower combustion temperatures and sma]]er excess air requ1rements.

Combustion catalysts are made by depositing p1at1num or p]at1num
alloys, copper oxide, chromium, or cobalt on an inert substrate which
is suitably shaped to fit the mechanical design of the incinerator. The
operating temperature of the catalyst is usually from 315°C (600°F) to
650°C (1,200°F). Combustion may not occur below 315°C (600°F) and
temperatures higher than 650°C (1,200°F) may shorten the catalyst 1life
or even evaporate catalyst from the support substrate.2% Accumulation
of particulate matter, condensed VOC's, or polymerized hydrocarbons on
the catalyst can block the active sites and reduce its effectiveness.
Catalysts can also be contaminated and deactivated bw compounds conta1n1ng
sulphur, bismuth, phosphorous, arsenic, antimony, mercury, lead, zinc,
tin, or haloyens. If the catalyst is so "poisoned,"” VOC's will pass
through unreacted or only partially oxidized. Catalytic incinerators
can operate efficiently treating offgas streams with VOC concentrations -
below the lower explosive 1imit. This is a distinct advantage over
thermal incinerators which would in this situation require auxiliary
fuel.

A schematic of a catalytic incinerator unit is shown in Figure 3-5;
During operation, the waste gases (1) first enter the mixing chamber
(also called the preheat zone) (3) where they are heated by contact w1th
the hot combustion products of a burner (2). The mixing chamber temperature
may vary as a function of the composition and type of contaminants to bé
oxidized, but will generally operate in the range of 343°C (650°F) to
593°C (1,100°F). 25 The heated mixture then passes through the cata]yst
bed (4) where oxygen and VOC's diffuse to the catalyst and are adsorbed
on its surface. The oxidation reaction takes place at these "active
sites.” Reaction products desorb from the active sites and diffuse'back
into the waste gas. As with the exhaust gases from thermal incinerators,

i

the products of combustion leaving the bed may be used in a waste heat
recovery device (5) before being exhausted to the atmosphere.
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3.1.3.1 Catalytic Incinerator VOC Destruction Efficiency. The
destruction efficiency of catalytic incinerators is a funct1on of many
variables, including type of catalyst, its surface area, volume and
pore size distribution, gas composition, uniformity of £1ow through the
catalyst bed, oxygen concentration, and temperature in the unit.26,27

The efficiency of a catalytic incinerator will deteriorate over
time, necessitating periodic replacement of the catalyst. The replace-
ment time varies widely, depending on the service of the unit, from Tess
than 1 year up to 10 years,l2 with an average life between 3 and 5 year'sj.28

A 1980 study by Engelhard Industries for the EPA involved testing
of both pilot and full-scale catalytic incineration systems. The full- scale
unit installed on a formaldehyde plant achieved control efficiencies
ranging from 97.9 to 98.5 percent. These eff1c1enc1es represent overa11
control levels for carbon monoxide, methanol, dimethyl ether, and forma]dehyde;
Measurements indicated the ab111ty of the system to contro] at this
level consistently over a l-year period. No trend 1n the data po1nts
gave indication of a maximum catalyst life.29

3.1.3.2 Applicability of Catalytic Incinerators. A catalytic
incinerator is best applied to a continuous stream that is (1) Tow in
VOC (higher VOC concentrations lead to higher catalyst temperatures,
which can seriously damage the catalyst activity and possibly create
fire hazards) and (2) free from solid particles and catalyst "poisons.”
A catalytic incinerator in many situations may be favored over a thermal
incinerator because it can destroy the VOC at a lower temperature and,
therefore, use less fuel. However, since most of the streams involved
in the polymers and resins industry are high enough in heating value to
self-combust without using auxiliary fuel, virtually no advantage is 3
achieved by using a catalytic unit and their applicability in this
industry is very limited.
3.1.4 Industrial Boilers

Fireboxes of boilers and fired heaters can be used, under proper
conditions, to incinerate waste streams that conta1n VOC s. Combustible
contaminants, including smoke, organic vapors, and gases ‘can be converted
essentially to carbon dioxide and water in bo11er flreboxes. As the
primary purpose of the boiler is to generate steam, all aspects of
operation must be thoroughly evaluated before this method of air po]1ut1on

Il
i
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control can be used. Any breakdown in the boiler can result in expensive
process downtime. Consequently, the risk of shutdown should be kept
small and only streams that do not threaten boiler performance should be
introduced. ‘

For the satisfactory use of boilers as a control device, there are
several prerequisites. Generally, the burner must be modified, the
boiler must operate continuously and concurrently with the pollution
'source, the contaminants must be completely combustible, and the products
of combustion must not corrode the materials used to construct the
boiler. Corrosive VOC compounds can be combusted in a boiler, but
special attention must be given to operate above the dew point of the
flue gases. If these gases are allowed to condense, severe corrosion
problems will occur. Further, the volumetric flowrate of low VOC concen-
tration emission streams must be taken into consideration because they
can reduce thermal efficiencies in the same way as excess combustion air
does. The pressure drop caused by additiona1'products of combustion
should not exceed the draft provided by boiler auxiliaries. Boiler
life, efficiency, and capacity can be affected by the presence of con-
taminants in the VOC emission streams. Halogens, for example, would be
devastating to the life of boiler tubes. Finally, a personnel safety

hazard may occur if coal-fired boilers that are not pulverized coal-
| fired are used to destroy organic waste. - Any interruption in the air
supply to these types of boilers would release into the boiler house
combustion vapors and any hazardous or toxic substances that may have
been injected.30 gGreat care, therefore, must be exercised in selecting
this mode of pollution control.

The large majority of industrial boilers are of water tube design.
Water, circulated through the tubes, absorbs the heat of combustion.
Drums store the superheated water from which steam is directed to external
heat exchangers for use as process steam. Boilers typically operate at
combustion chamber temperatures above 1,650°C (3,000°F) with a residence
time of about 1 second.3l

Both forced and natural draft burners, designed to thoroughly mix
the incoming fuel and combustion air, may be used. After ignition, the
mixture of hot reacting gases passes through the furnace section that is
sized to allow the oxidation reaction to reach completion and to minimize
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abrasion on the banks of the water tubes. Energy transfer from the hot
flue gases to form steam can attain greater than 85 percent efficiency.
Additional energy can be recovered from the hot exhaust gases by instal-
lation of a gas-gas heat exchanger to preheat combustion air. |

Boilers designed specifically for use as a VOC control device
typically use discrete or vortex burners, depending on the heating value
of the vent stream. For vent streams with heating va1ués between |
1,100 kd/scm (300 Btu/scf) and 1,850 kJ/scm (500 Btu/scf), a discrete
burner would be best suited.3l Streams with Tower heat1ng values would
probably require vortex burners to ensure the desired VOC destruct1on.

3.1.4.1 Industrial Boiler VOC Destruction Eff1c1ency. voC destruct1on |
efficiency achievable by boilers depends on the same factors that affect “
any combustion technique. Since boiler furnaces typically operate at

higher peak temperatures and with Jonger combustion residence times than
thermal incinerators, the VOC destruction efficiency usually would be
expected to match or exceed the 98 percent efficiency demonstrated in
incinerators. ‘

3.1.4.2 Applicability of Industrial Boilers. Use of a boiler for

VOC emission control in the polymers and resins industry is uncommon.
Despite the potential problems, boilers are being used in at least two
polypropylene plants32 and a high-density polyethylene plant. 33 The
polypropylene plants supplement boiler fuel with waste gas that otherw1se
would be flared. The high density polyethylene plant sends the dehydrator
regeneration gas (a mixture of natural gas and nitrogen) and a degass1ng
stream from the recycle diluent step (mostly ethylene) to steam—generat1ng
boilers as a fuel.

A boiler would be used as a control device only if the process
generated its own steam or the fuel value of the waste gas was sufficient
to make the process a net exporter of steam. Whenever either condition
exists, installation of a boiler is an excellent control measure that |
provides greater than 98 percent VOC destruction and very efficient
recovery of the heat of combustion of the waste gas.

3.2 CONTROL BY RECOVERY TECHNIQUES
The three major recovery devices are condensers, adsorbers, and
absorbers. These devices permit many organic materials to be recovered
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and, in some cases, reused in the process. Condensers are widely used
for recovering organics from both continuous and intermittent rich
by-product streams in polystyrene manufacturing pfocesses. The VOC is
- mainly styrene which is easily condensed becéuse of its relatively high
condensation temperature. The ease of styrene recovery and the’aBility
of a condenser to handle an intermittent stream makes it a desirable
control technology for all process VOC emissions in the polystyrene
industry. Condensers may also be used in series with other air pollu-
tion control systems. A condenser Tocated upstream of an incinerator,
 adsorber, or absorber will reduce the VOC load entering the downstream
control device. The downstream device will abate most of the VOC that
passes through the condenser. , ‘

Adsorbers are used on gas streams which contain relatively Tow VOC
concentrations. Concentrations are usually well below the lower explosive
limit in order to guard against overheating of the adéorbent bed.
Adsorbers are often neither suitable nor the most efficient means of
control for the higher VOC concentration streams characteristic of the
polymers and resins industry. _

AbSorbers, which use low volatility liquids as absorbents, are:
another control option. Their use is generally limited to applications
in which the spent absorbent can be used directly in a process, since
desorption of the VOC from the absorbent is often prohibitively expensive.

Recovery techniques either condense the organic or contact the
VOC-containing gas stream with an appropriate liquid or solid. Gases
containing only one or two organic gases are easier to process by recovery
techniques than multi-component mixtures. The presence éf inert or |
immiscible components in the waste gas mixture complicates recovery
techniques.
3.2.1 Condensers

Condensation devices transfer thermal energy from a hot vapor to a
cooling medium, causing the vapor to condense. Condenser design thus
typically requires knowledge of both heat and mass transfer processes.
Heat may be transferred by any combination of three modes: conduction,
convection, or radiation.

The design of a condenser is significantly affected by the. number
and nature of components present in the vapor stream. The enterihg‘
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gases may consist of a single condensable component or any number of
gaseous components which may or may not all be condensable or m1sc1b1e‘
with one another. Example gas streams found in the po]ystyrene 1ndustry
may consist of a single condensable component (styrene); a mixture of
condensable and noncondensable components (styrene and air); a mixture
of condensable, but 1mmiscib1e, components (styrene andwsteam); or a
mixture of condensable, but immiscible, components with a noncondensable
component (styrene, steam, and air). |

Condensers are designed and sized using the principlies of thermodynamics.
At a fixed pressure, a pure component will condense 1sotherma11y at the ‘
saturation or equilibrium temperature, yielding a pure 11qu1d conden-
sate. A vapor mixture, however, does not have a single condensate
temperature. As the temperature drops, condensation progresses, and the
composition, temperature, enthalpy, and flowrate of both the remaining
vapor and the condensate will change. These changes can be calculated
from thermodynamics data, if it is assumed that the vapor and liquid
condensate are in equilibrium. Variations in composition and temperature
will affect most of the physical and transport properties which must be
used in condenser design calculations. When these properties change,
the ca]cu1at1ons governing the heat transfer process are adJusted to
accommodate these changes. ‘

In a two-component vapor stream with one noncondensab]e component
condensation occurs when the part1a] pressure of the condensab]e component
is equal to the component's vapor pressure. To sepdrate the condensate
from the gas at f1xed pressure, the temperature of 1he vapor m1xture
must be reduced The 11qu1d will begin to appear when the vapor pressure
of the condensable component becomes equal to its pdrt1a1 pressure, the
"dew point." Condensation continues as the temperature is further
reduced. The presence of a noncondensable component‘1nterferes w1th the
condensation process, because a 1ayer of noncondensab]e on the condensate
acts as a heat transfer barrier.

Two types of condensers are employed: contact‘ano surfaceo Contact,
or direct, condensers cause the hot gas to mingle intimately with the
cooling medium. Contact condensers usually operate by spraying a cool |
1iquid directly into the gas stream. Contact condensers also may behave

as scrubbers since they sometimes collect noncondensable vapors which




are immiscible with the coolant. The direct contact between the vapor
and the coolant limits the application of contact condensers since the
spent coolant can present a secondary emission source or a wastewater
treatment prob]em,34 unless it is economically feasible to separate the
two in a subsequent process. .

Surface, or indirect, condensers are usually common shell-and-tube
heat exchangers. The coolant usually flows through the tubes and the
vapor condenses on the outside of the tubes. In some cases, however, it
may be preferable to condense the vapor inside the tubes. The condensate
forms a film on the cool tube and drains to storage.35 The shell-and-tube
condenser is the optimum configuration from the standpoint of mechanical
integrity, range of allowable design pressures and temperatures, and
versatility in type of service. Shell-and-tube condensers may be designed
to safely handle pressures ranging from full vacuum to approximately
41.5 MPa (6,000 psig), and for temperatures in the cryogenic range up to
approximately 1,100°C (2,000°F).30 Surface condensers usually require
more auxiliary equipment for operation (such as a cooling tower or a
refrigeration system) but offer the advantage of recovering valuable VOC
without contaminating the coolant, thereby minimizing waste disposal
problems. The successively more volatile material returned from the

condenser to the distillation column is termed “reflux," or overhead
'product. The heavier compounds removed at the bottom are often called
column “"bottoms."37

The major pieces of equipment used in a typical refrigerated surface
condenser system are shown in Figure 3-6.38 Refrigeration is often
required to reduce the gas phase temperature sufficiently to achieve low
outlet VOC concentrations. This type of system includes dehumidification
equipment (1), a shell-and-tube heat exchanger (2), a refrigeration
unit (3), recovery tank (4), and operating pumps (5). Heat transfer
within a shell-and-tube condenser occurs through several material layers,
including the condensate film, combined dirt and scale, the tube wall,
and the coolant film. The choice of coolant used depends on the saturation
temperature of the VOC stream. Chilled water can be used to cool down
to 4°C (40°F), brines to -34°C (-30°F), and chlorofluorocarbons below
-34°C (-30°F).39 Temperatures as low as -62°C (-80°F) may be necessary
to condense some VOC streams.3%
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3.2.1.1 Condenser Control Efficiency. VOC removal efficiency of
a condenser is dependent upon the composition of the stream. Single
component streams with a relatively high boiling point will easily
condense, resu1t1ng in essentially 100 percent control eff1c1ency.
Thus, very high efficiencies would be expected for condensers controlling
such streams in the polystyrene industry. A less condensable component
in the stream, however, will reduce the control efficiency betause of
the Tower temperatures required for higher percentage removal. Water-cooled
condensers sometimes cannot achieve a sufficiently low temperature to
ensure high control efficiency. Better control, of course, is poss1b1e
by use of a chilled coolant or even a refrigerated condenser at an
“increased cost. Outlet concentrations for low boiling organics may be
"above 10,000 ppmv to 20,000 ppmv.40

3.2.1.2 Applicability of Condensers. Water-cooled condensers

are effective in reducing potential emissions of high boiling, easiiy
- condensable organics, and find broad application in the poiystyrene
manufacturing segment. Surface condensers are used to recover styrene
. from polystyrene vents. Condensers cannot be used to condense low
boiling organics such as ethylene or propylene in streams containing
larée quantities of inert gases such as nitrogen. Refrigerated condensers
may be a viable option unless the stream contains water or heavy organics
which would freeze and foul the condenser. |
3.2.2 Adsorbers

Vapor-phase adsorption utilizes the ability of certain solids to
preferentially adsorb and thereby concentrate certain components from a
gaseous mixture onto their surfaces. The gas phase (adsorbate) is
pumped through a packed bed of the solid phase (adsorbent) where selective
components are captured on its surface by physical adsorption. The
organic molecules are retained at the surface of the adsorbent by means
of intermolecular or Van-der-Waals forces. The adsorbed organics can be
readily removed and the adsorbent regenerated.

The most common industrial vapor-phase adsorption systems use beds
of activated carbon. Carbons made from a variety of natural matéria]s
(wood, coal, nut shells, etc.) are marketed for their special adsorbent
propertfes. The muitiple bed system maintains at least one bed online .
while another is being regenerated. Most systems direct the vapor
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stream downward through a fixed carbon bed. Granular carbon is usually
favored because it is not easily entrained in the exhaust stream.

Figure 3-7 is a schematic of a typical fixed bed regenerat1ve
carbon adsorption system. The process of fgases are filtered and cooled (1)
to minimize bed contam1nat1on and maximize adsorption eff1c1ency. The
offgas is directed through the porous activated carbon bed (2) where
adsorption of the organics progresses until the activated carbon bed is
“saturated". When the bed is completely saturated the organ1c w111
"breakthrough” the bed with the exhaust gas and the mn1et gases must
then be routed to an alternate bed. The saturated bed 1s then regenerated
to remove the adsorbed material.

Low-pressure steam (3) is usually used to heat the carbon bed
during the regeneration cycle, driving off the adsorbed organics, which
are usually recovered by condensing the vapors (4) and separating them
from the steam condensate by decanting or distillation (5). The adsorpt1on/
regeneration cyc]e can be repeated numerous times, but eventua]]y the
carbon loses its adsorption activity and must be replaced. The carbon
can sometimes be reactivated by recharring.

3.2.2.1 Adsorber Control Efficiency. The efficiency of an adsorption
unit depends on the properties of the carbon and the adsorbate, and on
the conditions under which they contact Lower temperatures aid the
adsorption process, while higher temperatures reduce the adsorbent's
capacxty.41 Removal efficiencies of 95 to 99 percent are achieved by
well-designed and well-operated units.42

3.2.2.2 Applicability of Adsorbers. Adsorbers effectively contro]
streams with dilute concentrations of organics. In fact, to prevent
excessive temperatures within the bed due to the heat of adsorption,
inlet concentrations of organics are usually limited to about 0.5 to

1 percent.40 The maximum practical inlet concentration is about 1 percent
or 10,000 ppmv.43 Higher concentrations are frequently handled by
allowing some condensate to remain from the regenerat1on process to

remove the heat generated during adsorpt1on. Also, the 1n1et stream can
be diluted by use of a condenser or addition of a1r or n1trogen upstream
of the adsorber. If the organic is reactive or oxygen is present in the}
vent stream, then additional precautions may be necessary to safeguard
the adsorption system. “
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Adsorbers can foul and hence are not very suitable for streams
containing fine particles or polymerizeable monomers. Both can contaminate
the beds and result in poor performance, or even introduce safety prob]éms.
Because of their limitations in certain gas streams, carbon adsorbers |
are not ideally suited for most of the emission streams encountered in |
the polymers and resins industry. o
3.2.3 Absorbers

Absorpt1on is a gas-liquid mass transfer operat1on in which a gas
mixture is contacted with a liquid (solvent) for the purpose of preferent1a11y‘“w
dissolving one or more components (solutes) of the gas. Absorption may
entail only the physical phenomenon of solution or may also involve
chemical reaction of the solute with constituents of the solvent.44

For any given solvent, solute, and set of operat1ng conditions,
there exists a theoretical equilibrium ratio of solute concentration 1n
the gas mixture to solute concentration in the solvent. The driving
force for mass transfer in an operating absorption tower is related to
‘the difference between the actual concentration ratio and this equi]ibrﬁum'
ratio.45 The solvents used are chosen for high solute (VOC) solubility
and include liquids such as water, mineral oil;‘anvo1atile‘hydfocafbon
oils, and aqueous solutions of oxidizing agents like sodium carbonate
and sodium hydroxide.%6 '

Devices based on absorption principles include spray towers, venturi
scrubbers, packed columns, and plate columns. Spray towers and venturi
scrubbers are generally restricted to particulate removal and control of
high-solubility gases.47 Most VOC control by gas absorption is by
packed or plate columns. Packed co]umhs_are used mostly for handling
corrosive materials, liquids with foaming or plugging tendencies, or
where excessive pressure drops would result from the use of plate co]uﬁns.
They are less expensive than plate columns for small-scale or pilot
plant operations where the column diameter is less than 0.6 m (2 ft).
Plate columns are preferred for large-scale operations, where internal
cooling is desired, or where low liquid flowrates would inadequately wét
the packing.48

A schematic of a packed tower is shown in Figure 3-8, The gas 15‘
introduced at the bottom (1) and rises through the packing material (2)
Solvent flows by gravity from the top of the column (3), countercurrent

1
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to the vapors, absorbing the solute from the gas phase and carrying the
dissolved solute out of the tower (4). Cleaned gas exiting at the top
is ready for release or final treatment such as incineration.

The major tower design parameters, column diameter and height,
pressure drop, and liquid flowrate, are based on the spec1f1c surface
area of the tower packing, the solubility and concentration of the
components, and the quantity of gases to be treated.

3.2.3.1 Absorber Control Efficiency. The VOC removal efficiency
of an absorption device is very dependent on the characteristics of the
solvent and the design and operation of the tower. Generally, for a
given solvent and solute, an increase in absorber size or a decrease in
the operating temperature can increase the VOC control efficiency of the
system.

Systems that utilize organic liquids as the solvent usually 1nc1ude
a separate item of equipment to strip the adsorbed gas so that the
solvent can be recycled to the absorber. The efficiency of the absorber
is affected by the efficiency of the stripper. For example, a theoretical
absorber calculated to achieve a removal efficiency of 99.9 percent with
once-through solvent usage (equivalent to 100 percent stripping efficiency),
would achieve only 98.5 percent VOC removal if the solvent were recycled
through a stripper which was 98 percent efficient.49

3.2.3.2 Applicability of Absorbers. The selection of absorption
for VOC control depends on the ava11ab111ty of an appropriate solvent

for the specific VOC. Absorption is usua]]y not considered when the VOC
concentration is below 200-300 ppmv.50

The use of absorbers is generally limited to applications in which
the stripped absorbent can be reused directly or with minimum treatment.
Absorption may not be practical if the waste gas stream contains a
mixture of organics, since all will Tikely not be highly soluble in the
same absorbent. Absorbers have found limited use as a VOC emission
control device in the polymers and resins industry.
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4.0 ENVIRONMENTAL ANALYSIS OF RACT

4,1 INTRODUCTION

The environmental impact of the systems considered representative
of reasonably available control technology (RACT) is essentially two-fold.
Primary impacts are those attributed directly to the control systems,
such as reduced levels of specific pollutants. Secondary impacts are
indirect or induced in nature, such as aggravation of another pollutant
probiem through utilization of a particular control system. Both beneficial
and adverse environmental impacts related to each of the pollution
categories, air, water, and solid waste are assessed in the following
sections. Also a discussion of the additonal amount and type of energy
required for control is included.

The following emission reductions or limitations are considered
_representative of RACT:

(1) For po]yprépy]ene plants using liquid phase processes: a 98
weight percent reduction or reduction to 20 ppm of continuous VOC
emissions from the polymerization reactioh section (i.e., reactor
vents), the material recovery section (i.e., decanter vents, neutralizer
vents, by-product and diluent recovery operations Vents), and the
product finishing section (i.e., dryer vents and extrusion and pelletizing
vents). |

(2) For high-density polyethylene plants using liquid phase slurry
processes: a 98 weight percent reduction or reduction to 20 ppm of
continuous VOC emissions from the material recovery section (i.e.,
ethylene recycle treater vents) and the product finishing section (i.e.,
dryer vents and continuous mixer vents).
| (3) For polystyrene plants using continuous processes: an emission
limit of 0.12 kg VOC/1,000 kg product from the material recovery section
(i.e., product devolatilizer system).
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These RACT recommendations were made on the basis Of a single
control device controlling all vents of VOC emissions. Many, if not
most, existing plants will have already some control that is representat1ve
of RACT. At these plants, additional emission control may be obtained
at the expense of installing an additional control device, which may be
controlling emissions from a single process section only. The costs of
gaining additional emission reduction, therefore, depends upon the Tevel
of control already employed at an existing plant. For existing p]énts
that already have RACT level controls on most vents, a State may find
that control of the remaining vents may be very expensive in terms of
dollars per Mg of VOC emission reduction and the installation of a
separate control device to reduce these emissions, while technically
feasible, may not be reasonable.

Tables 4-1 through 4-3 present emission rates (and their equivalent
annual emissions) associated with various levels of control cost
(expressed as dollars per Mg of VOC reduction) for two potential control
situations. (Appendix F details the derivation of these numbers.) The |
first situation is where a new single control device is needed to
control the emissions from one of the process sections in a single
process line. The second potential control situation is where a new
single control device is needed to control the emissions from one of
the process sections throughout the entire plant (i.e., across process
lines). Using the emission rates (or annual emission levels) at one of
the optional cost-effectiveness cut-off levels as a guideline, States
may exempt plants with uncontrolled emissions at or below these emission
levels. However, it must be emphasized that the emission Tevels in '
Tables 4-1 through 4-3 were based on a general model pTant and used
approximate cost equations. Specific plants may have different stream
characteristics, the potential to combine streams, or ut111ze ex1st1ng :
control devices that would make control of emissions at 1eve1s below
those presented in Tables 4-1 through 4-3 reasonabl Thus the States
trolled emission stream from the genera] 98 percent reduct1on (or to 20X
ppm reduction) requirement. | S

Combustion control devices such as flares, thermal and catalytic

incinerators, boilers, and process heaters can achieve 98 percent VOC
destruction. The following paragraphs discuss, as appropriate, the
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Table 4-1. UNCONTROLLED EMISSION RATES VERSUS COST EFFECTIVENESS
FOR POLYPROPYLENE PLANTS BASED ON MODEL PLANT
- PARAMETERS, BY PROCESS SECTION

A. SINGLE PROCESS SECTION WITHIN A SINGLE LINE (47 Gg capacity)

) Control Uncontrolled Emission Rates

Process ‘ Costs,

Section $/Mg2 kg VOC/Mg Productb Mg/yre
Polymerization 1,000 0.45 20.9
Reaction 2,000 0.23 10.4

3,000 0.15 7
Material Recovery 1,000 0.50 23.0
2,000 0.25 11.5
3,000 - 0.17 7.7
Product Finishing 1,000 2.57 121
2,000 1.20 56
3,000 0.77 36
Raw Materials 1,000 0.45 20.9.
Preparationd 2,000 0.23 10.4
3,000 0.15 7

B. SINGLE PROCESS SECTION ACROSS LINES (141 Gg capacity):

Control Uncontrolled Emission Rates

Process Costs, -

Section $/Mga kg VOC/Mg Productd Mg/yrc
Polymerization 1,000 0.16 22.3
Reaction 2,000 0.08 11.1

3,000 0.06 7.4
Material Recovery 1,000 0.21 28.5
2,000 0.10 14.2
3,000 0.07 9.5
Product Finishing 1,000 0.83 116
2,000 0.39 55
3,000 0.26 36
Raw Materials © 1,000 0.16 22.3
Preparationd 2,000 0.08 11.1
3,000 0.06 7.4

a
Based on 98 percent reduction in the uncontrolled emission rate.
b

Emission rates have been rounded up to the nearest one-hundreth.

c ‘
Equivalent uncontrolled annual emissions (Mg/yr) were calculated by
multiplying the unrounded emission rate (kg VOC/Mg product) times
production capacity (i.e., 47 Gg or 141 Gg).

dTypical emissions from the raw materials preparation section are
relatively small so that the cost of emission reduction is considered
unreasonable. Therefore, control of these emissions is not part of
the RACT recommendations. However, emission levels may vary from
plant to plant. If raw materials preparation emissions are at these
levels or higher (as indicated in the table), the State may choose to
require their control. Furthermore, if raw materials preparation
emissions can be combined with other uncontrolled emissions {for
example, from the material recovery section), then it is reasonable to
?ont;ol raw materials preparation emissions at even lower emission
evels,
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Table 4-2. UNCONTROLLED EMISSION RATES VERSUS COST EFFECTIVENESS
FOR HIGH-DENSITY POLYETHYLENE PLANTS BASED ON MODEL
PLANT PARAMETERS, BY PROCESS SECTION

A. SINGLE PROCESS SECTION WITHIN A SINGLE LINE (71.3 Gg capacity)

Control Uncontrolled Emission Rates
Process Costs,
Section $/Mg@ kg VOC/Mg Productb Mg/yrc
Material Recovery 1,000 0.30 20.9
2,000 0.15 10.5
3,000 0.10 7
Product Finishing 1,000 0.87 o 61.9
2,000 0.41 28.6

3,000 0.27 18.9

B. SINGLE PROCESS SECTION ACROSS LINES (214 Gg capacity)

Control Uncontrolled Emission Rates
Process Costs,
Section $/Mga kg VOC/Mg Productb Mg/yrc
Material Recovery 1,000 ' 0.11 22.4
2,000 ‘ 0.06 11.1
3,000 0.04 7.4
Product Finishing 1,000 0.33 o 70
2,000 0.156 o 32.1

3,000 | 0.10 211

a
Based on 98 percent reduction in the uncontrolled emission rate.

Emission rates have been rounded up to the nearest one-hundreth.

Equiva]ent uncontrolled annual emissions (Mg/yr) calculated by mu1t1p1y1ng
the unrounded emission rate (kg VOC/Mg product) times production
capacity (i.e., 71.3 Gg or 214 Gg).




Table 4-3. UNCONTROLLED EMISSION RATES VERSUS COST EFFECTIVENESS
FOR POLYSTYRENE PLANTS BASED ON MODEL PLANT PARAMETERS,
BY PROCESS SECTION

A. SINGLE PROCESS SECTION WITHIN A SINGLE LINE (36.75 Gg)

~ Control Uncontrolled Emission Rates

Process Costs, ' -

Section $/Mga kg VOC/Mg Productb Mg/yrc

Material Recoveryd 1,000 0.45 16.4
2,000 0.29 10.7
3,000 0.19 7.1
Material Recovery® 1,000 0.26 9.3
2,000 0.21 7.5
3,000 0.18 6.7

B. SINGLE PROCESS SECTION ACROSS LINES (73.5 Gg)

Control Uncontrolled Emission Rates‘
Process . Costs,
Section $/Mga kg VOC/Mg Productb Mg/yrc
Material Recoveryd 1,000 0.20 14.6
2,000 0.17 12.5
7 ' 3,000 0.16 11.5
Material Recovery® 1,000 0.19 13.7
2,000 0.17 11.9
3,000 0.15 ) 11.1

a
Based on the emission reduction associated with going from the

uncontrolled emission rate down to the RACT level of 0.12 kg VOC/Mg of
product. '

Emission rates have been rounded up to the nearest one-hundreth.

c ‘ 1
Equivalent uncontrolled annual emissions (Mg/yr) calculated by multiplying
the unrounded emission rate (kg VOC/Mg product) times production
capacity (i.e., 36.75 Gg or 73.5 Gg).

Styrene in air,

e
Styrene in steam.
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design and operating conditions that, based upon ava11ab]e data, ensure
98 percent VOC destruction, the feasibility of emission testing, and
the acceptability of existing units.

A recent comprehensive flare emissions testing program conducted
Jjointly by EPA and the Chemical Manufacturers Association has demonstrated
that the following conditions ensure 98 we1ght percent VOC destruct1on-
smokeless operation (no visible emissions except for per1ods of 5 m1nutesv
or less during a 2-hour period); the presence of a flame; a net heating-
value of 300 Btu/scf or greater if the flare is steam-assisted or air-
assisted or of 200 Btu/scf or greater if the f]are 1s non assisted, and
an exit velocity of 60 fps or less if steam-ass1sted or non- ass1sted or
less than [8.706 + 0.7084 (Hr)] fps, where Hy is the net heat1ng value,
if the flare is air-assisted. 0perat1ng cond1t1on"‘other than those above
have not been investigated and there is no assurance that VOC destruct1on
efficiencies of 98 percent or greater would be achneved The h1gh cost
makes it impractical to test a flare. Therefore, a State may accept
new and existing flares as RACT provided the flares are operated smoke;
lessly, with a flame, with minimum heat contents (Btu/scf) as outlined
above, and with maximum exit velocities as outlined above; except thatf
existing flares do not need to meet the maximum exjt ve]ocity guide]ines
when major structural changes, such as flare tip rép]acement, are :
required to meet the maximum exit velocity recommended for the particuier
flare. |

For thermal incinerators, a control eff1c1ency of 98 percent VOC
destruction or reduction to 20 ppm VOC, whichever is 1ess stringent, 1?
considered to be achievable by all new incinerators considering available
technology, cost, and energy usage. This determination is based on
considering incinerator operating conditions of 870°C (1600°F), a
residence time of 0.75 seconds, and adjustment of the incinerator aftek
start-up. As stated in Chapter 3, operating conditions other than
those noted above may still result in 98 percent emission reduction.

Thus, some existing incinerators designed and operated at lower combustion
temperatures and residence times may perform as well; others may not.

An emission test of an incinerator is technically and economically ;
feasible. Therefore, a State may require emission tests and, based onj
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‘the results and an analysis of cost effectiveness, require modifications
to improve efficiency or even replacement of an existing incinerator.

Catalytic incinerators can be designed and operated to achieve
98 percent‘destruction;:however, general parameters to assure perfdrmance
can not be specified because the required parameters vary with the
_characteristics of the waste stream. The performance of catalytic
incinerators can be tested at reasonable cost. Therefore, as with
thermal incinerators, a State may require an emission test, modification,
or replacement of an existing catalytic incinerator.

Boilers and process heaters used for VOC reduction must have the
VOC vent stream introduced into the flame zone of the boiler or process
heater to assure high combustion efficiéncy. Boilers and proéess‘heaters
with a design heat input capacity of 150 million Btu/hour or greater are
generally operated at temperatures and residence times greater than 1095°C
(2,000°F) and 1 second, respectively. Thds, the probability of very high
vOoC réduction efficiency (i.e., 98 percent or a VOC reduction to 20 ppm)
is a near certainty¢ The achievement of 98 percent destruction efficiency
for boilers and process heaters with design heat input'capacities less
than 150 million Btu/hour is not so certain. Since performance tests
can be conducted at :reasor)\able cost, however, a State may require testing
and, based on a cost effectiveness éné]ysis, subsequent modification or"'
even replacement to improve combustion performance. A

Other control techhiqhes, such as those utilizing condensation,
absorption and‘adsorptiOn; can be designed and operated to achieve a
98 weight percent VOC reduction. Any techniques that achieve the same
degree of control should be considered equivalent to and acceptable as
RACT. ' -

The 0.12 kg VOC/1,000 kg of product emission limit for polystyrene
continuous processes is‘based on the use of condensers. This level is
in agreement with the current emission factors reported by the Chemical
‘Manufacturers Association. The use of process changes or other control
techniques that achievé the same degree of control should be considered
equivalent to and acceptable as RACT. ‘

Although many existing plants are expected to be achieving RACT
already, these control technique guidelines establish uniform, reasonably
available state-of-the-art control for existing plants in all non-attainment
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areas nationwide and provide information regarding VOC emissions and
their control 1n polypropylene 11qu1d phase processes high-density
polyethylene 11qu1d phase slurry processes, and po]ystyrene cont1nuous
processes. ‘ ‘ o
Control techniques guidelines and RACT are not established in this
document for other polymer processes, such as polypropylene gas phase
processes, polyethylene gas phase processes, and high- dehsity po1yethy1ehe
1iquid phase solution processes. Emissions and contro] of these processes
were not analyzed because of the re]at1ve1y small number of existing
plants. EPA may subsequently ana1yze and estab11sh <ontro] techn1que
guidelines for any or all of such other processes. In the meant1me, a
State may choose ‘to conduct its own mode] p]ant or case-by—case ana]ys1s

and establish its own gu1de]1nes.

1

4,2 AIR POLLUTION

The annual quantities of volatile organic compounds (VOC) from the
model plants before and after contro] by RACT are presented in Table 4- a.
The stream from each model plant represents a combination of continuous j
emission streams from process vents excluding fugitives and raw material
and product storage facilities. The range of expected reductions in VOC
emissions, achieved as a result of implementation of RACT for the model
plants, is shown in Table 4-4.

The VOC destroyed or recovered as a result of the application of
RACT consists mainly of ethylene, propylene, styrene, and certain
organic diluents. These gases are known to react in the atmosphere
with oxides of nitrogen to form oxidants, principally ozone. Reduction
of emissions of these gases will contribute to the attainment of the |
national ambient air quality standard (NAAQS) for ozone.

A flare is expected to be the major control device used as RACT for
polypropylene liquid phase processes and polyethylene 11qu1d phase
slurry processes. A properly designed combustion device would lead to
minimal formation and subsequent emission of carbon monox1de. The
amount of NOy products formed by flaring or by incineration at 870°C
(1,600 °F) is negligible. Thus, there should be m1n1ma1 generat1on of
secondary air pollutants by combustion techn1ques.
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A condenser is expected to be the maJor contro] dev1ce used as RACT
for polystyrene continuous processes. There should ‘be no generation of |
secondary air pollutants by condensation.

4.3 WATER POLLUTION

Combustion systems do not generate an effluent water stream.
(Boilers do generate an, effluent water stream during blowdown, but
combustion of VOC generates neither additional eff]uent nor changes in
effluent characteristics.) The condensers for each. po]ystyrene model
plant could require as much as 38,000 gallons of make-up water (at a
cost of about $12 per year). Most of the condenser water losses, however,
would be expected to be by evaporation rather than by discharge.

4.4 SOLID WASTE DISPOSAL

Generation of solid wastes is not an expected result of control by
RACT in any model plant under consideration. Relatively small amounts j
of used catalyst would be generated if a catalytic incinerator were used
to separately control some of. the low VOC streams. "

4.5 ENERGY

Tables 4-5, 4-6, and 4-7 present the additional amount and type of
‘energy required after control within each model p1ant by RACT. The contro]
techniques analyzed for RACT are flares, thermal 1nc1nerators, and
catalytic incinerators for polypropylene and h1gh density po]yethylene
and condensers for polystyrene. These control techn1ques requ1re ‘ ‘
steam, natural gas, and electricity. Total estimated energy consumptioh
is presented for each application in equiva]eht barrels of distillate
0il and total cost. | R o

For a flare, steam is generally used to ensure smokeless combust1on.
Natural gas is used for pilot flames to assure ignition and subsequent
combustion of the waste gas. The combined streams from the liguid-phase
processes of both polypropylene ‘and high- density po]yethy]ene production
have high enough heat contents that no supp]emental fuel is required. -
In addition, for this same reason, no supp]ementa] fuel is required for
the control of emissions from individual process sections for those

process sections controlled by a flare. As the flow rate of the f]ares
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would be largely, if not entirely, continuous, no natural gas will be
required as a purge. -

For an incinerator, no fuel is requ1red for f]ame stab111ty or
combustion since the streams encountered 1n these po]ymer industries are o
rich enough to sustain stable self-combustion. E1ectr1c1ty cost proaected o
is only for fan operation. Instrumentation is assumed to consume a
negligible amount of electricity. If natural gas were uSed as a supp]ementa]
fuel, the possibility of fuel switching (gas to coal) is remote for an
incinerator. ﬁ

For a condenser, electricity is required tbmpumb‘fﬁe‘ceoling Tiquié.
Electricity may also be required to operate the refrigeration system of
a refrigerated condenser. A condenser has no other energy reqUiremehts;

|
1

o
i
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5.0 CONTROLVCOST ANALYSIS OF RACT

This chapter presents assumptions, procedures, and results of the
analysis to estimate the costs of controlling volatile organic compounds
(VOC) emissions from the polymers and resins industry. The results are
estimates of capital costs, annualized costs, and costs of emission
reductions, for a range of existing control levels. The following
sections present outlines of the bases for estimating control costs for
flares, thermal incinerators, catalytic incinerators, and condensers
(more detailed procedures are given in Appendix E) and the results of
the cost analyses for each model plant.

5.1 BASES OF COST ANALYSES

The cost analysis consists of two steps for each control system:
designing a system that will reliably maintain the desired efficiency
and estimating capital and operating costs for such a system. Designing
a control system for process VOC emissions requires an analysis of the
waste gas characteristics of the combined stream to each control device
specified for a model plant. The various streams for each model plant
were assumed to have the same compositions assumed for the new source
performance standard cost analysis.l The stream characteristics along
with mass and energy balances are the basis for determining the equipment
sizes, operating parameters, and operating requirements (e.g., fuel).

Once these control system parameters have been determined, then the
‘capital and annual costs can be calculated. The capital cost estimates
for each control device and model plant combination include purchase and
installation of the control or monitoring devices and piping systems
necessary fbr proper control of continuous process VOC emissions from
each model plant. , ‘

A]T,process VOC control capital costs are converted to June 1980
dollars using the plant cost indices published in the Chemical Engineering
- Economic Indicators. The installed capital costs for process controls

represent the total investment, including indirect costs such as engineering . .

and contractors' fees and overhead, required for purchase and installation
of all equipment and materials for the control systems. These are
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battery-limit costs and do not include any provisions for bringing
utilities, services, or roads to the s1te or for any backup fac111t1es,
land, research and development required, or for any process piping and
instrumentation interconnections that may be requ1red‘w1th1n the process
generating the waste gas. Since RACT will affect existing p]ants,>the
control equipment installation factors include cost adjustments for
retrofit installations. Typical cost adjustments for contro] equ1pment
installations given in the GARD Manual?2 are presented in Tab]e 5-1. The
installation factors and retrofit cost adjustments assumed for the
various process control devices are presented in Table 5-2. Actual
direct and indirect cost factors depend upon the pTant specific conditions
and may vary with the size of the system. The annualized costs consist
of the direct operating and maintenance costs, including labor, uti]ities,
fuel, and materials for the control system, and indirect costs for
overhead, taxes, insurance, administration, and the capital recovery
charges. The utilities considered include natural gas and e]ectricity.
The annualized cost factors that are used to analyze all of the process
VOC control systems are summarized in Table 5-3.

The following sections outline the design and cosfing procedures
developed for flares, thermal 1nc1nerators, cata]yt1c 1nc1nerators,
and condensers. Details of these procedures are g1ven in Append1x E.
This section presents an overview of the procedures and their 1mportant
features. The results of the cost ‘analyses for the various control
device and model plant comb1nat10ns are also presented
5.1.1 Thermal Incinerator Design and Cost Basis

For costing purposes thermal incinerator designs were based on heat

and mass balances for combustion of the waste gas and any required
auxiliary fuel, considering requ1rements of tota1 combust1on a1r. |
Associated piping, ducting, fans, and stacks were a]so costed

5.1.1.1 Thermal Incineration Des1gn. Des1gns of therma] 1nc1nerat1on“ |
systems for the various combinations of waste gas streams were deve]oped W
using a procedure based on heat and mass balances and the characteristics
of the waste gas in conjunction with some engineering design assumptions.

For the purpose of the cost analyses in this report, thermal incinerators
were designed to maintain a 0.75 second residence time at 870°C (1600°F).3
The design procedure is outlined in this section.
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Table 5-3. ANNUALIZED COST FACTORS FOR POLYMERS AND RESINS CTG
(June 1980 Dollars)

Direct Cost Factors

Operating labor price: $18/hr (including overhead)?@

Operating 1abor requirements (including. supervisory labor):

1200 1abor hours/yr for thermal incinerator
without heat recovery

620 1abor hours/yr for flare®

60 1abor hours/yr for condenserd

620 1abor hours/yr for catalytic incinerator
without heat reCOveryC

E]ectric1ty pr1ce $0. 049/kwhe

Natural gas price: $5.67/GJ ($5 98/MMBtu)f
Steam price: $13.62/Mg ($6.18/1000 1b)9
Water price: $0.079/m3 ($0.30/1000 gal)h

Styrene recovery credit: $0.788/kg ($0.357/1b)1 |

Indirect Coé? Factors

Interest rates:
10 percent (in the absence‘of taxeS)
Equipment 1ife, N:J
15 yearswfor flare

10 years for thermal incinerator, catalytic incinerator,
condenser, piping

- .
Capital recovery charge factor = 1§1++11 .

0.131 for flare

'0.163 for thermal incinerator, catalytic incinerator,
condenser, p1p1ng
b o i ST e

Taxes, 1nsurance, and adm1n1strat1on 0.04 X Tota] 1nsta11ed cap1ta1 costk
Mawntenance cost: 0.05 x Tota] 1nsta11ed cap1ta1 cost1

Operating hours: 8000 hours/yr
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FOOTNOTES FOR Table 5-3

Inc]udes wages plus 40 percent for labor-related adm1n1strat1ve and
overhead costs.

bB]ackburn, J.W. Control Device Evaluation: Thermal Oxidation, Report
No. 1 in Organic Chemical Manufacturing, Volume 4. U.S. Environmental
Protection Agency. Research Triangle Park, N C. Publication No.
EPA-450/3-80-026. December 1980.

C .
0.5 man-hours/shift x 8600 hrs/yr + 8 hrs/shift + 15 percent of the
operating labor for supervisory costs.

d .
1 man-hour/week x 8600 hrs/yr + 8 hrs/shift + 21 shifts/week + 15 percent
of operating labor for supervisory costs.

e
Memo from Chasko and Porter, EPA, September 17, 1980. Guidance for
devel oping CTGD Cost Chapters.

f
Memo from Al Wehe, to Information Analysis Working Group for the
Industrial Boiler Working Group. April 23, 1981. IFCAM Modification:

Projected 1985 price in 1978 dollars is $4.91 + $.60 delivery charge
per MMBtu.

Projected 1990 price in 1978 dollars is $5.55 + $0.61 delivery charge
per MMBtu.

By linear interpolation between $4.91 and $5.55/MMBtu; 1988 price |
in 1978 dollars = $5.29/MMBtu. .

Using GNP implicit price deflator index: 4th quarter 1978 of
154.99 and 2nd quarter 1980 of 175.28; 1988 price in 1980 dollars =
175.28/154.99 x 5.29 = $5.98/MMBtu.

Assumed higher heating value of 1040 Btu/scf at 16°C(60°F).

gNeveri]], R.B. Capital and Operating Costs of Selected Air Pollution
Control Systems.  U.S. Environmental Protection Agency. Research
Triangle Park, N.C. Publication No. EPA-450/5-80-002. December 1978.
p. 3-12:

$5.04/1000 1b steam, 4th quartar 1977.

Using GNP implicit price deflator index: 4th quarter 1977 of 142.91
and 2nd quarter 1980 of 175.28; updated steam price = 175.28/142.91
x $5.04 = $6.18/1000 1b steam.

Peters, M.S. and K.D. Timmerhaus. Plant Design and Economics for
Chemical Engineers. McGraw-Hil1l Book Co. New York, N.Y. Third Edition.
1980. p. 88l1.

i
90 percent of styrene price given in Chemical Marketing Reporter.
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FOOTNOTES FOR Table 5-3 (Concluded)

jAverage equipment 1ives given by Neverill in reference cited in g.,
p. 3-16. o -
kFugitive Emission Sources of Organic Compounds -- Additional Information
on Emissions, Emission Reductions, and Costs. U.S. Environmental
Protection Agency. Research Triangle Park, N.C. Publication No. EPA-
'450/3-82-010. April 1982, p. 5-16.

Per reference cited in footnote k:

9 percent of total installed capital costs for maintenance

and miscellaneous charges - 4 percent of total installed capital
costs for taxes, insurance and administration (equivalent to
miscellaneous). ‘
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In order to prevent an explosion hazard and satisfy insurance
requirements, dilution air was added to any individual or combined waste
stream with both a lower heating value between 13 and 50 Btu/scf at 0°C
(32°F) (about 25 and 100 percent of the lower explosive limit) and an
~ oxygen concentration of 12 percent or greater by volume. Dilution air
was added to reduce the lower heating value of the stream to below
13 Btu/scf. (Adding dilution air is a more conservative assumption than
the alternative of adding natural gas and is probably more realistic as
other streams often have enough heat content to sustain the combustion
of the combined stream.) ' |

The combustion products were then calculated assuming 18 percent
excess air for required combustion air, but 0 percent excess air for
oxygen in the waste gas, i.e., oxygen thoroughly mixed with VOC in waste
gas. The procedure includes a calculation of auxiliary fuel requirements
for streams (usually with heating values Tess than 60 Btu/scf) unable to
achieve stable combustion at 870°C (1600°F) or greater. Natural gas was
assumed as the auxiliary fuel as it was noted by vendors as the primary
fuel now being used by industry. Natural gas requirements were calculated
usihg a heat and mass balance assuming a 10 percent heat loss in the
incinerator. Minimum auxiliary fuel requirements for low heating value
streams were set at 5 Btu/scf to ensure flame stabi]ity.4v

For streams able to maintain combustion at 870°C (1600°F), fuel was
added for flame stability in amounts that provided as much as 13 percent
of the lower heating value of the waste gas for streams with heating
values of 650 Btu/scf or less. For streams containing more than 650 Btu/scf,
flame stability fuel requirements were assumed to be zero since coke
oven gas, which sustains a stable flame, contains only about 590 Btu/scf.
In order to prevent damage to incinerator construction materials, quench
air was added to reduce the combustion temperature to below the incinerator
design temperature of 980°C (1800°F) for the cost curve given by IT
Enviroscience.” v

The total flue gas was then calculated by summing the products of
combustion of the waste gas and natural gas along with the dilution air.
The required combustion chamber volume was then calculated for a residence
time of 0.75 sec, conservatively oversizing by b percent according to
standard industry practice.5 The design procedure assumed a minimum
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commercially available size of '1.01 m3 (35.7 ft3) based on vendor information’
and a maximum shop-assembled unit size of 205 m3 (7,238 ft3).8 |
The design procedure would allow for pretreating of combustion air,
natural gas, and when permitted by insurance guideiines waste gas using
a recuperative heat exchanger in order to reduce the natura] gas requ1red‘
to maintain a 870°C (1600°F) combustion temperature. However, all
streams to thermal 1nc1nerators costed for these po]ymers and resins
had sufficient waste gas heating values to combust at 870°C (1600°F)
without preheating the input streams. If a plant had a use for it,
heat could be recovered. (In fact, a waste heat boiler can be used to
generate steam, generally with a net cost savings.) _
5.1.1.2 Thermal Incinerator Costing. Thermal incinerator purchase |
costs were taken directly from the IT Enviroscience graph for the calcu]ated
combustion chamber volume.b (Essentially equivalent purchase costs |
would be obtained by using data from the GARD manual.2) A retrofit
installation cost factor of 5.29 was used based on the Enviroscience
document (see Table 5-2).9
The installed cost of one 150-ft. duct to the 1nc1nerator and its
associated fan and stack were also taken directly frem the IT Eny1ro§c1ence
study.10 A minimum cost of $70,000 (December 1979 dollars) was assumed P
for waste gas streams with flows below 500 scfm. The costs of piping or
ducting from the process sources to the 150-ft. duct costed above were
estimated for 70 feet long "source legs."11  For flows 1ess than 700 scfm,
an economic pipe diameter was calculated based on an equat1on in the
Chemical Engineer's Handbookl2 and simplified as suggested by
Chontos.13514,15 The next larger size (inner d1ameter) of schedule
40 pipe was selected unless the ca]cu]ated size was w1th1n 10 percent of
the size interval between the next sma]]er and next 1arger standard
sizes. For flows of 700 scfm and greater, duct s1ze were ca]cu]ated
assuming a velocity of 2,000 fpm for flows of 60 000 acfm or 1ess and
5,000 fpm for flows greater than 60 000 acfm. Duct s1zes that were
multiples of 3-inches were used. (See Section E.6 for deta11ed des1gn
and cost procedures for piping and ducting.)
Piping costs were based on those given in the Richardson Engineering
Services Rapid Construction Estimating Cost Systeml6 as comb1ned for |
70 ft. source legs and 500 ft. and 2,000 ft. p1pe11nes for the cost
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'analysis of the Distillation NSPS.17 Ducting costs were calculated
based on the installed cost equations given in the GARD Manual.l8

Installed costs were put on a June 1980 basis using the following
Chemical Engineering Plant Cost Indices: the overall index for thermal
incinerators; the pipes, valves, and fittings index for piping; and the
fabricated equipment index for ducts, fans, and stacks. Annualized
costs were calculated using the factors in Table 5-3. The electricity
required was calculated assuming a 6-inch HoO pressure drop -across the
system and a blower efficiency of 60 percent.
5.1.2 Flare Design and Cost Basis

Elevated steam-assisted flares were costed based upon 60 fps and
300 Btu/scf and standard design techniques. Associated piping and
ducting from the process sources to a header and from a header to the
flare were conservatively designed for costing purposés. Operating
costs for utilities were based on industry practice.

5.1.2.1 Flare Design. Design of flare systems for the combinations
of waste streams was based on standard flare design equations for diameter
and height presented by IT Enviroscience.l9 These equations were simplified
to functions of the following waste gas characteristics: volumetric
flow rate, Tower heating va1ué, temperature, and molecular weight. A
minimum commercially available diameter of 2 inches was assumed. The
height correlation premise is design of a flare that will not generate a
Tethal radiative heat level (1500 Btu/ftZ2 hr, including solar radiation20)
at the base of the flare (considering the effect of wind). Heights in
5-foot multiples with a minimum of 30 ft. were used.Z2l

Supplemental fuel, natural gas, is added to increase the heating
value to 300 Btu/scf to help ensure 98 percent VOC destruction. For
flares with diameters of 24-inches or less, this natural gas was assumed
to be premixed with the waste gas and to exit out the stack. For larger
flares, a gas ring at the flare tip was assumed because such separate
piping is more economical than increasing the flare stack size for large
diameter,

Purge gas also may be required to prevent air intrusion and
flashback. A purge velocity requirement of 1 fps was assumed during
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periods of continuous flow for standard systems without seals.ZZ No
purge gas is needed for either model plant under consideration.
Natural gas consumption at a rate of 80 scfh per pilot flame to
ensure ignition and combustion was assumed. The number of pilots was J
based on diameter according to available commercial equ1pment 23
Steam was added to produce smokeless combustion through a comb1ned
mixing and quenching effect. A steam r1ng at the f]are t1p was used to
add steam at a rate of 0.4 1b steam/1b of hydrocarbons (VOC plus methane
and ethane) in the continuous stream.24 Ava11ab1]1ty and de11verab111ty
of this quantity of steam was assumed.
Piping (for flows less than 700 scfm) or ducting‘(for flows equaT
to or greater than 700 scfm) was designed from the process sources to a
header combining the streams (via "source 1egs ') and from the header to
the base of the flare (via "pipelines"). Since it is usual industry
practice, adequate pressure (approximately 3 to 4 psig) was assumed
available to transport all waste gas streams without use of a compressor
or fan. The source legs were assumed to be 70 feet in length, 11 while
the length of p1pe11nes to the flare was based on the horizontal distance -
required to provide the safe radiation level for cont1nuous working
(440 Btu/hr-ft2, including solar radiation23). The sizes of piping and
ducting were estimated as for thermal 1nc1nerators (see Appendix E-6).
5.1.2.2 Flare Costing. Flare purchase costs were based on costs
for diameters from 2 to 24 inches and heights from 20 to 200 feet prov1ded“
by National Air0il Burner, Inc., (NAO) during November 1982.23 These
costs are October 1982 prices of self-supporting flares without ladders
and platforms for heights of 40 feet and less and of guyed flares with
ladders and platforms for heights of 50 feet and greater. Flare purchase
costs were estimated by either choosing the value prov1ded for the

required height and diameter or using two corre1a11ons deve]oped from
the NAQO data for purchase cost as a function of he1ght and diameter.
(One correlation for heights of 40 feet and less and one for heights of
50 feet and greater). A retrofit installation factor of 2.65 (see
Table 5-2) was used to estimate installed flare costs.

5-12




_ Installed piping and ducting costs were estimated as noted for
~ thermal incinerators (see Appendix E.6). Installed costs were put on a
June 1980 basis using the following Chemical Engineering Plant Cost
Indices: the overall index for flares; the pipes, valves, and fittings
index for piping; and the fabricated equipment index for ducting.
Annual ized costs were cal culated using the factors presented in Table 5-3.
5.1.3 Catalytic Incinerator Design and Cost Basis |

Catalytic incinerators are generally cost effective VOC control
devices for low concentration streams. The catalyst increases the
chemical rate of oxidation allowing the reaction to proceed at a 1ower
energy level (temperature) and thus requiring a smaller oxidation chamber,
less expensive materials, and much less auxiliary fuel (especially for
low concentration streams) than réquired by a thermal incinerator. The
primary determinant of catalytic incinerator capital cost is volumetric
flow rate. Annual operating costs are dependent on emission rates,
molecular weights, VOC concentration, and temperature. Cata]ytic'
incineration in conjunction with a recuperative heat exchanger can
reduce overall fuel requirements,

5.1.3.1 Catalytic Incinerator Design. The basic equipment components
of a catalytic incinerator inciude a blower, burner, mixing chamber,
catalyst bed, an optional heat exchangér, stack, controls, instrumentation,
and control panels. The burner is used to preheat the gas to catalyst
temperature. There is essentially no fume retention requirement. The
preheat temperature is determined by the VOC content of the combined
waste gas and combustion air, the VOC destruction efficiency, and the
type and amount of catalyst required. A sufficient amount of air must
be available in the gas or be supplied to the preheater for VOC combustion.
(A11 the gas streams for which catalytic incinerator control system
costs were developed are dilute enough in air and therefore require no
additional combustion air.) The VOL components contained in the gas
streams include ethylene, n-hexane, and other easily oxidizable components.
These VOC components have catalytic ignition temperatures bel ow 315°C
(600°F). The catalyst bed outlet temperature is determined by gas voC
content. Catalysts can be operated up to a temperature of 700°C (1,300°F).
However, continuous use of the catalyst at this high temperature may
cause accelerated thermal aging due to recrystallization.
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The catalyst bed size required depends upon the type of catalyst used
and the VOC destruction efficiency desired. Heat exchanger requirements |
are determined by gas inlet temperature and preheater temperature. ‘A
minimum practical heat exchanger efficiency is about 30 percent a maximum
of 65 percent was assumed for this ana]ys1s. Gas tenperature, preheater
temperature, gas dew point temperature and gas VOC content determine the
maximum feasible heat exchanger eff1c1ency. A stack is used to vent the’
flue gas to the atmosphere. ‘ o ‘ ‘

Fuel gas requirements were ca]cu]ated based on the heat’ ‘required
for a preheat temperature of 315°C (600 F), p1us 10 percent for aux111ary
" fuel. The fuel was assumed to be ‘natural gas, a]though 011 (No. 1 or 2)
can be used. Electricity demand was based on pressure drops of 4 1nches
water for systems without heat recovery and 10 inches’ water ‘for systems
with heat recovery, a conversion rate of 0.0001575 hp/in. water, 65 percent
motor efficiency, and 10 percent add1t1ona1 electricity requ1red for |
instrumentation, controls, and m1sce11aneous. A cata]yst requ1rement of
2.25 f£3/1,000 scfm was assumed for 98 percent eff1c1ency.25 Cata]yst
replacement every three years was assumed.

5.1.3.2 Catalytic Incinerator Costing. Calculations for capital
cost estimates were based on equipment purchase costs obtained from
vendors for all basic components and the application of direct and
jndirect cost factors.25,26,27 purchase cost equations were developed

based on vendor third quarter 1982 purchase costs of catalyst 1nc1nerator
systems with and without heat exchangers for sizes from 1,000 scfm to
50,000 scfm. The cost data are based on carbon steel material for
incinerator systems and stainless steel for heat‘excnangers.‘ Catalytic
incinerator systems of gas volumes higher than 50 000 scfm can be
estimated by considering two equal volume units in the system. A m1n1mum
available unit size of 500 scfm was assumed28,29; the installed cost of
this minimum size unit, which can be used w1thout add1t1on of gas or '
air for stream flows greater than about 150 scfm29, was estimated to be
$53,000 (June 1980). Heat exchangers for small size systems are costly
and may not be practical. The d1rect and indirect cost component
factors used for estimating cap1ta1 costs of cata1y11c incinerator
systems with no heat exchangers and for heat exchangers were presented
in Table 5-2. Installed costs of piping, ducts, fans,‘and stacks were
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estimated by the same procedure as for thermal incinerators. Installed
costs were put on a June 1980 basis using the following Chemical Engineering
Plant Cost indicies: the overall index for catalytic incinerators; the

- pipes, valves, and fittings index for piping; and the fabricated equipment
index for ducts, fans, and stacks. Annualized costs Were calculated

using the factors in Table 5-3.

5.1.4 Condenser Design and Cost Basis

This section outiines the procedures used for sizing and estimating
the costs of surface condenser systems applied to the gaseous streams
from the continuous process polystyrene model plant. Existing polystyrene
processes may emit either styrene in steam or styrene in air, depending
on the type of vacuum system used. Styrene in steam is more readily
condensed than styrene in air and is thus less costly to control. ‘
Design and costing were performed for both styrene-in-steam and styrene-
in-air emissions. For styrene in steam, a condensation system was
designed that would reduce styrene emissions from 3.09 kg/1,000 kg
product and from 0.20 kg VOC/1,000 kg of product to 0.12 kg VOC/1,000 kg

of product. Although polystyrene processes that emit styrene in air

“are expected to have emissions already around 0.12 kg/1,000 kg of product,
an analysis was performed to design a condensation system that reduced
styrene emissions in air from 3.09 kg VOC/1,000 kg product and 0.20 kg
VOC/1,000 kg of product to 0.12 kg/1,000 kg of product. For both

design analyses, styrene emissions were assumed to be saturated in

steam (or in air) at 27°C(80°F).

5.1.4.1 Surface Condenser Design. The condenser system evaluated
consists of a shell and tube heat exchanger with the hot fluid in the
shell side and the cold fluid in the tube side. The condenser system,
which condenses the vapors by isothermal condensation, is sized based on
the total heat load and the overall heat transfer coefficient which is
established from individual heat transfer coefficients of the gas stream
and the coolant.

Total heat load was calculated using the following procedure: the
system condensation temperature was determined from the total pressure
of the gas and vapor pressure data for styrene and steam (and styrene
in air). As the vapor pressure data are not readily available, the
condensation temperature was estimated by trial-and-error for styrene in

5-15




steam and by a regression analysis of available data points30 for |
styrene in air using the Clausius Clapeyron equation which relates the
stream pressures to the temperatures. The tota] prassure of the stream
is equal to the vapor pressures of individual compon“nts at the condensat1on o
temperature. Once the condensation temperature was known, the total R
heat load of the condenser was determined from the 1atent heat contents
of styrene and steam and, for styrene in a1r, from the latent heat
content of the condensed styrene and the sensible heat changes of styrene
and air. The coolant is selected based on the condensation temperature.
For styrene in steam, no detailed calculations were made to determine
the individual and overall heat transfer coefficients. Since the streams
under consideration contain low amounts of styrene, the overall heat
transfer coefficient was estimated based on published data for steam.

For styrene in air, the styrene-in-air refrigerated condenser systems
were designed according to procedures for calculating shell side3! and -
tube side32 heat transfer coefficients and according to condenser33 and
refrigerant34,35 characteristics given primarily in the Chemical Engineers'
Handbook and consistent with the 8-ft. long condenser with 1-inch
outside diameter tubes assumed by Enviroscience30 for cost estimation
purposes. Then the total heat transfer area was calculated from the
known values of total heat loads and overall heat transfer coefficient ;
using Fourier's general equation.

5.1.4.2 Surface Condenser Costing. For styrene 1n steam, the

heat exchanger costs for each stream were obtained from vendors.37,38, 39
For styrene in air, condensation system costs were based on IT
Enviroscience?0 as well as vendor information. An 1nsta11at1on factor of
1.48 (See Table 5-2) was used to est1mate installed condenser costs for
condensers of 20 ft2 or less and 2.58 for condensers 125 ft2 or greater.
No additional piping was costed for condensers w1th 20 ft2 or less heat
transfer area because the condenser unit is so sma]] le 2 ft d1ameter)
that it should be able to be 1nsta11ed adjacent to the source.
5.2 EMISSION CONTROL COSTS

This section presents the cost estimates of RACT em1ss1on control
for each of the model plants. Tables 5-4, 5-5, and 5-6 summarize the
model plant parameters used in the cost analysis and gives the emission
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Table 5-4. POLYPROPYLENE MODEL PLANT

PARAMETERS AND EMISSION CONTROL COSTS

Process Sectionb

parameter Total Plantd PR MR PF
Production Capacity (Gg/yr) 141C
47
WCCNwmmthn,m.% 63.3 100 100 9.3
Gas Flowrate, acfm 397 26 147 222
Gas Temperature, °F 108 129 133 85 -
Flow Time, hr/yr 8,000 8,000 8,000 8,000
Uncontrolied Emission
Factor, kg VOC/Mg Product 36.6d 4.07 30 2.6
Total Uncontrolled VOC
Emissions, Mg/yr 5,165 574 4,224 367
Total Existing VOC
Emissions, Mg/yre 847 57 422 367
Projected Control Devicef TI, F F F TI
Assumed VOC Reduction
Efficiency, % 98 98 98 98
Controlled YOC
Emissions, Mg/yr 103 12 85 7
Installed Capital Cost, $ 635,900 (T1) 27,200 (F)9 64,200 (F)9 414,1009
: L 90,600 (F) 21,500 (F)h 31,100 (F)h 377,500h
Annualized Cost, $/yr 186,700 (TI) 25,000 (F)Q 53,800 (F)9 130,8009
65,700 (F) 21,400 (F)h 30,400 (F)h 118,500h
aExcludes emissions from raw material preparation.

Parameters are provided on a process section across lines basis and represent initial stream

conditions from the sources.

¢
Assumed plant has 3 process lines, each at 47 Gg/yr production capacity.

d
Including stream G, dryer vent, at 0.6 kg VOC/Mg product.

e .
Based on assumed 90 percent control of selected streams (given in Table 4-4, footnote a).

f
Tl = thermal incinerator; F = flare; CI = catalytic incinerator.

gCosts for emission control across lines (i.e., at 141 Gg capacity).

1
Costs for emission control within a single line (i.e., at 47 Gg capacity).




Table 5-5. HIGH-DENSITY POLYETHYLENE MODEL PLANT

PARAMETERS AND EMISSION CONTROL COSTS

Total Plantd

Process Sectionb

Paramater PF
Production Capacity (Gg/yr) 214
71.3¢

VOC Concentration, wt. % 25.6 99 0.7
Gas Flowrate, acfm 912 209 703
Gas Temperature, °F 70 70 . 70
Flow Time, hr/yr 8,000 8,000 8,000
Uncontrolled Emission

Factor, kg VOC/Mg Product 13.1 12.7 0.406
Total Uncontroiled VOC .

emissions, Mg/yr 2,805 2,718 87
Total Existing VOC

Emissions, Mg/yr 359 272 87
Projected Control Deviced Tl or F F CI
Assumed VYOC Reduction

Efficiency, % 98 98 98
Controlled VOC

Emissions, Mg/yr 56 54 . 2
Installed Capital Cost, $ 557,400 éTI) 57,300 (F)e 201,600 (CI)e

54,500 (F) 30,500 (F) 149 900 (CI)
Annualized Cost, $ 166,000 (T1) 47 960 (F)e 71 600 (CI)e,
47,400 (F) 28,900 (F) 56,200 (CI)

a
Excludes emissions from raw material preparation.

b ‘
Parameters are provided on a process section across lines basis and represent

initial stream conditions from the sources.

c

Assumed plant has 3 process lines, each at 71.3 Gg/yr.

d

TI = thermal incinerator; F = flare; CI = cata]ytic 1nc1nerator.

COStS for emission control across 11nes (i.e., at 214 Gg capacity)

¢ ‘
Costs for emission control within a single line (i.e., at 71.3 Gg capacity)




Table 5-6. POLYSTYRENE MODEL PLANT PARAMETERS AND EMISSION CONTROL COSTS

Styrene in Steam ‘Styrene in Air
Total Process Sectiond Total Process Sectiond
parameter Plantd MR Plant?d MR
Production Capacity (Gg/yr) 73.5 73.5
36.75¢ 36.75¢

VOC Concentration, wt. % 15.5d 15.5d d 1d
Gas Flowrate, acfm 99.5 49,8 14 7
Gas Temperature, °F 210 210 80.6 80.6
Flow Time, hr/yr 8,000 8,000 8,000 8,000
Uncontrolled Emission

Factor, kg VOC/Mg Product 3.09 3.09 0.2 0.2
Total Uncontrolled VOC

Emissions, Mg/yr 227 - 114 14.7 7.4
Total Existing VOC

Emissions, Mg/yr 227 114 14.7 7.4
Projected Control Device . Condenser Condenser Condenser Condenser
Assumed VOC Reduction

Efficiencye, ¢ 96.1 96.1 40 40
Controlled VOC

Emissions, Mg/yr . 8.8 4.4 8.8 4.4
Installed Capital Cost, $ 28,000 28,000 32,300 32,300
Annualized Costf, § -146,700 . ~69,200 5,660 7,735

a. .
Excludes emissions from raw material storage (stream A) and product finishing (Stream D).

Parameters are provided on a per process line basis and represent initial stream conditions from
the sources.

c

Assumed plant has 2 process lines, each at 36.75 Gg/yr.
d

Weight % of total mass of stream.

e
From uncontrolled emission rate to 0.12 kg VOC/Mg product.

f
Includes styrene recovery credit.




reductions from uncontrolled to RACT levels and the installed capital
costs and annualized costs of achieving RACT for the three polymers.
The specific assumptions and breakdowns of capital and annual costs and
recovery credits, where appropriate, are given for each model plant in
the following sections. o |

Three cost analyses were performed for each‘bdfymér. These ana]yses
were made in order to reflect various control costs and emission
reductions associated with app1y1ng RACT at p]ants that have different
existing levels of control. The actual costs and emission reductions
will depend upon the actual existing control level, stream characterist{cs,
potential stream combination, gnd potential utilization of existing |
control devices.

e

The first cost estimate is based on combining all continuous _
streams that were judged to be reasonable to control and delivering the’
combined stream to a single control device. Since the reduced cost of |
piping will generally not offset the increased cost of mu1t1p1e contro1
equipment units, the use of a single control device for a plant is |
usually the lower cost option open to a plant.

The second cost estimate is based on combining all continuous
streams from one type of process section in a plant and delivering the |
combined stream to a single control device. This ana]ysis reflects,
for example, a potential situation in which a p]ant may be controlling
all other emissions except those from product f1n1sh1ng and in order to
control product finishing emissions a new control dev1ce is requ1red

The third cost estimate is, in a sense, a subset of the second
cost estimate where a plant may be contro]11ng, for example, product
finishing emissions from some of the Tines. This est1mate reflects a
“worst case" scenario in which a new control device is requ1red to
control the emissions from a single process section (e.g., product
finishing) in a single process line.

5.2.1 Polypropylene (PP)
The first cost estimate was developed for 98 bércént vOoC destructfon

by both thermal incinerators and flare control of the comb1ned cont1nuous

emission streams from the 11qu1d phase po]ypropy]ene process. The cost
analysis is based on a fluidized bed dryer with em1ss1ons of 0.6 kg
VOC/1000 kg of product. (Some other dryers are potentially larger
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emitters, while other dryers, e.g., those using recycled nitrogen, are
extremely small emitters.) The dryer emissions were further diluted
with air to prevent a potential explosive hazard. The combined emission
stream from polypropylene plants is very rich in VOC so that quench
dilution air must be added in the incinerator combustion chamber to
keep the combustion chamber temperature below the 1imit for the con-
struction materials of 980°C (1800°F). (Alternatively, the combined
stream is often diluted with nitrogen - about 10-30 volume percent of
the total diluted stream - to keep the lower heating value in the
desired range of 1000-1100 Btu/scf. This nitrogen-diluted stream has
characteristics similar to those of natural gas and, thus, can be used
readily in boilers as a fuel supplement.) Similarly, no auxiliary fuel
is required for flaring, ‘

Table 5-7 summarizes the results of the cost analysis for the
polypropylene model plant. Breakdowns of capital and operating costs
are presented for both thermal incinerator and flare systems. The use
of a boiler to control VOC emissions was not costed because boiler
availability and operating practice are both site-specific; however,
costs for this control option basically consist of piping costs which
would be negligible when compared with the expected energy credit. The
total installed capital cost of RACT is $635,800 for a thermal incinerator
system and $90,600 for a flare system. The annualized cost is $186,700
per year for an incinerator system and $65,700 per year for a flare.

The second cost estimate was developed based on controlling
emissions separately from each process section across process lines in
a model plant. The third cost estimate was developed based on controlling
emissions separately from each process section within a process line.
Tables 5-8 and 5-9 summarize the results of these two additional cost
analyses.
5.2.2 High-Density Polyethylene (HDPE)

The first cost estimate for thermal incinerators and flares achieving
98 percent destruction of VOC emissions from the high-density polyethylene
model plant was based on one stream combining the three continuous - |
emission streams: ethylene recycle treaters, dryer, and continuous
mixer vents. An air-fluidized dryer with emissions of 0.4 kg V0OC/1000
kg of product was assumed. As noted for the polypropylene model plant,
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other dryers may have higher or lower emissions. The combined stream
characteristics were calculated based on the individual stream character-
istics and compositions given in Table 2-6 and an assumed composition
of 0.7 percent isobutane in air (thus requiring no further dilution to
reduce the lower heating value to below 25 percent of the lower explosive
Timit in order to prevent an explosion hazard). Because of the substantial
VOC content of the comb1ned waste gas stream, quench air is required to
reduce the combustion temperature of the incinerator and no auxiliary
natural gas is required for flaring.

Table 5-10 summarizes the results of the cost analysis for the
" high-density polyethylene model plant. Breakdowns of capital and operating
costs are presented for both thermal incinerators and flare systems.
The total installed capital cost estimated for RACT is $557,400 for a
thermal incinerator system and $54,500 for a flare system. The annualized
RACT cost estimates are $166,000 for a thermal incinerator and $47,400
for a flare system. As was done for the polypropylene model plant,
two additional cost analyses were undertaken. The results of these two
analyses are summarized in Table 5-11.
5.2.3 Polystyrene (PS)

Costs of achieving RACT for polystyrene continuous processes were
estimated based on further condensation of VOC emitted from the two
vents from the system recovering unreacted styrene monomer: the styrene
condenser vent and the styrene recovery unit condenser vent. The extruder
quench vent, the other stream within the scope of this CTG, contains
only a trace of styrene in steam and was not considered for control .
under RACT The styrene emissions from the two streams were combined
and cooled to reduce gaseous emissions to 0.12 kg VOC/1000 kg of product.
Current industry control is in a transitional period in which vacuum
pumps are replacing steam eductors to produce the required vacuum. This
transition is taking place because of cost incentives to recover styrene
as vacuum pumps:resu1t in lower emissions of styrene to the atmosphere.
Both an "uncontrolled" emission level of 3.09 kg VOC/1000 kg of product
and an already relatively well-controlled emission level of 0.20 kg
VOC/1000 kg of product were examined in the cost basis. The higher level
is based on one plant that is already in the process of reducing emissions to
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below the 0.12 kg VOC/1000 kg of product level (through the use of

vacuum pumps) because of economic incentives. The 0.20 kg VOC/1000 kg

of product VOC level is based on the plant that currently has the
greatest known emissions. Both emission 1eve1s‘were‘Cosied for styrene-‘
in-steam emissions as well as for styrene-in-air emissions.

Both of the units examined for recovery of styrene in steam require
only a minimum commercially available size condenser unit with 20 ft2
heat transfer area. Therefore, as shown in Table 5-12, the only difference
in the costs of the two units is the amount of the recovery credit. |
The total installed capital cost and annualized cost of both units are
$28,000 and $8,300 per year, respectively. The net annualized costs
considering recovery credit are $ 147, OOO per year for a reduction from
3.09 kg/1000 kg and $4,130 per year for a reduction from 0.20 kg/1000 kg.

For the recovery of styrene in air, a minimum commercially available
size condenser unit with 20 ft2 heat transfer area is required when the 1
uncontrolled emission rate is 0.2 kg VOC/Mg of product. If the
uncontrolled emission rate is 3. 09 kg VOC/Mg of product‘ then a condenser
with 185 ft2 heat transfer area is required to remove the styrene from
the styrene-in-air emissions.

Only one additional cost analysis was undertaken for the po]ystyrene
plant because the model plant consists of only two process lines and only
one process section for which RACT is being recommended. The add1t1ona1
cost analysis 1ooks at controlling emissions from a single process
1ine. The results of this cost analysis are summarized in Table 5-13.

5.3 COST EFFECTIVENESS OF RACT

The annualized cost effectiveness values (net annua11zed cost per
megagram of VOC emission reduct1on) are given in Tables 5-14, 5-15, and |
5-16 for the various control techniques and model p]ant combinations.

The estimated costs of emission reduction (using the 1owest cost combust1on
control option of flares for PP and HDPE) are only $13 and $17 per
megagram of VOC reduced from uncontrolled levels, for po]ypropy]ene and
high-density polyethylene, respectively. Even for a reduction from the
assumed upper level of existing control for which additional or replacement
control might be required, the cost of the same control techniques
would be about $88 and $160, per megagram. For thewb61y5tyrene mode
plant, the condenser analysis results in a range in the potent1a1 cost
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Table 5-12. COST ANALYSIS FOR POLYSTYRENE MODEL PLANT

, Styrene in Steam Styrene in Air
[tem 0.2 kg VOC 3.09 kg vOC
per Mg product per Mg product
Installed Cost, $
~Purchased Equipment 11,3002 13,0002 41,300:
-Installation . 16,700 19,300 65,200
Total Installed . Z&.p00b 3773000 136,000¢
Annualized Cost, $/yr
Direct
-Operating Labor 1,080 1,080 15,770
- -Maintenance 1,400 1,620 6,800
~Natural Gas - - -
-Electricity. 140 570 14,000
-Steam 5 : 15d g5d
Subtotail 2,630 3,290 36,600
Indirect ‘
~Capital Recovery - 4,550 5,260 ‘ 22,130
-Tax, Insurance &

Administration ‘ 1,120 1,290 5,440
Subtotal 5,670 6,550 27,570
Recovery Credit 155,000¢ T 4,170 . 155,000

(4,170)F
Total (Direct + Indirect -
Recovery Credit) -146,700¢ 5,660 -90,800
"~ (8,130)f

a
Includes only condenser and refrigeration unit costs.

b : )
Condenser only 1-2 ft in diameter so no piping, etc. beyond that in installation
cost considered necessary.

c .
. Includes $29,500 for piping.
d
Cost is for make-up coolant.
e
From uncontrolled emission rate of 3.09 kg VOC/Mg product.

f
From uncontrolied emission rate of 0.2 kg VOC/Mg product.

5-29




Table 5-13. COST ANALYSIS FOR POLYSTYRENE“PROCESS SECTIONS
WITHIN A PROCESS LINE

Material Recovery

Styrene in Steam Styrene in Air
‘ . 0.2 kg VOC 3.09 kg vOC
Item per Mg product per Mg produc?
: : e oo . (S
Installed Cost, § - o
-Purchased Equipment 11,3008 13,0002 30,9002
_-Installation 16,7008 19,3002 48,8002
Total Installed 28,0000 32,3000 9%,350¢
Annualized Cost, $/yr
Direct
-Operating Labor 1,080 1,080 ‘ 15,770
~Maintenance 1,400 1,620 4,720
-Natural Gas | =- -~ -
-~Electricity 140 555 ‘ 5,120d
~Steam ‘5 154 65
Subtotal 2,630 —3,27 25,680 1
Indirect é B | o ?w
‘ ‘ |
-Capital Recovery 4,550 5,260 15,370
-Tax, Insurance & ‘
Administration 1,120 1,290 3,780
Subtotal 5,670 : B‘,‘?s'o 19,150
Recovery Credit 77,5008
(2,090)f 2,085 77,485
Total (Direct + Indirect - -69,200€ 7,73 -32,660
Recovery Credit) (6,210)F

a
Includes only condenser and refrigeration unit costs.

b ‘ .
condenser only 1-2 ft in diameter so no piping, etc. beyond that in installation cost
considered necassary. ‘ o

c
Includes $14,740 for piping.

d
Cost is for make-up coolants.

e ‘
From uncontrolled emission rate of 3.09 kg VOC/Mg product.

f .
From uncontrolled emission rate of 0.2 kg VOC/Mg product.

i . I " I
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Table 5-14. COST EFFECTIVENESS OF RACT APPLIED TO CONTINUOUS STREAMS
IN THE POLYMERS AND RESINS INDUSTRY, BY MODEL PLANT

Cost Effectiveness,

VOC Reduction, Mg/yr $/Mg VOC Reduced
From From
Projected From Existing Annualized From Existing
Polymer Control Device Uncontrolled Controld Cost, $/yr Uncontrolled Control
Polypropylened Thermal
Incinerator 5,061 744 186,700 37 250
Flare 5,061 744 65,700 13 88,
High-Density ' Thermal . :
Po]yethyleneb incinerator 2,748 303 166,000 60 550
’ Flare - 2,748 303 47,400 17 160
Polystyrene Condenser 218¢ 218 -146,700 -670 ~-670
(styrene in steam) 5.9d 5.9 4,130 700 700
Condenser 218¢ 218 . -90,800 -415 -415
(styrene in air) 5.9d 5.9 5,660 " 960 960

a
Based on assumed 90 percent existing control of selected streams (given in Table 4-4, footnote a)
for PP and HDPE and 0.20 kg VOC/Mg for PS in order to estimate an upper end of the potential
cost effectiveness range. .

b
Boilers can also be used to achieve 98 percent VOC reduction efficiency.

C .

From uncontrolled emission rate of 3.09 kg VOC/Mg product.

d
From uncontrolled emission rate of 0.2 kg VOC/Mg product.
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effectiveness of polystyrene control from a credit of $-670/Mg (for |
styrene in steam reduced from 3.09 kg/Mg) to a cost‘of‘$g50/Mg (styrene
in air reduced from 0.20 kg/Mg). , B
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Letter from Kroehling, John, DuPont, Torvex Cata]yt1c Reactor
Company, to Katari, V., PES. October 19, 182. Catalytic 1nc1nerator
system cost estimates. ‘ :
: \
Key, J.A. Control Device Evaluation: Catalytic Oxidation. In: Chemical
Manufacturing Volume 4: Combustion Control Devices. U.S. Environmental
Protection Agency, Research Triangle Park, N.C. Publication No. EPA-
450/3-80-026. December 1980. ;
Telecon. Siebert, Paul, Pacific Environmental Services, Inc., w%th
Kenson, Robert, Met-Pro Corporation, Systems Division. dJuly 22, 1983.
Miminum size catalytic incinerator units.

Reference 12, p. 3-59.
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31.
32.
33.
34.

35.

36.

37.

38.

39.

40.

Reference 12, pp. 10-25 through 10-28.
Reference 12, pp. 10-12 through 10-15.
Reference 12, pp. 11-1 through 11-18.
Reference 12, pp. 3-191, 3-212 through 3-214, and 12-46

- through 12-48.

Weast, R.C., ed. Handbook of Chemistry and Physics,
fifty-third edition. Cleveland, The Chemical Rubber Company.
1972- po E"‘26. .

Erikson, D.G. Control Device Evaluation: Condensation.

In: Organic Chemical Manufacturing Volume 5: Adsorption,
Condensation, and Absorption Devices. U.S. Environmental
Protection Agency, Research Triangle Park, N.C.
Publication No. EPA-450/3-80-027. December 1980. p. A-3.

Telecon. Katari, Vishnu, Pacific Environmental Services, Inc.,
with Mr. Ruck, Graham Company. September 29, 1982. Heat exchanger
system cost estimates.

Telecon. Katari, Vishnu, Pacific Environmental Services, Inc.,
with Clower, Dove, Adams Brothers, a representative of Graham
Company. September 30, 1982. Heat exchanger system cost estimates.

Telecon. Katari, Vishnu, Pacific Environmental Services, Inc.,
with Mahan, Randy, Brown Fintube Company. October 7, 1982. Heat
exchanger system cost estimates.

Reference 36, pp. A-4 and A-5.
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APPENDIX A
LIST OF COMMENTERS®

Comment No. Comment Date Commen@gg
1 ~ June 16, 1982 Monsanto Company :
o - (W.G. Bir and C.D. Ma11och)
2 June 18, 1982 Texas Chemical Council |
I (A.H. Nickolaus)
3 June 21, 1982 Chemical Manufacturers
. Association
(Geraldine V. Cox) |
4 June 21, 1982 Gulf 0i1 Chemicals |
‘ Company
(J.R. Strausser) :
5 July 19, 1982 Polysar Inc., Resins
Division

(F.d. Mitrano)

6 DuPont
(G. Madden)

‘aOnly comments on the May 1982 draft CTG document are included.
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Monsanto Company

800 N. Lindbergh Boulevard
St. Louis, Missouri 83166
Phone: (314} 684-~1000

June 16, 1982

Chemicals & Petroleum Branch (MD-13)
Emission Standard & Engineering Division
U.S. Envirommental Protection Agency
Research Triangle Park, North Carolina 27711

. ATTENTION:

RE: COMMENTS ON EPA'S DRAFT CTG ENTITLED CONTROL OF VOLATILE ORGANIC
COMPOUND EMISSIONS FROM MANUFACTURE OF HIGH-DENSITY POLYETHYLENE,

Mr. Jack R. Farmer

POLYPROPLENE, POLYSTYRENE RESINS MAY 1982

Mail Zome G3WG

IN DUFPLICATE

Dear Mr.

on it.

Farmer:

issues discussed below will only address this one product.

Polystyrene VOC Emissions are Insignificant

Monsanto plants experience much 1ower emission factors than

shown on page 2-21,

figure 2-3 of the draft CTG.

emission factors for its existing operations do not exceed

those shown in the CMA comments on the EPA model plant emission

factors for polymers/resins manufacture submitted to EPA on

October 19, 1981 (see attached).

DRAFT CTG
Tankage (A) 0.11
Styrene Condenser Vent (B) 2.96
Styrene Recovery Condenser | ~0.133

Vent (C) ‘ ‘

Extruder and Pelletizer | - 0.15
Vent Emissions (D) ‘
TOTAL EMISSION FACTOR

A comparison of the data is:

Kg VOC/lOOO Kg resin

Monsanto's

CMA‘COMMENTS

‘0 01 - 0 02
0 05 - 0 06
0 05 - 0.06

009 - 0.01

3.35

6,119 = 0.150

» o ' Wy . ! o R
Monsanto has reviewed the subject draft CTG and submits the following comments
Monsanto is a major manufacturer of polystyrene and as such, the




Mr. J. R, Farmer Page 2
EPA June 16, 1982

As noted, there is a 20-30 fold difference between the EPA and

CMA numbers shown. For the model plant in the draft CTG of

73.5 Gg capacity, the CMA emissions would run from approximately
9-11 Mg/Yr. compared with the 246 Mg/Yr. emissions shown in the
draft CTG. No references were contained in the draft CTG which
allows backtracking to the EPA basis for the quoted emissions
factors. Since actual experience indicates that the CMA emission
factors are appropriate, the emissions expected from eéxisting
continuous polystyrene facilities are insignificant and as such, there
is no significant nomoccupational exposure. ‘Monsanto contends the
CIG is not necessary for this industry segment.

¢ Thermal Incineration is not an Appropriate Control Device

If EPA persists, and issues a CTG for VOC emissions from polystyrene
units, then Monsanto disagrees with the selection of thermal incinera-
tion as the emission control device to use (see draft CTG on page 5-1,
where EPA states "Thermal incinerators are the only control device
evaluated.™) ‘ :

Incinerators are not cost-effective control devices for control of
the insignificant VOC levels which emit from existing continuous
polystyrene units. As EPA stated on page 5-14 of the draft CTG

"For each model plant, the resulting combined stream was smaller than
the capacity of the smallest off-the-shelf incinerator available."
Using EPA's cost numbers of approximately $70,000 for direct and
indirect costs (see the draft CTG page 5-15, Table 5-7), and applying
CMA emission levels, the cost-effectiveness would run .from about
$6400 to $7800/Mg. VOC removed (as compared to EPA's number of
$320/Mg. VOC).

The cost-effectiveness levels would be even higher than this if a detailed
cost estimate were done taking into consideration factors such as:

1. Due to the insignificance of the VOC stream size, and the size of
the incinerator, auxiliary fuel would be needed to sustain burning,
hence, added operating cost.

2. The technology of compressing the styrene monomer vapors and trans-
porting them for up to 1,000 ft., would promote polymerization in
the pipe and hence buildup which would need to be removed periodically.
This would also add to the operating cost.

As such, incineration is not an appropriate control device to use
on_the insignificant VOC emissions which emit from existing continuous
polystyrene units. In addition, Monsanto strongly objects to the use

of its acrylonitrile incinerator data contained in Monsanto's submission
to EPA on November 8, 1979 (see reference 5 on draft CTGC page A-27)

as being an equivalent technology base for styrene. The AN data was

B-3




Mr. J. R. Farmer Page 3
EPA } jf‘ lJune 16, 1982

submitted for another purpose and not to be extrapolated for
polystyrene use due to the totally different . chemical and
physical properties of the two substances.

. Miscellaneous Items

1. On page 5-12, first sentence in Section 5. 3 4 EPA makes the -
statement "The continous process ewits unreacted styrene ‘
monomer (VOC) because the polymerization process approaches
equilibrium before reaction completion.” This is an incorrect
statement since the process time for a reactor system to
reach equilibrium from the initial startup operation has no

i impact on this CTG. The continuous process emits unreacted ‘
styrene monomer (VOC) because the fresh and recycled styrene
feed streamsare partially converted to polymers in the reactors
(i.e.-greater than 60% styrene conversion). The amount of
styrene converted is set by the polymer molecular weight, the
redctor space—tﬁme-yield, and by conventional process design
variables. EPA should correct the first sentence in the '
referenced section accordingly.

2. Table 2-7 on the draft CIG page 2-20 shows Monsanto's Long
Beach, California plant on the list of polystyreme producers
in nonattainment areas. Monsantoc has shut this operation down
and hence requests that it be removed from the list of polystyrene
producers.

[ Yoot ! AT T

As documented above, Monsanto strongly encourages EPA to cease work on developing
a CTG for existing continuous polystyrene unit, since the resulting VOC emissions

from these units are insignificant in quantity. Momsanto would welcome the o
opportunity to discuss its point further with EPA if it is necessary for further o
clarification of the points above.

Sincerelyf B

W. G. Bir -
Engineering Group Consultant
“Corporate Engineering Department

(Pt attond.

C. D. Malloch
Regulatory Management Director, Air
Environmental Policy Staff

ChDM:vre .
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Attachment to June 16, 1982 jetter
from C.D. Malloch, Monsanto to

CHEMICAL MANUFACTURERS Assoé‘:”ﬁ%&

October 19, 1981

Mr. Edwin J. Vincent

Lead Engineezr

Chemical Applications Section

. Chemicals and Petroleum Branch

Office of Air Quality Planning and Standards
United States Envirconmental Protection Agency
Research Triangle Park, North Carclina 27711

RE: CMA Comments on EPA Model Plant Emissions Pactors for
Polvmers/Resins Manufacture

Dear Mr. Vincent:

Our Polymers/Resins Work Group has reviewed the draf: document
prepared as part of the Agency's effort to develop an NSPS for Poly-
mers/Resins Manufacture. The Group has focused its attention pri-
marily on the accuracy of the emissions factors and their location
within individual processes as based upon its collective expexience.

As you may know, CMA is a ncnprof;t trade association made up
of approx;mately 184 member companies in the United States repre-
senting more than 90 pertent of the domestic productlon capacity
for basic industrial chemicals. CMA member companies have a direc:
and critical interest in ensuring that EPA develops emission stand-
ards when a demconstrated need is presented, that are scientifically
and technically sound, reasconable, procedurally workable, cost effec-
tive, and clearly authorized by the Clean Air Act. . Many of our mem-
ber companies procduce Polymer and Resin products and may be impacted
by any requlations which may be based on the subject document.

While our comments provide what we believe are improvements to
the model plant emissicns factors, we do believe that the hich de-
gree of variability between individual processes used to manufacture
the same product demonstrates the limi+ted usefulness of the model
plant concept. This peoint will be excrnlified in our discussion of
the individual emissions factors for the specific products/processes.

I. Peolyvropvlene - continuous slurry, liquid phaée process

A. There are twe liguid phase processes now in commercial
use; the large particle slurry process and the solution
process. Most new ligquid phase plants employ or will
employ the sclution process. A sizeable number but not
2ll of these new plants are using or will use the high
vield catalyst technelogy. As a result, theres are some
sclution processes that still require catalyst de-ashing

B-5
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and removal. Most slurry process urnits anéd low yieid
catalyst  plants employ jacketed, continuous stirred-tank
reactors rather than loop reactors. The loop reactor is
more prevalent in the hich yielé catalyst plants.

B. Some slurry processes operate at pressures as high as
300 psig which is much higher than the value cited in
the draft.

C. The atactic generatiocn rate of 30 perceht of capacity
cited in the draft would be uneconomic. Mest liguicd
phase processes have average atactic generation rates
in the range of 2 percent to 4 percent of nameplate
with 5 percent an upper bouné.

D. The mcdel plant did not preovide for a2 VOC emissions vent
from the extrusion/pelletizing section. Significant
guantities of hydrocarbon still remsin in the polypre-
Pvlene powder as it exits the éryer and enters the ex=-
truder feed chute. ALt this poirnt, the powder is in
equilibrium with a vapor that can contain up to 25 per-
cent hydrocarbon (wt./wt.). As a result, there is some
hydrocarbon loss through the extruder/pelletizer sectien
and the powder/pellet transfer system downstream of the
product dryer. One manufacturer has provided an estimate
of 2 kg VOC/1000 kg product for this section of the pro-
cess.

o b
i . R T B ey e

' E. Polypropvlene units are subject to plugging, especizlily

‘ in the peolymer handling sections ¢Z the process. For this
reason, most units are provided wiih emergency relieZf
valves, where applicables, throuchcu: the process ané not
just in the polymerization and atactic rscovery sections.
In the vast majority of cases, these relief wvalves zre™
tieé to "the flare header.

A. There are 2 considerable number 2% ; and HDPE plants
located near or integrated with oclefi manufacturing
operations. Some of these units &z not have recycle
treaters since monomer reccvery ané purification is accom-
plished by recycle through the-olefins manufacturing unik.
In these cases, overall process VOC emissions from these
units can be expected to be 8-10 Tercent icwer Zor the LIFE
processes and by up tc 98 percent lower for +he HDPE pro-
cesses. .

IZ. Polvethvlene - all products/processes

II. Lcw Density Polvethvlene - all process

A. The total model plant capacity ¢f §0
Plant capacities of 200-300 Gg/y= wi
trains capacities of up to 70 Gg/vr ars n
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B. The model plant does not include an emissions factor for
the wax blowdown system. This section of the process can
be a source of significant ethylene losses. The emissions
factor is highly dependent upon the design of the wax blow-
down and discharge system.

C. For the liquid phase process, the estima-ed freguency for
emergency reactor conditions is too high. The assumption
that two out of four reactors would simultaneously experi-

. ence an upset is extremely unlikely. Furthermore the esti-

mated 130 reactor upsets per year is atypical of industrial
experience.

Eigh Density Polvethvlene = all process

A. Many plants use air-£fluidized rather than irext ¢as dryers.
In these plants there are some VOC emissions, in the range
of 0.2-0.4 kg VOC/1000 kg product. In plan=s withou: re-
cycle treaters, these are the major vents. Most of these
emissions consist of process diluent.

B. Most plants use separate recycle treaters £or each individual
hydrocarbon component since they are usua.ly recoversd by
fractional distillation. Therefore, an HDPZ plant recvecling
ethylene, isobutane and butene would under most circumstancss
have three treaters and the vent compositicn of each treater
would contain 100 percent of hydrocarbon :treated.

Polvystvrene - batch process

A. The emissions factors cited for the model plant may approxi-
- mate the average for the industry but may not adeguately

Cescribe the emissions f£or the purposes ¢ regulation. Bat
plants are well suited for use in =he manufacture of a wide
variety ¢f products. Emissions factors fzr the vents for =
process also vary widely with the higher emissions factors
more likely during the manufacture of lower molecular weicht
products. Typical emissions factors span the fcllowing

ranges:
Styrene Condenser Vent 0.25 - 0.735 zg VOC/l000 kg resin
ExXtruder Quench Vendi velS = 0.30 2g VOC/1000 kg resin
Reactor Heading Vent 0.15 - 1.35 x¢ VOC/1000 kg resin

It is important te note that =he emissicrnz fzex
given process train will change with product grade.

Pclystyrene - continuous process

A. Like the batch polystyrene plants, z
continuous polystyrene plants indicates a wid
sions factors but for different reasons. Ingé

c

. ous process trains tend to run blocked-irn
gzade or family of grade with relativelv smal
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emissions factors. However, dlfferent process t:a;ns

dedicated to wldely differing polymers may have signifi-
- cant dszerences in thelr emissions factors.

B. Recent process improvements have zncluded a shzft to the
use of vacuum pumps to generate process vacuums. These
pumps consume less energy than steam eductors and also have
lower emissions factors. Industry's experience with the
use of vacuum pumps are substantially different than one
would expect when reviewing the model plant emissions fac-
tors. Our experience indicates that the following emissions
factors are more typical of newer continuocus pelystyrene
process technology: ” S - ‘

Tankage - 0.01 - 0.02 kg VOC/1000 kg

resin
Stvrene Condenser Venz 0.05 - 0.0€ kg VOC/1C00 ké resin
Styrene Recovery Unit 0.05 = 0.06 kg VOC/1000 ké resin

Condenser Vent “ -
Extruder Quench Vent 0. 009-0 Ol kg VOC/lOOO kg resin

We trust that these comments will be cons;dered as ycu rev;se't
draft model plant emissions factors. We thank you for giving us the
cpportunity to review this material and are willing tc meet with vou
to discuss our concerns in greater detail. Rich Symuleski, the Work
Group leader will contact you for follow-up in this regard.

Sincerely,

‘\
Janet S. Matey
Manager ‘ .

Aliz Programs

JIsM/sL . T -




TEXAS CHEMICAL COUNGIL

1000 BRAZOS, SUITE 200, AUSTIN, TEXAS 78701-2476, (512) 477-4465

June 18, 1982

Mr. Jack R. Farmer, Chief (2)
Chemicals and Petroleum Branch

Emission Standards and Engineering Division (MD-13)
Office of Air Quality Planning and Standards

U. S. Environmental Protection Agency

Research Triangle Park, North Carolina 27711

RE: TCCfReview Commehts on the Draft CTG for Control of VvoC
from Polymer/Resin Manufacture 47FR19580 (May 6,1982)

Dear Mr. Farmer:

..’ The Texas Chemical Council (TCC) submits the attached
comments on the subject draft Control Technique Guideline for the .
‘control of volatile organic compound emissions from the manufacture
of high-density polyethylene, polypropylene, and polystyrene.

, Should the égency have any questions or wish to discuss
any of the issues raised by our comments, you may contact me at
(512)573951;1, Ext. 1277, or write our Austin office.

Very truly yours,

A. H. Nickolaus

Chairman, CTG Subcommittee
Texas Chemical Council

cc: TCC Air Policy Committee
Jd. B. Cox =~ Exxon
J. S. Matey - CMA
. P. J. Sienknecht - Dow
TCC Files

AHN/cgh ‘ B-9




COMMENTS BY THE TEXAS CHEMICAL COUNCIL

ON THE MAY, 1982 DRAFT CONTROL TECHENIQUE GUIDELINE (CTG)

FOR CONTROL OF VOLATILE ORGANIC COMPOUND (VOC) EMISSIONS

FROM THE MANUFACTURE OF HIGH-DENSITY POLYETHYLENE,
POLYPROPYLENE, AND POLYSTYRENE

PR
1

The Texas Chemical Council (TCC) is an association of
85 chemical companies having more than 67,000 employees in Texas
and representing approximately 90% of the chemical industry in
the State. Many of the polyethylene and polypropylene plants’
covered by the CTG are in Texas and, thus, the proposed guide-
lines are of concern to us. ‘

1

A, Review of Previous Comments

This draft CTG is very similar to the April, 1981 version -
reviewed at the June 2-3, 1981 Natipnal Air Pollutant.
Control Technique Advisory Committee meeting and we are
disappointed that it does not more fully reflect the
TCC comments submitted to the EPA than (Ref. 1). Most
of our previous comments: are still pertinent and are
summarized below as they relate to the present CTG.

| -

1. The CTG Does Not Fulfill It's Stated Purpose

. | .

The TCC continues to believe that the omission of
absorption, and other pollutant recovery techniques,
and the definition.of Reasonably Available Control

.. Technology (RACT) exclusively in terms of thermal.

. "'incineration ig not very useful in helping the states
proceed with their own assessment of RACT - the
quideline's stated purpose. The reascning used in

- Section 3.1 to dismiss these other technologies
presents no data and is largely specious.

2. RACT Should All§wMSevgral‘Technﬁiégies

. . R I . b R
In cur May 29, 1981 comments we set forth what e

' thought were excellent reasons why RACT should allow

- several abatement technologies. We still think they
are valid and that a 98% reduction requirement is
unduly stringent for RACT when compared to New Source
Performance Standard (NSPS) requirements and the

- level of regulation on mobile and other sources.
Restating the RACT recommendation to a 98% reduction
in Section 4.1 of the present document from thermal
‘incineration (under conditions to give a 98% reduction)
in the BApril, 1981 version does not really address
our concern. T T AT U I

|
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The Facts Do Not Support A 98% Abatement Standard

In our previous comments the TCC questioned whether

a 98% destruction efficiency could be achieved in

all applications. However from subsequent consul-
tation with incineration experts we conceded (Ref. 2)
that a 98% efficiency could be achieved in all new,
well-designed and well-o erated incinerators. The

TCC continues to believe that incinerator efficiencies
should not be set at achievable levels. RACT should
be based on demonstrated levels in equipment that
operates pretty much as designed without elaborate
post-installation modifications to fine-tune it to
maximum levels. The EPA has discounted from optimum
performance in their evaluation of flare efficiencies
(Ref. 3) and we don't see why they shouldn't discount
"state-cf-the-art® incinerator test results as well.
Thus a realistic incinerator efficiency would certainly

"' be less than 98%; Probably in the range of 90 to 95%.
RACT Should Include the Use of Flares

Our previous comments are still pertinent and since

~then the results of the EPA sponsored John Zink/
- Battelle studies have become available. They show
‘destruction efficiencies greater than 99% for smoke-
.. less operation in two different flare systems and
.. average efficiencies of about 96% in tests of non-
smokeless operation on one flare. Thus available

measured data-shQW'flare.efficiencies comparable -to

"ﬂ thermal incineration (Ref. 4). ..

. efficiencies. We £inad the summary of flare effi-

ciencies on page 5=17,18 of this CTG to be biased

and misleading. A 1978 report, heretofore unknown,
showing 70-98% efficiencies for natural gas (Reference
10, p. 5-12 of CTG) is quoted and relied on heavily

ta discount flare efficiencies to 90% for economic
Studies. This report G not show up in Reference

... 4, ‘also published by the EPA in April, 1982. Last

" Thus we have the following gquestions about the 70-98%

data from National Air Oil Burner (EPA's Ref. 10):
) Were the data measurad? ’

L 3 ' Were the results subjected toc the same critical
review as the others?

B-11
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If not, we think they should not be included in the
summary. ‘ '

This CTG (p. 5-17,18) lists four flare studies;

Du Pont, National Air 0il Burner, Union Carbide,

and Seigel. Reference 4 also lists four flare

studies; Du Pont, Union Carbide, Seigel, and Zink/

Battelle. Why were the Zink/Battelle studies which

showed high destruction efficiencies and which were '
- runx for the EPA left out of this study? And why was |

the National Air 0il Burner report left out of

Reference 4?

The CTG's discussion of flares states that "The uncer-
tainity associated with flare combustion contrasts
starkly with our knowledge of incinerators and boilers.
Evidence to show the thorcughness of combustion effi-.
ciency in these devices is ponderous."™ One can be .
ignorant of anything if they refuse to study it and the
data presented in Appendix A is hardly ponderous. Six
plant scale test results aré presented and these show
destruction efficiencies ranging from:70.3 to 99.9%. .
If the EPA applied the same critical criteria to incin-
erators as they do to flares they would have to con-
clude incinerator efficiencies are sicnificantly less
.~ than 98%. -Based on information from in-house experts g
+ wer think all combustion ‘devices will give high destruc-
. efficiencies if the pollutant does not by~-pass and .
actually experiences the flame. . THus even new incin-
erators can give poor results such as the Petro-tex ‘
- data if by-passing occurs. ' . .

- The TCC does not want to belabor this issue but we

.-think it is time the EPA judged data for flares by
the same critexria as they use for boilers and incin~-
erators. '~ We realize flare efficiency is not readily
‘measured but the test of a control technique should
be its cost effectiveness and efficiency, not its
ease of enforcement. o

Finally, as the EPA is probably aware, flare tests

by the Chemical Manufacturers Association should be
underway now at the John 2Zink plant. Results from

this study will be available shortly and should be

included in any final appraisal of flare destruction
efficiency.




5. Emission Reductions in the April 1981 CTG Were
Overstated '

. Processes Covered by the CTG

- 4 -

' This comment is no longef applicable since pProjections
of industry emissions have been removed from this
draft of the CTG. .

The Phillips particle form (slurry) process is used by the
EPA for their high~-density polyethylene model plant. It

is intended "to represent all other liquid-phase processes
with high-efficiency catalyst that do not require catalyst
removal.™ But Dow, Du Pont, and perhaps others use solution

liguid-phase processes that are completely different from

~the Phillips process, the emissions are different, and they

come out at different places. We Presume these are not

~covered by this CTG since the EPA has made no evaluation

of appropriate control tehcnology or abatement costs for
them. : :

We recommend Sectioﬁ~4.l be revised to make clear that the

'fEER.RACT'recommendationgapply to high-density Pelyethylene
ﬁ'plants usinql;nw-p:essnre, slurry, liquid-phase processes.

. BACT Recommendation ami Costs . .

f*}rprfreaéchsiélréédy diScﬁssed'théﬁTCCJbelieves the 98% .

'y reduction recommendation is too stringent and that a 90

. " to 95% figure would be more realistic, more appropiate, .
- . :and more consistent with NSPS and NESHAPS reduction re-

. :Quirements. We take it that reductions are to be calculated

- ethylene plants
-jtbe*p;qblem. .

f%;framgthe.model plant "uncontrolled” emission levels since
. -most plants already have some control facilities.

. This Iétéef'faét.isfnotfreflécted:in‘the cost analysis™
-im Sectionm 5. It should be since the guideline applies

to existing. processes. - Some data for high~density poly-
gathered in 1877 by the TCC illustrates

[ 4

R \ .. % Reduction
.. ..Emission Factor* From Model

-7 plamkss T (Xg/1000 Kg) Plant
. BPA Model Plant . ' . - - |
' . = Uncontrolled . ' 12.56 o .
=/ 98% Reductiom:. . - 0.25 .. g8
B X | A 1.3 90

B-2Z 7.5 40

B-13
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% Reduction

’ "Emission Factor* From Model
Plant#* (Kg/1000 Kg) Plant
H-3 2.4 | 81
H-4 100 . (696)
H-5 1 92
H~6 10 o . 20
H-7 21 (67)
H-8 31 (147)

* Includes fugitive and miscellaneous emi

. ** Plants include solution processes but this was a blind
inguiry so specific process or producer was not connected
to a given emission factor.

Consider the problem of plant E-l, 3, and 5. To reduce.
their emissions to 0.25 Kg/1000 Kg they rmust now install
an incinerator. For plant H-5, at model Plant rates, this
reduction of 160 Mg/yr. at a cost of

will amount to a
$121,000 per year (Table

an order of magnitude higher than the $46/Mg shown in
the CTG cost analysis .(Table 5-6). | -

———

' of Streams Now Being Flared

ssions.

B TR s

1
|

5-4) or $756/Mg, a figure over

1
{
1

.EPA's Attempted Justification for Regquiring Incineration -

‘In Section 5.4.2 the EPA

incineration of streams now being flared. Their whole
case rests on the assumption of a low efficiency (90%)

’

attempt to justify requirin

for flares and a "state-of-the-art" eificiency (98%)

for incinerators. As discussed earlier (A 3 and 4),

the TCC doubts that there is any significant difference
between the destruction efficiency of flares and incin- ,
erators. Without definitive data to guantify a difference
between the two the EPA's proposal to require the replace-
ment of existing flares with incinerators is unconscionable.

‘The Texas Chemical Council
. 1000 Brazos, Suite 200

Austin, Texas 78701
June 18, 19¢
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Vice Pras’sant

¥r., Jaczk R. Farmer, Chief

Cheniczis and Petroleum Branch

mmigsicas Standards and Engineering Divisien
£fice of ziv Quality Plannirg and Standards

U. S. Zavironmental Protection Agency

Researzh Triangle.-Park, North Carolina 27711

PT: CMA Review Comments on the Draft Guideline for the Control of
Volatile Organic Emissions from Manufacture of High Density
Polvethylene, Polvpropylene and Polystyrene Resins.

Deaxr Mw», Farmer:

The Chenical Manufacturers Association's (CMA) Polymers and Resins Work
Group has reviewed the Draft CTG for the Control of Volatile Organic Compound
Enissions from the Manufacture of High Density Polyethylene, Polypropylene and
Polystyrene Resins. Our Work Group has been tracking this effort since the
develozment of Preliminary Draft documentation by the Agency and provided
comments on the CTG at the June 2, 1981, NAPCTAC mesting. In general, EPA has
not responded to our earlier comments in preparing the current praft CTG.

. ) o . . ‘ ‘

As you may know, CMA is a nonprofit trade association‘whosé‘company”meﬁbefé
represent more than 90% of the productive capacity of basic industrial chemicals
within this country. ! .

Our corments are focused on the major issues that must be resolved to provide
an effective, flexible CTG of value to the states in achieving attainment with
the ozcna NARGS. Since the Agency has not addressed our earlierxr comments, they
ave still relevant with respect to the praft CTG. ' :

The issues addressed in tocday's comments include: .
e definition of RACT is more. typical of LRER and is inconsistent
with RACT levels defined by other CTG's for VOC emissions reduction.

o)
)
H3
L

spite data that demonstrate high vVOC destruction efficiency for

es, the Agency still does not define this technology as RACT for
ssions control from Polymers and Resins Manufacture. This is
jnconsistent with the Agency's position on the NSPS for SOCMI: Distilla-
tion Units where flares are allowed. o

]
H 0
foe Ho

o The model plant description and emissions factors for polystyre%e ]
maznufacture are not representative of -current industry practice and
ovérstate both the emissions and the cost effectiveness of RACT con-
trol for these sources. B-16 s : | .

Formeny Manyfacturing Chemists Associétion—Serving‘ the Chemical Industry Since 1872, .
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" Mr. Jack R. Parmer
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Page Two

II.

© The Agency has relied on obsolete information in developing incinerator
costs which overstates the cost effectiveness of RACT. ‘ '

Designation of PRACT

The Draft CTG states that a 98% weight reduction of VOC emissions from
continuous vents is repressntative of RACT for Polymers and Resins '
Manufacture. This level of emissions reduction is more typical of LAER

for process emissions sources. For example, the draft CTG is more strin-

gent than the preliminary draft NS®S for SOCMI Distillation Units. It is

also more stringent than the 97% reduction in benzene emissions specified

in the Agency's proposed NESEAP for Benzene from Maleic Anhydride Manufacture.
RACT retrofit recuirements for existing sources should be less stringent than
the NSPS reguirements £or the same source category. The RACT requirements
should also be less stringent than sacT, LAER, and NESEAP requirements for
similar types of emissions. The level of control specified by this CTG should
be consistent with the levels specified in other CTG's that are under develop-
nent for the control of VOC emissions.

CMA recommiends that RACT be set at a lower percentage level of VOC emissions reduc-
tions that will allow individual states to select the level of emissions reductions

for existing sources. This permits the optimal selection of RACT used by the

states to bring individual ozone non-attainment areas into compliance with
the NAAQS. ‘ : '

Flares as Ecuivalent RACT

At the NAPCTAC public hearing on the Preliminary Draft CTG for Polymers and
Resins Manufacture, CMA commented extensively on this issue. Our concerns
have not been addressed by the Agency in the latest draft of the CTG. CMa
maintains that the available data on flare destruction efficiency demonstrate
that these devices qualify as RACT for VOC emissions control. The Draft CTG
should be changed to permit the use of flares as RACT for polyolefins plants.

CMA and EPA are currently funding a study of flare efficiency at the John Zink

Company Test Center. This study is designed to determine the VOC combustion
and destruction efficiencies achieved by flares controlling 'small continucus

streams typical of those found in polymers and resins and other chemical
manufacturing processes. Since EPA is intimately involved in this study, CMA -
takes the position that any CTG provision that would preclude the use of

flares is inappropriate and strongly recommends that the language in the
final CTG not discourage their use.

Furthermore, since flares are specified as an acceptable control techniqde
for meeting the NSPS for SOCMI Distillation Units, CMA sees no reason why

flares should not be acceptable as RACT for the CTG for Polymers and Resins
Manufacture. : ’
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Mr. Jadk R. Farmer
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IrI. Model Plant Descriptions and Emissions Factors

The model plant descriptions and emissions factors for polystyrene manufacture
are generally not representative of current industrial practice. 2a w1de
range of polystyrene polymers are manufactured, ranging from low molecular
weight emulsions to high molecular weight crystalline polymers. Emissions
factors generally decrease with increasing molecular weight. |
1
Recent increases in plant steam costs have forced some resin manufacturers
operating plants of capacities similar to the model rlant tec provide process
VEZIUUMS using VESUUT pumps rather than steam eductors. CMi provided szmllar
comments ¢ EFA in & letter dateé Octcber 19, 1981, Scr the NSPS Polymers and
Resins cevelcorment activity. In this letter we indicazeé that these rrocess
imsrovements have lowered typical emissions factors for continuous polystyrene
units to 0.15 kg of VOC/1000 kg of resin or less. This is approximately 5% of
the model plant emissions factor of 3.09 kg of VOC/1000 kg of resin. As a
resu.t, IZFA has drasticzlly overestimated total er'sSjcns‘frcm existing poly-
strrene facilities. Using the more current emissicn Zactor, tozal indugtry
wide crocess emissions are 1l MG of VOC/year rather thzn the 227 MG of voc/
vez2r estimated by EPA. : |
:
This reduction in emissions has significant impact on the cost effectiveness
of the CTG. At the lower emissicns rate, more typical of industry practice,
the control costs resulting from incinerating these emissions are $6,586./MG
of VOC destroyed rather than the $320./MG of VOC destroyed estimated by EPA.
X For this reason, CMA concludes that further control of these emissions as '
cecified in the CTG is unjustified. We recommend that continuous polystyrene
facilities wlth emissions factors typical of those described by CMA be exempt
from the CTG on the basis that they are already demonstrating RACT. |

iVv. Limiza ions in the Incinerator Ccst Data

Acain, CMA ccmmented extensively on th;s xssue at the NAPCTAC meetzng In
prezarinc the Draft CTG the Agency ignored our comments on the 1:.m:.tat:.cns
of the cost data. We wish to reemphasize that EPA shoulé use the more ‘
representative cost information in the Hydroscience data base in determining
the cest effectivene=s o‘ this CTG.

i
We trust that these comments will be considered as you prepare the llnal version
0% the T°G. Encloseé for your review, are copies of our previously submit ted comments
referred to in this letter. IZ you have any questions or comments, please cdontact

Janet S. Matey, Manager, Air Programs at (202) 887- ll79n Ve thank you for having
the orzcriunity to comment on the Draft CTG.

Sincerely yours,

Enclosures B-18
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My NAME 1s RICHARD A SYMULESKI, I Am THE ENVIRONMENTAL CONSERVAT 0

COORDINATOR FOR THE AMoco CHEMICALS CORPORATICN SUBSIDIARY OF éTANDARu
O1L oF INDIANA. 1 AM SPEAKING TO YOU TODAY ou BEHALF OF THE CHEMICAL
MANUFACTURERS ASSOCIATION'S PROCESS Enxssxons REGULATIOMS TASK GROUP AND
PoLyMeErs/ResiNs Work Grour, CMA 1s A NONPROFIT TRADE ASSOCIATION HAVING
186 UNITED STATES MEMBER COMPANIES THAT REPRESENT ovea 30 PERCENT OF THE
PRODUCTION CAPACITY OF BASIC INDUSTRIAL CHEMICALS WITHIN THIS counrav.
WE ARE PLEASED TO HAVE THE OPPORTUNITY TG PRESENT OUR VIEWS AND o
CONCERNS TO THIS COMMITTEE ON THE PRELIMINARY DRAFT CONTROL TECHNIQUE:
GUIDELINE FOR THE CONTROL OF VOLATILE OreANIC Compounns FROM THE -
ManuFacTure OF HigH DENSITY pOLYETHYLEhE, POLYPROPYLENE 'AND POLYSTYR=N$@,
Resins, CMA MEMBER COMPANIES HAVE A CONTINUING INTEREST IN ENSURING
THAT EPA DEVELOPS, WHEN NEEDS HARRANT, CONTROL Tecnuxeuss GUIDELINES ‘l‘
(CTG'S) THAT ARE TECHNICALLY SOUND, REASONABLEJ ADMINISTRATIVELY FEAsEBL=
AND COST-EFFECTIVE. CMA HAS ATTEMPTED TO WORK WITH THE AGENCY IN
DEVELOPMENT. OF TH1S CTG. To DATE OUR EFFORT HAS BEEN LIMITED BY
EPA To TRACKING THEIR REGULATORY DEVELOPMENT EFFORTS. As A RESULT,‘M o
WE HAVE COMMENCED A PROCESS TO THOROUGHLY REVIEW THIS 76 AND 7AVE
INITIALLY IDENTIFIED SIX MAJOR PROBLEM AREAS IN THE PRELIMINARﬂ |
DRAFT, WHICH WILL FORM THE BASIS OF MY PRESENTATION., THESE PROBLEMS
INCLUDE:
® INACCURACIES IN THE ESTIMATION OF THE NUMBER OF PLAN%S
THAT COULD BE IMPACTED BY THE CTG. ‘
® LIMITATIONS IN THE DESCRIPTION GF THE INDUSTRY, ITS
EMISSIONS FACTORS. AND IN THE DEFINED MODEL PLANTS.
® LACK OF ADMINISTRATIVE FLEXIBILITY fbist STATES IN
IMPLEMENTATION OF REASONABLY AVAILABLE CONTROL
TecHnoLoey (RACT)Y,
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® DEFINITION OF INCINERATION AS RACT FOR THESE SOURCE.
CATEGORIES AND EXCLUSION OF APPLICABLE AND APPROPRIATE .
ALTERNATE CONTROL TECHNIQUES.

® FAILURE TO RECOGNIZE FLARES AS EQUIVALENT RACT,
® LIMITATIONS IN THE COST DATA USED TO .JUSTIFY._RACT,
| " BECAUSE THESE PROBLEMS ARE EQUALLY APPLICABLE TO ALL THREE

POLYMERS INCLUDED IN THE CTG, MY COMMENTS WILL PROVIDE A GENERAL OVERVIEW
OF THE NATURE OF THE PROBLEMS IDENTIFIED, To ILLUSTRATE SPECIFIC POINTS
I WiLL PRESENT EXAMPLES FOR INDIVIDUAL POLYMERS, HOWEVER, THESE COMMENTS
SHOULD NOT BE CONSTRUED AS APPLYING ONLY TO. THE SPECIFIC POLYMERS
, nenvzousn SINCE THEY DO CROSS PRODUCT LINES.

I. MNummer oF Prants Sumuect To Tne CTG,

Tue CTG IDENTIFIES A TOTAL OF 17 PLANTS IN 0zONE NONATTAINMENT
AREAS THAT HAVE REQUESTED STATE IMPLEMENTATION PLAN (SIP) EXTENSIONS
FROM THE 1982 compLIANCE DEADLINE. THESE PLANTS WILL, THEREFORE, BE
AFFECTED BY THE-CTG CMA HAS SURVEYED THOSE STATES WHICH HAVE REQUESTED
AN EXTENSION OF THE OZONE ATTAINMENT DATE AND WE HAVE IDENTIFIED A
MINIMUM OF 25 PLANTS THAT WILL BECOME SUBJECT TO THE CTG., THERE ARE
AN ADDITIONAL 23 PLANTS LOCATED IN OZONE NONATTAINMENT AREAS FOR WHICH
NO EXTENSIONS HAVE YET BEEN FILED, ' IT I'S HIGHLY UNLIKELY THAT ALL THESE
AREAS WILL ACHIEVE COMPLIANCE WITH THE OZONE STANDARD BY THE DEADLINE
DATE, THEREFORE, A TOTAL OF 48 PLANTS COULD ULTIMATELY BECOME SUBJECT
To THIs CTG, A

IN ADDITION, THERE ARE SEVERAL ERRORS IN THE LIST OF PLANTS
IDENTIFIED BY EPA As BEING SUBJECT 0 THE CTG. - AMOCO HAS PUBLICLY
ANNOUNCED THAT IT WILL NOT REBUILD ITS NEw CASTLE POLYPROPYLENE PLANT,

B-21
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ALso, ACCORDING To CMA DATA, THE BASF POLYSTYRENE‘PLANT USES A —
SUSPENSION POLYMERIZATION PROCESS WHILE THE RxcaARnson PLASTICS Gnoup o
PLANT MANUFACTURES STYRENE COPOLYMER RESINS. AS A RESULT, THESE THREE
PLANTS ARE NOT SUBJECT TO THE CTG. FINALLY, WE WERE UNABLE To CONF IRM
EITHER THE LOCATION OR OWNERSHIP OF THE POLYSTYRENE PLANT IN DEER Park,
TEXAS.,

II. DescripTioN OF THE INDUSTRY, ITs EMISSIONS AND N

Mopel PLanTs

IN DEVELOPING THE MODEL PLANTS FOR PURPOSES OF THE (TG, EPA
RELIED SOLELY UPON INFORMATION FROM A SUBSET OF PLANIS LOCATED IN
OZONE NONATTAINMENT AREAS. THIS APPROACH SUBSTANTIALLY REDUCES THE
NUMBER OF PLANTS USED TO DEVELOP PROCESS EMISSIONS FACTORS., THe
DRAWBACK TO THIS APPROACH IS THAT, TO BE REPRESENTATIVE OF THE INDUSTRY :
AS A WHOLE, THE SELECTED SUBSET OF PLANTS MUST MIRROR THE UNIVERSE OF
PLANTS IN EXISTENCE. IF THIS -Is NOT THE CASE, THEN THERE IS SIGNIFICANT
POTENTIAL  FOR INACCURATE DESCRIPTION OF PROCESS AND enrssxons CONTROL
TECHNOLOGY IN PLACE, AS WELL AS FOR THE PRODUCT SPECIFIC EMISSIONS
FACTORS, FOR EXAMPLE, EMISSIONS FACTORS FOR HIGH DENSITY POLYETHYLENE
ARE BASED UPON PHILLIPS TECHNOLOGY. Howevsa, MANY FIRMS MANUFACTURING
THE PRODUCT EMPLOY MODIFIED PHILLIPS TECHNOLOGY OR HAVE DEVELOPED
SIGNIFICANTLY DIFFERENT PROPRIETARY PROCESSES OF‘THEIR OWN, THERE 1s -
SIGNIFICANT DIVERSITY IN THE HIGH DENSITY POLYETHYLENE PROCESS TYFES wa mww
IN PLACE TO WARRANT DEVELOPMENT OF EMISSIONS FAC10R$ ovsa A LARGEB
DATA BASE. ' | e
IN THE CASE OF POLYSTYRENE MANUFACTURING, EPA HAS AGGREGATED -
EMISSIONS DATA FOR TWO DIFFERENT PROCESS TYPES (BATCH-AND CONTINUOUS)
TO DEVELOP THE MODEL PLANT. THE RESULT IS A MODEL PLANT THAT OVERSTATES

|
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EMISSIONS FROM CONTINUOUS POLYSTYRENE UNITS. I[N THE BATCH PROCESS
FUGITIVE EMISSIONS FROM REACTOR LOADING OPERATIONS CONSTITUTE A MAJOR
SOURCE OF EMISSIONS, BUT THESE EMISSIONS ARE RELEASED OVER A SHORT PERICD
OF TIME, TYPICALLY 1 70 2 HOURS EVERY 24 HOURS. CONTINUOUS PROCESSES.,
'ON THE OTHER HAND, HAVE CLOSED FEED SYSTEMS AND DO NOT HAVE AN EMISSIONS
RATE FOR REACTOR LOADING OPERATIONS AS GREAT AS THE BATCH PROCESSES.
APPLICATION OF THESE DATA FOR BATCH PLANTS TO CONTINUOUS UNITS HAS RESULTED
IN AN OVERESTIMATION OF THE REACTOR FEED EMISSIONS FACTOR. ALSO, SINCE
THESE EMISSIONS ARE ASSOCIATED WITH THE TRANSFER OF FEEDSTOCKS FROM
STORAGE FACILITIES, THEY ARE TRULY STORAGE AND FUGITIVE LOSS EMISSIONS AND
SHOULD NOT BE SUBJECT TO CONTROL UNDER A CTG For PrOGESS EMISSIONS,

THE EMISSIONS FACTORS FOR THE VACUUM SYSTEM VENTS FROM POLYSTYRENE
MANUFACTURE ARE ALSO QUESTIONABLE, T APPEARS FROM THE MAGNITUDE OF
THE NUMBERS THAT THESE FACTORS ARE BASED UPON VENTS FROM STEAM EDUCTOR-V
TYPE VACUUM sysTems, HiGH FEEDSTOCK COSTS HAVE RESULTED IN MANY MAJOR
PLANTS SWITCHING TO VACUUM PUMPS FOR GENERATING PROCESS vacuuM, In
THESE PLANTS, OVERHEAD FROM THE DEVOLATILIZER AND THE STYRENE RECOVERY |
SECTION ARE CONDENSED FOR RECOVERY RESULTING IN LOWER EMISSIONS FACTORS
FOR THE VACUUM SYSTEM, "

THERE IS ALSO ONE GENERAL PROBLEM WITH APPLYING THE MODEL PLANT
CONCEPT TO THE POLvmsRs/Resst INDUSTRY, MOST POLYMERS/RESINS PLANTS

CAN MANUFACTURE SEVERAL PRODUCTS WHICH COVER A BROAD RANGE OF MOLECULAR
WEIGHTS. PROCESS OPERATING CONDITIONS AND; THEREFORE, EMISSIONS CAN BE
EXPECTED TO VARY FROM ONE PRODUCT TO ANOTHER., THE MOST APPROPRIATE
EMISSIONS FAC?ORS WOULD CONSIST OF RAMGES, SO THAT PRODUCT/PROCESS
VARIATIONS COULD BE ACCOUNTED FOR. ,
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IN sumMARY, THE AGENCY, BY RELYING UPON AN INNACCURATE
REPRESENTATION OF THE INDUSTRY, HAS DEVELOPED QUESTIONABLE MODEL PLANT
CONFIGURATIONS FROM WHICH UNCONTROLLED EMISSIONS FACTORS WERE OBTAINED.
As A RESULT, THE EMISSIONS FROM THE INDUSTRY HAVE BEEN OVERSTATED AND

THE ACTUAL EMISSIONS REDUCTIONS THAT WILL BE OBTAINED av IMPLEMENTING
THE CTG WILL_MOST LIKELY BE MUCH SMALLER.

II1. Lack oF FLEXIBILITY FOR THE STATES IN IMPLEMENTING

RACT,

THe CLEAN AIR AcT Rsauxnss THAT STATE IMPLEMENTATION PLANS FOR
NONATTAINMENT AREAS MUST INCLUDE RACT REQUIREMENTS FOR STATIONARY
SOURCES, EPA WAs PERMITTED STATES To DEFER THE ADDITION OF RACT -
REGULATIONS UNTIL AFTER THE AENCY Has nsvs;open CTG S FOR INDIVIPUAL o
SOURCE CATEGORIES. THE CTG’s ARE T0 PROVIDE STATE AND LOCAL AIR
POLLUTION CONTROL AGENCIES WITH AN INFORMATION BASE FROM WHICH THEY ;@J N
MAY DEVELOP SPECIFIC RACT REQUIREMENTS. THE CTG FOR POLYMERS/RESINS m ,
MANDATES COMBUSTION OF THE Enxssxous AT THE 98 PFRCENT LEVEL AND ARGUESMWWM

THAT THERMAL INCINERATION IS THE ONLY FEASIBLE APPROACH TO EMISSIONS
CONTROL. THIS APPROACH SEVERELY CONSTRAINS THE STATE S ABILITY TO

' SELECT THE MOST COST-EFFECTIVE CONTROL STRATEGIE FOR STATXONARY -
SOURCES UNDER THEIR JURISDICTION. H - L
IT 1s CMA’s POSITION THAT IF A CTG 1s NEEDED FOR A SPECIFIC
SOURCE CATEGORY, IT SHOULD BE DEVELOPED CONSISTENT w:rn THE GOALS
AND REQUIREMENTS OF THE CLEAN AIR AcT. As SucH, THE CTG MusT BE ABLE
TO nescaxsa FOR THE STATES THE APPROPRIATE RACT TECHNOLOGIES APPLICABLWM
UNDER A VARIETY OF SPECIFIC CIRCUMSTANCES WITHOUT DICTATING TO THE
STATES HOW TO CONTROL SOURCES UNDER THEIR JURISDICTION. THE CTG SHOULD‘
PROVIDE AN ACCURATE DESCRIPTION OF THE INDUSTRY, 178 messzous AND THE'
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TECHNOLOGIES CURRENTLY IN PLACE TO CONTROL THESE EMISSIONS, From. THIS |
BACKGROUND THE (TG sHouLD DEScRiBE THE RACT’S APPROPRIATE FOR THE

- SOURCES AFFECTED., OVERALL GUIDANCE SHOULD BE GIVEN TO THE STATES IN
INTERPRETING HOW SOURCES MIGHT BE AFFECTED BY THE CTG, BUT THE STATES
MUST HAVE ULTIMATE CONTROL OF HOW, AND IF, THEY WILL IMPLEMENT THE CTG
TO SOLVE THEIR SPECIFIC PROBLEMS. THE cURRENT CTG DOES NOT FULFILL
'THESE OBJECTIVES.

As CHAPTER IV oF THE PRELIMINARY DRAFT CTG staTes, RACT FOR ,
THESE SOURCES HAS BEEN DEFINED AS 98 PERCENT CONTROL OF PROCESS VOLATILE
ORGANIC COMPOUND (VOC) EMISSIONS WITH INCINERATION SERVING AS
THE MODEL CONTROL TECHNIQUE. THIS DEFINED LEVEL OF CONTROL FOR RACT
IS EQUIVALENT TO THE LEVEL OF EMISSIONS CAPTURE OR REDUCTION NORMALLY
DEFINED FOR LOWEST AcHIEVABLE EMISsion RATE (LAER). INCINERATION |
1S NOT GENERALLY EMPLOYED BY THE INDUSTRY FOR THE CONTROL OF CONTINUOUS
PROCESS VOC EMISSIONS IN THE POLYMERS/RESINS INDUSTRY, -FLARES, HOWEVER,
ARE THE MOST WIDELY USED CONTROL TECHNIQUE FOR BOTH CONTINUOUS AND
INTERMITTENT snxssxows IN THE POLYMERS/RESINS INDUSTRY. On THIS BASIS,
THE SELECTION OF INCINERATION FOR THE RACT STRATEGY IS INCONSISTENT
WITH THE GENERALLY ACCEPTED DEFINITION oF RACT,

EPA’s ARGUMENT FOR EXCLUDING BOILERS AS RACT 1s INCONSISTENT WITH
ITS ARGUMENT FOR SELECTING INCINERATORS., WE AGREE wiTH EPA THAT BOILERS
AND OTHER ENCLOSED COMBUSTION DEVICES -(INCLUDING INCINERATORS) ARE NOT
APPROPRIATE CONTROL DEVICES FOR INTERMITTENT STREAMS, SAFE, EFFICIENT
OPERATION OF THESE DEVICES REQUIRES THAT THEY BE SIZED TO HANDLE CONTINUOUS
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STREAMS WITH RELATIVELY STABLE FLON RATES. B
LARGE VOLUME STREAMS SUCH AS EMERGENCY RELEASES FROM REACTOR nEconPosrT NS
IN POLYOLEFINS PLANTS SHOULD BE CONTROLLED WITH FLARES. _IN SELECTING
RACT, HoweverR, EPA JUSTIFIED INCINERATION BY EXCLUDING INTERMITTENT
RELEASES FROM CONTROL, ON THIS BASIS, EPA’S ARGUMENT FOR EXCLUDING
BOILERS FRoM RACT, EVEN THOUGH THEY HAVE BEEN USED BY INDUSTRY FOR THE
CONTROL OF CONTINUOUS EMISSIONS, CANNOT BE SUPPORTED.‘ | B

'OTHER NONCOMBUSTION TECHNIQUES SUCH AS ABSORPTION, ADSORPTION R
AND CONDENSATION MAY ALSO PROVIDE, HIGH VOC CAPTURE EFFICIENCIES A%
LOWER COSTS THAN INCINERATION, FOR THESE SOURCES THE DEFINITION OF
RACT SHOULD BE FLEXIBLE ENOUGH TO PERMIT INDUSTRY To”ésLscT THE MOSTWtWﬂ

COST-EFFECTIVE MEANS OF CONTROL,
v, LLABES-A&-EQHI!ALENI_BACI

THE DOCUMENT 1S INTERNALLY INCONSISTENT IN ITS
JUSTIFICATION TO EXCLUDE FLARES AS ACCEPTABLE RACT TECHNOLOGY, fne o
DOCUMENT’S ENVIRONMENTAL ANALYSIS OF RACT STATES sxncs FLARES WERE ‘ m‘ B
CONSIDERED AN ACCEPTABLE CONTROL METHOD ONLY FOR' INTERMITTENT STREAMS,
FLARES HAVE NO ROLE IN THESE RACT RECOMMENDATIONS.‘” HOWEVER, IN THE
DESCRIPTION OF EMISSION CONTROL TECHNIQUES THE DOCUMENT STATES ELEVATED N
FLARES HAVE A WIDE CAPACITY RANGE AND ARE CAPARLE OF Al Es
IN EFFLUENT ELOW RATES AND CONCENTRATIONS THAT ARE FOUND IN THE $0LYMER
INDUSTRY.” CMA CONTENDS THAT A PROPERLY DESIGNED FLARE SYSTEM CAN
HANDLE BOTH INTERMITTENT AND SMALL CONTINUOUS STREAMS, AND PART AF THIS
DOCUMENT AGREES WITH OUR cou?surzou. N FACT, FLARES ARE THE ONLY ff””ff
CONTROL TECHNOLOGY DESCRIBED IN THIS DOCUMENT WHICH CAN HANDLE BOTH‘T§PES M
OF STREAMS. j N
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THERE ARE A NUMBER OF ENGINEERING PRACTICES CURRENTLY IN USE

WITHIN INDUSTRY TO DEAL WITH FLARING LOW FLOW CONTINUOUS EMISSIONS., ONE
SUCH SYSTEM INVOLVES THE USE OF STAGED ELEVATED FLARE SYSTEMS WHERE A
SMALL DIAMETER FLARE 1S OPERATED IN TANDEM WITH A LARGE DIAMETER FLARE.
THE SYSTEM IS DESIGNED SUCH THAT THE SMALL FLARE TAKES THE CONTINUOUS
LOW FLOW RELEASES AND THE LARGER FLARE ACCEPTS EMERGENCY RELEASES. A
SECOND SYSTEM INVOLVES THE USE OF A SEPARATE CONVEYANCE LINE TO THE
FLARE TIP FOR CONTINUOUS LOW VOLUME, LOW PRESSURE RELEASES, A THIRD
SYSTEM, SOMETIMES USED IN CONJUNCTION WITH EITHER OF THE ABOVE SYSTEMS,
INVOLVES THE USE OF CONTINUOUS FLARE GAS RECOVERY, IN THE LATTER SYSTEM -
‘A COMPRESSOR IS USED TO RECOVER THE CONTINOUOUSLY GENERATED FLARE GAS

“BASE LOAD."” THE COMPRESSOR 1S SIZED TO HANDLE THE "BASE LOAD" AND ANY
EXCESS GAS IS FLARED, K

A DISADVANTAGE LISTED IN THE CTG FOR FLARE SYSTEMS IS THE ..

POSSIBILITY OF DUCT FIRES FROM MANIFOLDING VENT STREAMS, OBvIOUSLY,
THIS 1S A DISADVANTAGE COMMON TO ALL THE DESCRIBED CONTROL

TECHNOLOGIES, INCLUDING THE PREFERRED RACT ALTERNATIVE, INCINERATION.
' FLARE SYSTEMS HAVE BEEN RECOGNIZED THROUGHOUT THE POLYMER INDUSTRY
AS SAFE, COST-EFFECTIVE CONTROL TECHNOLOGIES WHICH CAN ACHIEVE OR
APPROACH THE SAME DEGREE OF VO( DESTRUCTION AS OTHER INCINERATION
DEVICES, THE MOST DEFINITIVE DATA AVAILABLE ON FLARING EFFICIENCIES
ARE CONTAINED IN THE GERMAN FLARE STUSY Bv SIEGEL. THE RESULTS OF THE
GERMAN FLARE STUDY REPRESENT A YEAR'S WORTH OF TEST DATA ON FLARES WHICH
CONSISTED OF ROUGHLY 1,300 TEST SAMPLES. THE TESTS WERE PZRFORMED AT
42 DIFFERENT MASS RATES, 23 DIFFERENT FLARE GAS DENSITIES AND 114 steam/
GAS RATIOS. CONVERSION EFFICIENCY WAS FOUND TO BE INDEPENDENT OF MASS
#;ow, WIND SPEED OR GAS COMPOSITION FOR THE REFINERY GAS STUDIED. Or
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THE 1,300 TESTS ONLY FOUR WERE LESS THAN 99 PERCENT EFFICIENT. THE
LOWEST VALUE (96 PERCENT) WAS OBTAINED BY QUENCHING THE FLAME uuﬁsa
counzrxous OF lO‘TIMES NORMAL sngM BATE.M INALLCASES THE MEAS%RED‘
EFFICIENCY WAS GREATER THAN 95 PERCENT. o
BATTELLE MEMORIAL LABORATORIES HAS connugysn A STUDY FOR EPA TO -
DEMONSTRATE MEASURING TECHNIQUES FOR uss AT FLAR;hTDwERS.H THE STUﬁY ‘{Tw“w
WAS CONDUCTED OVER A THREE-DAY PERIOD uszus A JOHN‘Z;NC FACILITY FLARING *N
PROPANE. ALTHOUGH THE TEST HAS LONG ssau COMPLETED, THE BATTELLE STUDY N
HAS NOT BEEN MADE AVAILABLE (EVEN IN DRAFT FORM) FOR PUBLIC REVIEW AND P(”f
COHMENT. We HAVE LEARNED; nowsvsn, THAT (ALTHOUGH;NOT A SPECIFIC .
OBJECTIVE oF THE STUDY) DATA EXIST DEMONSTRATING THAJ‘THE FLARE SYSTEM o
WAS ABLE TO ACHIEVE A DESTRUCTION EFFICIENCY OF GREATER THAN 95 PERCENT:
" EVEN WITH A SMOKING FLARE. CMA CONTENDS THAT THE CTG‘sHOULn NOT BE N
‘ISSUED IN FINAL FORM UNTIL THE RESULTS oF THxs‘s Y CAN BE ’
EVALUATED, j o | |
IN ORDER FOR EPA TO BE CONSISTENT waH TH P;RIT,‘IF NOT THE N
EXPRESS LANGUAGE OF THE RECENTLY ISSUED EXECUITVE ORDER No. 12291 ‘u o
(FEBRUARY 17, 1981), EPA 1s UNDER AN AFFIRMATIVE DUTY TG, ALLOW TWOSE
CONTROL OPTIONS THAT DATA DEMONSTRATE WILL ACHIEVE THE ENVIRONMENTAL i
OBJECTIVES OF THE REGULATION, BUT AT A LOWER cosr TO INDUSTgy, IN THIS L
REGARD, THE AGENCY SHOULD NOT PRECLUDE SUCH TECHNICALLY souug AND COSTwmeM
EFFECTIVE CONTROL TECHNIQUES; UNLESS THE Aeancy 1557A3L15Hgs AN
ADMINISTRATIVE RECORD THAT CLEARLY DOCUMENTS THE COST"EFFECTIVEI

CONTROL TECHNIQUES WILL OFFSET A SIGNIFICANT ENVIRONMENTAL BENEFIT THA"" |
COULD OTHERWISE RESULT.

o y
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CMA’S CONCERN IS THAT THE INCINERATOR DATA USED IN SUPPORT OF
THE CTG ARE OUTDATED, INACCURATE AND INCONSISTENT WITH THE INCINERATOR
COST INFORMATION PREPARED FOR THE AIR OXIDATION CTG anp New Source
PERFORMANCE (NSPS) activities., THe citep REFERENCE FOR"}HE POLYMERS/
Resins CT6 INCINERATOR COST ESTIMATES IS A REPORT PREPARED FOR EPA BY
GArRD, INc., 1N Decemmer 1978, THE COSTS IN THIS REPORT HAVE BEEN UPDATED
TO DecemBer 1977 By Garp, Inc. BUT THE PRIMARY SOURCES FOR BOTH DESIGN
AND COST INFORMATION IN THE GARD REPORT DATE BACK To 1972, In ATTEMPTING
TO ACCOUNT FOR INFLATIONARY EFFECTS, EPA HAS USED INDUSTRY ACCEPTED
INFLATION FACTORS: TO UPDATE THE COSTS To June 1980. THe Acency SHOULD
RELY ON.MORE RECENT COST INFORMATION WHEN IT IS AVAILABLE RATHER THAN
ATTEMPT TO RELY UPON COST DATA ESCALATED OVER A NINE YEAR INTERVAL.
THESE MORE RECENT COST DATA WERE DEVELOPED ForR EPA By annosc:sxcs
AS PART OF THE AIR oxanTxon CTG/NSPS eFrorT. THE INFORMATION IN. THE
GARD REPORT ALSO DOES NOT INDICATE HOW MANY INCINERATOR COST DATA
POINTS WERE USED TO DEVELOP THE COST CURVES. FROM THE SHAPE OF THE
CURVES IT COULD BE ASSUMED THAT THEY WERE EXTRAPOLATED FROM ONE OR
Two POINTS BY THE USE OF SCALING FACTORS.

BOTH THE INCINERATOR DESIGN AND COST INFORMATION FROM THE BARD
REPORT‘ARE INCONSISTENT WITH THE INFORMATION GENERATED BY HYDROSCIENCE
FOR THE AIR OXIDATION REGULATIONS. 1HIS {NCONSISTENCY EXISTS DESPITE
THE SIMILARITIES IN THE APPLICATION OF INCINERATOR TECHNOLOGY FOR
CONTROL OF VOC’S FROM POLYMERS/RESINS AND AIR OXIDATION UWNITS, THE
POLYMERS/RESINS CTG USES AS A BASIS, THERMAL INCINERATION AT 1500° F

AN INCINERATOR HAVING A 0, 5 SECOND RESIDENCE TIME. THE AIR OXIDATIdN
B-29 |
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CTG PROPOSED INCINERATING GASES OF SIMILAR HEAT AND VOC CONTENT AT o
1600° F IN AN INCINERATOR WITH A 0.75 To 1.0 SECOND RESIDENCE TMe, IN
GENERAL, THE MORE CONSERVATIVE CRITERIA IN THE AIR OXIDATION CTG NILL
ASSUME COMPLETE COMBUSTION OF ORGANICS AND NILL RESULT IN AMORE
EXPENSIVE INCINERATOR HAVING HIGHER SUPPLEMENTAL FUEL‘REQUIREMENTS. W”f* B
PUT ANOTHER WAY, IF THE SIZING AND OPERATING CRITERIA FOR THE INCINERATORW‘
FOR AIR OXIDATION CHEMICALS ARE CORRECT, THEN THE DESIGN CRITERIA D
COST ESTIMATES FOR INCINERATION IN THE POLYMERS/RESINS CTG ARE TOO LOW.,
A SIMPLE COMPARISON OF TOTAL ANNUALIZED COST ESTIMATES INDICATES THAT -
THE GARD REPORT WILL PREDICT INCINERATOR CosTS THAT ARE on THE AVERAGE
25 PERCENT TO 35 PERCENT LOWER THAN THE COSTS OF THOSE PREDICTED BY THE
HYDROSCIENCE DATA BASE. MWE BELIEVE THE HYDROSCIENCE COST DATA ARE uoag‘w“_
REPRESENTATIVE CF INDUSTRY EXPERIENCE AND SHOULD BE USED As THE %ASIS‘4
FOR DETERMINING THE COST EFFECTIVENESS OF THIS C‘G: o

"IN sumMARY, CMA HAS IDENTIFIED SEVERAL KEY DEFICIENCIES WITH
THE PRELIMINARY DRAFT CT6 WHICH ADVERSELY AFFECT THE UTILITY OF THE
CTG- TO THE STATES, AND INCORRECTLY ESTIMATE THE BENEFITS THAT WILL
ACCRUE FROM ITS IMPLEMENTATION, CMA BELIEVES THAT A MORE REALISTIC
ASSESSMENT OF THE INDUSTRY, ITS EMISSIONS AND THE CONTROL TECHNOLOGY
IN PLACE CAN BE USED TO DEVELOP A  CTG WHICH WILL DEFINE COST-EFFECTIVE
'RACT STRATEGIES THAT ARE WORKABLE FOR INDUSTRY, WHILE MEETING THE
NEEDS OF THE STATES IN BRINGING NONATTAINMENT AREAS INTO CDMPLIAACE.

CMA 1S GRATEFUL FOR HAVING HAD THE OPPORTUNITY TO ADDRESS*THE -
COMMITTEE TODAY. . OUR WORK GROUP WILL REMAIN AVAILABLE TO WORK WITH
EPA 1 nsvanopxus A REASONABLE, COST-EFFECTIVE CTG FOR THE POLYMERS/ o
RESINS INDUSTRY, THIS CONCLUDES MY FORMAL STAT MENT. T WILL ATTEMPT

T0 ANSNER ANY QUESTIONS YOU MAY HAVE CDNCERNING MY PRESENTATION.
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‘@ult @8 Chomicals Company

. . P. ©. Box 3766
June 2;, 1982 | mouston.TX 77001

Mr. Jack R. Farmer, Chief
- Chemicals and Petroleum Branch A , :
' Emission Standards and Engineering Division (MD13) T
- Environmental Protection Agency . :

Research Triangle Park
North Carolina 27711

Dear yr. Farmer:

 EPA published the "Control of Volatile Organic Compound Emissions from the
Mmanufacture of High-Density Polyethylene, Polypropylene, Polystyrene Resins" and -
- requested comments. Our cominents below are directed at the high-density
. polyethylene and polypropylene manufacturing sections: o L

1.7 A'RACT of 98 weight percent reduction in VOC emissions
.. from continuous vent streams is based on biased data irom L
-, unrelated sources, . T R :

_ ~Page 3-6, paragraph two states". . . that 98 percent destruction -
efficiency is sometimes achievable ', . "s page 4-1, paragraph four ™
- states thermal and catalytic incinerators or boilers and process heaters: .
. *"...can achieve 98 percent VOC destruction efficiency .. .", and page 5-
7 ..10 paragraph four states ", .. 98 percent efficiency for incinerator was
. -assumed (for the model plant) . . .". A 98 percent efficiency can
~_probably be achieved, but to maintain this efiiciency on a continuous or
 average basis has not been .supported by datz in this document. -

" "~ The supporting data-in Appencix A is based on incineration tests.
‘on waste ‘vent streams from an oxidative butadiene unit, maleic
anhydride units, an acrylonitrile unit, acrylic acid units, and lab-scale -
tests. The organic compounds and concentrations in the plant scale
tests are different than those found in units subject to this guideline
document and -as stated on page A-2Z the VOC reduction efificiency
_achieved is unique for each VOC compound. Again in the lab-scale
. tests, real world efficiencies are not comparable as stated on page A-2«

due -to excellent mixing in laboratery equipment resulting in high
reported eifficiencies. - ‘

" The achievement and maintenance of a 98 percent destruction
" efficiency are further questionable as Petro-Tex spent $2.5 million on
an incinerator which achieved seventy percent efficiency. Only after
thousands of dollars in improvements, was a greater 'than 98 percen:
-efficiency achieved. The Rohm and Hazs tests were made only when
the production unit was "operating smoothly and the combustion
temperaturé was at a steady state", '

Gulf : 8-3]
. " 2 WousTow Cawtes .
: ‘ ‘ 712) 754,200
A DIVISION GF GULF O1L CORPORATION 909 Fannin STocrY Teeernong: (712) 754.2C




The use of data from the CTG for air oxidation processes is not
adequate as a basis for RACT in this guideline document, and 98
percent control efficiency is not  achievable on a continuous . and
average basis.

2. Dlscussmn throughout the document mfers only 1nc1nerators

and boilers can achieve RACT.

There was only one reference to the use of process heaters and
one reference to the use of refrigerated condensers as possible methods
to achieve RACT. In the reference to condensers, the efficiency was
questioned. There was no reference to the processing of vent streams
by other units operated at the site or by neighboring units, nor was
inere reference tc combinations of control techniques such as the use
oi refrigerziea concensers foliowed by flare comoustion. Tne

relteration oI trermie. incineration suggests z specific conirol method

anc tne autnority to soec-rv controi methods 15 quesucmable.

3. The documentation of flare efficiency is_not complete,
disregards or simplifies efficiencv data, and makes
inaccurase St:—.temem .0 ilare =sxgr\ zne cmera.xons. o

Page u—l states flare eﬁxcxency ", . . cannot be quantlixeo in
zbsence of adequate test data . . .", yet four flare studies were
reviewed with one study containing 1298 test measurements. A portion
of this data was dlsregarded because the flared vent gas was from a
petroleumn industry. A petroleum industry vent gas is more variable in
composition which makes design more difficult and is more susceptible
10 efficiency problems than a plasncs mdustry flare. ‘

Tne cescnptxon of a polymer plant flare on pag<= 3-18 states, "The
flares are mainly used to handle emergency blowdowns which requires
the control device to handle large volumes of gases with variable
compositions.” This is true for high pressure processes, but not for low
pressure, liquia pnase hxgn-densny polyetnvlene and polypropylene
manufacture. On page 3-12 good combustion design for flares is
questioned aque 1o lack of "completely well-defined" measurement
methods. Agency or society approved methods give reliability to
measurement metnods, but the lack of these methods should not detract
irom tne evaluation of combustion design or the merit of the flare

iiiciency cata. The shrase on page 5-18 in reference tc ilares stating,
". . . variations in flow and heat content of the waste stream coul
extinguish the flame . . ."is co-npletel\ false as flares are oe51gnec
with continuous pilet ilames. A continuous pildt flame is essential to
ensure safe conuitions.

‘ T ‘ )
L, C05t cal..-.anom for rhermal mcmerator nstaliztion-need

corrections and cost ;usnucamon of retro:'t is incomplete.

On page 5-5 the escalanon mdex needs updaung,‘ the operanng“

labor cost of $11.1G/hr (including overhead) is incorrect and should be
Si9.:0/hr (mcludmg overhead and benefits), and the interest rate of 10

percent should be updzted to the 18-20 percent range. The cosf
upstream oi 1'ne

analyses dic nct inciuge the cost Q.L a filter svsLer“
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. incinerator which is' necessary to remove polymers and entrained
liquids. - Page 5-11 and 5-13 did not contain operating labor,
maintenance " labor, and electricity costs for the ' reciprocating
compressor nor maintenance labor costs for manifolding. .

In order to assess the reasonableness of retrofit (page 5-18), a
flare efficiency of 90 percent was used without justification, and the
‘“incremental cost effectiveness on page 5-19 ‘considéréd” only the
. annualized cost of the incinerator in the calculations when annualized
. cost of the incinerator plus the manifold, plus a filter systemm,-plus the- -

* ... compressor should have been considered.

PR UREE IR

: If you have any questions, please acdress them to Ms. J. F. Dey at 713-754- " . .
4709 or to M. R. Vyvial at 713-420-4296. S e

: . 7; R, Strausser - -

CIRS/USTL.




Polysar Incorporated

Resins Division

Process Development & Engineering Group
29 Main Street. P.O. Box 116, Leominster, Mass. 01453

Telephone (61 7 537~9901 “
Telex 710 347»1924 ’

T July- 19, 1982

Mr. Jack R. Farmer, Chief
Chemicals and Petroleum Branch'™ ‘
Emission Standards and Engineering Division =

United States Enxlronmental Protection Agency

Office of Air Quality Planning and Standards

Research Trlangle Park \C 27/11 '

a
L

Dear Slr' W“"

. This letter is wrltten in response to the Draft Control Technlque Gu1de11ne“

(CTG) dated May 19, 1982 entitled. “iControl of Volatile Organic Compound
-Emissions from the Manufacture of ngh Den51ty Polyethylene, Polypropylene
and Polystyrene Re51ns" . . . o . T

The contents’ of thls letter are 1ntended to prov1de“as$istance to the:EPA .
~in draftlng rev151ons to the exlstlng CTG ' : R N T

‘w_‘,‘

* Company Background

©ay *\,, .‘.‘
Polysar is a’ mult1nat10na1 manufacturer of rubber petrochemlcal and thermo-
plastic resins, with annual sales in 1981-of $1.3 billion. Polysar currently
operates three polystyrene manufacturing ‘facilities in the United States..
Polysar's total productlon of polystyrene, plus our operating-experience and
technology at these facilities, enables Polysar to be a 51gn1f1cant producer ‘
of Vorth American polvstvrene. ‘ - B

[
Lo
|
i

Principles of Em1551on Control for Polystyrene’

The major raw materials normally ut111 ed in the manufacture of Dolvstvrene
are styrene, ethyl bencene (processing aid in process], svnthetlc rubber
(impact mod1f1er) and a2 high boiling plast1c1-er, (mlneral 011 is commonlv
used). , ‘ . : !

nolvstvrene manufacture dlffers ‘rom the productlon of erther polvethylene
or po‘vpropvlene in the type of equipment used. One of the prime reasons
for these differences is the absence of highly: volatlle material (low b01l-
ing) in the manufacturing process.

E
Due to the absencé of low boiling hvdrocarbons in the system, condensatlon :
is used as a prime mode of recovering unused hvdrocarbon from the vapor =
stream flashed off (or stripped) from the product in the last stage of the

‘ B-34 . Coe e v | ]



Mr. Jack R. Farmer, Chief
July 19, 1982
‘Page -2-

polymer manufacturing process. The major components to condense are styrene.
and ethyl benzene. Their vapor pressures at 60°F and atmospheric pressure -
- are 3.5mms and 5.0mms respectlvely, and this low vapor pressure enables them
to be readily condensed even at low concentrations in a vapor' stream. . Con-. -
densation is -believed to be an accepted mode of control in a. maJor1tv of the o
bulk polvstyrene faczlztles in use. in the Unlted States. '

'Monomer Recoverv

: To achleve arv measure of prof1tab111.> in the. polystvrene‘lndustrv 1t is 77’.,.
very important to maximize the recovery of unused monomer.. Recovered monomer

. can normally be reused, after purlflcatlon, and must be successfully recycled
to achieve profltable results. :

Conden51ng unused monomer from the vapor phase thCh is’ generated in the

-last phase”of the process is, therefore, an absolute f1nanc1al nece551ty
to, the-successful operatlon of a polvstvrene process._*[

- . 2ot

Due to the phy51cal propertles of’mater:als used and,the type of process
"employed ‘successive coollng/condensat1on steps are used to achieve: acceptable

. results both fOr proper recovery of the unused monomer: and for enV1ronmenta1
reasons.f;.x . - St - .

Because the ‘main- 1ncent1ve for monomer recovery is flnanclal it'is: necessary S
to.install adequate ‘condensation capacity to-achieve proper. monomer’ recovery.”_.fu
The:.additional facilities required to achieve. ‘good environmental results by
condensa 1on on’v requlres a small addltﬂonal cavltal exnendl*ure.

The env*ronmental ‘control at all our ‘acllltles are based on condensatlon
“technology and satisfies the State agencies in Massachusetts, Ohio and North
Carolina. We are confident that condensation technology will enable the
emissions for polystyrene facilities to be reduced to below the recommended

RACT (Reasonably Availazble Control Teehnologv) referred to in the CTG of
0.3 kes per 1000 kgs o: orodu -

- The attached information was taken from Teports whlch were approved by the State
environmental agency in Worcester, Massachusetts, before the construction of
a new Polysar facility for polvstyrene manufacture. The technology used 1n
this faczllt) to achieve the emission control levels shown is purely based
on the condensation type technology discussed in this letter, and clearly
illustrates the ability of this technology to achieve the control required.
The data submitted is theoretical and will be further substantlated dur1ng
the initial operatlon of the new fac111tv o .

Based: on the 1nformatlon submltted with thlS letter concerning the em1551ons
of the latest Polysar facility in Leominster, Massachusetts, I believe it is
readily apparent that the use of ‘an incinerator 'is not required‘due to the
small volume of emissions actually discharged.

e

.




Mr. Jack R. Farmer, Chief
July 19, 1982 ‘ ‘
Page -3~ |

In general the installation and use of an incinerator is ‘an excessive expense
in a polystyrene facility, both for purchase and installation of the original .
equ1pment and for the operatlng costs of the installed equlpment and this
is illustrated very clearly in the financial analysis which is part of the
CTG. The operatlon of an incinerator for any polystyrene facility would '
incur a continuous purge of fuel gas to maintain the stability of the flame.
This would certainly incur a substantial use of fuel gas on an annual ba51s
and would increase the-emissions of carbon monoxide/dioxide and sulphur
compounds from the facility. Due to the nature of incinerators, their mode
of operation and the associated vapor collection systems, Polysar believes.
that an inadequately designed and conceived installation could potentlallv’
be hazardous to operate and would certainly have significant explosive risks
due to the potentlal for collectlng explos:ve hydrccarbons/alr mlxtures.

Summary o . o e " SO . . oyt

mmern———

Due to the nature of the raw materials used in the polv tvrene manufacturlng
prccess, the use of 1nc1nerators for emission contrel is not requ1red

Condensation is the control technolog\ most w1de1y used in the 1ndustry.,
This technology is used to recover un-reacted monomer (whlch is, recycled
in the process) and to control em1551ons to within accepted levels.

- T - e T

The needless installation and ‘use of an 1nc1nerator will burn fuel. gas‘and
will increase the emissions of carbon dioxide, carbon monoxide and sulfur
dioxide. ' The use of an incinerator and the associated vapor collectlon

svstem may 1nherentlv be a potentlal exp1051on haza

_ | | ‘ S L
If you have anv querles concern1ng the contents of this- letter or vou wish
to have rurther discussions on thls matter, please do not he51tate to contact
me. .

Very truly yours;

POLYSAR' INCORPORATED
RESI\S DIVISIO\

,,L___—-—~\
\_/»‘f/{// S

.,,. -...s. -

Frank J,“Mxtrano, Manager
Process Develoument and Englneerlng

LRI ]

F.IM/bb Co o
Attachment , ‘

PRE 503-2.4
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Mr. Jack R. Farmer,  Chief
July 18, 1982

- ATTACHMENT

POLYSTYRENE MANUFACTURING '
EMISSION CONTROL DATA TAKEN FROM REPORTS SUBMITTED .
TO' CENTRAL MASSACHUSETTS AIR POLLUTION CONTROL BOARD IX 1981
.( . . ] : d R .

| L CANNUAL .. 0 EMISSION-RATE -
" SOURCE _AVERAGE TEMPERATURE ' "KGS/1000 KG OF PRODUCT -

Styrene'Storage S 60°F e : 0. 0183

Rechle'Styrene Storage . 60°F . ' o 0.0060 -

’Ethyl Benzene Storage - 60 I-' T R i. 0.‘0004::'. ) AT e

Catahst \sake Up ST ar Process ;emperature ‘ B 10,0025
) F:Lrst Reactor '- - ) _'At Process _Temperature L' - '_ :__ 0;0396"‘_‘
- A‘Aaln Reactor R At Process Temperature"‘ - ' "_0..0396.,""
- Vacuum \’ent At Process Temperature’f : 0,'.0109“__‘"
I-'mlshmg Area Vent At Process Temperature:'.'.':_,." . .0.0155
L "*‘"23J§ i l;'7'1;5'T;t}-tlfjif;;r?ﬂ S 0.1328 KGS
SRR R S - - PER T000 KGS
“'OF PRODUCT
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UNITED STATES ENVIRONMENTAL PROTECTION AGENCY

OATE: April 13, 1983 Office of Air Quality Planning and Standards
Research Triangle Park, North Carolina 27711

sumJecT Telephone Conversation with Dr. Gerald Madden E.l., duPont de Nemours '
and pany, Inc. (Phone No.:(609) 299-1120) ﬁegarding the Use of Catalytic
enom: Incinerators for Existing Polymers and Resins P};u?s.‘ .
James Berry, Chief
Chemical Applications Section, CPB, ESED
To:

Polymers & Resins CTG File

SUMMARY :

Dr. Madden wanted to assure that catalytic incinerators are not
preempted from the Polymers & Resins CTG. He feels that the capital cost
of catalytic incineration is not prohibitive and welcomes an opportunity
to prove it with a comparative study if there was a case for him to bid on.
Dr. Madden has made several presentations to ESED (including one on March 12, 1981
regarding the capabilities of the DuPont Torvex Catalytic Reactor.

I said we would review the CTG and see if we felt strongly against
catalytic incineration for this application. If so, we would give him
the opportunity to disprove us. erwise, we will change the CTG to
allow catalytic incineration. .

EPA Form 13206 (Rav. 3:76) v B-38
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APPENDIX C. MAJOR ISSUES AND RESPONSES

The major issues raised in the comment letters on the May 1982
draft of the CTG document are summar1zed in th1s append1x, as we11 as
EPA's responses to the comments. (The comment 1etters themselves are M
included as Appendix B.) The major issues which are d1scussed (and |
the corresponding section of this append1x) are: the 1nc1us1on of
flares as RACT (C.1); the acceptability of" other eontro1 dev1ces, such
as condensers, catalytic incinerators, absorbers, adsorbers, and
process heaters (C.2); the str1ngency of RACT and‘98 percent VOC
reduction (C 3); the basis of the cost ana1ys1s (C 4 , and the scope

1

of the CTG regarding the 1nc1us1on of both po]ystyrene (C 5) and the fw T

high density polyethylene ]1qu1d phase solution procesc (C. 6) Minor
corrections or updates regard1ng the chemical react1on mechan1sms of 7
emissions or the status of 1ndgv1dua1 plants werebrect1f1eduw1thqut |
further comment by EPA. B } B L

. 1 o
C.1 THE INCLUSION OF FLARES AS RACT‘

l
Summary of Comments

Severa] commenters (the Texas Chemical Coune]1 - TCC, the Chem1ca1 f ”

Manufacturer's Association - CMA and Gulf 0i1 Emnca1s Co L Gu]f)

were of the opinion that f]ares should be 1nc1uded in RACT as equ1va1ent “
|

control to thermal 1nc1nerators TCC felt that f1ares shou1d be
included, especially in Tight of recent tests by Batte11e‘and John
Zink, Co. for EPA (Howes et.al., Chapter 4, Ref. 9). CMA noted the
forthcoming joint CMA/EPA flare efficiency study (us1ng the methods
developed by Battelle and John Zink, Co.) and suggested that any
language precluding the use of flares would be inappropriate espec1a11y
since they were already acceptable for the SOCMI Distillation NSPS.
Gulf remarked that the quantified flare efficiency results of four
studies were disregarded. Gulf also disagreed with several statemenfs
regarding flares in the draft CTG: (1) that po]ymer p1ant flares are

-2
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generally for large volume, variéb]e composition emergency blowdowns
(p. 3-18) ~ which Gulf stated is true for high pressure processes, but
not for low pressure liquid phase polypropylene (PP) and h1gh density
polyethylene (HDPE) production; (2) that good combustion design’ was
questioned due to lack of completely well-defined measurement

methods (p. 3-12) - Gulf felt that lack of measurement methods should
not detract from design evaluation or the merit of efficiency data;
and (3) that variations in flow and heat content of the waste stream
could extinquish the flame (p. 5-18) - Gulf was of the opinion that

- this statement was completely false since continuous pilot flames are
used for safety.

Response: ‘

On the basis of the now available results from the joint CMA/EPA

~ flare testing (McDaniel, et al., Chapter 4, Reference 11), flares have
been included as RACT capable of achieving 98 percent VOC destruction
under certain conditions. This study is the first to use the samb]fng .
and chemical analysis method developed by Battelle for EPA and is the
first to test efficiency at a variety of non-ideal conditions where
lower efficiencies had been predicted. (A11 previous tests Had used
easily combustible gases that do not tend to soot.) Although 98 percent
VOC reduction efficiency has been demonstrated only for certain prescribed
conditions of gas velocity and heat content, existing flares are
considered acceptab]e for RACT in light of the high heat content

streams (other than the product finishing streams) generally emltted

by the PP and HDPE liquid phase processes.

With regard to Gulf's comments on statements about flares in the
lCTG, it is agreed that the statement on p. 3-18 that flares are primarily
used for large, emergency releases .is true for the polymer industry in
general, but not for low pressure, PP and HDPE 1iquid phase process.

The statement on p. 3-12, however, is that the individual effects of
time, mixing, and temperature on combustion efficiency could not yet
be evaluated because measurement methods were not completely well
defined. This statement was not intended to infer that information
regarding design or efficiency was not available, but that its extent
and value was limited. The ongoing CMA/EPA tests use a method that
was developed based on the previous studies, and these ongoing tests
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are improving and expanding the data base. The remark on p. 5- 18
stated that extinguishing the flame of a flare is "conceivable" - not
1ikely. Although it is true that flares with continuous pilots will
relight momentari1y, all existing flares do not necessarily have
continuous p11ots or automatic re11ght1ng systems such as have come
into genera1 use in recent years. meen o ‘

C.2 ACCEPTABILITY OF CONDENSERS CATALYTIC INCINERATORS ABSORBERS,
AND PROCESS HEATERS AS RACT S B
Summary of Comments ‘ - S e e e 1V“u577u5“u“u

' Various commenters were of the opinion that rontro] devices other

 than thermal 1nc1nerators shou]d be 1nc1uded as R\CT Monsanto, CMA

Gulf, and Polysar commented that condensers were n re appropr1ate RACf
L

for po]ystyrene manufacture than thermal incin rs because no
highly volatile ‘material is present in polystyrene manufacturing so
that condensat1on 1s less expens1ve and a]ready 1“‘use by ‘the industry.

‘ ‘ were not ‘preempted
because DuPont feels the cost 1s compet1t1ve‘w1th herma] inctnerat1on. A
Gulf and TCC were concerned that the repeated ment1on of thermal o
incineration implied ‘that on]y ‘thermal incineration
RACT and that the States wou1d therefore, not
control methods such as condensers, process heateﬁs or combinations

1

‘ DIRUIPI SR TU
(Gu1f), or absorption or other recovery techn1ques (TCC) (The 1nc1us1on
of flares as an alternate control technique was also suggested th1s o

was accepted as
w a]ternat1ve ”

issue was discussed separately in that Tast secti n“)
Response: ' S s
While the May 1982 draft focused on thermal incinerators it was ©
not intended to give the impression that other contro1 techn1ques
except flares, which were then disallowed, would not be capable of,

and thus acceptable for, achieving 98 percent reduction. For examp]e
the May 1982 draft CTG (on p. 4-1) set an emission reduction of 98 we1ght
percent VOC for po1ypropy1ene and high- dens1ty polyethy]ene p]ants and |
an emission limit of 0.3 kg VOC/Mg po]ystyrene produced and stated

that “other control techniques such as refrigerated condensation that
can achieve the same degree of control should be considered equ1va1ent

and acceptable." The May 1982 draft also stated spec1f1ca11y that “combust1on
P
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control devices, such as thermal and catalytic incinerators or boilers
and process heaters, can achieve 98 percent VOC destruction efficiency”
required for polypropylene and high density polyethylene 1iquid-phase
processes. Therefore, the current CTG has been revised so that a]ternate
control techniques are c]ear]y defined as acceptable RACT if they

achieve the appropriate emission reductions or limits.

In addition, this final CTG document has been revised so that
alternative control techniques are discussed, cost estimates are
presented for not only thermal incinerators but also f]ares for PP and
HDPE, and condensers for PS.

C.3 STRINGENCY OF RACT
Summary of Comments

TCC, CMA, and Gulf questioned the ability of thermal incinerators
to achieve 98 percent VOC destruction on a continuous or average basis

under normal and realistic design and operating practice. Monsanto
sbecifica]]y questioned the extrapolation of its incinerator test data
from acrylonitrile to polymer production, while Gulf questioned the
applicability of test data from the CTG for air oxidation‘proCesses.
TCC agreed that 98 percent VOC reduction was achievable in all new,
well designed and well operated incinerators, but believed RACT should
be based upon "demonstrated levels in equipment that operates pretty .
much as designed without elaborate post installation modifications to
fine-tune it to maximum (efficiency) levels." TCC also felt that
thermal incinerator efficiency should be discounted to more realistic
levels sihce flare efficiency was discounted. CMA was of the opinion
that 98 percent reduction was more appropriate for LAER than RACT and
was not consistent with other VOC emission Timits under development.

Response

The quest1ons regarding the stringency of RACT and the capab111ty
of thermal incinerators to realistically achieve 98 percent VOC destruction
probably have become superfluous since flares have been accepted as
capable of achieving equivalent destruction and they have lower cost
so that flares are likely to be used to satisfy RACT, where needed.

However, the state of the art supports that new incinerators can
achieve 98 percent reduction if properly designed and operated, as TCC
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has acknowledged after discussion with vendors. A1so, Petro-tex
increased the efficiency of contro111ng emissions from its Oxo Butadiene
process from 70 percent to over 98 percent through relatively low cost
(in compar1son to total cap1ta1 cost) mod1f1cat1ons ‘that improved |
mixing. Although the air oxidation process em1ss1on test data are of
value in assessing incineration capabilities in general, it is true ‘
that they do involve other chemicals and processes, some of which,
however, would be expected to be more, not 1ess, difficult to contro1 )
Since the May 1982 draft was pub11shed final results became available =
for EPA emissions testing at a po]ypropy]ene facw 1ty. The results of
this study program showed VOC destruction eff1c1enc1es of mixtures of
gaseous, liquid, and solid wastes greater than 99.7 percent “for
temperatures of 1,600°F and greater and 1.5 seconds residence time.
Therefore, 98 percent should be readily attainable for 0.75 secondS'

1

residence time since kinetic studies show that residence time is
beyond 0 5 to 0.75 sec is not a determ1n1ng factor of reduction eff1c1ency
(see p. D36). S ‘

In order to ensure that RACT is readily achievabie at a reasonable
cost, and to avoid giving a compet1t1ve disadvantage to already we]]-

controlled facilities (another concern of the TiC), ex1st1ng 1nc1nerators

and flares will be considered to achieve RACT w1thout the need for
mod1f1cat10n or rep1acement. Also, 1n order to prevent a potent1a1
safety hazard (from combusting high-oxygen content streams) ‘and a.;j
potentially unreasonable cost effectiveness, RACT for product f1n1sh1ng
and product storage operations was changed from 98 percent to 0.35 kg
VOC/Mg product from the extruder on in the manufacturing process

(e.g., pel]et1z1ng and product storage).

Regarding CMA's comment that RACT is not consistent with the
other VOC regulations under development: RACT is not more str1ngent
than the NSPS for PP liquid phase and HDPE 1iquid phase slurry. The
only difference with the SOCMI Distillation NSPS, besides the SOCMI
Distillation NSPS's anticipation of the joint CMA/EPA flare test1ng
results is the use of a total resource effectiveness (TRE) index. The
SOCMI Air Oxidation CTG also employs a TRE 1ndex and exempted streams
already controlied by a thermal 1nc1nerator. The Polymers and Res1ns
CTG allows States to decide whether to require testing and subsequent
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modification or replacement, based on a case-by-case analysis of cost
effectiveness.

C.4 BASIS OF COST ANALYSIS
C.4.1 Origin of Costs (GARD vs Enviroscience)

CMA believes that the incinerator cost data used in preparing the

Polymers and Resin CTG are "outdated, inaccurate, and inconsistent

with the incinerator cost information prepared for the Air Oxidation
CTG and New Source Performance (NSPS) activities." Further, they
state that these Polymers and Resins CTG cost data, which were obtained
from the GARD report,* have been escalated over a 9-year period (from
1972), that the GARD report does not indicate how many data points
~were used to develop the incinerator cost curves, and that the GARD
incinerator design basis (1,500°F combustion temperature and 0.5 second
residence time) differs from the Air Oxidation CTG basis (1,600°F and
0.75 to 1.0 seconds). Also, CMA notes that the GARD report predicts
annualized costs that are 25 to 35 percent lower than those prepared
from the Enviroscience data. Finally, CMA believes "... the Hydroscience
(now Environscience) cost data** are more representative of industry
experience and should be used as the basis for determining the cost
effectiveness of th1s cTG."

Resgonse

Because flares, not incinerators, will likely be the control
‘technology employed to meet the CTG emission limits, the CMA comment
-is effectively academic. Nonetheless, we feel it necessary to respond
to certain statements CMA made concerning the quality of the GARD
data. ‘

| First of all, we disagree with CMA that the Hydroscience

(Envirbscience) costs are "more representative" than_the GARD data.

In actuality, the GARD incinerator costs generally compare well with

*"Capital and Operating Costs of Selected Air Pollution Control Systems."
R.B. Neverill, GARD, Inc., Niles, I1linois. EPA Report 450/5-80-002.
December 1978,

**"Organic Chemical Manufacturing Volume 4: Combust1on Devices."
IT Environscience, Knoxville, Tennessee. EPA Report-450/3-80-026.
December 1980.




the Enviroscience costs. For example, based‘oh themebmbustﬁen ehémbeh
volume, the GARD purchase cost for a thermal incinerator to control
one set of vent streams in the CTG is approx1mate1y $65 OOO The
Enviroscience cost for an incinerator of the same size is approx1mate1y
$54,000. (Both costs are in dJune 1980 dollars.) Thus, the GARD cost
is 20 percent higher. Most of this difference is due to the fact that
the GARD cost includes a low- pressure fan, while the Enviroscience
cost just includes the combustion chamber. Even so, the differences
are small when compared to the nominal accuracy of the CTG and NSPS
est1mates ( 30 percent). From this, one can con<1ude that the two
sets of costs are essentially equivalent. Sy R
CMA makes additional statements regarding the accuracy of the
GARD data. Our responses to these points follow:
1. Although some older references were used 1n prepar1ng the
text for the incinerator section of thP report,‘the costs 1n -
'GARD are not "nine years old." In fact, ‘most of the data o
‘were obtained from a 1976 EPA report prepared by an 1nc1nerator

vendor.* Add1t1ona1 data were taken from qLotat1ons for
incinerators jnstalled at GARD's affiliated corporation,
GATX Terminals. In any case, more than 20 data points were

used to prepare the curves. They were
from one or two po1nts by the use of s

ot ". . . . extrapo]ated "

1ing factors; as

CMA alleges. Moreover, the Enviroscienceé costs are not that B
" much newer than the GARD, s1nce the former are in "December
1979 dollars, while the latter reflect December 1977 data.‘” ‘““ R
(Indeed, if CMA has any more current ‘information -- 1982
costs, for instance--we would Took forward to seeing it. )
2. CMA provides no documentation for the 25 to 35 percent
difference between the GARD and Env1rosc1ence annualized

o o o

costs. Nonethe]ess, these d1fferen€es approx1mate the

+30 percent accuracy range for these est1mates.‘ Further,y‘
given the wide variation in the factors for the operat1ng )
and maintenance costs and capital charges, these d1fferences

|

|

*UReport of Fuel Requirements, Capital Cost, and Operating Expense for
Catalytic and Thermal Afterburners," CE- A1r Preheater/Industrial Gas
Institute, Stamford, Conn. EPA Report 450/3-76-031, September 1976.

|
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represent excellent agreement for such "study" estimates.

- Because these cost factors vary so widely, it is more meaningful
to compare the purchased or installed capital costs than the
annualized.

3. The differences between the Polymers and Resins and Air
Oxidation CTG design parameters are relatively small and
impact the purchase costs only about 20 percent. (See'
Appendix B of Air Oxidation CTG and Appendix E of this CTG.)
Moreover, the Enviroscience report "Control Devicé Evaluation
for Thermal Oxidizers" (December 1979) states that a VOC
control efficiency of 98 percent or greater is achievable
with a 1,500°F combustion temperature, the basis for the
GARD costs. Thus, it is 11ke1y, although less certa1n than
for 1600°F, that the GARD incinerator can also meet the
. 98 percent emission reduction alternative listed in the CTG.
To summarize: The GARD and Enviroscience thermal incinerator
costs can both meet the costing requirements of the CTG The d1fferences
between the two sets of costs fall within the accuracy Timits of the
CTG estimates. Further, the GARD data are as current and as well-founded
as the Enviroscience costs. Because of this, it makes little technical
difference which costs are used in the document; In deference to CMA,
thermal incinerator costs in this version of the CTG are based on
Enviroscience. ' N
C.4.2. Cost Effectiveness Calculations
TCC noted that existing control levels for eight HDPE slurry and
solution process plants varied from - 696 percent (a]ready meeting
RACT) to +92 percent of the uncontrolled emission rate for the model
plants. TCC, therefore, questioned the validity of the cost effectiveness
analyses, especially if the 98 percent reduction were based on.uhcontro11ed
model plant levels. Similarly, Monsanto was concerned that the cost
effectiveness of RACT for polystyrene would be unreasonably high for
plants that were already well controlled.

Response: ‘
TCC's concern about the cost effectiveness of existing plants

with varying degrees of control is unwarranted. The 98 percent reduction
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would be app]ied to uncontrolled em1ss1on Jevels for a part1cu1ar )
plant. The cost effectiveness is assessed in genera1 by using the
uncontrolled and expected ex1st1ng control levels as the Tower and
upper bounds of the analysis. However, the streams already ‘Controlied
by an existing flare or thermal 1nc1nerator are no longer required to
be controlled further. There%ore, already we11 controlled p1ants
would be rewarded, even thougﬁ the ca1cu1ated cost effect1veness from“
the revised cost analysis based on Enviroscience fs Tess than $550/Mg
for a thermal incinerator and Tess than $160 for a f1are if the same
unit were used to reduce from 90 percent (se1ected arb1trar11y to _
approximate the upper end of the range of existing control levels for
which additional control might be required) to 98 percent reduction.
Monsanto's concern regard1ng the high cost-effectiveness of |
control for already well- contro]]ed po]ystyrene manufactur1ng facilities ~ 7
' was evidently based on the m1sunderstand1ng that incineration would be
required regard]ess of ex1st1ng contro] levels. 'On the contrary, RAéT
for polystyrene is defined as an emission 1imit that can be met by any
combination of existing and additional processes and contro1s. ‘However,
thermal incinerators were used as a worst case gw f ana1ys1s even | T
after the acceptance of the 0.3 kg/Mg emission 11m1t ‘that was based on
the use of a condenser. If a plant already has low emissions, cost

effectiveness would not increase unreasonably because less control or
no control would be required to meet the emission Timit. =~ F” S
C.4.3. Miscellaneous *

Gulf pointed out several suggestions about details in the cost
analysis: the escalation index needs updating; (2) operating labor
(including overhead) should be $19.10 rather than $11.10; (3) the |
interest rate of 10 percent should be updated to 18-20 percent,

(4) inclusion of a filter system upstream of the incinerator to remove
polymers and entrained 11qu1ds, (5) inclusion of operating labor,
ma1ntenance labor, and e]ectr1c1ty costs for the rec1procat1ng compressor
and maintenance labor costs for manifolding, (6) comp1et1on of Just1f1cat1on o
of the 90 percent eff1c1ency used for existing fiares in assessing h T
reasonableness of retrofit, and (7) consideration of total system
cost, not only incinerator cost, for incremental cost effectiveness.
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Response: _
The following responses are made with respect to Gulf's comments

on details of the cost analysis: (1) the revised ahé]ysisyuses a
different and corrected escalation factor; (2) operating labor (including
overhead) is now $18 per hour; (3) the interest rate (before taxes)
remains at 10 percent because the analysis is in real, constant dollars
not considering inflation (even with inflation, 18 to 20 percent
interest would be too'high at the time of writing this final CTG
document), (4) the cost analysis still does not include a filter
system because the tested polypropylene plant incinerates liquids and
solid atactic waste along with the gases and achieves greater thén
99.7 percent VOC reduction; (5) the revised cost analysis includes
operating labor and electricity costs for the entire system and the
incinerator combustion chamber and includes maintenance‘costs for
manifolding (under source legs and ducts, fans and stack) and cdmpression
(fan under duct, fan, and stack); (6) the 90 percent existing flare
efficiency, which was used télrepresent a range of f}aﬁe efficiencies
of existing units (about 70-99 percent), is still used for worst case
cost effectiveness calculation purposes to approximate the greétest ,
existing control efficiency for a device, other than a flare or thermal
incinerator, that might have to be replaced or augmented. (It is not
even certain that all existing flares meet the conditions known to
achieve 98 percent VOC reduction according to results of the joint
CMA/EPA test program even though they will be considered to satisfy

RACT requirements); and (7) the incremental cost effectiveness of the
revised cost analysis is correctly based on total system cost.

C.5 SCOPE OF CTG: POLYSTYRENE CONTINUQUS PROCESS

Summary of Comments : ,
Monsanto, CMA, and Polysar questioned the need for polystyrene

production to be covered by the CTG. CMA and Monsanto noted in a

October 19, 1981, submittal by CMA regarding the NSPS that current

typical emission factors were 0.119 to 0.15 kg/Mg, which is about

5 perceht of the model plant level of 3.09 kg/Mg, because of ecbnbmic

incentives. Polysar was also confident that condensation could be

used to meet the 0.3 kg/Mg emission limit. Al1l commenters were concerned
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about the implication that thermal incinerators would be the required
control technology in spite of the relatively high cost effectiveness
(especially if calculated based on the lower emission factors).
Response
As discussed in C.2, the qu 1982 draft CTG suggests the use of
condensers to control the major polystyrene vent streams. Since a
mass emission limit per production rate is used, the cost effectiveness

i

would not become unreasonable for already well controlled plants.
Therefore, in accordance with the industry data and the revised cost
analyses for control of po]ystyrene processes by condensation (which
resulted in costs of emission reduction ranging from $-700/Mg to
$950/Mg considering a range of current em1ss1ons of 0.20 kg/Mg to
3.09 kg/Mg in steam and in a1r, and vendor or Enviroscience costs) the
emission level for po]ystyrene was reduced to 0. 1u kg/Mg. A1though
most polystyrene plants may already be atta1n1ng ‘the RACT emission
Jevel, and the consequent emission reduction may be small, po1ystyrene
will be retained in the CTG to ensure uniform control in nonatta1nment
areas across the country so that at least a minimum control level is
applied and no unfair competitive advantage results.

|

C.6 SCOPE OF THE CTG: HIGH DENSITY POLYETHYLENE, LIQUID PHASE
SOLUTION PROCESS AND OTHER PROCESSES NOT CURRENTLY INCLUDED

Summary of Comment

TCC presumed that the HDPE, liquid phase solution process was not
covered by the CTG since the mode] p1ant was based on the slurry '
(part1c1e form) process and recommended , therefore, that the CTG be
revised to clarify that only the slurry process is covered.

Response

The HDPE, 1iquid phase solution process has been examined for the
NSPS since the May 1982 draft CTG The solution process was conc1uded
to be different from the s1urry process in terms of em1ss1ons and ‘
control. Therefore, the HDPE 11qu1d phase solu11oh process 1s not
included in the CTG. o -

Analyses of emissions and control have not been‘conducted and
control techn1ques guidelines and RACT have not been estab11shed for
high- density polyethylene 11qu1d phase so]ut1on processes or for other“
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processes (e.g., polypropylene and polyethylene gas phase processes)
with a relatively small number of existing plants. However, EPA may
subsequently analyze and establish control techniques for any or all
of such other processes. In the meantime, a State may choose to
conduct its own model plant or case-by-case analysis and establish its
own guidelines.
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APPENDIX D: EMISSION SOURCE TEST DATA

The purpose of this append1x is to describe the tsst resu]ts of
flare and thermal incinerator volatile organic compounds (VOC) em1ss1ons“ S
reduction capabilities. Background data and detailed information” o
which support the emission levels and reduction capabilities are
included. , |

Section D.1 of this appendix presents the VOC emissions test data
including individual test descriptions for control of process sources
by flaring. Sections D.2 and D.3 present the VOC emissions test data
for control of process sources by thermal 1nc1n@rat1on and vapor
recovery system, respectively. Section D.4 cons1sts of comparisons of
various VOC test results and a discussion exploring and evaluating the““
similarities and differences of these results.

D.1 FLARE VOC EMISSION TEST DATA | - "
The design and operating conditions and results of the five |
exper1menta1 studies of flare combustion efficiency that have been |
conducted were summarized in Section 3.1.1.1. This section presents
more detailed results of the f1rst flare eff1c1ency em1ss1ons test to
encompass a variety of "non 1dea1" cond1t1onswthat can be encounteréd
in an industrial setting. These results represent ‘only the first
phase of an extended study of wh1ch a final report shou1d be available
by mid-1983. | S
The aforementioned experimental study was performed during a
three week period in June 1982 to determine the combustion eff1c1ency
for both air- and steam-ass1sted flares under d1fferent operating
conditions. The study was sponsored by the U.S. Environmental Protect1on
kgency and the Chemical Manufacturers Association (CMA). The test .
facility and flares were provided by the John 71nk Company. A total
of 23 tests were conducted on the steam-assisted flares and 11 tests
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on air-assisted flares. The values of the following parameters were
- varied: flow rate of flare gas, heating valve of flare gas, flow rate
of steam, and flow rate of air. This section describes the control
device and the sampling and analytical technique used and test results
for the steam-assisted flare. B
D.1.1 Control Device.
A John Zink standard STF-S-8 flare tip was used for the steam-assisted

flare test series. This flare tip has an inside diameter of 0.22 m
| (8 5/8 in.) and is 3.7 m (12 ft. 3.5 in.) Tong with the upper 2.2 m
(7°ft 3 in) constructed of stainless steel and the long 1.5 m (5 ft
0.5 in) constructed of carbon steel. Crude propylene was used as the
flare gas. The maximum capacity of the. flare tip was approximately
24,200 kg/hr (53,300 1b/hr) for crude prbpy]ene at 0.8 Mach exit
velocity. Variations in heatihg valves of flare gas were obtained‘by
diluting the propylene with inert nitrogen. o
D.1.2 Sampling and Analytical Techniques

An extractive sampling system was used to collect the f1are‘

emission samples and transport these samples to two mobile ana1ytica1
laboratories. Figure D-1 is a diagram of the sampling and analysis
system. A specially designed 8.2 m (27 ft) long sampling probe was
suspended over the flare flame by support cables from a hydraulic
crane.

Gaseous flare emission samples entered the sampling system via
the probe tip, passed through the particulate filter, and then were
carried to ground\]éVe]. The sampling system temperature was maintained
above 100°C (212°F) to prevent condensation of water vapor. The flare
emission sample was divided into three possible paths. A fraction of
the sample was passed through an EPA Reference Method 4 sampling train
to determine moisture content of the sample. A second fraction was
directed through a moisture removal cold trap and thence, into a ,
sampling manifold in one of the mobile laboratories. Sample gas 1in
this manifold was ana]y;ed by continuous monitors for 02, co, COZ, NOX
and THC on a dry sample basis. A third sample was directed into a -
sampling manifold in the other mobile Taboratory. Samble gas in this
manifold was analyzed for 502 and hydrocarbon species on a wet basis.
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Data collection continued for each test for a target period of
20 minutes. Ambient air concentrations of the compounds of interest
were measured in the test area before and after each test or series of
tests. | ' 7

Flare emission measurements of carbon monoxide (CO), carbon
dioxide (COZ)’ oxygen (COZ),-oxides of nitrogen (NOX), total hydrocarbons
(THC) and sulfur dioxide (502) were measured by continuous analyzers
that responded to real time changes in concentrations. Table D-1
presents a summary. of the instrumentation used during the tests.
D.1.3 Test Results o ‘ ‘ _

Twenty three tests were completed on the steam-assisted flare.
Table D-2 summarizes the results of these tests. The results 1hdicate
that the combustion efficiencies of the flare plume are greater than
98 perceht under varying condition of flare gas flow rate, inc1uding
velocities as high as 18;2 m/s'(60 fps) flare gas, heat content over
11.2 MJ/m3 (300 Btu/scf), and steam flow rate below 3.5 units of per
unit of flare gas. The cpncentrations'of NOX emissions which were
also measured during the testing ranged from 0.5 to 8.16 ppm.

D.2 THERMAL INCINERATOR VOC EMISSION TEST DATA

The results of six emission tests and one laboratory study were
reviewed to evaluate the performance of thermal incinerators under
various operating conditions in reducing VOC emissions from the different
process waste streams generated duking the manufacture of polymers and
several synthetic organic chemicals. The variable parameters under -
which the incinerator tests were performed include combustion temperature
and residence time, type of VOC, type and quantity of supp]eménta]
fuel, and feedstocks (solid, 1iquid, and gaseous waste streams). The
test results, which are summarized in Table D-3, in combination with a
theoretical analysis indicate that high VOC reduction efficiencies (by
weight) can be achieved by all new incinerators.

Three sets of test data are available. These are emission tests
conducted on (1) incinerators at polymers and resins plants by EPA,
(2) incinerators for waste streams from air oxidation processes conducted
by EPA or the chemical companies, and (3) laboratory unit data from
tests conducted by Union Carbide Company on incinerated streams containing
various pure organic compounds. (No adequately documented data were
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found for tests of incinerators at polymers and resins plants that
were conducted by the companies.)

The EPA test studies represent the most in-depth work available.
These data show the combustion efficiencies for full-scale incinerators
on process vents at four chemical plants. The tests measured inlet
and outlet VOC, by compound, at different incineration temperatures.
The reports include complete test results, process rates, and descriptions.
of the test method. The four plants tested by the EPA are:

1. ARCO Polymers, Deer Park, Texas, polypropylene unit,

2. Denka Chemicals, Houston, Texas, maleic anhydride unit,

3. Rohm and Haas, Deer Park, Texas, acrylic acid unit, and

4, Union Carb1de, Taft, Louisiana, acrylic acid unit.

The data from ARCO Polymers include test results based on three different
incinerator temperatures and three different waste stream combinations.
The data from Rohm and Haas also include results for three temperatures.
The data from Union Carbide.include test results based on two different
incinerator temperatures. In all tests, bags were used for collecting
integrated samples and a gas chromatagraph with flame fonization

detector (GC/FID) was used for obtaining an organic analysis.

D.2.1 Environmental Proteétion Agency (EPA) Polymers Test Data?

EPA conducted emission tests at the incinerator at the ARCO
Polymers, Inc., LaPorte polypropylene plant in Deer Park; Texas (listed
as ARCO Chemical, Co., in LéPorte, Texas, in the 1982 Directory of
Chemical Producers3) to assesslemission levels and VOC destruction
efficiency. | |

The ARCO polypropylene facility has a nameplate capacity of =
181,000 Mg/yr (400 million ]bs/yr).3 The'faciTity produces po]ypropy1ene
resin by a 1iquid phase polymerization process. The facility includes
two "plants" (Monument I and Monument II) comprised of a total of six
process trains producing a variety of polypropyliene resins. ‘Both
plants diScharge their gaseous, liquid, and solid process wastes to
the same incinerator system where they undergo thermal destruction.

The wastes in the plants occur from:
a) processing chemicals and dilution solvents for the catalyst,




b) spent catalyst,

c) waste polymeric mater1a1 (by- product atact1c po]ymer), and W

d) nitrogen-swept propy]ene from the f1na1 stages (product

resin purge co]umns) of the process.
The feed rates of these wastes to the 1nc1nerator vary accord1ng to
which trains are running and what startups are occurr1ng in the two
plants. Feed rate var1at1ons were observed dur1ng the two weeks of )
the incinerator test.

The waste heat boiler assoc1ated w1th the 1n<1nerator prov1des a
major portion of the process steam needed by the two polymer plants.
Natural gas is used as an aux111ary fuel to fire 1hem1nc1nerator. If
necessary, fuel oil can also be used. Under full product1on cond1t1ons,
-~ the atactic waste provides approx1mate1y 50 percent of the energy
needed to produce the steam, and natural gas use is reduced.

D.2.1.1 Control Device. The incinerator and assoc1ated equ1pment

were designed by John Zink, Company. The system was put into operat1on o

on August 16, 1978. The incinerator's two main purposes are to destroy
organic waste from the po]ymer processes (primary) and to provide heat
to generate steam (secondary): Figure C-2 dep1cts‘a flow d1agram of
the incinerator and assoc1ated equ1pment.“Each 1n1et stream has its
own nozzle inside the incinerator. Combust a1r‘1s fed into the
incinerator at the burner nozzles located approx1mate1y 4 feet beyond
the incinerator entrance. The combustion air flow rate is regulated ;
manually. The quench air enters the 1nc1nerator within 3 feet of the
burner nozz]es. It is used to maintain a constant temperature and
provide excess combustion air. The quench air flow rate is automat1ca11y
regulated by an incinerator temperature controller.

During normal operation w1th all waste streams“enter1ng the
incinerator, the natural gas is cut back and the atactic waste becomes’
the major fuel source. The purge gas, which has a low fuel value because'
it is 95 percent nitrogen, is fed cont1nuous1y to ‘the 1nc1nerator for “
destruction of the VOC since there is no gas storagekcapac1ty in the
system. Dur1ng an upset of the incinerator th1s stream is sent to a

flare. ARCO provided data to illustrate normal operating parameters ‘m“‘wwwhmw‘w

of the incinerator. These are listed in Table D-4 and represent the
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averages for the month of August 1981.
design parameters: I
a) heat input =2.18 MJ/s (7.45 x 106 Btu/hr),

b) air supp]y =15.1 standard m3/s at 0°c (33 900 scfm, at 60°F)
c) firebox temperature ~980°C average and 1,200°C maximum (1, 800 F

average and 2,200°F maximum),

d) firebox residence time ~1 5 seconds, and “

e) pressure =19 kPa (78 in. H 0) ) |
D.2.1.2 Samp11ng and Ana]yt1ca1 Techn1ques.

of the ARCO 1nc1nerator test was to compare resu1

“of different

analytical methods for to the measurement of VOC émissions. During .

the testing phase of this program, three different methods were used
for the collection and ana]ys1s of hydrocarbons. These were:
a) EPA Method 25,

b) Proposed EPA Method 18 (both on-site and off-site analyses |

performed), and
c) Byron instruments Model 90 samp1e c011ect1on system and

Model 401 hydrocarbon ana]yzer samp11ng system and 1nstrument

combination.

To characterize the VOC destruct1on eff1c1ency across the therma1
incinerator, liquid, solid, and gas phase samp11ng was performed The

sampling locations were:

a) Incinerator inlet - waste gas stream
- natural gas stream
- atactic waste stream o

b) Waste heat boiler out]et, and
c¢) Scrubber stack out1et (vo]umetr1c flow rate).

The sampling system used for Method 25 con5|sted of a mini- 1mp1nger

moisture knockout, a condensate trap, flow control system, and a

samp]e tank. Both pre- and post-samp11ng Teak tests were performed to o

ensure sample integrity. In the case of Method 18, samples were
collected using a modification of EPA Method 110 for benzene. This
modification was necessary due to the h1gh mo1sture content of the

incinerator gases and the pos1t1ve pressure of t emiss1ons To

ensure that a representative, integrated sample was collected using
the modified Method 18, three validation tests for samp]e flow rate |

and samp]e vo]ume into the Ted]ar bag were perfo
h‘ Cl i E

'\ Dp-14

A 'secondary purpose




The principle underlying the Byron method is the same as EPA
Method 25. However, rather than using a modified standard GC, the
Byron method uses a process analyzer. This instrument speciates C2
from higher hydrocarbons, but gives a single value for all nonmethane
hydrocarbons. After separation, all carbonaceous material is combusted
to CO, which is then converted to CH, before being measured by an FID.
Thus, the variable response of the FID to different types of organics
is eliminated in the Byron 401 as it is in EPA Method 25. |

The oxides of nitrogen (NOX) content of the flue gas was determined
using the methodology specified in EPA Method 7. A detailed description
of all these sampling and analytical techn1ques can be found in the
ARCO test report. ‘

‘The total flue gas flow rate was determined two. or three times
daily using procedures described in EPA Method 2. Based on this
method, the volumetric gas flow rate was determined by measuring the
cross-sectional area of the stack and the averége velocity of the flue
gas.‘ The area of the stack was detemined by direct measurements.

The work performed during this program incorporated a comprehensiye
quality assurance/quality control (QA/QC) program as an integral part

- of the overall sampling and analytical effort. The major objective of

the QA/QC program was to provide data of known quality with respect to
completeness, acéuracy, precision, representativeness, and comparabiiity.

D.2.1.3 Test Results. The VOC measurements were made by at
least four of five independent methods for each of eight different
combinations of incinerator temperature and waste streams. Table D-5
summarizes the results of measured destruction efficiencies (DE's) for
each of these conditions.

The results indicate that the values for the DE's by Method 25
are consistently lower and of poorer quality. The poorer quality is
indicated by the imprecision reflected by the much larger stahdard
deviations for this measurement method. The accuracy and representa-
tiveness of these values obtained from Method 25 is, thus, questionable.
If Method 25 results are disregarded, the DE's for all testing combinations
are found to be consistently above 99 percent.




Table D-5. ARCO POLYMERS IN

CINERATOR DESTRUCTION EFFICIENCIES FOR EACH SET
OF CONDITIONS

Percent Destruction E1"1"'lc1encya

Calculated for Each Method

'
L

Method 18 (off-site)

Method 18 (on-site) Bfron Byron Speciated
Condt t1ons” He® THe NHC® Method 25 Hed.
BH/HS/HG >99.99777 + ,00008 99.994 + ,002 99.997 + .002 99.844 £ ,006
2,000°F ‘ }
.. . . X " v o
AJHGIHE >99.9979 + .0004 99.996 + .001 99.998 + .001 99.8 £ .4
1,800°F
AI/HG/HG >99.99721 + .00009 99.9961 + .0003 09.0957 + .0002  99.6 + .2 0
1,600°F ;
NG/NG 99.8 = .1 99.9 £ .1 99.6 + .4 76 + 20 }
1,800°F ;
HG/HG >99.76 £ .07 99.8 & .10 99.88 + .04 66 + 10 99.88 £ .04
1,600°F | ;
Ri/NG 99.99674 + .00007 99.9941 + .0001 99.99796 + .00005  96.32 + .08 !
2,000°F
RiNG >99.990 + .004 99.983 £ .007 99,983 + 007 98 &3
1,806°F
MG >99,9975 + .0001 99.994 + ,002 99.995 + .003" 99 £ 1 99.9979 + .0001 ;
F :
1 ) '

1

3 = - qC 1n Stack gas -
Percent destruction efficiency 100 {oC in Atactic Waste + gC in Waste Gas)

where: gC = grams of organic carbon o . Ce o
The number following the = sign is the standard deviation (statistically expected true value would fall between the
reported value minus the standard deviation and the reported vailue plus the standard deviation). '
beonditions of test given are materials burned and the temperature of the incinerator. Material codes are AW = Atactic
Waste, NG = Natpral Gas, and WG = Waste Gas. Incinerator design parameters are about 2.18 MJ/s (7.45 MMBtu/hr), 15.1 sm3/s
(33,900 scfm) air supply, 980°C; 1200°C(1800°F; 2200°F maximum) firebox temperature, 1.5 seconds residence time, and
19 kPa (78 in. HD prassure}. ‘ j
Cusasured using proposed EPA Method 18 (on-site) for hydrocarbons (HC) utilizing gas chromatography (GC) with a flame
fonization detector (FID). The values with "greater than" signs (>) indicate that the VOC was below the detectable
1imit and the datection level was used to calculate the DE's. ‘
dﬂnsured using the Byron Instruments Model 90 sample collection system and the Bryon Model 401 Hydrocarbon Analyzer
sampling system and instrument combination {utilizing reduction to methane and FID) in the total hydrocarbon (THC)
®yeasured using the Byron Models 90 and 401 combination (utilizing reduction to methane and FID) in the nonmethane
hydrocarbon mode. |
fﬂeasured using EPA Method 25 for total gaseous nonmethane organics (TGNMO) utilizing GC-FID. Data not believed to
represent true values. ‘ ;

Ipeasured using proposed EPA Method 18 (off-site) for individual hydrocarbon species utilizing GC-FID.
hpieficulties with analysis - Based on most probable value. ‘ o ‘




D.2.2 Environmental Protection Agency (EPA) Air Oxidation Unit Test
| Data

The EPA test study represents the most in-depth work available
for full-scale incinerators on air oxidation vents at three chemical
plants. Data includes inlet/outlet tests on three large incinerators.
The tests measured inlet and outlet VOC concentrations by compound for
different incinerator temperatures. The referenced test reports
include complete test results, process rates, and test method descriptions.
The three plants tested are Denka's maleic anhydride unit in Houston,
Texas, Rohm and Haas's acrylic acid unit in Deer Park, Texas, and
Union Carbide's acrylic acid unit in Taft, Louisiana. The data from
Union Carbide include test results for two different incinerator
temperatures. The data from Rohm and Haas include results for. three
temperatures. In ail tests, bags were used for collecting 1htegrated
samples and a GC/FID was used for organic analysis. :

| D.2.2.1 Denka'Test Data.4 The Denka maleic anhydride‘facility
has a nameplate capacity of 23 Gg/yr (50 million 1bs/yr).' Maleic
anhydride is produced by vapor-phase catalytic oxidation of benzene.
The 1liquid effluent from the absorber, after undergoing recovery
operétions, is about 40 wéight percent aqueous solution of maleic
acid. The absorber vent is directed to the incinerator. The thermal
incinerator has a primary heat recovery system to generate process
steam and uses natural gas as supplemental fuel. The plant was operating
at about 70 percent of capacity when the sampling was conducted. The
plant personnel did not think that the lowered productibn rate would
seriously affect the validity or representativehess of the results.

1. Control Device. The size of the incinerator combustion
chamber is 204 m2 (2,195 ft2), There are three thermocouples used to
sense the flame temperature, and these are averaged to giVe the temperature
recorded in the control room. A rough sketch of the combustion chamber
is provided in Figure D-3. _

2. Sampling and Analytical Techniques. Gas samples of total
hydrocarbons (THC), benzene, methane, and ethane were obtained according
to the September 27, 1977, EPA draft benzene method. Seventy—]iter
aluminized MylarR bags were used to collect samples over periods of

D-17
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" two to three hours for each sample. The insulated sample‘box and bag
were heated to approximately 66°C (150°F) using an electric drum

heater. During Run 1-Inlet, the rheostat used to control the temperature
malfunctioned so the box was not heated for this run. A stainless

steel probe was inserted into the single port at the inlet and connected
to the gas bag through a "tee." The other leg of the "tee" went to

the total organic acid (TOA) train. A TeflonR line connected the bag
and the "tee." A stainless steel probe was connected directly to the
bag at the outlet. The lines were kept as short as possible and not
heated. The boxes were transported to the field Tab 1mmediate1y upon
completion of sampling. They were heated until the GC analyses were
completed. ‘ '

A Varian model 2440 gas chromatograph with a Carle gas sampling
valve, equipped with matched 2 cm® loops, was used for the integrated
bag analysis. The SP-1200/Bentone 34 GC column was operated at 80°C
(176°F). The instrument has a switching circuit which allows a bypass
around the column through a capillary tube for THC response. The
response curve was measured daily for benzene (5, 10, and 50 ppm
standards) with the column and in the bypass (THC) mode. The THC mode
was also calibrated daily with propane (20, 100, and 2000 ppm standards).
The calibration plots showed moderate nonlinearity. For sample readihgs
that fell within the range of the calibration standards, an 1ntekbo1ated
. response factor was used from a smooth curve drawn through the calibration
pdints. For samples above or below the standards, the response factor
of the nearest standard was assumed. THC readings used peak height
and column readings used area integration measured with an electronic
"disc" integrator. |
» Analysis for carbon mohoxide was done on samples drawn from the
same integrated gas'sample bag used for the THC, benzene, methane, and
ethane analyses. Carbon monoxide analysis was done following the GC
ahalyses using EPA Reference Method 10 (Federal Register,'Vol; 39,

No. 47, March 8, 1974). A Beckman Model 215 NDIR ana1yzer‘was used to
analyze both the inlet and outlet samples.

Duct temperature and pressure values were obtained from the
existing inlet port. A thermocouple was inserted into the gas sample.

D-19




probe for the temperature while a water manometer was used for the
pressure readings. These va]ues were obtained at the conclusion of
~ the sampling period. | “ SR
‘Temperature, pressure, and ve10c1ty ‘values were ‘obtained for the
outlet stack. Temperature va]ues were obtained by a thermocouple .
during the gas sampling. Pressure and velocity measurements were
taken according to EPA Reference Method 2 (Federal Reg1ster, Vol. 42,
No. 160, August 18, 1977) These va]ues a]so were obta1ned at the
conclusion of the samp11ng per1od o ‘ oo

3. Test Results - The Denka incinerator achieved greater than
98 percent reduction at 760°C (1400 F) and 0.6 second residence time.
These resu]ts suggest that ag percent control is achievable by proper1y
maintained and operated incinerators under operating conditions less |
stringent than 870°C (1600°F) and 0.75 second Teb]e D-6 provides a

summary of these test results. T T e e

D.2.2. .2 Rohm and Haas Test DataS. The Rohm and Haas plant in
Deer Park, Texas, produces acry11c ac1d and ester. fnewcapacitywof““
this facility has been Tisted at 181 Gg/yr- (400 m1111on 1bs/yr) of
acrylic monomers. Acrylic esters are produced us1ng propy]ene, air,
and alcohols, with acrylic acid produced as an intermediate. Acrylic

acid is produced directly from propylene by a vapor -phase catalytic
air ox1dat1on process. The react1on product is
refining operat1ons Excess alcohol is recover
" are incinerated. This waste incinerator is des1qnedwto burn offgas
from the two absorbers. In add1t1on, all proces vents (from extractors,
vent condensers, and tanks) that m1ght be a pot .1 source of gaseous
emissions are co11ected 1n a suct1on vent ‘system nd‘nOrma11y sent to
the 1nc1nerator. An organ1c 11qu1d stream generated in"the process 1s
also burned, thereby prov1d1ng part of the fuel requ1rement. The
remainder is prov1ded by natural gas. ‘ Coo

1. Control Device - Combustion air is added to the 1nc1nerator
in an amount to produce six percent oxygen in the effluent. MWaste

gases are flared during ma1ntenance shutdowns and severe process

nurified in subsequent

/ end by- products

upsets. The incinerator unit operates at relatively shorter res1dence P

times (0.75-1.0 seconds) and h1gher combustion temperatures (650°
850°C) [1200°-1560°F] than most existing 1nc1nerators. | ol
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The total installed capital cost of the 1ncineratpr‘was $4.7 million.

The estimated operating cost due to supplemental natural gas use is
$0.9 million per year.
2. Sampling and Analytical Techniques - Samples were taken

simultaneously at a time when propylene oxidations, separations, and
esterifications were operating smoothly and the combustion temperature
was at a steady state. Adequate time was allowed between the tests |
conducted at different temperatures for the 1nc1nerator to ach1eve
steady state. Bags were used to co]]ect 1ntegrated samp]es and a
GC/FID was used for organic ana1ys1s.

3. Test Results - VOC destruction eff1c1ency was determined at
three different temperatures and a residence time of 1 0 second at ‘

o

each temperature. The test results are summarized in Table C-6.
Efficiency is found to 1ncrease with temperature and, except for 774°C
(1425°F), is above 98 percent. Theoret1ca1 calculations show that
greater efficiency would be achieved at 870°C (1600°F) and 0.75 second
than at the longer residence times but Tower temperatures represented
in these tests. ‘ IR -

D.2.2.3 Union Carbide Corporat1on (yce) Test Data®. The total
capacity for the UCC acry]ates facilities is about 90 Gg/yr (200
million 1bs/yr) of acrolein, acrylic acid, and esters. Acrylic acid
comprises 60 Gg/yr (130 million 1bs/yr) of this total. Ethyl acry]ate
capacity is 40 Gg/yr (90 million 1bs/yr). Total heavy ester capacities
(such as 2-ethyl-hexyl acry]ate) are 50 Gg/yr (1]0 m1111on 1bs/yr)
UCC considers butyl acrylate a heavy ester.

The facility was originally built in 1969 and utilized British
Petroleum technology for acrylic acid product1on. In 1976 the plant =
was converted to a technology obtained under 11cense from Sohio.

!

1. Control Device - The therma1 1nc1nerator is one of the two

major control devices used in acrylic acid and acrylate ester manufacture.
The UCC incinerator was installed in 1975 to destroy acrylic acid and
acrolein vapors. This unit was constructed by John Zink Company for

an installed cost of $3 million and incorporates a heat recovery unit

to produce process steam at 4.1 MPa (600 psig). The unit operates at

a relatively constant feed 1nput ‘and supp]ements the vary1ng flow and

|
|
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fuel value of the streams fed to it with inversely varying amounts of
fuel gas. Energy consumption averages 15.5 MJ/s (52.8 million Btu/hr)
instead of the designed level of 10.5 to 14.9 MJ/s (36 to 51 million
Btu/hr). The dperating cost in 1976, excluding capital depreciation,
was $287,000. The unit is run with nine percent excess oxygen instead
of the designed three to five percent excess oxygen. The combustor is
designed to handle a maximum of four percent propane'in the oxidation
feed. : .

The materials of construction of a nonreturn block valve in the
4.1 MPa (600 psig) steam line from the boiler section require that the
incinerator be operated at 650°C (1200°F) instead of the designed
980°C (1800°F). The residence time is three to four seconds.

2. Sampling and Analytical Technigues - The integrated gas
samples were obtained according to the September 27, 1977, EPA draft
benzene method.

Each integrated gas sample was analyzed on a Varian Model 2400
gas chromatograph with FID, and a heated Carle gas sampling valve with
matched 2-cm3 sample loops. A valved capi]]aryrbypass is used for
total hydrocarbon (THC) anhalyses and a 2 m Tong, 3.2 mm (1/8-in.)
outer diameter nickel column with PORAPAKR P-S, 80-100 mesh packlng 1s"
used for component ana]yses.‘ v

Peak area measurements were used for the individual component
analyses; A Tandy TRS-80, 48K floppy disc cbmputer‘interfaced via the
integrator pulse dutput of a Linear Instruments Model 252A recorder
écquired, stored, and analyzed the chrométogfams.

The integrated gas samples were aha]yzed for oxygen and carbon
dioxide by dupiicate Fyrite readings. Carbon monoxide concentrations
were obtained using a Beckman Model 215A nondispersive infrared (IR)
~analyzer using the integrated samples. A three-point calibration
(1000, 3000, and 10,000 ppm CO standards) was used with a linear-log
curve fit.

Stack traverses for outlet flowrate were made using EPA Methods 1

through 4 (midget impingers) and N0y Was sampled at the outlet using
EPA Method 7.
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3. Test Results - VOC destruction efftctency\ determined at‘%
two different temperatures. Table D-6 provides a summary of these |
test results. Efficiency was found to increase with temperature. At

" (800°C) 1475°F, the efficiency was ‘well above 99 percent. These tests

were, again, for residence t1mes greater than 0.75 second. However,
theoretical ca]cu]at1ons show thet gven greater ettﬁcdency would be
achieved at 870°C (1600°F) and 0. 75 second than at the 1onger res1dence
times but Tower temperatures represented in these tests,

A11 actual measurements were made as parts per million (ppm) of
propane with the other units reported derived from the equ1va1entdw
values. The values were measured by digital integration.

The 1nc1nerator combustion temperature for the first six runs was
about 630°C (1160°F). Runs 7 through 9 were made at ‘an incinerator
temperature of about 800°C (1475°F). Only during Run 3 was the acrolein
process operating. The higher temperature caused most of the compounds
heavier than propane to drop below the detection Timit due to the wide
range of attenuat1ons used, nearby obscuring peaks, and baseline noise
variations. The detection Timit ranges from about 10 parts per bilijon -
(ppb) to 10 ppm, generally increasing during the chromatogram, and
espec1a11y near large peaks. Several of the minor peaks were d1ff1cu1t
to measure. However, the compounds of 1nterest, methane, ethane,
ethylene, propane, propy]ene, aceta]dehyde, acetone acro1e1n, and

acrylic ac1d dominate the chromatograms ' 0n1y
N

detected in any samp]e.

The probable reason for negat1ve destruction efficiencies for
several 1ight components is generat1on by pyrody‘1s from other componentsl‘
For 1nstance, the primary pyrolys1s products of acrolein are carbon
monoxide and ethylene. Except for methane and, £o a much lesser
extent, ethane and propane, the fue] gas cannot <ontr1bute hydrocarbons
to the outlet samples. B

A sample taken from the inlet 1line knockout trap showed 6 mg/g of
acetaldehyde, 25 mg/g of butenes, and 100 mg/g of acetone when ana]yzed
by gas chromatography/flame ionization detection (GC/FID). |
D.2.3 Chemical Company Air Oxidation Unit Test Data

These data are from tests performed by chem1ca1 companies on
incinerators at two a1r ox1dat1on units: the Petro

~Tex ox1dat1ve
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* butadiene unit at Houston, Texas, and the Monsanto acrylonitrile unit
at Alvin, Texas. Tests at a third air oxidation unit, the Koppers
‘maleic anhydride unit at Bridgeville, Pennsylvania,’/ were disregarded
as not accurate because of poor sampiing teéhnique.8 |
' D.2.3.1 Petro-Tex Test Data9. The Petro-Tex Chemical Corporation
conducted emission testing at its butadiene production facility in
Houston, Texas, during 1977 and 1978. This facility was the "Oxo" air
oxidation butadiene process. The emission tests were conducted during
a period when Petro-Tex was modifying the incinérator to improve
mixing and, thus, VOC destruction efficiency. '
- 1. Control Device - The Petro-Tex incinerator for the 'Oxo’ -

‘butadiene process is designed to treat 48,000 scfm waste gas containing
about 4000 ppm hydrocarbon and 7000 ppm carbon dioxide. The use of
the term hydrocarbon in this discussioh'indjcatés that besides VOC, it
may include nonVOC such as methane. The waste gas. treated in this
.éystem results from air used to oxidize buténe to butadiene. After
butadiene has been recovered from air oxidation waste gas in an oil
absorption system, the remaining gas is combined with other process
waste gas and fed to the incinerator. The combined waste gas stream
enters the incineratorkbetweeh seven vertical Coen duct burner assemblies.
The incinerator design incorporates flue gas recirculation and a waste
heat boiler. The benefit achieved by recirculating flue gas is to
ihcorporate the abi]ity to generate a constant 100,000 1bs/hr of
750 psi steam with variable waste gas flow.l10 The waste gas flow can
range from 10 percent to 100 percent of the design production rate. A

The incinerator measures 72 feet by 20 feet by 8 feet, with an
average firebox cross-sectional area of 111 square feet. The installed
capftal cost was $2.5 million.

‘The waste gas stream contains essentially no oxygen; therefore,
signﬁficaht combustion air must be supplied. This incinerator is
fired with natural gas which éupp]ies 84 percent of the firing energy.
The additional required energy is supplied by the hydrocarbon content
of the waste gas stream. Figure D-4 gives a rough sketch of this
unit.
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2. Sampling and Ana1ytica1 Techniques. Integrated waste gas
samples were collected in bags. The analysis was done on a Carle

. analytical gas chromatograph hav1ng the following co]umns

1. 6-ft OPN/PORASILR (80/100).

2. 40-ft 20 percent SEBACONITRILER on gas chrom.'RA 42/60.

3. 4-ft PORAPAKR N 80/100.

4. 6-ft molecular sieve bx 80/100. ,

Stack gas samples were collected in 30 to 50 cc syringes via a
tee on a long stainless steel probe, which can be 1nserted,into the
stack, at nine different locations. They were then transferred to a
smaller 1 cm3 syringe via a small glass coupling device sealed at both
ends with a rubber grommet. The 1-cm3 samples were injected into a
~Varian 1700 chromatograph for hydrocarbon analysis. The chromatograph
has a 1/8-in. X 6-ft column packed with 5A molecular sieves and a
1/4-in. x 4-ft column packed with glass beads connected in series with
a bypass before and after the molecular sieve column, controlled by a
needle valve to split the sample. The data are reported as ppm total
HC, ppm methane, and ppm non-methane hydrocarbons (NMHC). The CO
content in the stack was determined by using a Kitagawa sampling
probe. The 0o content in the stack was determined via a Teledyne
0y/combustible analyzer. | | -

3. Test Results. Petro-Tex has been involved in a modification
plan for its 'Oxo’ ihcinerator unit after startup. The fac111ty was
tested by the company after each major modification to determine ‘the
impact of these changes on the VOC destruction eff1c1ency. The 1nc1nerator
showed improved performancé after each modification and the destruction -
efficiency increased from about 70 percent to above 99 percent. Table
D-4 provides a summary of these test results. The modifications made
in the incinerator are descr1bed below. '

‘November 1977 _

Test data prior to these changes showed the incinerator was not
destroying hydrocarbons as well as it should (VOC destruction efficiency
as low as 70 percent), so the following changes were made:

1. Moved the duct burner baffles from back of the burner to the
front;
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2. Installed spacers to create a cont1nuous s]ot for supp1ementa1‘
air to reduce the air flow through the burner pods, ‘

3. Instal]ed plates upstream of the burners so that ductwork o
matches burner dimensions;

4. Cut slots 1n recycle duct to reduce exit velocities and
- improve mixing with Oxo waste gas, o
5. Installed balancing dampers in augment1ngm(supp1ementa1) air

bl : : i
‘ Vo |

~ plenums, top and bottom,

6. Installed ba]anc1ng dampers in three of the five sections of
the recycle duct transition; and

7. Cut open1ng 1n the rec1rcu1at1on duct to reduce the out]et
velocities. S ‘ ‘ ‘
March 1978

‘After the November changes were made, a Fieidwteét‘was‘made in
December 1977 ‘which revealed that the 1nc1nerat ~ VOC destruct1on
efficiency 1ncreased from 70. 3 percent to 94. 1‘p rcent. However, it

still needed 1mprovement. After much d1scuss1on and study the fo110w1ng -
changes were made in March 1978: e
1. Took the rec1rcu1at1on fan out of ser

and d1verted the
excess forced draft air into the recirculation dUtt,w“

2. Sealed off the 14-cm (5 1/2-in.) wide sl
burner pods and removed the 1 3 cm (1/2- 1n ) spa
in November 1977,

3. Insta11ed vert1ca1 baff]es between the bottom‘row of burner
bW SR T ‘

BT P S TR T R R A

adqacent to the |
wh1ch were 1nsta11edﬂ !

B L e i oo

pads to 1mprove m1x1ng,
4, Insta]]ed perforated p]ates between the f1ve rec1rcu1at1on
N P

ducts for better waste gas d1str1but1on in the 1nc1nerator, ‘and

5. Cut seven 3-1n. wide slots in the reoyctewduct for better
secondary air distribution.
July 1978

After the March 1978 changes, a survey in Apr11 1978, showed the
Oxo dincinerator to be performing very well (VOC destruct1on eff1c1ency
of 99.6 percent) but with a high superheat temperature of 450°C (850° F)
So, in July 1978, some sta1n1ess stee1 shields were installed over the

superheater e1ements to he]p Tower the superheat temperature. A
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subsequent survey in September 1978, showed the incinerator to be
still destroying 99.6 percent of the VOC and with a Tower superheat
temperature of 400°C (750°F)

This study pointed out that mixing is a critical factor in eff1c1ency
and that incinerator adjustment after startup is the most feasible and
efficient means of improving mixing and, thus, the destruction efficiency.

D.2.3.2 Monsanto Test Data.ll Acrylonitrile is produced by
feeding propylene, ammonia, and excess air through a fluidized, catalytic
bed reactor. In the air oxidation process, acrylonitrile, acetonitrile,
hydrogen cyanide, carbon dioxide, carbon monoxide, water, and other
miscellaneous organic compounds are produced in the reactor. The
columns in the recovery section separate water and crude acetonitrile
as liquids. Propane, unreacted propylene, unreacted air components,
some unabsorbed organic products, and water are emitted as a vapor
from the absorber column overhead. The crude acry1onitri1e product is
further refined in the pur1f1cat10n section to remove hydrogen cyanide
and the rema1n1ng hydrocarbon impurities.

The organic waste streams from this process are incinerated in
the absorber vent thermal oxidizer at a temperature and residence time
sufficient to reduce stack emissions below the required levels. The
" incinerated streams include (1) the absorber vent vapor (propane,
propylene, CO, unreacted air components, unabsorbed hydrocarbons), (2)
1iquid waste acetonitrile (aeetonitrile, hydrogen cyanide, acrylonitrile),
(3) liquid waste hydrogen cyanide, and (4) product column bottoms
purge (acrylonitrile, some organic heavies). The two separate acry]on1tr1]e
p]anfs at Chocolate Bayou, Texas, employ identical thermal oxidizers.

1. Control Device - The Monsanto incinerator burns both liquid
and gaseous wastes from the acrylonitrile unit and is termed the
absorber vent thermal oxidizer. Two identical oxidizers are employed.
The primary purpose of the absorber vent thermal oxidizers is hydrocarbon
emission abatement.

Each thermal oxidizer is a horizontal, cylindrical, saddle-supported,
end-fiked unit consisting of a primary burner vestibule attached to
the main incinerator shell. Each oxidizer measures 18 feet in diameter
by 36 feet in length.
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0ff-gas incinerator, Monsanto Co., Chocolate Bayou Plant.h

Figure D-5.
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The thermal oxidizer is provided with special burners and burner
guns. Each burner is a combination fuel-waste liquid unit. The
- absorber vent stream is introduced separate1y 1nto the top of the
burner vestibule. The flows of all waste streams are metered and
sufficient air is added for comp]ete combustion. Supp]ementa1 natura]
gas is used to maintain the operating temperature required to combust -
the organics and to maintain a stab]e flame on the burners dur1ng
minimum gas usage. Figure D-5 g1ves a plan view of the 1nc1nerator.
2. Sampling and Ana]yt1ca1 Techn1ques. The vapor feed streams
(absorber vent) to the thermal ‘oxidizer and the effluent gas stream |
were samp]ed and analyzed using a modified analytical reactor recovery

run method. The primary recovery run methods are Sohio Analytical
Laboratory procedures. S
The modified method involved passing a measured amount of sample :
gas through three scrubber flasks containing water and catching the |
scrubbed gas in a gas sampling bomb. The samp]es were then analyzed |
with a gas chromatograph and the we1ght percent ot the components was
determined. L ST
F1gure D-6 shows the apparatus and conf1gurat1on used to samp]e
the stack gas. It consisted of a sampling line from the samp1e va1ve
to the small water-cooled heat exchanger The eX1hanger was then
connected to a 250 ml sample bomb used to c011ect the unscrubbed |
sample. The bomb was then connected to a pair of 250 ml bubb]ers, o
each with 165 ml of water in 1t The scrubbers, in turn, were connected
to another 250 ml sample bomb used to collect the scrubbed gas samp1e
which is connected to a portab]e compressor. The compressor d1scharge
then was connected to a wet test meter that vents to the atmosphere. |
After assembling the apparatus, the compressor was’ turned on |
drawing the gas from the stack and through the system at a rate of
about 90 cm3/s (0.2 ft3/m1n) Sample gas was drawn until at least
0.28 m (10 ft ) passed through the scrubbers. Atter the 0.28 m3
(10 ft3) was scrubbed, the compressor was shutdown and the unscrubbed
bomb was ana]yzed for CH4, C2 s, C3H6, and C3H8’ the scrubbed bomb was
analyzed for NZ’ air, 02, C02, and CO, and the bubbler 1iquid was
analyzed for acrylonitrile, aceton1tr1]e, hydrogen cyan1de, and tota]
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organic carbon. The gaseous samples were analyzed by gas
chromatography. :

3. Test Results. The Monsanto Chemical Intermediate Company
conducted emissions testing at its Alvin (Chocolate Bayou), Texas,
aCrylon{tri1e production facility during December 1977. The VOC
destination efficiency reported was 99 percent. (Residence time
information was not available and the temperature of the 1nc1nerator
is considered confidential information by Monsanto.)

D.2.4 Union Carbide Lab-Scale Test Datal?

~Union Carbide test data show the combustion efficiencies ach1eved
on 15 organic compounds in a lab-scale.incinerator operating between
430° and 830°C (800° and 1500°F) and 0.1 to 2 seconds residence time.
The incinerator consisted of a 130 cm, thin bore tube, in a bench-size
tube furnace. Outlet analyzers were done by direct routing of the
jncinerator outlet to a FID and GC. A1l inlet gases'were set at
1000 ppmv. '

In order to study the impact of incinerator variables on efficiency,
mixing must first be separated from the other parameters. Mixing
cannot be measured and, thus, its impact on efficiency cannot be
- readily separated when studying the impact of other variables. The
Union Carbide lab work was chosen since its small size and careful
design best assured consistent and proper mixing.

The results of this studyvare shown in Table D-7. These results
show moderate increases in efficiency with temperature, res1dence
time, and type of compound. The results also show the 1mpact of flow
regime on efficiency. o

Flow regime is important in interpreting the Union Carbide lab
unit results. These results are significant since the lab unit was
designed for optimum mixing and, thus, the results represent the upper
limit of incinerator efficiency. As seen in Table D-7, the Union '
Carbide results vary by flow regime. Though some large-scale incinerators
may achieve good mixing and plug flow, the worst cases will likely
require‘f1ow patterns similar to complete backmixing. Thus, the
results of complete backmixing would be relatively more comparab]é to
those obtained from large-scale units.
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Table D-7. DESTRUCTION EFFICIENCY UNDER STATED CONDITIONS |
BASED ON RESULTS OF UNION CARBIDE LABORATORY TESTSa
- Vo L

i Destructign‘%fficiﬁn&xwéf‘Compound in Percent
: " at Residence Time =~ 7

0.5/1.5 sec

Flow Temperature Ethy] " I 2 T, S
Regimeb ?8F3 Agry ate Ethanol ° Ethylene Ch]o%ide Ethylene
Two-stage 1300 99.9 " 94.6 92.6 78.6  87.2/97.6
Backmixing 1409 99.9 9.6 99.3 9.0 98.6/99.8

1500 99.9 ©99.9 . 99.9 99.9  99.9/99.9
1600 99.9 . 99.9 99.9 99.9 99.9/99.9
Complete 1300 98.9 86.8 8.4 69.9 78.2/91.5
Backmixing 4409 99.7  96.8 95.6  93.1  93.7/97.8
1500 99.9 ©99.0 98.7 98.4 98.0/99.0
1600 99.9 99,7 99.6  99.6 '99.4/99.8
Plug Flow 1300 99.9 99.9 99.5  90.2 '97.3/99.9

1400 99.9 99.9 99,9 7 99.9 199.9/99.9 "
1500 99.9 99.9 99.9 99.9 199.9/99.9
1600 99.9 99.9 99.9 99.9 199.9/99.9

3The results of the Union Carbide work are presented as a series of equations. These
equations relate destruction efficiency to temperature, residence time, and flow
regime for each of 15 compounds. The efficiencies in this table were calculated
from these equations. ‘ :

bThree flow regimes are presented: two-stage backmixing, complete backmixing, and
plug flow. Two-stage backmixing is considered a reasonable approximation of actual
field units, with complete backmixing and plug flow representing the extremes.
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D.3 VAPOR RECOVERY SYSTEM VOC EMISSION TEST_DATA13

On July 14; 1980, Mobil Company coliected samples of hydrocérbon
emissions from the exhaust vent of the Vapor Recovery/Knockdown System
at its Santa Ana, California polystyrene plant. The samples were
taken using a MDA-808 Accuha]erR'pump while velocity was determined
using a KurzR Model 441 air velocity meter. Samples were taken while
the plant was in normal operation. One set of samples was taken while
a vacuum was drawn on dissolver tanks. Another set of samples was
taken while a vacuum was drawn on the flash tank. Both sets of samples
were éna]yzed for styrene and ethylbenzene by an indebendnetv1aboratory.
Computations for emission rates were made based onvvelocity, sample
volume and sample time. The test results, submitted by the company,
indicate that 0.942 kg/day of ethylbenzene and 10.018 kg/day of styrene
are emitted from the exhaust vent of the vapor recovery/knockdown
system. No more 1nformat1on was prov1ded regarding the sampling and
analysis procedure used by Mobil or the laboratory. It is assumed
that standard industrial practices were used, thus generating vaTid
estimates of emissions. However, the data should nof be used as a
significant basis for emission limitation. '
D.4 DISCUSSION OF TEST RESULTS AND THE TECHNICAL BASIS OF THE POLYMERS

AND RESINS VOC EMISSIONS REDUCTION REQUIREMENT X

This section discusses test results as well as ava11ab1e theoretical
data and f1nd1ngs on flare and incinerator efficiencies, and presents
the logic and the technical basis behind the choice of the selected
control Tevel. 4
D.4.1 Discussion of Flare Emission Test Results

The results of the five flare efficiency studies summar1zed in
Section 3.1.1.1 showed a 98 percent VOC destruction efficiency
except in a few tests w1th excessive stream, smok1ng, or sampling
problems. The results of the Joint CMA-EPA study, summarized in
Table D=2, confirmed that 98 percent VOC destruction efficiency was
achievable for all tests (including when smoking occurred) except when
steam quenching occurred within the range of fiare gas velocities and
heating values tested. Flare gas velocities for the tests reported
to date go up to a high of 18.2 m/s (60 fps) and lower heating values
go as low as 11.2 MJ/m3 (300 Btu/scf). Additional testing is currently
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being undertaken to determ1ne the effect of h1gher ve]oc1t1es, in
particular, on destruction efficiencies. o o
D.4.2 Discussion of Thermal Inc1nerat1on Test Results

Both the theoretical and exper1menta1 data concerning combustion
efficiency of thermal incinerators‘arewdiscﬂssédwfn this section. A |
theoretical consideration of VOC combustion k1net1cs leads to the
conclusion that at 870°C (1600° F) and 0.75 second res1dence t1me,
mixing is the crucial design parameter. 14 Pub11shed Titerature 1nd1cates
that any VOC can be oxidized to carbon dioxide and water if held at
sufficiently high temperatures in the presence of oxygen for a suff1c1ent
time. However, the temperature at which a given level of VOC reduct1on
is achieved is unique for each VOC compound. Kinetic studies 1nd1cate
that there are two rate- determ1n1ng (1 e.s cr1t1ca]1y s]ow) steps in

‘the oxidatxon of a compound The f1rst sTow stéﬂ”of the overall -
oxidation react1on 1s the 1n1t1a1 reaction in wh1ch Lhe or1g1na1

compound d1sappears. The initial reaction of methane (CHg) has been
determined to be slower than that of any other nonhalogenated organ1c
compound. Kinetic calculations show that, at 870°C (1600°F), 98
percent of the original methane will react in 0.3 seconds. . Therefore,
any nonhalogenated VOC will undergo an initial reaction step within
this time. After the initial step, extremeTy rap1d free radical
reactions occur unt11 each carbon atom exists as carbon monox1de (CO)

i

immediately before ox1dat1on 1s comp]ete. The ox1dat1on of CO is the

second slow step.’ Ca1cu1at1ons show that, at 870°C (1600 F), 98

percent of an or1g1na1 concentration of CO w111 react in 0.05 second.
Therefore, 98 percent of any VOC would be expected to undergo the

initial and final slow reaction steps at 870°C (1600 F) in about 0.35
second. It is very unlikely that the 1ntermed1ate free radical reactions
would take nearly as long as 0 4 seconds to convért 98 percent of the
organic molecules to CO. Therefore, from a theoret1ca1 viewpoint, ahy

vOC should undergo complete combust1on at 870°C (1600 F) in 0.75

second. The ca]cu]at1ons on wh1ch th1s conclusion s based have taken
into account the low mole fract1ons of VOC and okygen which would be
found in the actual system. They have also provided for the great |

decrease in concentration per unit volume due to the elevated temperhture.




However, the calculations assume perfect mixing of the offgas and
combustion air. Mixing has been identified as the crucial design
parameter from a theoretical viewpoint.

 The test results both indicate an ach1evab1e control level of
98 percent at or below 870°C (1600°F) and illustrate the importance of
mixing; Union Carbide results on lab-scale incinerators indicated a
minimum of 98.6 percent efficiency at 760°C (1400°F). Since lab-scale
incinerators primarily differ from field units in their excellent
mixing, these results verify the theoretical calculations and suggest
that a full-size field unit can maintain similar eff1c1enc1es if
designed to provide good mixing. The tests cited in Table D-6 are
documented as being conducted on full-scale incinerators controlling
offgas from air oxidation process vents of a variety of types of
plants. To focus on mixing, industrial units were selected where all
variables eXcept mixihg were held constant or accounted for in other
ways. It was then assumed any changes in efficiency would be due to
changes in mixing. | '

The case most directly showing the effect of mixing is that of
Petro-Tex incinerator. The Petro-Tex data show the efficiency changes
due to modifications on the incinerator at two times after startup.
These modifications (see Section D.2.3.1, 3. Test Results) increased
efficiency from 70 percent to over 99 percenf, with no significant
change in temperature. o | |

A comparison of the Rohm and Haas test versus the Union Carbide
lab test, as presented in Table D-8, 1nd1rect1y shows the effect of
mixing. The UCC lab unit c]ear]y outperforms the R&H unit. The data
from both units are based on the same temperature, residence time, and
inlet stream conditions. The more complete mixing of the lab unit is
judged the cause of the d1ffer1ng efficiencies. v

The six tests of in-place incinerators do not, of course, cover
every feedstock. However, the theoretical discussion given above
indicates that any VOC compound should be sufficiently destroyed at
870°C (1600°F). More critical than the type of VOC is the VOC
concentration in the offgas. This is true because the kinetics of
combustion are not first-order at low VOC concentrations. The Petro-Tex
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Table D-8. COMPARISONS OF EMISSION TEST RESULTS FOR UNION CARBIDE =
LAB INCINERATOR AND ROHM & HAAS FIELD INCINERATOR?

Rohm and Haas Incinerator ~ Union Carbide Lab Incinerator
Inlet Qutlet - Inlet Qutlet
Compound {1bs/hr) (Tbs/hr) (Tbs/hr) (Tbs/hr)
Propane 900 150 0.64
Propylene ' 1800P 150D 5.6
Ethane | 10 378 3.9
Ethylene 30 190 3.4
TOTAL 2740 - 865 13.54

Overall VOC

Destruction ‘ o -

Efficiency: 68.4% 93.8%
S e g

3Table shows the destruction efficiency of the four 1isted compounds for the
Rohm & Haas (R&H) field and Union Carbide (UC) Tab incinerators. The R&H
results are measured; the UC results are calculated. Both sets of results
are based on 14250F combustion temperature and one second residence time.
In addition, the UC results are based on complete backmixing and a four-step
combustion sequence consisting of propane to propylene to ethane to ethylene

to €0, and Hp0. These last two items are worst case assumptions. |
bare not actual values. Actual valués are confidential. Calculations with

actual values give similar results for overall VOC destruction efficiency.




results are for a butadiene plant, and butadiene offgas tends to be
lean in VOC. Therefore, the test results support the achievability of
98 percent VOC destruction efficiency by a field incinerator designed
to provide good mixing, even for streams with low VOC concentrations.

- The EPA tests at Union Carbide and Rohm and Haas were for residence
times greater than 0.75 second. However,‘theoretiéa] calculations
show that greater efficiency would be achieved at 870°C (1600°F) and
0.75 second than at the longer residence times but 1ower temperatures
represented in these two tests. The data or which the achieveability
of the 98 percenf VOC destruction efficiency is based is test data for
‘similar control systems: thermal incineration at various residence |
times and temperatures. If 98 percent VOC'reduction can be achieved
at a lower temperature, then according to kinetic theory it can ‘certainly
be achieved at 870°C (1600° F), other conditions being equa]

A control efficiency of 98 percent VOC reduct1on, or 20 ppm by
compound whichever is less stringent, has been considered to be the
acheivable control level for all new 1nc1nerators, considering available
technology, cost and energy use.14 This is based on incinerator operatioh
at 870°C (1600°F) and on adJustment of the incinerator after start-up.
The 20 ppm (by compound) level was chosen after three d1fferent incinerator
outlet VOC concentrations, 10 ppm, 20 ppm, and 30 ppm, were analyzed.

In addition to the incinerator tests cited earlier in this Appendix,

data from over 200 tests by Los Ange]és County‘(L A. ) on various waste

gas incinerators were considered in choosing the 20 ppm ]eve] HoWever,
the usefulness of the L.A. data was limited by three factors: (1) the
incinerators tested are small units designed over a decade ago; (2) the
units were designed, primarily, for use on coating operations; and

(3) the units were desighed to meet a regulation requiring on]yv90'percent
VOC reduction.

The 10 ppmv level was judged to be too stringent. Two of the six
non L.A. tests and 65 percent of the L.A. tests fail this criteria.
Consideration was givén‘to the fact that many of the units tested were
below 870°C (1600°F) and did not have good mixing. However, due to
the large percent that failed, it is judged that even with higher
temperatures and moderate adjustment, a large number of units would

still not meet the 10 ppmv level.
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The 20 ppm Tlevel was Judged to be atta1nab1e. Tl of the non L A
and the maJor1ty of the L. A un1ts met th1s cr1ter1a. " There was

R

concern over the. 1arge number of L.A. tests that fa11ed, j.e. 43 percent.

However, two factors outwe1ghed th1s concern - ‘
First, all of the non L.A. units met the cr1ter1a. " This is ‘

- significant since, though the L.A. units represent many tests, they

represent the same bas1c des1gn. They all are small units designed

over a decade ago to meet a rule for 90 percent réouct1on. They are
for similar app11cat1ons for the same geograph1c veg1on des1gned in

many cases by the same vendor. Thus, though many Ffailed, they Tikely .
did so due to common factors and do not represent a w1despread 1nab111ty
to meet 20 ppm. | :

Second, the d1fference between 65 percent fa|11ng 10 ppmv and
43 percent failing 20 ppm is 1arger than a direct comparison of the
percentages would reveal. At 20 ppm, not only did fewer units fail,
but those that did miss the criteria did so by a sma]]er marg1n and
would require less adjustment. Dropp1ng the criteria from 10 ppm to
20 ppm drops the failure rate by 20 percent, but is judged to drop the
overall t1me and cost for adJustment by over 50 percent.

The d1fference between the two levels is even greater when the
adjustment effort for the worst case is considered. The crucial po1nt
is how close a 10 ppm level pushes actual field unit efficiencies to
those of the lab unit. Lab un1t results for complete backm1x1ng

‘indicate that a 10 ppm level would force field un1ts to almost match

lab unit mixing. A less str1ngent 20 ppm level increases the margin
allowed for non1dea1 1nc1nerator operat1on, espec1a11y for the worst
cases. Given that an exponent1a1 increase may o<cur in costs to

improve m1x1ng enough for f1e1d units to approach 1ab unit eff1c1enc1es,‘”

a drop from 10 ppm to 20 ppm may decrease costs to 1mprove m1x1ng in
the worst case by an order of magnitude. “ E |

The 30 ppm level was Judged too lenient. The on]y data 1nd1cat1ng
such a low efficiency was from L. A A11 other data showed 20 ppm

The non-L.A. data and lab data meet 20 ppm and the Petro-tex exper1ence T

showed that moderate adjustment can increase eff1c1ency In add1t1on, .

the L.A. units were judged to have poor m1x1ng. “The mixing def1c1enc1es
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were large enough to mask the effect of increasing‘temperature. Thus,

it is judged that 20 ppm could be reached with moderate adjustment and
that a 30 ppm level would represent a criteria not based on the best

available control technology cost, energy, and environmental imbact.
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APPENDIX E: DETAILED DESIGN AND COST ESTIMATION PROCEDURES

E.l GENERAL

This append1x consists of a more detailed presentation of the
bases, assumptions, and procedures used to estimate equ1pment ‘designs’
and correspond1ng capital and 0perat1ng costs for flares, thermal |
incinerators, catalytic 1nc1nerators, she]] .and- tube condensers, and
piping and ducting. The basis of design and cost estimates are presented
in the following sections: E. 2 f]ares E.3, thermal incinerators;
E.4, catalytic incinerators; E 5 she]] and-tube condensers; and E.6,
piping and ducting. The installation cost factors used in each ana]ys1s
and the annualized cost factors used in a]] of the cost analys1s are .
given in Tables 5-2 and 5- 3, respect1ve1y.

E.2 FLARE DESIGN AND COST ESTIMATION PROCEDURE

Flares are open combustion devices that can be used to effect1ve1y
and inexpensively reduce VOC emissions. The polypropylene and po1yethy1ene
industries commonly use flares to control large emergency releases and
some high VOC streams. Elevated flares were costed based upon 60 fps
exit velocity and a minimum of 300 Btu/scf. Flare he1ght and d1ameter,
which are the primary determ1nants of capital cost, are dependent on
flare flow rate, heating va]ue and temperature.‘ Associated piping ‘and
ducting from the process sources to a header and from a header to the
flare were conservat1ve1y des1gned for cost1ng purposes. 0perat1ng
costs for ut1]1t1es were based on 1ndustry pract1ce (1 fps purge of
waste gas plus natural gas for continuous flow flare 80 scfh natura1
gas per pilot, number of p1lots based on flare t1p d1ameter, 0.4 1b
steam/1b hydrocarbon at max1mum smokeless rate).

E.2.1 Flare Design Procedure. Design of flare systems for the
various comb1nat1ons of waste streams was based on standard flare
design equations for diameter and he1ght presented by IT Env1rosc1ence.
These equations were s1mp11f1ed to funct1ons of the following waste 'gas

[
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characteristics: volumetric flow‘rate, lower heating value, temperature,
and molecular weight. The diameter expression is based on the equation
of flow rate with velocity times cross-sectional area. A minimum
commercially available diameter of 2 inches was assumed. The height
correlation premise is design of a flare that will not generate a
lethal radiative heat level (1500 Btu/ft2 hr, including solar radiation2)
- at the base of the flare (considering the effect of wind). Heights in
5-foot multiples with a minimum of 30 ft. were used.3 Natural gas to °
increase the heating value to 115 Btu/scf is considered necessary by
vendors to ensure combustion of streams containing no sulfur or toxic
materials.? A minimum lower heating value of 300 Btu/scf has been
shown to help ensure a 98 percent efficiency for steam-assisted flares.
For flares with diameters of 24-inches or less, this natural gas was
assumed to be premixed with the waste gas and to exit out tHe étatk.
For 1arger flares, a gas ring was assumed if large amounts of gas were
required because separate piping to a ring injecting natura]lgés into
the existing wasté gas is more economical than increasing the flare
stack size for large diameters. The flare height and diameter selection
procédure is detailed in Table E-1.

Natural gas was assumed at a rate of 80 scfh per pilot flame
to ensure ignition and combustion. The‘number of pilots was based on
diameter according to available commercial equipment.5 Purge gas also
‘may be required to prevent air intrusion.and.flashback. A purge velocity
requifement of 1 fps was assumed.during periods of continuous flow for
'standard systems without seals.b |

Steam was added to produce smokeless combustion through a‘combined
mixing and quenching effect. A steam ring at the flare tip was used
to add steam at a rate of 0.4 1b steam/1b of hydrocarbons (VOC plus
methane and ethane) in the continuoué stream.’ Availability and
deliverability of this quantity of steam was assumed.

Piping (for flows less than 700 scfm) or ducting (for flows equal
to or greater than 700 scfm) was designed from the phocess sources to
a header cdmbining the streams and from the header to the'base of the
flare. Since it is usual industry praﬁtice, adequate pressdre (approximately
3 to 4 psig) was assumed avai]éb]e to transport all waste gas streams
without use of a compressor or fan. The source legs from the various
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PROCEDURE TO DESIGN 98 PERCENT EFFICIENT (60 fps; 300 Btu/scf)

Table E-1.
ELEVATED STEAM-ASSISTED SMOKELESS FLARES ‘
Item Value
1. Waste gas flow rate, Q (scfm)® from Chapter 5 :
2. Lower heating value of waste gas, LHng (Btu/scf) from Chap’ceﬂr‘ 5 :
3. Temperature of waste gas, T, (°F) from Chapter 5
4. Holecular weight of waste gas, M, (1b/1b-mole) from Chapter 5 :
5, Weight percent of hydrocarbons, wt. % HC from Chapter 5 ‘
6. Muxiliary natural gas flow rate, Qg (scfm)® 0, if LHVW?Z 3003
(300-LHV
wg'%g - i LKV, <300 Btu/scf
O ) ,
|
. "l | "
7. Total flare gas flow rate, Qﬂ g (scfm) ng + Qng , X
8. Lower heating value of flare gas, LHV (Btu/scf) 300, if Q g > 0;
LHV , if Q
9. Temperature of flare gas, Tgy o (°F)€ 70, 1f Q = 0 or T, ~70-‘
[qu X (MW ) x T, ] + L(q, (1218)] ‘
: )+(174x0) L AF >0
‘ ‘ ‘ : o
16. Molecular weight of flare gas, Mwﬂ.g (1b/1b-mole) Mww.g', if Qng ‘
M)+ (17.4 ‘ :
(ng X wg) ( X Qng) 1 >0
£ ‘ng
ng * Qng . .
. - 13,
1l. Calculated flare diameter, D calc. (in.)? (2.283 x 1072) [ﬂ Mgy o (g g 460)]’
12, Selected flare diameter, D(in.)e Select standard size for which cost data avaﬂab'le
2, 3, 4, 6, 8, 10, 12, 14, 16, 18, 20, 24, or, 60.
£ -4 z
13. Flare tip pressure drop, Ap (in. H,0) [(4-217 x 1077 Qg 4 V(Tey g, + 4600Mgy /D ]
14, Actual exit velocity, V, (fps)9 74. 16\/Ap :
15. Flane angle, 6" 1 (es.2/v)
i
16. Calculated flare height, H (ft) (2.185 x 10~ )/ x LHV -[(6 05 x 10 )
‘ calc. * fl.g x DxV x €OS6]
17. Selected flare height, H (ft) Select next largér mﬁ]t‘lple of 5 with a minimbm of 30.
18. Safe pipeline length, L (ft)d

m.ogs x 1073) x Qg o % Vg T - W
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sources to the flare header were assumed to be 70 feet in length,8
while the length of pibe]ines to the flare was based on the horizontal
&istance required to provide a tolerable and safe radiation level for
continuous working (440 Btu/hr-ft2, including solar radiation).B
Piping and ducting were selected and costed as outlined in Section E.6.

E.2.2 Flare Cost Estimation Procedure. Flare pufchase costs
were based on costs for diameters from 2 to 24 inches and heights from
20 to 200 feet provided by National Air 0il Burner, Inc., (NAO) during
November 1982 and presented in Table E-2.5 A cost was also provided
for one additional case of 60 inch diameter and 40 feet height./
These costs are October 1982 prices of self-supporting flares without
ladders and platforms for heights of 40 feet and less and of guyed
flares with ladders and platforms for heights of 50 feet and greater.
Flare purchase costs were estimated for the various regulatory alternatives
by either choosing the value provided for the required height and
diameter or using two correlations developed from the NAO data for
purchase cost as a function of height and diameter. (One corhe]ation '
for heights of 40 feet and less, i.e., self-supporting flares and one
for heights of 50 feét‘and greater, i.e., guyed flares.) Purchase
costs of large diameter, 40-ft; high flares were approximated using a
curve developed from the NAO data (see Figure E-1). Purchase costs for
fluidic seals were approximated using a curve based on data provided by NAO7
(see Figure E-2). | | o

A retrofit installation factor of 2.65 (see Table 5-2) was used to
estimate installed flare costs. Installed costs were put on a Jdne
_1980 basis using the following Chemical Engineering Plant Cost Indices:
the overall index for flares; the pipes, valves, and fittings‘index for
piping; and the fabricated equipment index for dutting. ~ Annualized
costs were calculated using the factors presented in Table 5-3. The
flare cost estimation procedure is presented in Table E-3.

E.3  THERMAL INCINERATOR DESIGN'AND COST ESTIMATION PROCEDURE
Thermal incinerator designs for costing purposes were based on
heat and mass balances for combustion of the waste gas and any required




e S *sumojiejd pue saappel UYLM sadeld paknb Joj ade usjessb pue 3834 0§ 30 s3ybLay
L - J0) S9OLad  “sumojjeld 40 SASppel INOYILM SSJBLS Supjaoddns-419S 403 dde SS3 40 3934 Op 30 s3ybLay 404 8IhAd,

T Lz8*521 280°501 822' 18 002 091 021 002*s0¥ ¥2
: < ‘ 0L°56 55.°08 92L*49 591 GeT 001 000°082 02
#9098 v96°1L 29€°85 051 - 021 06 008°922 81
- : LLL*Y9 G¥8°LS TN 0€T 011 08 002°6L1 91
‘ ‘ 85Y° LS £v9°6Y 089°SE 11 56 0L 002 L€1 1
LIty 190°1Y £69°1€ 001 08 09 008001 A
S 6v0°8€ 620°¥E 98.°12 58 0L 05 000°0L 01
L00"62 9552 296°¢1 59 45 ob 008“¥¥ 8
298°€2 065°€1 595°11 0§ oY 0€ 002°52 9
_ 956*6 269°8 160°8 1 62 02 002°11 v
802'8 095°L 095°L 52 02 02 00€°9 £
£69°9% £69°9% £69°93 0z, 02 02 008‘2 [

335/Mg 0002 Jos/mig 0051 J9S/mE 0001  495/Md 0002 J35/n39 006t $957M38 0001 ﬁ_\ﬁw m:x spwms

3di4d aseydand (34) JuBiay aseld

SYYTI00 2861 YIF0LI0 NI *ONI “YINUNG TI0 HIV TYNOILWN
A9 QIATAO¥d SILYWILSI 1S0D 3SVHIUNd 1390ng AvI1d  “¢-3 dlqel



90,000 -

80,000~

70,000

60,000

50,000~

40,000

30,000

Purchase Cost, $ (Oct. 1982)

20,000~

10,000

0 | | J J { | |
. 10 20 30 40 50 60 70

Flare Tip Diameter (in.)

Figure E~1. Estimated Flare Purchase Cost for 40 ft Height

E-9




$15079) €9 JLpLni4 91euLxouddy .N-u auanbL4

(rur) 4838uwetq di} aJel4

09 v 8 o %€ 0 e o8l 2 9
| | l 1 | 1 | 1 | | 0

MHH..ooo.N
000y
- }—o000'9
L 000°8

— 000°0L

- 000°21

L 000°pt

(286L "290) $ 3503 3seYDUNg




adx11iaby fuel, considering requirements of total combustion air.
Costs of associated piping, ducting, fans, and stacks were also estimated.
E.3.1 Thermal Incinerator Design Procedure

Designs of thermal incineration systems for the various comb1nat1ons
of waste gas streams were developed using a procedure based on heat
and mass balances and the characteristics of the waste gas in conjunction
with some éngineering design assumptions. 1In order to ensure a 98 percent
VOC destruction efficiency, thermal incinerators were designed to
maintain a 0.75 second residence time at 870°C (1600°F).9 The design
procedure is outlined in this section.

Streams with Tow heat contents, which require auxiliary fuel to
ensure combustion and sometimes require air dilution or fuel enrichment
to prevent an explosive hazard, are often able to utilize recovered
waste heat by preheat1ng inlet a1r, fue], and perhaps waste gas. The
design considerations for such streams are noted in the following |
discussion, but the combustion calculations, etc. are not detailed
because all combined streams to therma] incinerators for po]ymers and
resins regulatory alternatives had sufficient waste gas heat1ng values
to combust at 870°C (1600°F) without preheating the input streams.
Therefore, only the design procedure for high heat content streams,
1ndependent1y able to sustain combustion at 870°C (1600°F), is detailed
in th1s section.

The first step in the design procedure was to calculate the -
physical and chem1ca1 characteristics affecting combustion of the
waste gas stream from the model p]ant characteristics given in Chapter 2,
us1ng Table E-4. In order to prevent an exp]os1on hazard and satisfy
insurance requirements, dilution air was added to any individual or
combined waste stream with both a lower heating value between 13 and
50 Btu/scf at 0°C (32°F) (about 25 and 100 percent'of the lower explosive
1imit) and an oxygen concentration'of 12 percent or greater by volume.
Dilution air was added to reduce.the lower heating value of the stream
to below 13 Btu/scf. (Adding dilution air is a more conservatjve
assumption than the alternative of adding natura]lgas and is probably
more realistic és other streams often have enough heat content to
sustain the combustion of the combined stream for the regulatory
alternative.) |
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Table E-3.

CAPITAL AND ANNUAL OPERATING COST ESTIMATION PROCEDURE FOR

e e e

Item

STEAM-ASSISTED SMOKELESS FLARES

Vvalue

Capital Costs

Flare purchase cost,

Cl 1 If]
(Oct. 1982 $)

Fluidic seal purchase cost,
(Oct. 1982 %)

Flare system purchase cost, C''fq

b
Flare installed cost, C'fj
(Oct. 1982 $)

Total installed piping costs, C'p
(Aug. 1978 $)

Total installed ﬁucting costs, C'g
(Dec. 1977 5)

June 1980 Instal}ed costs
soioC
Piping~, Cp

Ductingd, Cq

e
Flare®, Cf].

Total flare system cost,
Csys

- (126.08)D2,

C'''fi.s.

Select from Table E-2 if value g1ven
or use equations:
(3905.7) + (35. 054) Hx D+ (900.36) D.
for 20 < H< 40 ft and D < 8 in,
(6275.6) + (224 10) H + (12.782) H x D

o+ (28, 856)D2, for 50 < H < 200 ft.

or from F1gure E 2 1f H 40 ft and D > 8 in.

o J

See footnote a.

C'Ute +C M ALs,
C''f1 x 2.65

Method of Appehdﬁx‘E.G

Method of‘Appepdfk‘E;o“ | AL

C p X 1.206

C'q x 1.288

C'f1 x 0.818




Table E-3. CAPITAL AND ANNUAL OPERATING COST ESTIMATION PROCEDURE FOR
' STEAM-ASSISTED SMOKELESS FLARES (Conc]uded)

- Item

Value

Annualized Costsf

Operating labor, Cj
Maintenance, Cy

Utilities

- scfh .
(Qn.g.) pilotd

scfh
(Qn g, )purge”

Cost natural gas, Cn.g.i

Cost steam, Cgypd
Taxes, admin. & insurance, Ctax
Capital recovery, Ccp

Total annualized, Ciot

620 hr/yr x $18/hr = $11,160
0.05 x Csys

80 scfh; for 2 <D L 8;
160 scfh, for 10 < D < 20;
240 scfh, for D = 24;

320 scfh, for D = 60.

f
[(0.3272)(D 1n)2 - (Qf1.q) cont] X 60

scfm
0.3661}{3[(Qn_g_) x t;] aux. +

‘ scfh
53.45 [(Qn.g., pitot +

(qscfh) purge)]

3. 296[Qw g. (scfm) x MW x wt. % HC] cont.
100%  fl.q.
Csys x 0,04

©0.1315 Cgp + 0.1627 (Cp + Cqg)

Ci + Cpn + Cn.g, + Cstm + Ccr + Crax




Footnotes for Table E-3

aFluidic seal is costed only if cost of purge gas without seal is grea%er
than the annualized cost of the seal plus any purge gas required with
the seal, i.e., taking the October 1982 purchase cost of a seal, Cf} s,
from Figure E-2 for D, if :

$/yr min scfm @ 1 fps .32 ~ fpscfm } :
53.45 30T x 60 0 {0.372 , e [o(in.ff - 0™ ) cont.

inft
;.

> [(0.1315 + 0.05 + 0.08) _$/yr
cap1ta1

x 0.818 Jun. '808 x p.7 installed ¢ ]
Oct. 780% purchase f1f§,

$/yr - scfh 12 - fascfm )
+ 53.45 ST 3(9.45 __?ﬁté)x [?(1n.)] <9f]'g:)cont.%
or, simplifying, | o S I J

if 1169[@ in.]2 - 3154 (gsctm > (0.3805 x C. .
" (in.) ‘ Qf].g. cont. ( fl.s.)

then C'''f1.s. = Cf}.s.

; Note: This condition will be in error to the degree thatt.

0.45 D2 - (Qscfm <0
: (Qf1.gz‘ cont.:|

Otherwise, g =0
. fl.s.

bror installation cost factor breakdown, see Table 5-2.

Cypdated using Chemical Engineering Plant Cost pipes, valves and fittings

index from August 1978 (273.1) to June 1980 (329.3).

dypdated using Chemical Engineering Plant Cost fabricated equipment index
from December 1977 (226.2) to June 1980 (291.3). ‘

epdjusted using Chemical Engineering Plant Cost Index from October 1§82”W€hmwxw”“

(317 estimated) to June 1980 (259.2).

fFor annualized cost factors, see Table 5-3.
dgased on vendor information for pilots without energy conservation
(Reference 5). - ‘ i

hgnsures continuous flow of at least 1 fps for f1éré with any contingous

flow not using fluidic seal:
\ A ‘|
i o2 ft2 -
(D(in.))¢ x TE_d__?.ﬁz...x (1 fps) x (60 sec/min)
- [Qf1.g. (scfm)] cont. { 60 min/hr
B




Footnotes.for Table E-é (Cdnclﬂded)

Ensures sufficient continuous flow per vendor information for flare
with any continuous f]ow using a fluidic seal:

0. 45 Sthz X [D(1n )12
in
g}:[qn g (scfm); x 60 min/hr x (tjoperating hours per year
at stream combination 1)

+ [Qpirot(scth) + Qpurge(scfh)I x 8760 hr/yr

« 520°R scf at 60°F , 1,040 Btu (HHV) $5.98
530°F scf at 70°R scf at 60°F (10° Btu (HHV)
. (108 Btu)
6
10 BTU

 JAssumes steam at 0.4 1b/1b of hydrocarbon at maximum cont1nuous flaring
rate for 8600 hr/yr:

Qeont. (scfm) X Micgnt. X ( wt.% “C) x 8600 hr/yr x 60 min/hr
100% cont. N

X (]b-mo]e/387 scf at 70°F) x (0.4 1b steam/1b HC) x (1000 1b steam)
: : ‘ 1000 (1b steam)

x $6.18/(1000 1b steam)

or simplifying,

3. 296[ (scfm) x MW x W% HC jcont.
100% |f1.g
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The combustion products were then ca]cu]ated using Table E-5
assuming 18 percent excess air for requ1red ‘Combustion a1r, but 0 percent
excess air for oxygen in the waste gas, 1. e., oxygen thorough]y mixed
with VOC in waste gas. The procedure wou]d 1nc1ude a ca1cu1at1on of
auxiliary fuel requirements for streams (usua11y w1th heat1ng values B
less than 60 Btu/scf) unable to ach1eve stable combustion at 870°C
(1600°F) or greater. Natural gas was assumed as the auxiliary fuel as
it was noted by vendors as the pr1mary fuel now be1ng used by 1ndustry
Natural gas requirements would be calculated using a heat and mass
balance assuming a 10 percent heat loss in the incinerator. Minimum
auxiliary fue] requ1rements for Tow heat1ng content streams wou]d be :
set at 5 Btu/scf to ensure f]ame stab111ty.19 | )

The design procedure for streams able tﬁ ma1 :
870°C (1600°F) is presented 1n Table E-6. Fue] was added for flame

stab111ty in amounts that prov1ded as much as 13 percent of the 1ower

heating value of the waste gas for streams w1th heat1ng va]ues of

650 Btu/scf or less. For streams conta1n1ng more
flame stab111ty fuel requ1rements were assumed tc
oven gas, which susta1ns a stable flame conta1n<

In order to prevent damage to 1nc1nerator constructlon mater1a1s,

only about 590 Btu/scf. s

quench air was added to reduce the combustion temperature to below the e

incinerator design temperature of 980 °C (1800 °F) for the cost curve
given by IT Enviroscience.ll

The total flue gas was then ca]cu]ated by summ1ng the products of
combustion of the waste gas and natura1 gas along with ‘the dilution
air. The required combustion chamber volume was then calculated for a
residence time of 0.75 sec, conservat1ve1y oversizing by 5 percent
according to standard 1ndustry pract1ce.12 The design procedure
assumed a minimum commercially available size of 1.01 m3 (35.7 ft3)
based on vendor 1nformat1on13 and a maximum shop assemb]ed un1t s1ze
of 205 m3 (7,238 f£3).14

The design procedure would a]]ow for pretreat1ng of combust1on‘
air, natural gas, and when perm1tted by 1nsuranc“

i

gu1de11nes, waste

gas using a recuperative heat exchanger in order to reduce the natural

gas required to maintain a 870°C (1600° F) combustion temperature. If

R
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a plant had a use for it, heat could be recovered. kIn fact, a waste

heat boiler can be used to generate steam, generally with a net costl

savings.)

E.3.2 Thermal Incinerator Cost Estimation Procedure
Thermal incinerator purchase costs for the (a1cu]ated combust1on

\
l
i
!
|

chamber volume were taken directly from Figure E-3, (F1gure A-1 in the
IT Enviroscience document Reference 11). A retrof1t 1nsta1]at1on B
cost factor of 5.29 (see Tab]e 5- 2) was used based on the Env1rosc1ence
document.15 The installed cost of one 150-ft. duct to the 1nc1nerator o
and its associated fan and stack were also taken d1rect1y from F1gure o
E-4 (Figure IV-15, curve 3 in ‘the IT Env1rosc1en‘e study15) A m1n1mum
cost of $70,000 (in December 1979) was assumed for Waste gas streams
with f]ows below 500 scfm. Tbe costs of p1p1ng or duct1ng from the |

process sources to the 150-ft. duct costed above were estimated as for‘”“ﬁ“w“
flares. Installed costs were put on a June 1980 basis using the o
following Chemical Engineering Plant Cost Indices: the overa11 1ndex

for thermal incinerators; the pipes, valves, and f1tt1ngs 1ndex for

piping; and the fabricated equ1pment index for ducts, fans, and stacks.
Annualized costs were ca]cu]ated using the factors 1n Tab]e 5- 3.3 The ‘E
electricity requ1red was ca]cu]ated assum1ng a 6- 1nch H20 pressure . |

1

drop across the system and a b]ower eff1c1ency of 60 percent. The
cost ca]cu]at1on procedure is given in Table E- 7. o B .
E.4 CATALYTIC INCINERATOR DESIGN AND COST ESTIMATION PROCEDURE
Catalytic incinerators are generally cost effect1ve voC contro1
devices for low concentrat1on streams. The catalyst increases the
chemical rate of oxidation a]low1ng the reaction to proceed at a lower
energy level (temperature) and thus requiring a smaller oxidation
chamber, less expens1ve mater1a1s, and much less aux111ary fue]
(especially for low concentrat1on streams) than requ1red by a thermal

incinerator. The primary determinant of catalytic incinerator cap1ta1

S [ R ]

cost is vo]umetr1c flow rate. Annual operat1ng costs are dependent on

emission rates mo]ecu]ar weights, VOC concentrat1on, and temperature.

Catalytic incineration in conJunct1on w1th a recuperat1ve heat exchanger

can reduce overall fuel requ1rements.

E-22
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TABLE E-7. CAPITAL AND ANNUAL OPERATING COST ESTIMATES FOR
RETROFIT THERMAL INCINERATORS WITHOUT HEAT RECOVERY

ITEM

VALUE

Capital Costs

Combustion Chamber
Purchase cost
Installed cost
Installed cost, June 19803

Piping & Ducting (from sources
to main incinerator duct)

Insta]led cost

Installed cost, June 1980b
Ducts, Fané & Stacks (from
main duct to incinerator
and from incinerator to

atmosphere)

Installed cost®

Installed cost, June 19809

Total Installed Cost, June 1980

Annualized Costs®

Operating labor
Maintenance material & labor
Utilities

natural gasf

electricity9
Capital recoveryh
Taxes, administration & insurance

Total Annualized Cost

from Figure E~3 for V¢

.purchase cost x 5.29

installed cost x 1.047

see Section E.6 for Qy,g, (scfm)

installed cost x 1.206 for piping
installed cost x 1.288 for ducting

from Figure E-4 for Q
use $70,000 minimum

W.g.>
installed cost x 1.064
sum of combustion chamber,

piping & ducting, and ducts,
fans, & stacks

1200 hr/yr x $18/hr = $21,600
0.05 x total installed cost

(5.245 x 10°*) (% aux) x LHY,
X Qu.g. (Ib/hr) -9

(0.4610) x Q¢ g, (scfm)
0.1627 x total installed cost
0.04 x total installed cosf
operating labor + maintenance

+ utilities + capital recovery

+ taxes, administration &
insurance

E-25




|
|
Footnotes for Table E- 7 B | o o s

dypdated using Chemical Eng]neer1ng Plant Cost Index from December 1979
(247.6) to June 1980 (259.2).

bP1p1ng updated using Chemical Eng1neer1ng P]ant Cost p1pes, valves,
and fittings index from August 1978 (273.1) to June 1980 (329.3).
Ducting updated using Chemical Engineering Plant Cost fabricated
equipment index from December 1977 (226.2) to June 1980 (291 3).

CFrom Figure E-4 for no heat recovery from Env1rosc ce (Reference 16),
which assumed 150-ft of round steel inlet ductwork with four ells,

one expansion joint, and one damper with actuator; and costed according
to the GARD Manual (Reference 17). Fans were assumed for both waste
gas and combustion air using the ratios developed for a “"typical
hydrocarbon" and various estimated pressure drops and were costed
using the Richardson Rapid System (Reference 18). Stack costs were
estimated by Enviroscience based on cost data received from one
thermal oxidizer vendor. o |
Although these Enviroscience estimates were deve]oped for 1ower |
heating value waste gases using a “typical hydrocarbon" and no dilution
to 1imit combustion temperature, the costs were used directly because
Enviroscience found variations in duct, etc., deS|gn to cause only

small variations in total system cost. Also, since the duct, fan,

and stack costs are based on different flow rates (waste gas, combustion
air and waste gas, and flue gas, respectively) the costs can not be
separated to be adJusted 1nd1v1dua]1y.

dUpdated using Chemical Eng1neer1ng P]ant Cost fab cated equ1pment
index from December 1979 (273.7) to June 1980 (291 3)

€Cost factors presented 1n Tab]e 5-3.
oE

FL(% aux) x LHV,,_ g /20,660 Btu/1b ;.1 (100 1bn g”/1oo 1b g‘) x Q. y (1b/hr) %
(100 1by,, g,)/100(1bw g ) x (8000 hr/yr) x (1b- mole/””;4‘1bg_5;)”k ‘?‘
|

(379 scf at 60°F/1b-mo]e) X (1040 Btu(HHV)/scf at 60 F) x‘$5 98/106 ‘

Btu (HHV) x (108 Btu)/lo6 (Btu)
SElectricity = (6 in. H,0 pressure drop) x Qf, g. (scfm) X (8000 hrs/yr)

x (0.7457 kW/hp) x (5.204 1b/ft2/1n. Ho0) + [(60 sec/min) x (550 ft-1b/
sec/hp) x (0 6 kW blower/1 kW e]ectr1c) x $0. 049/kwh]

h10 percent interest (before taxes) and 10 yr. 11fe-]f




E.4.1 Catalytic Incinerator Design Procedure

The basic equipment components of a catalytic incinerator include
a blower, burner, mixing chamber, catalyst bed, an optional heat
exchanger, stack, controls, instrumentation, and eontroT panels. The
burner is used to preheat the gas to catalyst temperature. There ie
essentially no fume retention requirement. The preheat temperature is
determined by the VOC content of gas, the VOC destruction efficiency,
and the type and amount of catalyst required. A sufficient amount of
air must be available in the gas or be supplied to the preheater for
VOC combustion. (A1l the gas streams for which catalytic incinerator

.control system costs were developed are dilute enough in air and

therefore require no additional combustion air.) The VOC. components
contained in the gas streams include ethy1ene, n-hexane, and other
easily oxidizable components. These VOC components have ;ata]ytic
ignition temperatures below 315°C (600°F). The catalyst bed outlet
temperature is determined by gas vVoC content. Catalysts can be operated
up to a temperature of 700°C (1,300°F). However, continuous use of

the eatalyst at this high temperature may cause accelerated thermal
aging due to recrystallization. ' '

The cata]yst bed size required depends upon the type of cetalyst
used and the VOC destruction efficiency desired. About 1.5 ft3 of
catalyst for 1,000 scfm is required for 90 percent control efficiency
and 2.25 ft3 is required for 98 percent control efficiency.l9 As
discussed ear]ier'many‘factors influence the catalyst life. Typically
the catalyst may loose its effectiveness gradually over a period of
2 to 10 years. In this report the catalyst is assumed to be replaced
every 3 years. |

Heat exchanger‘requirements are determined by gas inlet temperature
and preheater temperatuée. A minimum practical heat exehanger efficiency
is about 30 percent. Gas temperature, preheater tempehature; gas dew
point temperature and gas VOC content determine the maximum feasible
heatrexchanger efficiency. A maximum heat exchanger efficiency of
65 percent was assumed for this analysis. The procedure used to calculate
fuel requirements is presented in Table E-8. Estimated fuel requirements
and costs are based on using natural gas, although either oil (No. 1
or 2) or gas can be used. Fuel requfrements are drastically reduced
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when a heat exchanger is used. Total heat requ1rements‘are based on a
preheat temperature of 600°F. A stack 1s used t

wyent f]ue gas to ‘the
(E s

atmosphere.

E.4.2 Catalytic Incinerator Cost Estimation Procedure‘”‘:”““” o

The cap1ta1 cost of a cata]yt1c incinerator system is usually
based on gas volume fiow rate at standard conditions. For catalytic |
incineration, 70°F and 1 afm (0 psig) were taken as standard cond1t1ons.
The operating costs are determ1ned from the gas flow rate and other
cond1t1ons such as gas VOC content and temperature. Tab]e E-9 presents

LA i R I

stem costs.

i ar
the bas1c gas parameters requ1red for est1mat1ng

As noted earlier, equipment components of a cata]yt1c 1nc1nerat1on
system include blower, preheater with a burner, m1x1ng chamber, cata]yst
bed, an optional heat exchanger, stack, controls, and internal duct1ng
jncluding bypass. Calculations for capital cost estimates are based
on equipment purchase costs obtained from vendors19 20,21 and application
of direct and indirect cost factors. Table E-10 presents third quarter o
1982 purchase costs of cata]yst 1nc1nerator systems with. and w1thout
heat exchangers for sizes from 1,000 scfm to oO 000 ‘scfm. The cost
‘data are based on carbon stee1 for 1nc1nerator sy tems and sta1n1ess‘

steel for heat exchangers. The heat exchangerMC< s are’ based on

65 percent%heat recovery. Cata]yt1c 1nc1nerator systems of gas "Volumes
higher than 50,000 scfm can be estimated by considering two equal |
volume un1ts in the system. A minimum available unit size of 500 scfm
was assumed.22:23 The installed cost of this m1n1mum s1ze un1t (wh1ch can o
be used without addition of gas or air for stream flows greater than R
about 150 scfm23) was est1mated to be $53,000 (June 1980) The heat'
exchangers for small size systems would be cost]y ‘and may not be praét1ca1
Table 5-2 presents the direct and indirect installation cost component
factors used for estimating capital costs of catalytic incinerator
systems. ‘The geometric mean of the two vendor estimates for each £1ow
rate was multiplied by the ratio of total installed costs to equ1pment
purchase costs of 1.82 developed for a sk1d-mounted cata]yt1c incinerator.
Actual direct and indirect cost factors depend upon “the ‘plant spec1f1c
cond1t1ons and may vary with system sizes. |
Since the equ1pment purchase cost presented 1n Tab]e E-10

represents the third quarter of 1982, the cost data was adJusted to
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Table E-8.

S

OPERATING PARAMETERS AND FUEL REQUIREMENTS
OF CATALYTIC INCINERATOR SYSTEMS

Item

o v

Source of information or calculation

Waste Gas Parameters |

(1)
(2)

(3)

(4)

(6)

()

(11)

(12)

Flow rate (Qp), scfm

Amount of air present in
the gas, scfm

Amount of air required
for combustion at 20%
excess, scfm

Net amount of additional
air required (Q3), scfm

Total amount of gas to be
treated (Q4), scfm

Waste gés Temperature at
the inlet of PHRD, °F

Waste gas temperature at
preheater outlet or
catalyst bed inlet, °F

Temperature rise in the
catalyst bed, °F

Flue gas temperature at

catalyst bed outlet, °F

Minimum possible temperature
of flue gas at PHR outlet, °F

PHR efficiency at maximum
possible heat recoveryd, ¢

PHR design efficiency, %

From Table E-9
0, if the waste gas contains VOC and
nitrogen or other inert gas; and
[(1 - volume percent VOC) : (volume
percent VOC)] x VOC volume flow (Qy),
scfm, -if the waste gas contains VOC
and air

See %ootnote a.

Item (3) - Item (2); and O if
[Item (3) - Item (2)] is negative
Item (1) + Item‘(4)

From Table E-9

600°F

(25°F/1% LEL) x (%LEL from Table E-9)
Item (7) + Item (8)
See footnote C.

[Item (1) x (Item (7) - 25°F -
Item (6))] + [Item (5) x (Item (9) -
Item (6))]¢

See footnote f
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Table E-8. OPERATING PARAMETERS AND FUEL REQUIREMENTS
) _OF CATALYTIC INCINERATOR SYSTEM (concluded)

Item  Source of information or ca]cu]ation}
‘ oo Lo : v]
(13) Waste gas temperature at ' '0.65 [Item (9) - Item (6)] + Itém (Gf
PHR outlet,°F | !
‘ ‘ o ' o
(14) Amount of heat required by Item (5) x [Item (7) - Item (13)] x
preheater at additional 10% [Gas sRecific heat®, Btu/scf, °F] x
for auxiliary, Btu/min (110%) |
o ‘ ‘ ; P co ‘ ‘wh;“hﬁﬂ‘ \ RPN
(15) Amount of heat required " [item (14) x 60 minutes/hour] x (10%)h
for preheater and auxiliary x (106 Btu)/106 Btu '
fuel, 100 Btu/h
(16) Amount of natural gas | " [Item (14) x (8,000 x 60)‘m1hute5/ye£r]:ﬂwwmhw“‘
required per year, 103 cfm x 10-3 & (1,040 Btu/cfm)

L |

aon volume basis (scfm/scfm): 11.45 for methane, 20.02 for ethane, 28.58 for
propane, 54.31 for hexane, 17.15 for ethylene, and 45.73 for pentane.

Values taken from p. 6-2 in Steam (Reference 24) for 100% total air and
multiplied by 1.2 for 120% total air or 20% excess air. :
|

bprimary heat recovery unit.
‘ | S ]
CHeat exchanger should be designed for at least 50°F above the gas dew point.

dThe heat exchanger will be designed for 25°F lower than the preheater
temperature so as to not cause changes in catalyst bed outlet temperature.

eThough the heat recovery to the temperature 1eve1mof”théfwﬁas‘iswﬁHé‘“ |
maximum heat efficiency possible, in some cases this may not be possible
due to gas dew point condition. - ‘

feost estimates are based on calculated maximum bbés%b1é‘ﬂ§a£“reédv5ry“‘
up to an upper limit of 65 percent heat recovery.

‘ L . oL RTINS SR I P T VR S AL
9Gas specific heat varies with composition and. temperature. Used 0.019 Btu/ft3°F
based on average specific heat of air for calculation purpose.

B

NAuxiliary fue]jrequirement is assumed to be 10 percent of total.
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TABLE E-9. GAS PARAMETERS USED FOR ESTIMATING CAPITAL AND
OPERATING COSTS OF CATALYTIC INCINERATORSA

ITEM

VALUE

. Stream identification

Stream conditions
Temperature, OF
Pressure, psig
VOC content:’
Emission factor, kg/Mg
of product
Weight % of total gas (Wj)
Mass flow rate, kg/h .

1b/h
Organic constituents wt %

Average mol. (M ) 1bs
~ Volume flow (Ql), scfm

Heat content (Hi),
Btu/scf

Total gas:

Constituents
Mass flow rate, 1b/h

Molecular weight (My)
Volume flow (Qz), scfm

Air volume flow rate, scfm
VOC concentration (A), %
of LEL -

Heat content (Hp),
Btu/total scf

Identify the vent and the polymer
industry from Chapters 2 and 5

(Emission factor, E, kg/Mg) x 1000 Mg/Gg
(Plant production rate, P, Gg/yr) 3
(8,000 h/yr)

(kg/h) x (2.205 1b/kg)

(voC mass rate, 1b/h) s (60 min./h) +
(Molecular we1ght (M1), 1bs/1b mole) x
385 scf/1b-mole at 68°F) 1.768 (EP/Mq)

(174.273)(2.521N. + Ny)©

VOC, air and others ‘
(VOC rate, 1b/h) s (wt% of VOC in
gas, W;/100%)

Gas mass rate, 1b/h) + (60 min/h) =
(Gas mo]egular weight (Mp), 1b/1b mole)
x (385 ft° /1b mole) = 1.768 (EP/Mzwl)

(Total gas flow (Qp), scfm) - (VOC volume
flow (Q1), scfm)

(100) [(volume flow of VOC, scfm) =
(Volume flow of air, scfm] + LELd

From Chapter 5€
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Footnotes for Table E-9

‘ ‘ S S |
a0btain gas parameters from Chapter 2 of the CTG, and Chapter 3 of the
background information document for the polymer manufacturing NSPS,

except those to be calculated. o

bcalculate using weight percent values of VOC cdmp

‘ S T CREE Rt

CIf the VOC heating value is not available, calculate it using heat of
combustion values of 14,093 Btu/1b from carbon converted to CO2 and

51,623 Btu/1b from hydrogen converted to water. Nc and Ny denote number

carbon and hydrogen atoms in VOC.

o ‘ I I
diower explosion levels of ethylene, hexane, methanol, propane, butane,
and pentane are 3.1, 1.32, 7.3, and 2.5, 1.9, and 1.4, respectively.
I

eTotal gas heat content averages 50 Btu/scf at 100 percent LEL.
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b | \ : o
~ represent June 1980 by using a}cost index muitipTy%nQLféctor‘Bf o
82.3 percent (based on Chem1ca1 Eng1neer1ng p]ant ‘cost’ indices of
259.2 for June 1980 and 315. 1 for August 1982) “fhe direct and = T
indirect capital cost factors were applied to the adjusted purchase =

costs and the resultant est1mates of cata]yt1c in ‘rator 1nsta11ed
| capital costs as of June 1980 are presented in F1gure‘t 5.

Insta]led costs of p1p1ng, ducts fans,‘and stacks were est1mated
by the same procedure as for thermal 1nc1nerators.” ‘Installed costs
were put on a June 1980 bas1s us1ng the following “Chemical Eng1neer1ng
Plant Cost indices: the overa]] index for cata]yt1c 1nc1nerators the“‘”““w
pipes, valves, and fittings index for piping; and the fabr1cated |

equipment index for ducts, fans, and stacks.

R

Table 5-3 presents cost bases used for annua11zed cost est1mates.
The operat1ng Tabor requ1rement value 1s based ‘on conversations w1th
vendors. The cap1ta1 recovery factor 1s based on cap1ta1 recovery
per1od of 10 years and an interest rate (before taxes) of 10 percent.
(Actually the current tax regu]at1ons allow the control system owners
to depreciate the total cap1ta1 expend1ture 1n tf
Fuel cost is the major direct cost item. |

The total annual operating costs are“ca]cu]dted using the cost
bases shown in Table 5-3 and the fuel requirements calculated in
Table E-8. Table E-11 presents a procedure for ca1cu1ating total
annualized cost estimates of catalyt1c 1nc1nerators. T

rst 5 years )

The amount of catalyst required usua]]y depends“upon the controi
efficiency. According to a vendor,21 typical catalyst costs are about
$3,000 per ft3. Indirect additional costs involved in replacing the'
catalyst every 3 years are assumed to be 20 percent. Therefore, for
98 percent efficient systems, the annua1 catalyst rep]acement costs
amount to $2.70/scfm. L I L A

E]ectr1c1ty cost ca1cu1at1ons are based on pressul ~ops of

4 in. water for systems w1th no heat recovery an
systems with heat recovery, and at 10 percent ‘additional e]ectr1c1ty |
required for 1nstrumentat1on ' controls, and miscellaneous. Therefore,
at the conversion rate of 0. 0001575 hp per 1nch‘ow weter pressure "

drop per cubic foot per minute, 65 percent motor eff1c1ency, and $0 049/kwh |
electricity unit cost, the tota] annual electricity costs amount to

FIE| .
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JUNE 1980 Installed Capital Cost ($1000)

5,000
Key:
With 65% Ieat recovery j:_ -+ . ¢
- ‘ Without hegat regovepy — ‘/'/
1,000 . ' ‘ ——14
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Figure E-5. Installed Capital Costs for Catalytic Incinerators
With and Without Heat Recovery
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Table E-11. CAPITAL AND OPERATIONG COST ESTIMATION FOR

P . 4. T T T : T .
b I

: |
Item

CATALYTIC INCINERATOR SYSTEMS

Capital Costs
Incineration system
Installed cost, June 1980

Installed retrofit cost, June 1980

Piping & ducting (from sources
to main incinerator duct)

Installed cost
Installed cost, June 19802

Ducts, fans & stacks (from main duct
to incinerator and from incinerator
to atmosphere)

Installed costP

Installed cost, June 1980¢
Total Installed Cost, June 1980
Annualized Costs

Direct costs
Operating labor

Maintenance material and
labor

Catalyst requirement

S Utilities:
Fuel (natural gas)

 E-36

~ piping & ducting, and ducts,

From Figure E-5
Installed cost x 1.18, from TaL]e_B-Z‘

*

See Section E-6 for source flow
rates, scfm. ‘
Installed cost x 1.206 for piﬁing
Installed x 1.288 for dqgtinqw

From Figure E-4 forHQaste‘gas f]ow‘“
(Q2), scfm; use $70,000 minimum

Installed cost x 1.064

Sum of incineration systems,

fans, & stacks
A LR B o

$11,200 for systems with no heat
recovery; and $16,700 for systems
with heat recovery

|
(0.05) x (Total installed capital
cost, $ from Figure E-5)

|
$2.7 x (Total gas volume flow(Qs)2
scfm, item 5 from Table E-8) =

($2.7 x Qq)

($6.22/103ft3) x_(Amount of natural
gaS“requTred, 1O3ft3, Item 16 of
Table E-8)€




Table E-11. CAPITAL AND OPERATIONG COST ESTIMATION FOR
CATALYTIC INCINERATOR SYSTEMS (Concluded)

Item v - Value

Electricity ($0.312/scfm) x (Total gas volume
flow rate (Qg), scfm, Item 5 from
Table E-8) for units with no heat
recovery; and ($0.78/scfm) x (Total
gas volume flow rate (Qgq), scfm,
Item 5 from Table E-8) for units with
heat recovery
Indirect Costs ’

Capital recovery (0.1627) x (Total installed capital

cost, $ from F1gure E-5)

Taxes, insurance and (0.04) x (Total installed capital
administrative charges cost, administrative charges
: $ from Figure E-5)

Total Annualized Costs ‘ © Sum of total direct costs and
: total indirect costs

dUpdated using Chemical Engineering Plant Cost Index from December 1979
(247.6) to June 1980 (259.2).

bpiping updated using Chemical Engineering Plant Cost pipes, valves, and
fittings index from August 1978 (273.1) to June 1980 (329.3). Ducting
updated using Chemical Engineering Plant Cost fabricated equipment index
from December 1977 (226.2) to June 1980 (291.3).

CSee footnote c, Table E~7 for discussion on application of these costs
developed by Enviroscience (Reference 25).

dUpdated using Chemical Engineering Plant Cost fabricated equipment index
from December 1979 (273.7) to June 1980 (291. 3)

€Total gas flow including waste gas and additional combustion air.

E-37




or 4 1n.mH20 pressure
drop) and $0.838/scfm for units w1th ‘heat recovery (1 e., for 10 in. th
pressure drop).

$0. 335/scfm for units with no heat recovery (1 e.,“

E.5 SURFACE CONDENSER DESIGN AND COST ESTIMATIOM PROCEDURE

e ¢ i
ure used for

This section presents the deta115 of the pro
sizing and estimating the costs of condenser systems‘app11ed to the
gaseous streams from the continuous process polystyrene model plant.

Two types of condensers are in use in the industry: surface condensers
in which the coolant does not contact the gas or condensate; and
contact condensers in which coolant, gas, and condensate are‘intimately
mixed. " ‘ W‘“d”‘ o N

Surface condensers were eva]uated for“the fo11ow1ng two streamS‘
from the po]ystyrene model p1ant the styrene condenser vent and the
styrene recovery unit condenser vent. These streams consist of styrene
and steam, which are 1mm1sc1b1e, or of styrene in a1r a non-condensab]e.
The nature of components present in the gas stream determ1nes the
method of condensation: 1sotherma1 or non- 1sotherma1 j The condensat1on
method for streams containing either a pure component‘or a mixture of
two immiscible components is 1sotherma1 In the isothermal condensat1on
of two immiscible components, such as styrene‘anﬁ steam, the components“"

condense at the saturation temperature and y1e1d m1sc1b1e 11qu1d

condensates. The saturation temperature is reached when the vapor
pressure of the components equals the total pressure of the system.
The entire amount of vapors can be condensed by isothermal condensat1on.
Once the condensation temperature is determined, the total heat 1oad is
ca]culated and the correSpond1ng heat exchanger system size is est1mated
The condensat1on of styrene mixed with a non- condensab]e such as a1r, -
can be considered isothermal if the temperature of one fluid is neariy‘
constant. The analysis shows that the condenser coolant tempearturej1s N
nearly constant for the combined material recovery vent stream from the
continuous polystyrene model plant. The condensat1on of styrene in
air, nevertheless, is accomplished less read11y, and thus more expens1ve1y,
than the condensation of styrene in steam.‘ |
The following procedures and assumpt1ons were used in eva]uat1ng

the isothermal condensation systems for the two streams conta1n1ng
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(1) styrene in steam and (2) sytrene in air from the continuous polystyrene
model plant.
E.5.1 Surface Condenser Design

. The condenser system evaluated consists of a shell and tube heat
exchanger with the hot fluid in the shell side and the cold fluid in
the tube side. The system condensation temperature is determined from
the total pressure of the gas and vapor pressure data for styrene and
steam and sytrene in air. As the vapor pressure data are not readily
available, the condensation temperature is estimated for styrene in
steam by trial-and-error, and for styrene in air by a regression equation
of available data‘pojnts26 using the Clausius Clapeyron equation which
relates the stream pressures to the temperatures. The total pressure
of the stream is equal to the vapor pressures of individual components
~at the condensation temperature. Once the condensation temperature is
known, the total heat 1oad of the condenser 1s determ1ned from the

latent heat contents of styrene and steam and for styrene in air, from
the latent heat content of the condensed sytrene and the sensible heat
changes of styrene and air. Table E-12 shows the procedure for ca]cu]at1ng

the heat load of a condensation system for styrene in air. The design
requirements of the condensation system are then determined based on
the heat load and stream characteristics. The coolant is selected
based on the condensation temperature. The condenser system is sized
based on the total heat load and the overall heat transfer‘cbefficient
which is established from individual heat transfer coefficients of the
gas stream and the coolant. An accurate estimate of individual coefficients
can be made using such data as viscosity and thermal conductivity of
the gas and coo]ant and the standard sizes of shell and tube systems to
be used. .

For styrene in steam, no detailed calculations were made to determine
the individual and overall heat transfer coefficients. Since the o
streams under consideration contain low amounts of styrene, the overall
heat transfer coefficient is estimated based on published data for
steam. | '

For styrene-in-air, refrigerated condenser systems were designed
according to procedures for calculating shell side28 and tube side?9
heat transfer coefficients and according to condenser30 and refrigerant31,32
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. Table E-12. PROCEDURE TO CALCULATE HEAT LOAD
OF A CONDENSATION SYSTEM FOR STYRENE IN AIR

Item

«

© Value

Heat exchanger type

Source identification

Source producﬁion capacity
(CAP), Gg/yr

Source emission factor (E),
kg VOC/Mg product

Desired emission reduction,
(% Red'n), % ‘

Gas stream condition

Partial pressure of styrene
at inlet (Py,)

Composition of gas stream
at inlet;

Styrene mass flowrate
(Ws), 1b/hrd;

Gas stream vb]umetric
“flowrate (V), acfmé

Gas stream mass flowrate
(W), 1b/hrf

Partial pressure of styrene
at outlet (Pgyut), mm Hg

Temperature required for reduction
(T'out)’ °k9

Temperature required for reduction
(Tout)s °F

Latent heat change of styrene (6st )
- Btu/hrh Y

E-40

tube side

- 40% at 0.2 kg VOC/Mg of product
R ' s i D vl e

Assume

0.01046 $t3 styrene/ft3 gasP;

100-%Red'n_ x 7.952 mm HB

Shell and tube heat eXchanéer
with hot fluid in the shell
side and the cold fluid in the

Ldentity the polymer industry aid
~ the vent

vfrpm Ch%pters‘z and 5
From model plant in Chapter 2

|
From model plant in Chapter 2

1
i

|

96.1% at 3.09 kg VOC/Mg of‘product

saturated styrene in "
air at 80°F, latm.
w;u [ W Lot P :‘m . W ‘ ‘ | o

7.952 mm Hg®
0.002764 1b styrene/ft3 gas®
0.2756 x CAP x E

361.79‘f‘w$

4,415 x V

166.36 x W x (% Red'n)

100

4847.95 + [18,2440 - 1n (Pgyt)]

|
(1.8 x T'out) - 459.67

}




Table E-12. PROCEDURE TO CALCULATE HEAT LOAD
OF A CONDENSATION SYSTEM FOR STYRENE IN AIR (Concluded)

Item : Value

Average (bulk) gas temperéture (Tp),°F (80 + Toyt) = 2
i,J

Density of air (pair), 1b/ft3 1+ [(0.002517'x Tp) + 1.157]

Specific heat ofrair((cp)air),

Btu/1b-°F From API Report 44K
Sensible heat change of air (Qaip), V x pair x (cp) . % (80-Tgyt) x
Btu/hr air

60 min/hr

Specific heat of styrene ((cp) ),
Btu/1b-°F | sty From API Report 441

SensibTe heat change of styrene (Q'Sty), ‘

Total design heat load (Qgqt)s Bt‘u/hr"m 1.2 (Qsty‘+‘Qair + Q'sty)

dCalculated frbm Clausius Clapeyron curve fit

(Inp = m 1 __+b) of styrene vapor pressure versus
T,°K

temperature data given on p. 3-59 of the Chemical Engineers' Handbook
(Reference 26) for 80°F (see temperature required for reduction).

Dyolume fraction of styrene = 7.952 mm Hg = 0.01046 £t3 styrene/ft3 gas.
760 mm Hg

CAssuming ideal gas:

n P 14.7 1bf/in.‘“R 144inc /Tt~

o o 3
V. _ RT . 1545 ft lbe/lpy - °R x.580.°R _ 394.137t>/1p_mote:

styrene content (1b/ft3 gas) =

0.01046_ft3 styrene , lb-mole _ . 104.14 1b styrene
fto gas 394.13 ft9 1b-mole
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Footnotes for Table E-12 (Concluded)

dcAP,Gg product/yr x 1000 Mg/Gg x E kg VOC/Mg proddct
8000 hr/yr x 0.4536 kg/lIb

e 1 Y U SRR
CAP,Gg product/yr x 1000 Mg/Gg x E kg VOC/Mg product -

>2=-"5000 hr/yr % 0.4536 kg/Tb X 0.00276% 92.26 x CAP x
fy, acfm @ 80°F x 2529 1b/Ib-mole x 60 min/hr |
394.13 act/ib-mole @ 80°F ‘

gSolving Clausius Clapeyron curve fit of‘styﬁene vapor pressure data
(rz = 0.99995) referred to in footnote a for temperature.

hsiope, m, of Clausius Clapeyron curve fit = - o

latent heat of styrene,A= -m X R =
L : Btu-1b-mole
4847.95 (°K) x 1.9853 cal/g-mole-°K x 1.8 cal/g-mole
104.1% 1b/1Tb-mole

iT,°K = T,°C + 273.15 5 (T,°F-32) + 273.15 = 0.5556 T,°F + 255.37

9

T/, pL = TNy = T 5 Pair - 0.08081b/t3

‘ ; : S AT ;
Paip @ T,°K = 0.0808 x 273.15°K = _ 0.808 x 237.15 a
T,°K 0.5556 x T,°F + 255.37 ‘

JFor an ideal gas (pV

at 0°C (ChE Hndbk, p. 3-72)

k _ ‘ | e
(cp)air = 0.796 (cp)N2 + 0.231 (Cp)Oz’ where (cp)N2 and (cp)o2 are

specific heats of nitrogen and air, respectively, available by
interpoiation from API Report 44, p. 652 (Reference 27).

1(cp)sty vs T,°F, values are available for interpolation on p. 682

of API Report 44 (Reference:27).

Mincluding 20% safety margin.
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characteristics given primarily in the Chemical Engineers' Handbook and
consistent with the 8-ft. long condenser with l-inch outside diameter tubes
assumed by‘Enviroscience33 for cost estimation purposes. Then the total
heat transfer area is calculated from the known values of total heat

loads and overall heat transfer coefficient using Fourier's general
equation. A tabular procedure for calculating heat exchanger size is
presented in Tab]e E-13 for styrene in steam and in Table E-14 for

styrene in air.

E.5.2 Surface Condenser Cost Estimation Procedure

For styrene in steam, the heat exchanger costs for each stream were

obtained from vendors.36,37,38 For styrene in air, condensation system costs
were based on IT Environscience3? as well as vendor information.

A retrofit installation factor of 1.48 (See Table 5-2) was used to

estimate installed condenser costs for condensers of 20 ftZ or less and
2.58 for condensers 125 ft2 or greater. No additional piping was costed
for condensers with less than 20 ft2 of heat transfer area because

the condenser unit is so small ( 1-2 ft. diameter) that it should

be able to be installed adjacent to the'source. For condensers with

" heat transfer areas of 125 ft2 or greater, piping was costed using the
procedures described in Section E-6. Table E-15 presents the estimated
total capital and annual operating costs for the condenser system of 20

£t2 heat transfer area. for styrene in steam. Table E-16 presenﬁs‘the
procedure for est1mat1ng capital and annual operating costs for condensation
systems for styrene in air.,

E.6 PIPING AND DUCTING DESIGN AND COST ESTIMATION PROCEDURE

Control costs for flare and incinerator systems included costs of
piping or ducting to convey the waste gases (vent streams) from the
source to a pipeline via a source leg and through a pipeline to the
control device. A1l vent streams were assumed to have sufficient
pressure to reach the control device. (A fan is included on the duct,
fan, and stack system of the incinerators.) '
E.6.1 Piping and Ducting Design Procedure

The pipe or duct diameter for each waste gas stream (1nd1v1dua1
or combined) was determined by the procedure given in Table E~17. For
flows less than 700 scfm, an economic pipe diameter was calculated
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Table E-13. PROCEDURE TO CALCULATE HEAT TRANSFER AREA OF AN
ISOTHERMAL CONDENSER SYSTEM

* Item Value

Heat exchanger type Cocurrent shell and tube heat
‘ . axchanger with the hot fluid
in the shell side and the cold
. fluid in the tube side

Gas stream condition Obtain from Chapters 2 and 5
2inc]uding temperature
T,)°F pressure (P,),
‘g }on)

psig, and composit
Condensation temperature "oa
T,),F
Total heat load (H), Btu/h b
Coolant used® water at 85°F, 25 gpm
Temperature rise of ‘ H Btu/h + [(25 gpm x 500 ib/h/gpm) x
coolant, (AT),°F ‘ (1 Btu/1b°F)]
Coolant outlet temperature " 85°F + AT
(Ts)’oF
Log mean temperature [(T,-Ty) - (T, - 85)1 + In [(T4-T Y/ (T,-85)]
difference (LMTD),°F 1’3 2 17'3//V'2
Heat transfer coefficientd(U) 240 Btu/h Ft2°F !
Heat transfer area (A), ft2 (H)/U(LMTD)

3petermine from vapor pressures of styrene and steam and the total '
gas pressure. Calculate the styrene vapor pressure using Clausius -
Clapeyron equation:

n P/P, =“(x/R) (T, - 1/T) e SR O ~‘uTmW‘w%‘ -

where P.and P, are stream pressures, mm Hgj and T and Tb are
corresponding” temperatures, sK: ) is latent heat, cal/g mole;
and R is universal gas constant = 1.99 cal/g mole®K.

The same equation can be rearranged to eliminate A and R:
1n(P/P°) (1/T0 - 1/T)
1n(P1/P°) Il/To - 1/T1) ;

Using two known values of pressure and température, calculate

the pressure for an assumed temperature. Proceed by trial-and-error
until the temperature which gives a total value of styrene pressure
and steam pressure equals to the toal gas pressure. .

bTotal of latent heat of styrene and steam in stream pér unit time
(Btu/hr): Calculate the latent heat of styrene frem Clausijus-Clapeyron
equation using pressure and temperature values of gas and condensation
condition, multiply by 1b/hr styrene in stream and add to product of X
(970.3 Btu/1b steam) and 1b/hr steam in stream.

Crixed amount of 25 gpm is used in order to maintain turbulent flow.

dObta'lned us‘IEg a clean overall heat transfer coefficient (U ) of .
866 Btu/h ft°°F and a dirt factor (D.F.) of 0.003. The ciefin overall
heat transfer coefficient is obtained using weighted averages (86%
steam and 16% §tyrene) of pure fluid heat tEansfer coefficients,
1,000 Btu/h ft°°F for steam and 35 Btu/h ft°°F for styrene and the
following relationship: .

Lo 1.pr

Ud c
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Table E-14. PROCEDURES TO CALCULATE HEAT TRANSFER
AREA OF A CONDENSATION SYSTEM OF STYRENE IN AIR

Heat exchanger configuration

Source Identification

Coolant temperature, T.,°F

Shell-side heat transfer
Coefficient (hy), Btu
r-ft

)d

Tube-side Reynold's Number (Npo

Tube-side heat transfer
Coefficient (hgy), Btu
r-fte -

Coolant flow (W.), 1b/hrf

Temperature change of coolant
(ATe),°F

Coolant flow (V.), gpmd

Clean overall heat transfer h
coefficient (U.), Btu/ftc-hr-°F

Try 8" shell with 17 1-inch o.d.,
16 gage, 8-feet long brass tubes
on 1-1/4" square pitchd

Identify the polymer ihdustry and
the vent from Chapters 2 and 5

Tout-10, rounded to next Tower
multiple of 5.

Calculate using procedure in
Chemical Engineers' Handbook,

pp. 10-25 thru 10-28
(Reference 28)P

Select chilled water at Te 2 35°F;
for Tout = 45°F; ethylene glycol-
water brine solutions at T; > -40°F,
for Tout = -30°F; and Freon-12 or

or other direct expansion coolants

' c
‘at To <-40°F, for Tout < -30°F.

(12 x rpx p) s+ p

Calculate using appropriate equations
for forced connection in pipes.®

757.9 x p

94.5

[(1.149 + hy) + (0.0000839
+ (1 % hg)1™




Table E-14. PROCEDURES TO CALCULATE HEAT TRANSFER
AREA OF A CONDENSATION SYSTEM OF STYRENE IN AIR (Continued)

L T T T

Dirty overall heat transfer

coefficient (Uy), Btu/fté-hr-°F [(1 + Ug) + 0.00117
Log mean temperature difference (LMTD), oF | Eng‘;[A?é) # 1In (AJlﬁﬁTZS

: | . B
Required heat tranefer area (A), ft2 Q 3 @H(U: g LMTD); “ !

| ‘ L%k > 43% ft2, try a larger

'heat exchanger? ‘

Total tube length required (L), fFtd A s dﬁ%é&g‘ -
Required heat exchenger length (LH.E.;’ frk Lt‘;w§¥“'“ - %‘“
Required refrigeration capacity (RC"), tons! Qiot * 12,000 !
Selected refrigeration capacity (RC), tons RC' or hieimum of‘l W |

acondenser and tube characteristics from pp. 11-1 thru 11-18 of the

Chemical Engineers' Handbook (Reference 30):

Tube: outer diameter, Do = 1.00 in.; inner diameter, Dj = 0.870 in.;
thickness, Xy = 0.065 in.; specific external surface area =
0.2618 ftl/ft;

cross-sectional area = 0.004128 ft2/tube

Condenser: shell inside area, A; = 0.3553 fEZ;
total tube area, A, = 0.09272 ft=;
net area = 0.2626 ?tz, wetted perimeter = 6.54 ft;
hydraulic radius, ry = 0.04001 ft.,
length, L = 8 ft, total cross-sectional area inside of
tubes = 0.004128 ft2/tube x 17 tubes = 0.07018 ft2.

bAssuming baffle cuts, 1. = 0.25 (shell diameter, Dg); shell outer tube
1imit, Doty R 7.634 in. (7/16" clearance for fixed tube sheet for
Dg < 24"5% baffie spacing, bs = Dg ~8 in.

cCoolant characteristics can be interpolated or extrapolated for the
coolant temperature, T, from The Chemical Engineers' Handbook:
pp. 3-71, 206, 213, & 214 (Reference 34) for water; pp. 12-46 thru 12-48
(Reference 31) for ethylene glycol water solutions; and pp. 3-191 and
3.212 thru 3-214 (Reference 31, plus p. E-26 (Reference 32) of The Hand-
book of Chemistry and Physics for Freon-12 (dichlorodifluoromethane).
Characteristics required are dynamic viscosity (p), density (p),
specific heat (cp), thermal conductivity (k), and specific gravity (¥)
= p/62.42, 1b/ft=.

drFor coolant velocity, V = 3 fps (3-10 fps recommended by Kern in‘PEecess B
Heat Transfer (Reference 35).
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FOOTNOTES FOR Table E-14 (concluded)

€From The Chemical Engineers' Handbook, pp. 10-12 thru 10-15 (Reference 29).
(1) For turbulent fTow (Npe > 10,000) (from Eq. 10-51):

hg = _0:023 x V, ft/hr x_p1b/ft3 x C,, Btu-1b-°F X(ﬁz -14
- \2/3 0.2 . 5
(Npp) ™~ (NRe)
. ' _ 0.44 . ' .
if 0.7 < Npp <700 & L/D > 60;(}5{) ~1, if properties

W
at average of bulk (b) & wall (w) temperature.

(2) For transition flow (2000 < Npa < 10,000) (from Eq. 10-49):

he = 0.029 k  (Npg2/3 -125)Np,. 173 [1 s 2/3 0.14
o 'y - L uw ‘

(3) For laminar flow (Npe < 2100) (from Eq. 10-40):

r‘H uw
where Ngz = (NRe X Npp x 4 x ry) = L.

. 1/3 014' 1 1/3
hy = 0:465k  Ng,/ (ub) 14, 0.87 (1 + 0.015 Ng,1/3)

fFor coolant velocity of 3 fps and total tube cross-sectional area of
0.07018 ft2: 0.07018 ft2 x 180 ft/min. x p , 1b/ft3 x 60 min/hr.

9For coolant velocity of 3 fps, 0.07018 ft2 x 180 ft/min. x 7.48 ga1/ft3.
h
Do/Dy4

1.000 in. s 0.870 in. = 1.149;

Do XW = 0.0542 ft x 1.000 in.
KDL 69.2 Btu/Tt-hr-°F x 0.9335 in.

where: Kt = thermal conduct1v1ty of brass tube
(pp. 23-49 ChE Hndbk) (Reference 26)

DL = (Do = Dj) # In (Dg/Di) = (1.00 - 0.87) + In (1.00/0.87) = 0.9335.

1See heat exchanger configurations for l-in. o.d., 1-1/4-in. square pitch,
T.E.M.A. P or S on p. 11-15 of The Chemical Engineers' Handbook (Reference 30)
for 8-ft heat exchangers assumed by Enviroscience for cost basis: 17 tube
minimum unit, A = 35.6 ft2 for 30 tube next larger unit, A = 62.8 ft2

assume need 1arger than m1n1mum size for design (Env1rosc1ence cost1ng

curve is continuous for all areas) when A = 35.6 + (0.2 heat load des1gn safety
margin + 0.1 allowable undersizing) x (62.8 - 35.6) = 43.8 ft2,

‘JA,ftZ + 0.2618 ft2 of tube external surface area/ft of tube.
kLt,ft of tubes ¢ 17 tubes.
112,000 Btu/hr per ton of refrigerétion capacity.
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Table E-15. CAPITAL AND ANNUAL OPERATING COST ESTIMATES
FOR A RETROFIT 20 ft2 CONDENSER SYSTEM FOR THE
STREAMS FROM THE CONTINUOUS POLYSTYRENE MODEL PLANT

Item Value '
i
Control system ' Heat exchanger wiEh a maximum o
capacity of 20 ft“ heat transfer '
area 1
Capital Cost: 1
. ot . wo "t
Purchase cost - $2,000 B il Wt
Installed capital cost? j 2,960 ! ?
Annualized cost: ‘ !‘
|
Operating Tabor? $1,080
Maintenance® 150
‘ i
Utilities: I
Water $ 5
H " “
Electricity® $ 140 ;
. : -
Taxes, insurancefand ‘
administration $ 120
Capital recoveryg s 480‘ :
Total annualized cost
without recovery credit $1,980
! Cebd e ' " o ! i ' AT T
Total amount of styrene f B
recovered from W 1b/hr (¥ 1b/hr x 8,000 hr/yr x X heat exchanger
of styrene efficiency x 90% recovery efficiency

from the separator) ‘
¥+ 2,000 1b/ton = Y tons/year

Annual styrene recovery credit Y tons x 2,000 1b/ton x $0.3575/1b = $Z
at $0.3575/1b

.Total annualized cost after credit ($1,980 - $Z)

Cost effectiveness of emission (%1, 980 - $Z)/[w 1b/hr X 8 000 hr/yr
reduction ($/Mg) " x X heat exchanger (VOC reduction)
effic1ency/2 205 lb/Mg]

3pyrchase cost times retrofit 1nsta11at10n cost factor of 1 48 (see Table 5- 2)

bOperating 1abor cost = 1 hr/wk x 52 wk/yr x 1.15 (w1th supervxslon/
without supervision) x $18/hr (including overtime}.

CMaintenance cost = 0.05 x (installed capital cost).

dwater cost = 25 gpm x 60 min/hr x 8,600 hr/yr x 0.001 make-up/total
x $0.30/(1,000 gal) x (1,000 gal)/l 000 gal.

€Electricity consumption (equations from Reference 40) and cost
hydraulic horsepower = 50 ft x (1 0 specific gravity) x 25 gpm/3960 0.3157 hp

brake horsepower = 0.3157 hp x 745 7 W/hp x 8, 000 hr/yr ‘

x kW/1,0004 + 0.65 pump eff1c1ency 2 900 kWh/yr
Cost = 2,900 kkh/yr x $0.049/kWn
f.

Taxeg insurance, and adm1nistration cost = 0.04 x (1nsta11ed capita]
cost

| ! . {

. : E e R i
Icapital recovery factor = 0.1627, for 10 percent interest (before taxes)
and 10 year life.
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Table E-16.

CAPITAL AND ANNUAL OPERATING COST ESTIMATION

. PROCEDURE FOR CONDENSERS WITH REFRIGERATION

Item

Value

Capital Costs

Condenser
Installed cost, Dec. 1979

Installed cost, June 19804

Installed retrofit cost, June 1980

Refrigeration
Installed cost, Dec. 1979

Installed cost, June 19802
Total Installed Cost, June 1980

Annualized CostsC
Operating labord

Maintenance materials & labor

Utilities
Electricity, pumping
Electricity, refrigeration
Coolant, make-up

Capital récoveryh

Taxes, administration
& insurance

Total annualized cost
without recovery credit

Styrene recovery credit

Net Annualized Cost
after recovery credit

From Figure E~-6 for A

Installed cost, Dec. 1979 x 1.047
Installed cost,rdune 1980 x 1.065,
from Table 5-2

From Fig. E-7 for RC & T P

Installed cost, Dec. 1979 x 1.047

Sum of condenser and refrigeration

$1,080

0.05 x total installed cost

See footnote e
See footnote f
See footnote g
0.1627 x total insta11ed cost
0.04 x total installed cost
Operating labor & maintenance
+ utilities + capital recovery
+ taxes, administration &
insurance

2767 x Wg x (% Red'n. + 100)

Total annualized cost - styrene
recovery credit
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Footnotes for Table E- 16

aUpdated us1ng Chemical Eng1neer1ng P]ant Cost 1nc
(247 6) to June 1980 (259.2).

from December 1979

| AR I "IN TR A
bCosts for the 1 ton minimum refr1gerat1on capac1ty can be approx1mated
by exp (exP[(O 60784 x 1n (hp/ton)) + 0 31169])

CCost factors presented in Tab]e 5~ 3.

dOperatlng labor cost =1 hr/wk X 52 wk/yr x 1. 15 (w1th superv1s1on/w1thoutM“Mwwww

supervision) x $18/hr (including overtime).
eJsing Equation 6-2, p. 6-3 in The Chemical Engineers' Handbook |
(Reference 40) for V = 3 fps (for condensers with a heat transfer area
of 20 ft2 or less and 125 ft2) or 10 fps (for condensers with a heat
transfer area of 185 ft2), assuming a pumping height of 50 ft. and a pump
eff1c1ency of 65%:
I

50 ft x ¥ x Vo x 0.7457 KW x _ 8000 hr/yr
« 3960 gpm ft/hp | hp 0 65 pump eff1c1ency

i x $0\049/kwh j
g o S SR R ST
where V= spec1f1c gravity of coo]ant p s 62. 42 1b/ft3 ‘

‘ ‘ k ! den of water)

Ve = volumetr1c flow of coo]ant equals 94 5 gpm for “}
condensers with heat transfer area of 20 ft2 or
Tless; equa]s 472 gpm for condensers with heat
transfer area of 125 ft2; and equals 1,575 ggm for
condensers w1th heat transfer a of 18 ft 1

' ‘ .
f RC' X (hp/ton of refr1gerat1on for T )
0.85 compressor eff1c1ency x 0.85 motor eff1c1ency

X Q;Z%EZJQE x 8000 hr/yr x $0.049/kwh
P

‘ | ‘
where (hp/ton of refrigeration) for a part1cu1ar coolant temperature
is given on Fig E-7 for mu1t1p1es of 20°F between -60 and + 40°F
or can be calculated from the curve fit:

(hp/ton) = exp [-0. 1777 + 0.01503 (45 T)]
gFor ch111ed water, assume 99. 9% recyc]e o
‘ i ¢ @ 94.5 gpm x 60 m1n/hr x 8000 hr/yr x 0.001 make- -up

i X '$0.30/1000 gal = $14/yr,
: ‘ ‘e use $20/yr“m‘
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Footnotes for Table E-16 (Concluded)

For ethylene glycol-water brine solutions and Freon-12, assume one
replacement per year of coolant in condenser and refr1gerat1on system

and coolant volume in condenser and refrigeration twice that of condenser
alone.

Coolant volume, gal = A x 0.004128 ft2 x-sect./tube
7.48 gal/ft3 x (2 x inside
ube volume in condenser) s
.2618 ft2 surface/ft tube
0.

2359 x A ~

o

For ethylene glycol-water brine solutions:

cost of coolant = X, ($0.30/1000 gal) + Xgg ($0.27/1b x pEG 1b/ft3
+ 7.48 gal/ft3)
"= $0.0003 Xy + $2.02 XEG[JEP

where: Xy
XEg

For Freon-12 solutions:

cost of coolant = $8.70/1iter x 3.785 liter/gal based on 20 liter
lot price of trichlorotrifluoroethane reagent price of $8. 73/11ter
from Fisher Scientific Co. 1979.

volume fraction of water in brine solution,
volume fraction of ethylene glycol in brine solution

woH

h10 percent interest (before taxes) and 10 yr. 1ife.,

1.Ns 1b styrene emitted/hr x 8000 hr/yr x (% Red'n in condenser & 100)
X 0 90, fract1on of reduction recovered x $0.3575/1b styrene.
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Materials of Construction for a Complete Condenser Section
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Figure E-7. Installed Capital Costs vs. Refrigeration
- Capacity at Various Coolant Temperatures for a
Complete Refrigeration Section
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based on an equation in the Chemical Eng1neer S Handbook41 and s1mp11f1ed
as suggested by Chontos.42,43,44 The next larger size (inner diameter)
of schedule 40 pipe was selected unless the calculated size was w1th1n
10 percent of the difference between the next smaller and next 1arger
standard size. For flows of 700 scfm and greater duct s1zes were
calculated assum1ng a velocity ‘of 2,000 fpm for f]ows of 60 000 acfm
or less and 5,000 fpm for flows greater than 60 000 acfm. Duct sizes
that were multiples of 3—1nches were used.
E.6.2 Piping and Ducting Cost Est1mat1on Procedure
Piping costs were based on those given in the Richardson Engineering
Services Rapid Construction Estimating Cost Systeml8 as combined for |
70 ft. source legs and 500 ft. and 2,000 ft. pipelines for the cost |
analysis of the Distillation NSPS.# (see Tables E-18 and E-19)
Ducting costs were calculated based on the installed cost equations
given in the GARD Manual.46 (See Table E-20.)
Costs of source legs were ‘taken or ca]cu]ated d1rect1y from the
tables. Costs of pipelines for flares were 1n£€r361ww

|

i

‘ed for the safe

pipeline lengths differing by more ‘than 10 percen m the standard |
]engths of 70 500 and 2 000 ft InStaHed Cap'lta] COStS wer\e updated oo

to June 1980 using the Chem1ca1 Eng1neer1ng p1BEs, va]ves, and f1tt1ngs
index for piping and the fabr1cated equ1pment 1ndex “for duct1ng.
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Table E-17. PIPING AND DUCTING’DESIGN PROCEDURE

Item Value

(1) Pipe diameter, D

(a) Piping? - For source legs: :
D (in.) = 0.042 x Q (scfm) + 0.472, for Q<40 scfm
D (in.) = 0.009 x Q (scfm) + 2.85, for 40<Q<700 scfm
For pipeline legs:
D (in.g = 0.024 x Q (scfm) + 0.549, for Q <65 scfm
D (in.) = 4.8 log 0 {Q(scfm)] ~7.33, for 65< Q<700
Select next la e} inner diameter of schedule 40
pipe (given in Table E-19) unless calculated size
within 10 percent of interval to next larger size.

(b) Ductingb D (in) = (0.3028)/Q(acfm), for D>12 in. or Q2700scfm
and Q<60,000 acfm

D (in.) = (0.1915)/Q(acfm), for D >60,000 acfm
Select size that is a multiple of 3 inches.

{2) Pipe length, L

(a) Flares Assumed 70-ft, source leg from each source
: to the pipeline.
Assumed separate pipelines for large (240,000 scfm)y—
intermittent streams and for all continuous
streams together. Selected pipeline length of
70, 500 or 2,000 ft. if calculated safe pipeline
length within 10 percent of standard Tength; if

not selected calculated length between
standard values. )

(b) Incinerators Assumed 70-ft. source legs from each source
to the pipeline. -
Used duct, fan, and stack cost from
Enviroscience,'® which assumes a 150-ft.
duct cost based on the GARD Manual
(Reference 46)

aEconom;c pipe diameter equations from Reference 44 (which is based upon References 41

and 42).

bFrom continuity equation Q=.-% DZV; assumed velocity, V, of 2,000 fpm for lower flows
and 5,000 fpm for higher flows.
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APPENDIX F

CALCULATION OF UNCONTROLLED EMISSION RATES
AT SPECIFIC COST EFFECTIVENESSES
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APPENDIX Feo CALCULATION OF UNCONTROLLED ISSION RATES !
. s bt o '
AT SPECIFIC COST EFFECTIVEMES ES

This append1x details the procedures used to ca]cu]ate the uncontro]]ed
emission rates equivalent to $1,000 per Mg, $2,000 per Mg, and $3,000 per Mg
when RACT is applied. Section F.1 describes the procedures for f1ares, o

thermal incinerators, and catalytic incinerators. Section F.2 descr1bes the'
|

F.1. PROCEDURE FOR INCINERATION DEVICES ‘“‘J
For the polypropylene and high-density polyethylene model process
sections, the question asked was what uncontrolled VOC emission rates when
reduced 98 percent (i.e., RACT 1eve1) corresponded to cost effect1venesses of
$1,000 per Mg, $2,000 per Mg, and $3,000 per Mg. R ‘Tollow1ng sect1ons o
describe the procedures used to ca1cu1ate these un(
F.1.1 General Procedure ‘
The genera] procedure used is as follows:
First. For each process sect1on identified in Tables 4-1 and 4-2
the emission characteristics identified in Chapter 2 of the CTG and Chapter 6
of the background information document for the polymer manufacturing 1ndustry
and the control costs identified in Chapter 5 of the CTG were used as the o
start1ng po1nt. Table F-1 summarizes the pertinent information.
Second. Uncontro]]ed emissions were adjusted proportionally by chang1ng
volumetric f]ow ‘proportional to the initial flow. Concentration of th o
. emissions was assumed to remain constant. Uncontrolled emissions needed to
be adjusted downward or upward depend1ng upon the 1n1t1a1 cost effect1veness.
For example, if the initial cost effectiveness was $1,500/Mg, the uncontroiied
emissions would be higher than the initial uncontrolled emissions in order to
correspond to $1,000/Mg and lower than the initial uncontro]]ed em1ss1ons in
order to correspond to $2, DOO/Mg and $3, OOO/Mg. T oo e
Third. Annua] costs were adJusted to take 1nw
conditions, wh1ch affect contro] device costs. An
into three components: (1) those related to cap1ta1 costs’ (Cl), (2) those e
related to operating costs (Cz), and (3) m1n1mum a “constant costs ( 3

procedures for condensers.

rolied emission rates
v e

|

Mmcount the new f]ow Q
1 tosts were d1v1ded

O
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Table F-2 summarizes thesejcosts for each of the two polymers. The annual

costs were adjusted as follows: | -

|

o Capital-related costs, Cj, were adjusted using the equation
|

25.0'6 where: V; = total initial volume of flow from mode1 process
Vi section and

Vy = adjusted flow rate.

o Operating-related costs, Co, were adjusted using the equat1on
VX .

i :

Capital-related costs “included cap1ta1 recovery, ma1ntenance,
taxes, insurance and administration charges. Operating-related costs o
included utilities (e.g., natural gas, steam, electricity). 0perat1ng
labor was assumed to be constant. |

Fourth. As flow rates vary, the size of the contro1 device requ1red B

will also vary. No matter "how small the flow, however, there are1
certain minimum size control devices available; thus, cohfroquey{ce “ wW ﬁw“
costs do not approach zero as flows become very small. In addition,
some utility requ1rements, such as natural gas purge rates, may be
‘constant, or even increase as flow rates become 1ncreas1ng1y sma]Ter.‘
Finally, a different contro] device design may be more cost effect1ve
as flow rates change. For example, as flow rates’ approach 1.46 scfm
(70°F), a change in flare design was assumed to oceur where a f]are

with a fluidic seal was used for f]ows less than 1 46 scfm.‘ Tab1e F 3 wWWWM‘w

summarizes the basic minimum costs assoc1ated w1th the var1ous contro]ww
devices at flow rates that affect des1gn cr1ter1a. ’

Fifth. Using the above information and mwocedures the fo]]ow1ngd

basic equation was solved for Vy for each process sect1on

- C .V—X 0.6 + Cl _\_I_)_(_ + Cé C o o )
1\ 2\ = $1,000/Mg; $2,000/Mg;
and $3,000/Mg
C! [Vx-Vo\ + C!
o el R
1-V2

where: C' = the difference between the capital-related costs of
the control device controlling Vl and the capital-related
costs of the control device controlling Va.
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a .
Constant Total
" ‘l‘ i !

11,160 20,3236

Control Flow,
Device scfm Capital-Related

Flare, within

line 1.49 4,887b
: 1.46 4,964d 11,160 © 20,400¢
0.81 4,964 11,160 20,400¢
0.03 4,964d 11,160 20,400¢

|
1

Flare, across

lines : ‘ ‘ 3
C 1.49 6,208P 4,276C 11,160 21,644¢
1.46 6,304d 4,276¢ 11,160 21,740¢
0.81 6,304d . 4,276 11,160 21,740¢
0.03 6,304d 4,276¢ " 11,160 21,740¢
P . ST bt et
Thermal wl‘
Incinerator f
- within :
jine 32.19 75,240 55 21,600 96,895
- across 1 e o ‘l =
lines 96.58 78,000 .0 21,600 99,760
Catalytic !
Incinerator ' !
- wi%hin 754.6 42,260 16,700 62,900
ine ‘ S
150 37,260 16,700 55,430
o o e S AR TS
- across 500 45,480 16,700 64,800
lines ‘ ‘ f
150 | 4?,060} ‘

16,700 61,498

T T B v PN i RN I e
aThe minimum costs for flares are based on a single emission stream (i.e., one source leg) per
process section. If more than one emission stream emanates from a process section, then minimum
capital costs will be higher than those reported in the table.  The increase in capital-related
costs is about $690 per additional source leg at 1.49 scfm and about $670 per additional source
leg at lower flows. The minimum incinerator costs are specific to the process sections’ for
which they were costed. o o oo SR |

bFiare without a fluidic seal. = L ‘ i

c ‘ ‘ ‘ % ‘ ‘
Add steam costs at 1.49, 1.46, 0.81, and 0.03 scfm. Actual cost is dependent on molecular weight
of gas stream and weight percent of VOC. C

dF’iare with fluidic seal. } K S ‘ ]




the difference between the operating-related costs for
the control device controlling V; and the operating-
related costs of the control device controliing Vs.

the minimum costs associated with controlling Vj.

the difference in emission reduction associated with
controlling emissions at V; and emissions at V,.

the emission reduction at Vo.
the initial, or higher, flow rate.
the flow rate at the Tower end of the design range.

= Flow rate to be solved for.
Table F-4 summarizes the coefficients used in the calculations.

Sixth. Once the flow rates were found, the uncontro]]ed‘emission
rates were calculated by the following equation:

Vx x ER

where: flow rate at $1,000/Mg ($2,000/Mg, $3,000/Mg)
' initial flow rate from process section

initial uncontrolled emission rate.

Table F~5 summarizes these results.

F.2. PROCEDURES FOR CONDENSERS

In calculating the uncontrolled emission rates for polystyrene,
the general question that was asked was: What uncontrolled emission rate,
when controlled to 0.12 kg VOC per Mg of product (i.e., to the RACT 1éve1),
yields a cost effectiveness of $1,000 per Mg ($2,000 per Mg, and $3,000
per Mg)? This is slightly different from incineration where, regardless
of the uncontrolled emission rate, 98 percent VOC reduction was assumed.
For polystyrene, the effective percent emission reduction varies as the
uncontrolled emission varies. The following paragraphs detail the |
procedures used to calculate the uncontrolled emission rates associated
with the three cost effectivenesses.




Table F-4.

SUMMARY OF COEFFICIENTS

‘ ‘ Cost o
process Effectiveness, Coefficient !
Polymer Section $/Mg Vi Vo 9] Cp C3 Cq -G
Polypropylene 1,000 |
- within line _ RMP 2,000 0.81  0.0627 0 212 20,418 38.428  3.p24
3,000 ’
i
1,000
PR 2,000 0.81  0.03 0 114 20,404 20.376  0.784
3,000
‘ 1,000 !
MR 2,000 0.81  0.03 0 138 22,815 24.796  0.954
3,000
K oo e I ! ' [ IR
1,000
2,000 886.3  32.19 20,160 1,455 96,895  115.406  4.35
3,000
- |
- across lines 1,000 i
2 0.81  0.188 0 177 21,793 32 9.67
RMP 2,000 . i
3,000 0.188  0.03 0 4 21,749 8.129  1.5435
. ! v ! |
1,000 ‘1.6 0.81 0 ‘95 21,858 16.985 21,16
PR 2,000 ST ‘ : ;
i 0.81  0.03 0 114 21,744 20.376 0,784
3,000 ‘
! ' Lot P e L L r -
v T;000 T4 0.81 I3 27,916 2066 25.75
MR 2,000 ‘
2 0.81  0.03 0 138 27,778 26,796  0.954
3,000 :
i
1,000 ] o !
PF 2,000 2658.8  96.58 26,640 99,760  346.218  13.05
: 3,000
High-Density i v d
polyehtylene ‘
- within line 1,000 69.63  1.49 2,389 6,099 20,456  868.41  18.99
"R 2,000 1
2 0.81  0.03 0 69 20,403 9.94 0.38
3,000 :
: [r o ‘ N T L i
‘ 1,000 154.6  251.5 4,370 2300 56140 s6.738  28.369
pF 2,000 ;
% 251.5 150 630 80 55,430 11.449  16.92
3,000 !
1,000 208.9  1.49 91,834 2644.45° 18.99
MR 2,000 1.46  0.81 ‘ 21,812 8.29 10.32
3,000 0.8l  0.03 0 69 21,743 9.94 0.38
- across lines i
‘ 1,000 754.6 500 5,480 1,320 64,800 28.728  5b.418
PF 2.000 ‘ !
2 500 150 2,420 890 61,490 39.493




Table F-5. SUMMARY OF COST EFFECTIVE FLOWS AND EMISSION RATES,
POLYPROPYLENE AND HIGH-DENSITY POLYETHYLENE PLANTS

Annual
Uncontrolled Emissions
Process Cost Emission {(x relevant
Polymer Section Effectiveness Vy + Vi X ER = Rate capacity)
Polypropylene 1,000 0.3989 ‘ - 0.445 20.93
RMP 2,000 0.1989 0.0627 0.07 0.222 10.44
- within line 3,000 0.1325 0.1479 6.95
1,000 0.7852 0.445 20.93
PR 2,000 0.3915 7.17% 4.1 0.222 10.44
3,000 0.2608 0.1479 6.95
1,000 0.7088 0.489 22.996
MR 2,000 0.3535 43.46 30 0.244 11.468
3,000 0.2354 . 0.162 7.637
1,000 875.85 2.569 120.74
PF 2,000 406.39 886.3 2.6 1.192 56.02
3,000 262.67 0.771 36.237
- across lines 1,000 0.4249 0.1582 22.31
RMP 2,000 0.2119 0.188 ’ 0.07 0.0789 . 11.12
3,000 0.1411 i 0.0525 7.41
1,000 0.83665 ‘ 0.1582 22.31
PR 2,000 0.4172 21.526 4.1 0.789 11,12
3,000 0.2779 0.0525 7.41
1,000 0.8785 0.2021 28.497
MR 2,000 0.438 130.4 30 0.1007 14.21
3,000 0.29175 0.0671 9.464
1,000 841.6 0.823 116.04
PF 2,000 398.4 2,658.8 2.6 0.389 54,849
3,000 259.35 0.254 35.814
High-Density
Polyethyiane
- within line 1,000 1.6095 0.2936 20.93
MR 2,000 0.8033 69.63 12.7 0.1465 10.45
3,000 0.535 ' 0.0976 6.96
1,000 537.4 0.8675 61.35
PF 2,000 248.8 251.5 0.4086 0.4016 28.63
3,000 164.38 0.2654 18.92
- across lines 1,000 1.7245 0.1048 22.44
MR 2,000 0.856 208.9 12.7 0.052 11.14
3,000 0.5701 0.0347 7.42
1,000 608.4 0.3273 70.04
PF 2,000 279.9 754 .6 0.406 0.1506 32.23
3,000 133.67 0.0988 21.14
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(1) e = AC - (0. 9 ERed x RC)
: ERed

where:' CE = ¢ cost effect1veness, $/Mg ’

AC = annua112ed ‘cost of condenser to reduce uncontro]]ed
emissions to 0.12 kg VOC/Mg product, $/yr '

RC = recovery credit, $/Mg, = $0.788/kg of styrene

0.9 = efficiency of actually recovering the styrene
from the condenser

ERed = annual em1ss1on reduct1on from uncontro]]ed
: to 0.12 kg VOC/Mg product Mg/yr

For po]ystyrene we are already dea11ng w1th ami mum-s1ze condenser

and operating requirements (wh1ch were assumed constant) when the
uncontrolled emission rate is at 3 09 kg VOC/Mg p utt. In order to
get a cost effect1veness of $1 000 per Mg, a “smal .
emission rate is needed. Thus, annua11zed costs‘assoc1ated w1th

polystyrene are a constant - equal to $8,300.
Emission reduction, in general can be calculated with the

H uncontrolled

following equation

(2) ERed = (Emission Rate X Capac1ty) - (O 12 X Capac1ty)

Capacity is given: 36.75 Gg for a process line dnd 73 5 Gg
for the plant. Thus the above equation reduces to:

For s1ng]e process line:

(ER x 36. 75) - (0.12 x 36 75)

1"

(3) ERed

il

36.75 ER - 4 41

For two process lines:

(ER x 73. 5) - (0.12 x 73.5)

(4) ERed

73.5 ER - 8.82




Inserting the above information into the general cost-effective equation
(1), the following equation is derived:

For a single process line:

(5) CE = $8,300 - [36.75 ER - 4.41] (0.9) [$788/kg]
(36.75 ER - 4.41)

For two process lines:

(6) CE = $8,300 - [73.5 ER - 8.82] (0.9) [$788/kg]
(73.5 ER - 8.82)

As we know CE (i.e., $1,000/Mg; $2,000/Mg; or $3,000/Mg), we can
solve directly for ER. Simplifying the above equations (5 and 6), we
get:

For a single process line:

(7) ER = 11,428 + 4.41 CE
26,063 + 36.75 CE

For two process lines (i.e., the model plant):

(8) ER = 14,555 + 8.82 CE
52,126 + 73.5 CE

Substituting $1,000/Mg, $2,000/Mg, and $3,000/Mg into the last two
equations (7 and 8), yields the following results:

Emission Rate, kg VOC/Mg Product

Single Line Two Line
$1,000/Mg - 0.2521 v 0.1861
$2,000/Mg 0.2034 . 0.1617
$3,000/Mg 0.1809 ‘ , 0.1504

F.2.2 Styrene-in-Air Emissions

As with styrene-in-steam emissions, the basic equation for calculating
cost effectiveness is as follows:




(9) CE = AC - (0.9 ERed x RC)

. - ; ERed
where: CE = cost effect1veness, $/Mg o
AC = annualized costs, $/yr

0.9 = efficiency of collecting recovered styrene
|
. ERed = annual emission reduction, Mg/yr '
RC = recovery credit, $/Mg of styrene recovered :

In calculating the cost effectiveness numbers and the uncontro]]ed
emission rates for the "across line" analysis,. cos1s were 1n1t1a11y
developed for two uncontrolled emission rates: 0.2 kg VOC/Mg product
and 0.15 kg VOC/Mg product. The resulting costs are eummar1zed in .
Table F-6. I e

As seen in Table F-6, the uncontrolled emission rates assoc1ated
with $1,000/Mg, $2,000/Mg, and $3,000/Mg lie between 0.2 and 0.15 kg
VOC/Mg product. Using the general equation (9) above and assuming that
refrigeration electricity and recovery credit vary proport1ona11y with emlss1on .
rate, the tollowing equation is deve]oped.

Ac* +[(g—',lz-—.°—fr3"?'5) x (RElec - RE]ec')]+ RETec’ -[—-R—'-Q-O‘—?s-) (RC - RC')]— RC!

10) CE =
( " ERed' + [(ER—'—‘%?—.;) x (EREed - ERed')]
where:  AC' = Constant costs associated with an uncontrolled em1ss1on““wwwww~

rate of 0.15 kg VOC/Mg product

RElec = Refr1gerat1on electricity associated w1th an uncontro]]ed
emission rate of 0. 2 kg VOC/Mg product ‘

RElec' Refr1gerat1on electr1c1ty associated w1th ah uﬁcontro1ied

emission rate of 0.15 kg VOC/Mg product
RC = Recovery credit, $/yr, associated with an uncontro]led
emission rate of 0.2 kg VOC/Mg product
RC' = Recovery credit, $/yr, associated with an uncontroiled
ERed = Annual emiseion reduction‘assoodeted‘ﬁith éo‘dhoontroiiedw“
emission rate of 0. 2 kg VOC/Mg product T
ERed' = Annual emission reduct1on assoc1ated w1th an‘unoontroliedfp p?hp“
emission rate of 0. 15 kg VOC/Mc oduct .
g VOC/Mg product

ER = Emission rate to be solved’ forh‘

F-12
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Substituting the values from Table F-6 into eduation 10 ahd theh%‘
simplifying, yields the following equations:

For across lines:

(1) ¢E = 16,065 - 52,000 ER
; 73.5 IR - 8.82

For within line ($3,000/Mg only):

(12) CE = 12,950 - 26,000 ER
36.75 ER - 4.41

Solving for ER,‘equations 11 and 12 become:
For across lines:

(13) ER = 16,065 + 8.82 CE
v 52,000 + 73.5 CE

For within line ($3, OOO/Mg on]y):

(14) ER = 12,950 + 4.41 CE
26,000 + 36.75 CE

For within line uncontro]]ed emission rates equ1va1ent to $1 OOO/Mg
and $2,000/Mg, the ca]cu]at1ons are comp11cated by the chang1ng size of
the condenser. (A1l previous condenser calculations assumed the use of
a minimum size condenser). A cost-effect1veness equat1on was deve]oped
to calculate the particular uncontro11ed em1ss1on rates, which are
known to lie between 3.09 kg VOC/Mg product and 0 2 kg VOC/Mg (see 1ast
column in Table F-6). |

To start developing this ‘equation, we know that at minimum the
costs and emission reduction are equ1va1ent to those when the em1ss1on
rate is 0.2 kg VOC/Mg product. These numbers provide a base, or m1n1mum, -
from which to start. In addition, we know that ‘at most costs and i
emission reduction are equ1va1ent to those when the emission rate is;
3.09 kg VOC/Mg product. The primary calculation is to determine how
costs vary from the minimum (i.e., at 0.2 kg/Mg) to the maximum (i.e.,
at 3.09 kg/Mg). We know that emission reductfon;‘dﬁd,mthus,”recovery
credit, is proportional to the emission factors; that is, there‘is‘ag
linear relationship between emission factor, em1ss1on reduction, and

recovery credit. However the annualized costs assoc1ated with 1ncreas1ng :




condenser sizes are not necessarily linear. Therefore, we assumed that
the costs varied exponentially with the ratio of the emission factors
between the costs at 3.09 kg/Mg and 0.2 kg/Mg. The exponents were
calculated using the following equation:

(15) exp =

1n(ER] - 0.12 )

ERp - 0.12

- ACy = the relevant annualized costs associated with ERy
AC2 = the relevant annualized costs associated with ERp
ERy = 3.09 kg VOC/Mg product

ERp = 0.2 kg VOC/Mg product

The annualized costs were grouped as follows: (a) capital related
(maintenance, taxes, insurance, administration, and capital recovery
charge, (b) Tabor, (c) pumping electricity and make-up coolant, and (d)
refrigerétion coolant. Table F-7 summarizes the costs and resulting
exponents.

Using the exponents from Table F-7 and the costs from Table F-6,
the following cost-effectiveness equation was developed:

(16)
0.3 0.75 0.46
ER - 0.2 ER - 0.2 ER - 0.2
(23,870 ~ 8,170)(m> + 8,170 + (]5,770 - ],080)(3.09_0.2) + 1,080 + (2,875 - 555)<"—“3.09_0‘2)

1.4
+ 555 + (2,310 - 15)(5“05_3'5) + 15 - (77,485 - 2,085)(5’.*0;_8:5) - 2,085

106.21(%‘-0—'-_—8-'—%) +2.94

(23,870 - 8,170) { ER - 0.2 \0.3 = Incremental maintenance,
3.09 0.2 taxes, insurance, etc.

costs associated with an
uncontrolled emission
rate (ER) higher than

0.2 kg VOC/Mg product, $




Table 7.

EXPONENTS USED FOR CONDENSER WITHIN
LINE ANALYSIS, $1,000/Mg and $2,000/Mg

Item

Emission Annualized

Rate Cost _Exponent

Maintenance

Taxes, Insurance,
Administration, and
Capital Recovery

3-09 ' 23’87OMM

0.297 = 0.3

0.2 8,170

Labor

"3.09 15,770
0.742

It
o
.
~J
(52}

0.2 1,080

Pumping E]ecthicity
and Make-up Coolant

1
o

¢ :
r
O\‘ =

3.0 “ ‘
0.2 555

Refrigeration
Electricity

1.4

.09 2,310 1.393
2 15

Recovery
Credit

.09 77,485  1.00 = 1.00
2 2,085
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Minimum maintenahce, taxes,
etc. costs at 0.2 kg VOC/Mg
product, $

8,170

(15,770 - 1,080)( ER - 0.2 )0-75 Incremental labor costs, $
)

§-09 - 6.
1,080 = Minimum labor costs, $
(2,875 - 555)f ER - 0.2 \0-46 = Incremental pumping
3.09 - 0.2 electricity and make-up

v coolant costs, §

555

1]

Minimum pumping electricity
and make-up coolant costs, $

Incremental refrigeration

costs, $

3.09 - 0.2

' 15 = Minimum refrigeration costs, $
(77,485 - 2,085)( ER - 0.2 \= Incremental recovery credit, $
3.09 - 002
2,090 = Minimum recovery credit, $

106.2 ER - 0.2 Incremental emission
.09 - 0.2 reduction, Mg

2.94 = Minimum emission
reduction, Mg
ER = Uncontrolled emission

- rate, kg/Mg

Uncontrolled emission rates equivalent to $1,000/Mg and $2,000/Mg
were determined by trial and error, substituting different emission
rates into the above equation (16) until a cost effectiveness of $1,000/Mg
(or $2,000/Mg) was obtained. Table F-8 summarizes the uncontrolled
emissions rates for all styrene-in-air emission calculations.
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Table F-8. STYRENE-IN-AIR UNCONTROLLED EMISSION
RATES EQUIVALENT TO $1,000/Mg,
$2,000/Mg, and $3,000/Mg

Uncontrolled Emission Rates, kg/Mg

— - T \ AR
$1,000/Mg $2,000/Mg $3,000/Mg

|

Within Line 0.4454 0.2903 0.1921

: " o ‘
Across Line 0.1983 0.1694 0.1561
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