EPA U.S. Environmental Protection Agency Industrial Envnronmental Research EPA—600/7-76'030

Office of Research and Development Laboratory : :
Research Triangle Park, Nerth Carclina 27711 October 1976

FEASIBILITY OF PRODUCING
ELEMENTAL SULFUR FROM
MAGNESIUM SULFITE

. Interagency
Energy-Environment
Research and Development
Program Report |




RESEARCH REPORTING SERIES

Research reports of the Office of Research and Development, U.S.
Environmental Protection Agency, have been grouped into seven series.
These seven broad categories were established to facilitate further
development and application of environmental technology. Elimination
of traditional grouping wzs consciously planned to foster techmology
transfer and a maximum interface in related fields. The seven series
are:

1. Envirommental Health Effects Research

2, Environmental Protection Technology

3. Ecological Research

4. Environmental Monitoring

5. Socioeconomic Envirommental Studies

6. Scientific and Technical Assessment Reports (STAR)

7. Interagency Energy-Environment Research and Development

This report has been assigned to the INTERAGENCY ENERGY-ENVIRONMENT
RESEARCH AND DEVELOPMENT series. Reports in this ceries result from
the effort funded under the 17-agency Federal Energy/Environment
Research and Development Program. These studies relate to EPA's
mission to protect the public health and welfare from adverse effects
of pollutants associated with energy systems. The goal of the Program
is to assure the rapid development of domestic energy supplies in an
environmentally--compatible manner by providing the necessary
environmental data and control technology. Investigations include
analyses of the transport of energy-related pollutants and their health
and ecological effects; assessments of, and development of, control
technologies for energy systems; and integrated assessments of a wide
range of energy-related environmental issues.

REVIEW NOTICE

This report has been reviewed by the participating Federal
Agencies, and approved for publication, Approval does not
signify that the contents necessarily reflect the views and
policies of the Government, nor does mention of trade names
or commercial products constitute endorsement or recommen-
dation for use.

This document is available to the public through the National Technical
Information Service, Springfield, Virginia 22161.



EPA-600/7-76-030
Qctober 1976

FEASIBILITY OF PRODUCING
ELEMENTAL SULFUR
FROM MAGNESIUM SULFITE

by

Philip S. Lowell, W.E. Corbett,
G.D. Brown, and K, A, Wilde

Radian Corporation
8500 Shoal Creek Boulevard
Austin, Texas 78766

Contract No. 68-02-1319, Task 31
Program Element No. EHB528

EPA Task Officer: Charles J. Chatlynne

Industrial Environmental Research Laboratory
Office of Energy, Minerals, and Industry
Research Triangle Park, NC 27711

Prepared for

U.S. ENVIRONMENTAL PROTECTION AGENCY
Office of Research and Development
Washington, DC 20460



ABSTRACT

A study was made to extend the potential applications
of MgO flue gas desulfurization processes by allowing the
sulfur to be recovered as elemental sulfur as well as sulfuric
acid. The particular question addressed in this study was the
feasibility of combining the exothermic SO reduction reaction
with the endothermic MgSO; calcination.

Preliminary consideration of the reductants carbon
monoxide, hydrogen, methane and hydrogen sulfide showed that
the reaction with SO, can supply part, or in some cases all,
of the heat of decomposition of MgSO;. Two cases were consider-
ed in detail: (1) A low temperature catalytic decomposition
using a commercially available low Btu syngas reductant mixture
and (2) A high temperature noncatalytic decomposition using
a medium Btu reducing gas from an oxygen-blown gasifier.

Complete heat and material balances for conceptual
process designs for the above cases were made, in order to
identify problem areas. Recommendations for work required
to continue development of the process are given. Problem
areas identified include catalyst physical stability, catalyst/
MgO separation, dust carry-over, and noncatalytic SO; reduction
kinetics.
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1.0 INTRODUCTION

The magnesium oxide (Mag-0x) scrubbing process is a re-
generable flue gas desulfurization technique which has been demon-
strated on two major commercial-scale test facilities in this country.
The chemical basis of this process is the reaction of SO, with MgO
to form MgSOs;. The MgSOs crystals are calcined to regenerate MgO.
This produces an SOz -rich gas stream which is used as feed to a
sulfuric acid plant. That H:SO, production is the only available
process option for treating the SO, rich gas produced by MgSO;
calcination limits the potential for future application of the
Mg0O process.

An option other than H,SO. production for the SO, is its
reduction to elemental sulfur. Commercial technology is already
available for this reduction, as will be discussed later. Combined
with the commercially demonstrated MgSOj; calcination, there results
a complete regenerable flue gas desulfurization process. The
question addressed in this report is the feasibility of combining
the endothermic calcination with the exothermic SO, reduction. This
combination does not appear to have been considered, but should
result in considerable simplification of process heat transfer and
better overall thermal efficiency. The objective of this study was
to make an assessment of the technical feasibility of this combination
option by means of a conceptual process design.

The study begins with a déscription of the state of the
art of Mag-Ox and other pertinent technology. Next, a literature
survey is presented that outlines what is known about MgSO; decom-
position and SO2 reduction to elemental sulfur. Preliminary cal-
culations for the MgSOs3;-reducing gas system are then made to iden-
tify promising temperature, reducing gas, and stoichiometry
conditions. Based upon these preliminary calculations it was shown
that (1) a reducing calciner that would use the heat given off by
the exothermic SO, reduction reaction to provide the heat required



by the endothermic MgSO3 calcination reaction was feasible and
(2) further treatment of the reducing calciner off gases was
required for more complete conversion to elemental sulfur.

Process designs were calculated for two schemes. The
first scheme requires a catalyst in the reducing calciner to
promote the gas phase S50: reduction reaction. The calciner would
operate at 500°C. The second scheme would not require a catalyst
but would operate at 900°C. Both schemes require a low temperature
catalytic process (similar te a Claus plant) for efficient con-
version of the gaseous mixture to elemental sulfur.

The most significant process problems identified are
the dusting of the MgSO:; and its reaction products (with attendant
effects on catalysts) and separation of catalyst from Mg0 in a
catalytic reducing calciner. Information gaps are associated
primarily with the reducing calciner. They include decomposition
kinetics of MgSO: and SO: reduction in the MgS03;-MgO system.
Process development recognizing the above problems is recommended.

1.1 State-of-the-Art

1.1.1 Mag-0x Process

Commercial scale experience with the magnesium oxide

scrubbing process has been gained in the following two facilities.

+ A prototype demonstration unit on a 155 Mw oil-fired
boiler at Boston Edison's Mystic Station (tested from
April 1972 to June 1974).

- A prototype demonstration unit on a 100 Mw coal-fired
boiler at Potomac Electric Power's Dickerson Station
(tested from September 1973 to September 1975).



Additional Mag-Ox scrubbing units which are either cur-

rently under construction or in advanced planning stages include:

A 120 Mw installation at Philadelphia Electric's
Eddystone Station (coal-fired) undergoing start-up.

Planned expansions by Philadelphia Electric at their
Eddystone (576 Mw of additional scrubbing capacity)
and Cromley (150 Mw) statioms.

Since the Boston Edison facility is representative of
this process technology, the Mystic scrubbing system is used here
as a basis for discussing important operating characteristics of
magnesium oxide scrubbing systems in general. A schematic view of
the Boston Edison MgO scrubbing system is shown in Figure 1-1.

In the Mag-Ox scrubbing process SO, sorption is accom-
plished by contacting hot flue gas with an aqueous alkaline solution
of MgS0,;. Although a venturi scrubber was used in the Boston
Edison system, this process can be used with any properly designed
vapor/liquid contacting device. Key chemical reactions which take
place in the Mag-0x scrubbing system are the following:

MgO hydration/dissolution
++ -
MgO(s) + H,0(aq) -~ Mg(OH),(s) -~ Mg (aq) + 20H (aq) (1-1)
SO, sorption
S0,(g) - S0,(aq) (1-2)
S0, reaction

S0, (aq) + 20H™(ag) - S07(aq) + H,0(aq) (1-3)

-3-
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sulfite precipitation

Mg (ag) + S0T(aq) + xH,0(aq)
~ MgSO,.xH,0(s) (1-4)

x = 3 or 6.

In addition to these main reactions, some oxidation
of product sulfite occurs. This results in the formation of
MgS0O,, an undesirable by-product, since it is more difficult
to regenerate than MgSO,.

Net removal of sorbed sulfur species is accomplished
through the precipitation and continuous discharge of MgSO3
solids from the system. MgSO. is removed in the adherent water.
Product MgSO: crystals are dried at 200°C, a temperature which
is sufficiently high to drive off both free water and associated
waters of hydration (MgSO; precipitates in a hydrated form
MgS0O3;+xH 0; where "x'" equals either 3 or 6 depending on the
conditions of operation). At the same time, however, the exit
temperature of the MgSO; solids leaving the drier must be kept
below the value at which thermal decomposition of MgSO; begins
to occur (MgSOs; -~ MgO + S0.). One aspect of the MgSO; drying
process which has a significant impact upon downstream processing
requirements is related to the dehydration step. As the MgSO;
solids lose their waters of hydration, the thermal and mechanical
stresses which accompany this reaction tend to result in the
formation of product solids which are very finely divided. This
can create severe dust and reagent loss control problems. This
aspect of the regeneration problem is discussed in some detail in
a later section of this report.

The processing scheme which is currently being used to
regenerate MgO is shown in Figure 1-2. 1In the case of the

-5-
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Boston Edison System and in the final phases of the Potomac
Electric Power program, MgO was regenerated in a facility
operated by the Essex Chemical Company in Rumford, Rhode Island.

In the Essex plant, MgSO;/MgSO. solids were calcined
by heating the solids in a rotary kiln at essentially atmo-
spheric pressure. The mid-kiln temperature was about 680°C.
Coke was added to the calciner along with the feed solids to
act as a MgSOs reductant. A typical calciner feed composition
is shown in Table 1-1 (EN-316).

TABLE 1-1
TYPICAL CALCINER FEED COMPOSITION

MgSO0 s 63.9
MgSO, 12.7
MgO 2.8
Water and Inerts 21.0

The principal reactions which take place in the

calciner are:

MgSOs  Mg0 + SO (1-5)
MgS0, + %C  _ MgO + SO, + %CO, (1-6)

The existing process yields a solid product which is
98% MgO. The gas stream leaving the calciner is a dilute SO,
mixture whose approximate composition is given in Table 1-2,

TABLE 1-2
TYPICAL CALCINER EXIT GAS COMPOSITION

N, 73
co, 6
0> 5
H,0 7
50, 9



The residence time of the solid phase in the calciner is about
one hour (Z0-008).

In spite of some operational difficulties which have
been experienced with the MgSOs calcination process described
above, this technology has been shown to be a viable regenera-

tion process option. Likewise, the production of sulfuric acid
from SO2 is proven technology.

The direct reduction of MgS0O; to produce MgO and
elemental sulfur does not appear to have been attempted on a
commercial scale. Available information on related process
technology, however, indicates that one approach to MgSO;
regeneration which does appear to be feasible is a two-step
process involving the decomposition of MgSOs; to MgO and SO:
followed by a gas phase SO: reduction step. For this reason,
it is appropriate here to discuss the status of existing
technology for producing elemental sulfur from SO:.

1.1.2 Elemental Sulfur Production from SO

Three elemental sulfur production techniques which
have particular relevance to the present study are the
following:

Allied Chemical Process,

Asarco-Phelps Dodge Process,

Outokumpu Oy Process.



General operating characteristics of each of these processes
are summarized in Table 1-3.

It is obvious from the information presented in the
table that all existing processes for producing elemental sul-
fur from SO: are similar with respect to their general principle
of operation. 1In each case, SO0: is reacted with an appropriate
reducing gas such as CH., CO, H: (or a mixture thereof) to form
elemental sulfur, COS, and H2S. Since equilibrium sulfur pro-
duction is maximized at low temperatures, there appears to be
an incentive for using a catalyst to promote this initial
reducing gas/SO: reaction since this option provides favorable
kinetics at lower temperatures. SO: conversion is controlled
so that an H,S:S0, mole ratio of 2:1 is obtained in the product
gas. With this approach, a tail end Claus reactor can be used
to convert residual S0, and H,S to additional elemental sulfur
(2H,S + SO, ~» 3S + 2H,0). A more detailed discussion of
these sulfur production technologies is presented in Technical
Note 200-045-31-0la in the Appendix of this report.

1.2 " Subtask Description

In this section, a general description is presented
of the technical approach which was followed in assessing the
feasibility of producing MgO and elemental sulfur from MgSO,.
Basically, overall effort on this program was divided into the
five major subtask areas shown in Figure 1-3. A general
description of the work performed during each of these
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TABLE 1-3
COMMERCIAL PROCESSES FOR PRODUCING SULFUR FROM S0,

Process Developer Feed
and Location Application Properties Process Detailsg¥*
Allied Chemical - Treatment of tail Gas: Catalytic reduction of SO, with methane
Sudbury, Ontario, gas from sulfide 127 80, Key reactions are:
Canada 2€;.roasting facil- CH, + 250, -+ CO, + 2H,0 + S,
ACHH + 6802 -+ ZICOZ + 16"20 + AHQS + Sz
Optimum reaction conditions are those which
yield:
(1) wmaximum conversion of S0:; to elemental
sulfur (over 40%)
(2) a product gas containing H,S and S0; in
a 2:1 mole ratio.
After the product sulfur is condensed, a two-stage
Claus reactor system is used to convert the re-
maining H,S5 and S0; to sulfur and water.
24,8 + 80, -+ 38 + 2H,0
90+7% conversion efficiency has been demonstrated.
Asarco- Pilot plant for Gas: Catalytic reduction of S0, with CO/H, mixture
Phelps Dodge - treatment of 10-15% S0; produced by methane reforming. 70% conversion of
El Paso, Texas Cu-Pb smelter 2-3% 0, S0; to S achieved in primary reactor. Residual

Outokumpu Oy
Company -
Finland

tail gas.

Production of
FeO, elemental
sulfur and sul-
furic acid from
pyrite ore
(FESz) .

FeS, Solids

H,8/80; reacted in single stage Claus reactor.
Total sulfur recovery obtained: 88-92%.

Solids are suspended in hot reducing gas produced
by partial oxidation of fuel o0il in a flash
smelter. CO and H, react with SO, to produce S
and H,S as the gases are cooled (non-catalytic).
Reaction of H,S and SO, to produce more sulfur
occurs as the gases are cooled further. Sulfur
yield is optimized by passing residual H,S and
S0; over an alumina catalyst at 270°C.

* More complete descriptions of these processes are presented in the Appendix
to this report in Technical Note 200-045-31-01.
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subtasks is presented below.

Subtask 1 - Literature Survey

The goal of this subtask was the collection and
analysis of three different types of data:

Chemistry of the Mg-0-5 System

These data were needed to define potential
methods of producing elemental sulfur from
MgS0s.

Relevant Process Technology

This portion of the literature survey provided
background data for the state-of-the-art
discussion presented in Section 1.1. Equip-
ment performance data were also gathered as
part of this subtask for use in subsequent
phases of the program.

Kinetic Data

Two types of kinetic data were sought:

(1) MgS0O; solids decomposition reactions;
(2) sulfur forming reactions involving such
gasﬁphase components as CH., CO, H., H:0,
H,S, COS and SO,. These data were needed

to define conditions under which the reac-
tions of interest would proceed at favorable rates.

-12-



Subtask 2 - Thermodynamic Screening

Equilibrium calculations for promising reaction sys-
tems were performed to determine the influence of temperature and
stoichiometry on gaseous and solid phase product distributions.

Subtask 3 - Possible Process Arrangements

Using information from the literature and guided by
the results of Subtask 2 above, conceptual processing strategies
utilizing various types of equipment and process arrangements
were developed. Factors considered here include the temperature
ranges of interest, energy transfer considerations, process sim-
plicity, and so on. One low temperature process using a low Btu
gas was investigated. The low temperature will involve a gas
phase catalyst so that the endothermic decomposition heat can be
supplied by the exothermic gas phase reduction reaction. Three
noncatalytic high temperature decompositions were investigated.
Reductants were a low Btu gas (air blown gasifier), a medium
Btu gas (oxygen blown gasifier), and H,S.

Subtask 4 - Heat and Material Balances

Heat and material balance calculations were performed
for the promising process arrangements and reductants of choice
devised in Subtask 3. These calculations, which were intended
to determine the performance characteristics and energy require-
ments of an integrated sulfur recovery system, were made by as-

suming that equilibrium was reached in all process reaction vessels.

Subtask 5 - Conclusions and Recommendations

Based upon the results of the above four subtasks,
promising approaches to elemental sulfur production and gaps
in the existing process data base were identified. Also,

recommendations for future studies of this problem were proposed.

-15-



2.0 TECHNICAL BACKGROUND

In this section justification is presented for the
selection of specific processing schemes for producing elemental
sulfur from MgSO; which appear to be technically feasible. The
information presented here is based mainly upon data collected
in the literature survey subtask.

2.1 Process Chemistry

This section summarizes the pertinent results of the
process chemistry portion of the literature survey subtask.
A more complete description of the results of this effort is
presented in Technical Note 200-045-31-0la which is in the
Appendix of this report. |

As a result of this subtask, it was concluded that a
two-step approach to the production of elemental sulfur from
MgS0; is required. No reports of a direct reaction between
MgS0; solids and a reducing agent to form elemental sulfur
were found. For this reason, effort on this subtask was directed
toward defining (1) the chemistry of MgS0O; decomposition and

(2) general gas phase reactions of the form:

S0, + Reducing Gas
+ Elemental Sulfur + By-Product (2-1)

The chemistry of MgSO; decomposition will be discussed first.

2.1.1 MgS0; Decomposition

Two hydrated forms of MgSO; exist: a tri- and a
hexahydrate. Both can be formed in MgO flue gas desulfuriza-
tion systems. Several investigators have studied the thermal
behavior of MgS0; solids. Starting with the hexahydrate, three

-14-



waters of hydration are lost as the solid is heated between
60 and 100°C. By 200°C the last three waters are lost. Some
sulfite decomposition is also observed at this temperature.

MgS0, decomposition rates become significant at
temperatures in the 300-600°C range. Decomposition of MgSOs; in
a nitrogen atmosphere at temperatures > 300°C yields measurable
quantities of Mg0, S0,, MgSO., free sulfur and MgS,0; (up to
550°C, magnesium thiosulfate is unstable at higher temperatures).
Experimental evidence suggests that the above products are
formed according to the following reactiomns:

MgSO3 - MgO + S0, (2—2)
2MgS0, + SO0, ~+ 2MgSO, + %S, (2-3)
MgSO; + %S, > MgS,0; (2-4)

MgSO; decomposed very rapidly at temperatures > 600°C.
An empirical expression for the decomposition rate of MgSO;
developed by Kim (KI-110) indicates reaction times of 38 seconds

for 907% decomposition at 700°C and 30 seconds for 99% decomposi-
tion at 800°C.

2.1.2 Chemistry of Reduction of S0, to Elemental Sulfur

In this portion of the literature survey thermodynamic,
kinetic, and .other pertinent information pertaining to the
chemistry of obtaining elemental sulfur from sulfur dioxide was
reviewed. The literature was searched from 1967 through the
present using Chemical Abstracts. Previous literature reviews

were relied on for access to key investigations conducted prior
to 1967.

-15-



Reducing agents which were considered include:

methane,

carbon monoxide,
hydrogen,

COo + H,

carbon,

coal,

H,S.

Each of these systems is discussed in detail in Technical

Note 200-045-31-0la in the Appendix. Important characteristics
of these systems which are pertinent to the overall scope of
this study are discussed in summary fashion below.

2.1.2.1 SO, Reduction by Methane

The use of methane as a reducing agent for sulfur
dioxide has been developed for commercial use by Allied Chemical
Corporation. A number of investigations have also been carried
out by several groups of Soviet scientists.

The overall reaction of interest in this system is:
2502 -+ CHq - Sz + COZ + 2H20 (2'5)

Side reactions which result in the formation of H:;S, C0S, and

CS, are also significant.

In kinetic studies of this system, maximum elemental
sulfur yields were obtained at S0O,:CH, ratios of 2:1 and at high
temperatures. Bauxite was shown to be an effective catalyst at
T > 800°C. 1In a non-catalytic system, this reaction is slow for
T < 1200°C.

-16-



2.1.2.2 Reduction of Sulfur Dioxide by Carbon Monoxide

The reduction of SO, by carbon monoxide has been the
subject of numerous investigations. The main reaction of

interest here is
2C0 + SOZ = 2002 + %SZ (2-6)

In the absence of a catalyst this reaction is slow for

T < 1000°C; therefore the emphasis of many studies of SO,
reduction by CO is on catalysis. The performance character-
istics of a wide range of alumina based catalysts have been
studied experimentally. Catalytic systems show favorable
rates and first order kinetics at temperatures greater than
400°C. COS formation is a major problem.

2,1.2.3 Reduction of Sulfur Dioxide with Hydrogen

The main reaction of interest here is

however, H,S formation reactions are also significant in this
system. Thermodynamically, the formation of elemental sulfur
is favored by low temperatures (T < 400°C), however, the un-
catalized reaction proceeds too slowly at those temperatures to
be feasible from a commercial standpoint. With an appropriate
(bauxite or reduced alunite) catalyst, favorable kinetics were
obtained once temperatures in the 300-500°C range were reached.

The uncatalyzed reaction apparently proceeds slowly at tempera-
tures below 900°C.

-17-



2.1.2.4 Reduction of Sulfur Dioxide with CO + H,

A number of studies of S0, reduction by converted
natural gas are reported in the literature. Both catalytic
and non-catalytic systems have been studied. Although this
system has not been studied as extensively as those discussed
previously, its behavior follows the same patterns which were
discussed for the pure component cases.

2.1.2.5 Sulfur Dioxide Reduction by Coal

One reference to the reduction of S0, with coal was
found in the recent literature - a patented gas purification
process involving the reaction of an S0,-rich gas with coal
at temperatures > 425°C (ST-322). A high sulfur content coal
may be used. No additional information was available in the
abstract of this patent.

2.1.2.6 Sulfur Dioxide Reduction by Carbon

Studies of the reduction of 80, by various forms of
carbon have been reported in the literature. Mechanisms have
been suggested involving formation of carbon-sulfur and carbon-
oxygen bonds. Lepsoe (LE-175) reported that in the presence of
carbon, continuous reduction of SO, takes place through the
following reaction scheme:

SO, + C = CO, + %S, (2-8)
€0, + C = 2C0 (2-9)
2C0 + S0, = 2C0, + %S, (2-10)

-18-



Above 650°C, these reactions proceed very rapidly. CS. and
COS formation can occur with this system.

2.1.2.7 Sulfur Dioxide Reduction by H,S

This reaction is discussed below. Equilibrium distri-
bution will be similar to reduction of S0, with H,S. The

kinetics are similar to the Claus reaction.

2.1.3 Other Potentially Important Reactions

Many of the reactions between reducing gases and
SO0, produce significant quantities of undesirable by-products.
CO for example reacts with SO, to produce not only elemental
sulfur but also COS and CS,. Hydrogen (or H,0) containing
reducing gases can react to form H,S.

Because some of these side reactions progress to
a significant extent under conditions which are favorable for
the production of elemental sulfur from SO,, possible mech-
anisms for the conversion of these by-product species to ele-
mental sulfur were considered. A summary of the results of
this portion of the literature survey subtask is presented
below.

2.1.3.1 Conversion of H;S to Elemental Sulfur

The majority of the processes which are available to
accomplish this conversion step are based upon the Claus
reaction.

S0, + 2H,S » 2H,0 +3 Sy

A large number of commercially proven process variations based
upon this reaction system are available. These are discussed
in detail in the Appendix (see Technical Note 200-045-31-0la) .

-19-



2.1.3.2 COS/CS, Formation

COS and CS, formation occur as a result of gas phase
reactions between CO;, CO, SO,, and elemental sulfur. This
problem area is best avoided by choosing reaction conditions
(temperature, catalyst, reducing gas, composition, and stoichi-
ometry) which minimize the yields of these species. The use

of a reducing gas containing H, also minimizes this problem.

2.2 Thermodynamic Screening

The objective of the thermodynamic screening subtask
was to examine the equilibrium sulfur yields which could be
obtained through the reaction of MgSO; with various reducing
gases. Equilibrium calculations were performed to determine
the influence of temperature, gas phase composition, and stoi-
chiometry on the gaseous and solid phase product distributions
which would be obtained if MgSO,; were calcined in the presence
of a reducing gas. Overall heat balances for each reaction

system were also calculated.

2.2.1 Selection of Cases

Calculations were made for four reducing gases at five
stoichiometries and four temperatures (a total of 80 cases).
Reducing gases of CO, H,, CO + H,, and CH, were selected on the
basis of their availability and their demonstrated capability
for reducing SO, to elemental sulfur. H,;S will be similar to
H, as far as equilibrium product distribution is concerned. The
stoichiometries of these reducing agents were varied both to
find the optimum conditions for elemental sulfur production and
to simulate ranges of conditions that would be found in
fluidized bed, co-current, or counter current reactors. A com-~
plete discussion of the gas-solid flow conditions and tempera-
ture profiles obtained in each different type of reactor is
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included in the Appendix (Technical Note 200-045-31-02). The
four temperatures of 350, 500, 700, and 1000°C were chosen tO
include the lower limit of 350°C for MgSO; decomposition and
the upper limit of 1000°C for non-catalytic reduction of SO to
sulfur. Table 2-1 shows the selected equilibrium conditions.

TABLE 2-1
EQUILIBRIUM CASES

Four Temperatures (°C): 350; 500; 700; 1000.
Five Stoichiometries: 0.95; 1.0; 1.05; 1.5; 20.0.

Four Reducing Gases: 100% CH,; 100% CO; 100% H,;
CO/H, (50% each).

An energy balance around the overall process was made
possible by specifying the inlet temperatures of the gas and
solid streams involved in each case. A temperature of 25°C was
chosen for the MgSO; solids and the CH, reducing gas. The other
three reducing gases, H,, CO, and the H,/CO mixture, were speci-
fied to be at 1000°C for purposes of computing reaction system
energy balances. H,, CO, and H,/CO were assumed to be hot since
these gases would most likely be produced on site using some
sort of reforming or gasification process.

The gas and solid species which were considered in
these calculations are listed in Table 2-2. These species
were selected on the basis of their potential for existence
in the reactor as determined by the literature survey. For
the majority of the species considered, thermodynamic proper-
ties were obtained from the well-known JANAF Thermochemical
Tables (ST-067). Some data for MgS,0; were estimated.
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TABLE 2-2
CHEMICAL SPECIES CONSIDERED IN
THERMODYNAMIC SCREENING

Gas
H co S
H, CO; S,
H,0 cos S
H,S CS» S0,
0, CH, SO,
MgS

Condensed Phase

MgO MgS0;
MgS MgSO0,
S (liquid) MgS,0;
C (graphite) MgCO;

It should be noted here that, in the interests of

simplifying the computational procedures involved, S, S, and

Ss were the only gas phase sulfur species which were considered
in the initial screening portion of the thermodynamic calcula-
tions which were performed as part of this subtask. In actual
fact, gaseous elemental sulfur with three through seven atoms
of sulfur per molecule can also exist at the conditions which
were of interest here. The total amount of elemental sulfur
vapor is still fairly well approximated by only S, and Sg. For
this reason, ignoring the S;-; components does not affect the
results of these screening calculations. In subsequent process

design calculations, all potentially significant gas phase

species were included.
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2.2.2 Results of Thermo Screening Calculations

The results of the equilibrium calculations for the
80 different reaction cases considered are shown in Tables B3-1
through B3-8 of Technical Note 200-045-31-02 in Appendix B.
In all of the cases, the MgSO:; was completely decomposed. The
main decomposition product was MgO. Some MgSO. was formed in
certain low-temperature, low-stoichiometry cases. In none of
the cases were MgS,0; or MgS thermodynamically stable.

When CO was used as a reducing gas close to a
stoichiometric amount, virtually all of the solid product
appeared as MgCO; at 350°C. This would not be a process prob-
lem area, however. Even if MgCO; were formed, it would decom-
pose during the scrubbing process to MgO and CO,. MgCO; forma-
tion would be an economic penalty because of shipping costs
since it weighs almost twice as much as MgO.

The two reducing agents containing carbon (CH, and
CO) showed large solid carbon formation tendencies at high
stoichiometries. This indicates that coke formation at the gas
inlet to a fluid bed or counter current calciner could be a
potential problem area. Coke deposition could cause problems

if the process is catalytic.

The highest sulfur yields occurred for the cases in
which CO was used as a reducing gas. At a CO stoichiometry
of 1.0 the elemental sulfur yield for this case was always
above 80%. At T < 450°C and 600°C < T < 800°C, a 90+% equilib-
rium elemental sulfur yield is obtained. This is shown in
Figure 2-1. With H,, the equilibrium sulfur yield is consider-
ably less than that obtained with CO as shown in Figure 2-2.
The equilibrium sulfur yield for CH. is intermediate between
those obtained with CO and H, as shown in Figure 2-3.
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Since the initial screening at four widely-spaced
temperatures indicated a number of apparent anomalies in the
equilibrium products if plotted, a closer look was taken at H:,
H,S, and H, + CO at a stoichiometry of one. The results are
shown in Figure 2-4, where fraction of total elemental sulfur
is plotted versus temperature. Both a maximum and minimum
appear in all three cases, but are readily explainable in terms
of the reactions and thermodynamics involved. 1In the initial
low temperature region no MgSO; appears in the products, but
MgS0O, does. As the temperature increases, the MgSO, decreases,
and the elemental sulfur increases until the MgSO. disappears.
With no further increase of S0, due to MgSO, decomposition, the
elemental sulfur declines with temperature in the range of 400-
550°C. 1In this range, the major sulfur species are the larger

ones, S¢-s, for which the formation from SO, and H,S is exothermic.

The sulfur yield goes back up with temperature as
more S; is formed. The reaction

2st + SOZ = 2H20 + % SX

is endothermic by 11.5 kcal at 298°K for x = 2, and exothermic
by 26 kcal for x = 8. In the higher temperature region, the
overall result for all S species is endothermic and the yield
increases with increasing temperature. For the simple gaseous
reaction, S0, + 2H,S5, there is no MgO in the reéaction system.
This eliminates the possibility of MgSO, formation and the
usual plot of elemental sulfur formation versus temperature

results as is shown in Figure 2-5.
A significant consideration is that the equilibrium

conversion to elemental sulfur is a minimum in the 550-700°C
range.
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In the cases where an excess of reducing gas was used,
all of the excess H, tended to form H,S and all of the excess
CO to form COS. H,S formation tendencies were greater than
COS formation tendencies. Kinetic considerations would there-
fore provide the only incentive for operating the calcination
reactor with an excess of reducing gas.

The heat balance numbers which were generated along
with the equilibrium composition data are of interest because
they indicate whether it is necessary to provide or remove heat
from the reactor in order to maintain the specified steady
state temperature, It is obviously desirable to minimize the
need for transfer of heat. When using methane as a reducing
agent, the reactor would require the addition of heat. The
adiabatic operating temperature is between 700 and 1000°C for
CO and between 500 and 700°C for H,. Each reaction system is
exothermic below these temperatures. The heat requirements for
mixtures of H, and CO fall between those of the pure components.

2.3 Process Implications

Based upon the process chemistry and thermodynamic
considerations discussed in previous sections, it is possible
to identify a variety of factors which are pertinent to the
conceptual design of a technically feasible sulfur-from-MgS0;
process. Some of these factors are discussed in detail below.

Since the deédmposition of MgS0; is endothermic and
the reduction of S0, is exothermic in the lower temperature
ranges, there is a large incentive for combining the calcina-

~tion and SO; reductidn stéeps in one reactor. The thermodynamic
screening results showed that with CO and H:, the exothermic

reduction reaction can provide the necessary heat for the
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decomposition of MgSO,; when operating below 700°C for CO and

below 500°C for H,. Therefore, if favorable kinetics exist at
those temperatures, the fuel required to produce the reducing
gas would be the only energy required by the calcination step.

More detailed heat balances were made for the
calcination step for four reductant cases, as shown in Table
2-3. It is seen that H,S may be eliminated as it must be heated
to 1325°C and the overall reaction is decidedly endothermic.

The high temperature non-catalytic option also requires an input
temperature higher than the output, in the kinetically viable
range of greater than 900°C.

The catalytic process is attractive for a variety
of reasons. First, there is no external heat requirement for
the catalytic process option. As shown in Table 2-4, CO and H,
require temperatures in excess of 900°C to reduce S0, to sulfur.
Methane will not reduce S0, to sulfur for T < 1200°C except
in the presence of a catalyst. With these high temperatures
in the calciner, there is the potential for '"dead burning' of
the MgO. The "dead-burned" form of MgO, called periclase, is
unreactive. Another problem associated with the high tempera-
tures necessary for a non-catalytic process would be the need
to use exotic materials of construction. Above 600°C, special

materials of construction would probably be necessary.

A catalytic S0O; reduction process can operate at
temperatures in the 400-450°C range. This eliminates many of
the problems related to high temperature operation. However,
with a catalytic process, there will probably be a reactor
effluent solid/solid separation problem. Several mechanical
options are available which are probably capable of solving
this problem. Some of these options are discussed briefly in
Section 2.4.
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TABLE 2-3
PROCESS OPTION TEMPERATURES, STAGE 2 OF FLUIDIZED BED

Gas Effluent

Temperature Gas Feed to Stage 2
Reductant , (°C) (°C)

Air-Blown Gasifier:

Catalytic 550 : 450

Noncatalytic 900 1130
Oxygen-Blown Gasifier:

Catalytic 900 1050

Noncatalytic 800 780
H,S Gasifier:

Catalytic 550 1325
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TABLE 2-4

SUMMARY OF MINIMUM TEMPERATURES FOR REACTION

Non-Catalytic

Temperature
Reaction (°C)
MgS0O; Decomposition 550
CH, Reduction 1200
CO Reduction Over 950
H, Reduction Over 900
C0O-H, Reduction No Information

ala
"~

Catalytic
Temperature

450-500

800

400

300-400

400

(°C)

Catalyst®

Iron Bauxite
Iron and Chromium Oxides

Bauxite
Reduced Alunite

Bauxite
Activated Alumina
Metal/Alumina

Bauxite
Alunite

Bauxite
Al,0,4

These are some of the catalysts for which a significant sulfur yield was

reported.

This list is not complete.



A noncatalytic process is attractive in its simplicity.
There are no gas phase catalyst and attendant solid/solid sepa-
rations problems. There is insufficient information available
at this time to choose between a catalytic and a noncatalytic
process, therefore, a process design was made for both.

For purposes of performing detailed process calcula-
tions, it was decided that a single catalytic reaction vessel
would be employed in Radian's conceptual sulfur-from MgSO,
process. The single vessel design was chosen so that the heat
required for MgSO:; decomposition reaction would be provided by
the exothermic SO, reduction reaction. The noncatalytic decom-
position of MgS0O; was also carried out in a single vessel.

A brief investigation was made of the possibility
of using an initiator to start the homogeneous S50, reduction
at lower temperatures. For example, hydrogen peroxide could
provide OH radicals.

H,0, + M = 20H + M
The known rapid reaction with H, would provide H atoms.
OH + H, = H,0+ H

However, a consideration of the possible intermediate steps
indicates that there is not a low activation energy pathway
for overall reaction of SO, reduction to elemental sulfur.
The reaction

S0, +H = SO + OH

is central to such a scheme, but it is endothermic by 31
kcal. An activation energy of 36 kcal is thus indicated,
so that the homogeneous reaction could not occur in the

lower temperature range even if initiated by an external

-34-



radical source. Rather, a temperature of the order of 900°C
would be required, just as with initiation by strictly thermal
radicals.

2.4 Equipment Considerations

In this section pertinent operating characteristics
of several different types of gas/solid contacting devices are
examined. This analysis emphasizes those features of each de-
vice which relates to its suitability for use as a MgS0; regen-
eration reactor. Key considerations in this analysis are the
ability of the contactor to promote efficient contact between
MgSO; solids and the reducing gas, heat transfer characteristics,
operability, and safety. The reactor types which were considered
include rotary kilns, multiple hearth furnaces, rotary grate
and flash roasters, and fluidized beds. These reactor types were
screened to determine which configuration was most suitable from
the point of view of accomplishing the calcination and reduction
steps in a single reaction vessel. The key features of each

reactor type are summarized below.

A rotary kiln is an insulated metal cylinder that
rotates upon suitable bearings and is slightly inclined to the
horizontal. Hot gases are used to heat the solid materials
and to carry away product gases from the decomposed solid. In
rotary kilns there is much less gas-solid contacting than in
fluidized units. In normal operation the kiln seals allow some
leakage of air, thus preventing operation under pressure or
vacuum. Special seals are required in processes which must

avoid problems associated with the entrance of outside air.

Multiple hearth furnaces consist of a number of
annular sloped beds mounted one above the other. Feed material
entering the top of the furnace falls from hearth to hearth as
a result of the movement of rabble arms. Hot gas flows counter-
currently upward through the hearths. Because of the poor
gas-solid mixing characteristics of this type of furnace, a

-35-



high consumption of fuel and a low concentration of S0; in

the product gas is generally obtained when this type of contac-
tor is employed in the smelting industry.

Flash roasters are generally used when the gas/solid
reaction of interest is controlled by surface phenomenon or
when the solid particles are very small so that heat and mass
transfer from the interiors are very rapid. This type of fur-
nace usually consists of a brick lined cylindrical shell, which
encloses a relatively large combustion chamber, having one or
two collecting and desulfating hearths at the base of the cham-
ber and ome or two drying hearths under these calcining hearths.
The operation of the flash roaster resembles the burning of
powdered coal in a furnace in that the solid concentrate is
normally injected into the combustion chamber through entrain-
ment in a stream of air.

Fluid bed reactors are often employed when using
reasonably small granular or powdery feed materials. However,
fluidizing MgS0O; crystals may be a problem because of the
extremely small particle size involved - on the order of 10
micrometers. Fluid bed operation generally results in the
attrition of particles and high entrainment losses, in which
case recovery equipment such as cyclones would be needed. The
extremely small particle size of the MgS0; would probably lead
to severe entrainment problems. It is generally concluded
that particles distributed in size between 30-225 micrometers
are the best for smooth fluidization. Small particles (less
than 10 micrometers) frequently agglomerate. This can result
in the formation of large lumps in the bed. MgSO0; particles
approach the lower limit for use in a fluid bed reactor.
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A newly developed circular grate pelletizer/roaster
which might avoid some of the problems associated with fluid
bed operation has been developed by McKee (IA-003). This cir-
cular grate apparatus features a horizontal, washer shaped
hearth which consists of a large number of metallic grate
elements. The entire structure,which is mounted on a single
center-support bearing assembly, slowly rotates through four
operating zones. Presently, as it is used in an iron-ore
pelletizing process, the four operating zones are feed/unload-
ing, drying, induration, and cooling. These operating zones
could probably be changed to accommodate a different type of
operation. In its existing application, a single air stream
flows successively through the four operating zones. This
promotes efficient heat utilization. The favorable character-
istic of this unit is its potential ability to pelletize the
MgS0O; crystals before calcination. This may be a method of
avoiding the problems which would be associated with a fluid
bed reactor. Also the grate could carry a layer of fixed bed,
gas phase catalyst thus avoiding the solid/solid separation
problem.

In spite of these potentially severe particle carry-
over problems, the superior heat and mass transfer character-
istics of fluidized beds are significant factors which make
this contactor type attractive for this application. 1In
addition, a fluidized bed is one of the simplest models for
making process calculations. For this reason a fluidized bed
was the reactor type which was assumed to be employed in the
calcination/reduction section of Radian's conceptual sulfur
from MgSO; process which is described in Section 3.0. Even
through the use of this type of contactor is assumed here, it
must be recognized that potential solids carryover problems
do exist with this approach.

-37-



The backmix characteristics of a fluid bed reactor
(relative to the solid phase) lead to non-uniform residence
times of solids in the reactor. For this reason, staging 1is

probably desirable from the point of view of achieving high,

uniform conversion levels. In the process design portion of

this study, the use of a two-stage fluidized bed reactor was
assumed.

As discussed in the previous section, the use of a
catalytic process for the combined calcination/reduction step
is desirable because of the high temperatures which would be
associated with the non-catalytic process option. This leads
to potential MgO/catalyst separation problems, however.

The conclusions which were reached as a result of
this analysis can be summarized as follows. Conceptually,
it is desirable to accomplish the calcination and reduction
steps which must occur on the "front end" of this process
in a single catalytic reaction vessel. This approach appears
to be feasible, however, two potentially significant problem
areas are apparent. The extremely small sizes of the MgSO;
feed particles invoived will probably lead to severe dusting
problems. Also, if the catalytic process is used, a catalyst/
MgO solid/solid separation step will probably be required.
Although neither of these problems appears to be insurmountable,
they will have to be dealt with if further development of this
process 1s attempted.

. 1
Noncatalytic options have also been process engineered

because it is felt that it is too early to make a confident

decision as to the best course of action.
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3.0 PROCESS DESCRIPTIONS

Two processes were investigated, i.e., catalytic
and noncatalytic. For the catalytic process the reducing gas
was produced in an air blown gasifier. Two cases were con-
sidered for the noncatalytic process. They were reducing gases
from an oxygen blown gasifier and from an air blown gasifier.

Hydrogen sulfide was not considered in this step
because the heat requirement was judged to be too high. A
1000 Mw power plant burning 2.3% sulfur coal was used as the
basis for the design calculations. A flue gas sulfur removal
efficiency of 90% was assumed. Given these assumptions, a
MgS0,;/MgS0, feed rate of 75.85 g-moles/sec (760 tons/day) was

determined.

The inlet MgS0;/MgS0O, feed rate was derived from the
design of an S0, removal system for Philadelphia Electric's
coal-fired Eddystone Station (120 Mw) burning 2.3% sulfur coal
(average) with a sulfur removal of 90% (EN-125). The flow rate
was linearly scaled to calculate MgSO;/MgSO, production rates
for a 1000 Mw plant. The percent of MgSO, in the feed was
increased from 3.6% to 5.0%. The inlet MgSO;/MgSO, (and the
outlet Mg0O) flow rate was calculated to be 75.85 g-moles/sec.
This yields 264,211 kg/day of MgO.

3.1 Catalytic Process Description

Based upon the results of the literature survey and
thermodynamic screening subtasks, a process arrangement was
developed which appears to be a technically feasible method
of producing sulfur from magnesium sulfite. This process
arrangement, which incorporates the desirable features dis-
cussed in previous sections, is shown in Figure 3-1. A low

Btu syngas is used as the reducing agent.
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The regeneration scheme which is proposed here
includes a two-stage fluid bed reactor followed by a two-bed
Claus reaction unit. A Claus unit is included in this design
since the conversion of SO, to elemental sulfur that occurs
in the fluid bed calcination reactor is only on the order of
50%. With the additional conversion, which is theoretically
obtainable through the use of a two-stage Claus unit, a 97%
overall conversion efficiency of SO, to S.is theoretically

possible.

A sulfur recovery rate of 2.43 kg/sec (231 tons/day)
was calculated for the process scheme shown in Figure 3-1. 1If
the effluent gas stream from the process were to be recombined
with the power plant stack gas upstream of the scrubber, a
slight additional improvement in the overall sulfur recovery
efficiency of the overall sorption process would probably be
realized. 1In a typical 1000 Mw power plant, this gas stream
would increase the sulfur concentration in the stack gas by
about 40 ppm.

The process arrangement calculations discussed in
this section demonstrate that the calcination/reduction step
can be performed without the addition of heat from an external
source. The entire process is a net heat producer due to the

exothermic reactions in the Claus reactor beds.

3.1.1 Catalytic Flow Sheet

The process flow sheet is shown in Figure 3-1. The
solids enter the top of a two-stage fluidized bed. 1In the
upper stage the majority of the calcination/reduction reac-
tions take place. The lower stage serves to complete the solids
reaction and to heat exchange the solids with the incoming

reducing gases.
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The gases laden with sulfur species are then cooled
and passed through a catalyst bed. The exothermic reaction
produces more elemental sulfur. Next, elemental sulfur is con-
densed and removed. The gases are reheated for additional
catalytic sulfur conversion. The sulfur is again condensed.

3.1.2 Process Engineering Calculations

This section discusses the assumptions made and
procedures used in developing the material and energy balance
for the process arrangement shown in Figure 3-1.

The reducing gas used in the process was a typical
air blown coal gasifier product gas (WA-199). The gas compo-
sition is shown in Table 3-1. This gas was chosen because
(1) it contained significant amounts of CO and H, and (2) it
represented one of the more difficult cases for producing the
necessary heat in the calciner since 47.37% of the gas is

nitrogen.

Other reducing gas sources could also be used. A
typical composition for partial oxidation of Bunker C fuel oil
(3.5 wt % S) using the Shell process (SH-200) is also listed
in Table 3-1 for comparison. The two gases are similar enough
go that no significant difference would be expected. One signi-
ficant aspect is that the sulfur need not be removed from the

reducing gas. Any high sulfur fuel may be used.

The first stage of the fluidized bed was assumed to
act primarily as a heat exchanger with no chemical reaction
between the species. The decomposition and reduction reactions
were assumed to take place in the second stage of the fluidized
bed. A temperature of 550°C was chosen for the second stage of
the reactor. At this temperature all of the MgS0,; /MgSO., will
decompose to Mg0O at equilibrium. The elemental sulfur yield in
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TABLE 3-1
TYPICAL AIR BLOWN REDUCING GAS COMPOSITIONS

Mole Percent

Component Coal Bunker C

N, 47.3 56.4
Co 22.9 21.6
CO, 5.0 2.3
H, 13.8 16.1
H,0 7.6 3.2
CH, 2.3 0.

NH; 0.4 0.

H,S 0.7 0.4

Sources; Coal: (WA-199)
Bunker C: (SH-200)
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the reactor increases with decreasing temperature so that the
lowest possible temperature within operating constraints was
needed. Also, lower temperatures minimize material problems and
energy requirements for the reactor. Higher temperatures,
especially over 600°C, require the use of more expensive materials
of construction and increase the amount of heat that must be
supplied to the process by the reducing gas.

The temperature of the outlet MgO solids was calculated
to be 450°C. 1Inlet MgS0;/MgSOy from a drier would be at 200°C.
A heat balance gave the inlet reducing gas temperature at 420°C.
The exit solids must be further cooled for ease of handling.
Should drying and dehydration-be done off site, the feed tem-
perature would be lower. A solids feed/effluent heat exchange
loop could solve both feed heating and product cooling problems.

In calculating the amount of reducing gas needed at a
stoichiometry of 1.0, it was assumed that H»S, NHs, and CH.
would act as reducing agents even though it was noted in the
literature survey that CHs would not react with S0, to any
significant extent in a catalytic process operating below 800°C.
Since the CH, content of the gas was low it does not have any
appreciable influence one way or another. Methane was included
as a reactant for computational ease.

Another potential problem with this process which 1is
not indicated by the equilibrium calculations shown in Figure 3-1
is the formation of COS. At a 1.0 stoichiometry, equilibrium
calculations imply that the formation of COS is not a problem.
The kinetics of COS formation need to be investigated, however,
before it can be stated with certainty that COS is not a problem.
The literature survey reported that COS could be formed in large
or small amounts when SO, and CO are reacted depending on the

operating conditions of the reactor.
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0f the total sulfur in the gases leaving the reducing
calciner only about 50% is in the form of elemental sulfur. A
lower temperature is required for further conversion. The gases

are therefore cooled and sent to a catalytic converter.

The catalytic converter beds were designed to operate
25°C above the dewpoint of sulfur since liquid sulfur condensate
will poison the converter catalyst (GA-155). 1In each case, the
converter inlet temperature was chosen such that the exothermic
heat of reaction in the converter beds was sufficient to keep

the gas temperature above the sulfur dewpoint.

The system pressure was assumed to be 1.0 atm for all
of the equilibrium calculations. 1In actual fact, the pressures
throughout the system would probably vary from 1-2 atmospheres.
The results of the equilibrium calculations would probably not
be significantly changed by pressure differences of this
magnitude.

The gas phase elemental sulfur must be removed to shift
the reaction equilibrium in favor of further formation of ele-
mental sulfur. This is accomplished by condensing molten sulfur.

Sulfur condensation calculations were made by
assuming that, except for the elemental sulfur species (S:,
Sis, ---8g), the gas phase composition remained fixed. A sulfur
condenser temperature of 127°C (261°F) was chosen so as to be
7°C above the freezing point. Additional elemental sulfur
production by the Claus reaction is favored thermodynamically
at 127°¢C; however, this will not happen because of the poor
noncatalyst kinetics at this low temperature. While the 7°C
approach in the sulfur condenser may have to be raised to avoid
freezing problems, the overall sulfur recovery will not be
significantly affected.
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After the first stage of sulfur condensation the
gases are heated so that the second catalytic bed exit tempera-
ture will be 224°C. This exit temperature was again selected

so as to be slightly above the elemental sulfur dewpoint.

The sulfur is again condensed at 127°C. Elemental
sulfur recovery is 97% of the sulfur entering the process. The
off gases contain minor amounts of 80., H;S, and S,. These off
gases may contain too many noxious components to discharge
directly to the atmosphere. 1Incineration, additional catalytic

conversion, recycle, etc., are options to be investigated.

3.1.3 Catalytic Fuel Requirements

The heat requirement for the process is calculated
in two ways. The first way is intended to give an estimate of
the efficiency of the reducing calcining process. The calcula-
tion is carried out in the following manner. An "equivalent”
heat of combustion of the reducing gas is calculated for the
reducing gas at the fluidized bed inlet temperature (420°C)
going to combustion products of CO,, H,0(v), S(1), and N, at
the temperature of the second stage sulfur condenser (127°C).
Since the oxygen source is the MgS0,, the oxygen for combustion
is calculated at 200°C, the MgSO; inlet temperature.

The equivalent heat of combustion calculated in the
above manner is distributed between the heat of calcination of
MgSO;, the heat of the gas phase reactions, and process heat
rejection. The first two items are required and therefore
define the efficiency of the process. Table 3-2 summarizes
the process heat rejection loads. The reduction process ther-

mal efficiency is 77%.
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TABLE 3-2

ENTHALPY CONSIDERATIONS FOR THE PRODUCTION OF

ELEMENTAL SULFUR FROM MAGNESIUM SULFITE

Ecquipment

Fluidized Bed Effluent
Cooler

First Sulfur Condenser

Second Sulfur Condenser

TOTAL

Equivalent Heat of
Combustion of
Reducing Gas

Process Thermal Efficiency

Process Temperature

(°C)

Inlet Qutlet
550 275
300 127
224 127

-10392 + 2421

-10392

-47-

Heat Rate
(kcal/sec)

-1343

-778

-300
-2421

-10392

0.767



The second way of looking at the heat requirement
is by comparing the S0, control process fuel requirement with
the power plant fuel requirement. Assuming a gasifier effi-
ciency of 75% the heat rate to the gasifier is 13,900 kcal/sec.
This is 2.0 percent of the power plant heat rate of 700,000
kcal/sec (based on 10,000 Btu/kwh). If the calcination and
reduction steps were to be carried out separately, the fuel
requirement for calcination would be added to the present
reduction requirement. This additional heat would have to be
rejected or used in some manner. Compared to separate calcina-
tion and reduction facilities, the use of simultaneous solids
decomposition/S0, reduction will mot only require less fuel
but also a potentially lower capital investment because of
less heat transfer surfaces.

The heat load for drying and dehydration will add
one percent or so to either one or two step processes. The
temperature level of the drying step is low (+200°C) so that
low level heat sources should be sought.

3.2 Noncatalytic Process

Two cases were investigated for noncatalytic

processes.

3.2.1 Noncatalytic Flow Sheets

The first case was based upon a reducing gas from
an oxygen blown gasifier. This case is shown in Figure 3-2.

Because the gas phase reaction is noncatalytic, the
fluidized bed exit temperature is 900°C. As discussed in
Section 2, the formation of S, in the gas phase reduces the
heat available for calcination of MgSO;. The result is that
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the inlet gas must be supplied at a higher temperature. A

process alternate might be to supply extra reductant and air
for combustion to supply the extra heat.

The higher exit Cemperature for the noncatalytic
process has taken the process away from the minimum equilib-
rium sulfur formation range of 550-700°C. This results in the
need for a sulfur condenser and knockout ahead of the first
stage catalytic converter. The noncatalytic reaction temperature
was selected based on limited laboratory data. Further bench
scale studies should address this point. Reaction initiation
will be aided by the Teducing gas feed to the calcining bed
being 150°C higher than the final bed temperature.

After the elemental sulfur has been condensed and re-
moved, the gas is reheated and sent to the first stage catalytic
converter. Equilibrium limits the conversion. Therefore,
elemental sulfur is again condensed and the gases returned to a
catalytic converter. The elemental sulfur formed is again
condensed. The waste gases are sent to final disposal.

3.2.2 Noncatalytic Process Design

All calculations were carried out at one atmosphere
pressure absolute. Overall removal of elemental sulfur is
about 967%. Design considerations of the catalytic recovery
units are similar to the catalytic fluidized bed system.

3.2.3 Noncatalytic Fuel Requirements

The heat requirements for the noncatalytic (fluidized
bed) process were calculated in the same manner as for the
catalytic process. The process heat rejection duties and equiv-
alent heat of combustion are given in Table 3-3. The reduction

process thermal efficiency is 80.3%.
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TABLE 3-3

ENTHALPY CONSIDERATIONS FOR THE PRODUCTION OF
ELEMENTAL SULFUR FROM MAGNESIUM SULFITE
NONCATALYTIC PROCESS

Process Temperature

Y Heat Rate
Equipment Inlet Qutlet (kcal/sec)
First Fluidized Bed
Effluent Cooler 900 253 ~1448
Final Fluidized Bed
Effluent Cooler 200 127 -163
Final First Bed
Effluent Cooler 286 127 -321
Second Bed Effluent
Cooler 239 127 -160
TOTAL -2092
"Equivalent" Heating Value of Reducing Gas -10640

-10640 + 2092

Thermal Efficiency = ~106%0

0.803

i
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The fuel to the gasifier represents 2.0% of total
power plant heat rate if the gasifier is again assumed to
operate at 75% efficiency.

3.2.4 Noncatalytic-Air Blown Gasifier Case

Reducing gases from an air blown gasifier were also

considered. The process flow diagram for the reducing calciner
is shown in Figure 3-3.

In order to maintain the outlet temperature at 900°C
an inlet reducing gas temperature of 1130°C (2066°F) is required.
This was considered to be unreasonably high so further calcula-
tions were not made in this feasibility study. If excess reduc-
ing gas and air were introduced to provide extra heat, a lower
temperature could be used and the process might look attractive.

At any rate, the process arrangement would be gsimilar

to Figure 3-2 with compositions similar to those given in the
flow diagram of Figure 3-1.
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4.0 RESULTS AND CONCLUSIONS

In this section the significant results of this study
are summarized. The conclusions generated as a result of this
effort are also discussed.

4.1 Summary of Results

Subtask 1 - Literature Survey

From the literature survey it was concluded that
probably the reaction mechanism for producing elemental sulfur
from MgSO; involved two steps. The first step was decomposi-
tion of MgSO; to MgO and SO,. The second step was reaction
of SO, with an appropriate reducing gas. No evidence was found
to support the existence of a direct gas-solid reaction for
producing elemental sulfur from MgSO;.

Descriptions of several commercial processes which
yield elemental sulfur as a product of reducing gas reactions
with 80, were found in the literature. CO, H;, and methane
are all being used in this application currently. Since the
conditions for MgSO; calcination are approximately known, the
use of this two-step approach to elemental sulfur production
definitely appears to be technically feasible.

Subtask 2 ~ Thermodynamic Screening

In the thermo screening subtask, chemical reaction
equilibrium and heat balance calculations were used to define
the effects of temperature and reducing gas stoichiometry upon
the equilibrium sulfur yield which would result from the reac-
tion of MgS0; with four different reducing gases: H,, CO, CH.,
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and a H,/CO mixture. The highest equilibrium sulfur yields
were obtained in cases where CO was used as the reductant.
S8ignificant (> 50%) conversion of SO, to sulfur was obtained

with all four gases under optimum conditions.

Among the significant conclusions which were reached

as a result of this effort are the following.

(1) At high stoichiometries, the two reducing
gases containing carbon (CH, and CO) showed
large solid carbon formation tendencies.
This indicates that coke formation at the
point of reducing gas injection to the cal-
cination reactor is a potential problem.

(2) At high stoichiometries, sulfur has a
thermodynamic tendency to react with excess
H, to form H,S and excess CO to form COS.
This indicates that, from an equilibrium
point of view, no incentives exist for oper-
ating with a large excess of reducing gas.
It should be noted that this conclusion does
not take into account the kinetic factors that
may be involved in these reaction systems.

(3) The enthalpy data which were generated along
with these equilibrium results are also sig-
nificant. Since the MgS0; decomposition
reaction is endothermic and SO, reduction
reactions are exothermic, heat transfer con-
siderations make it desirable to accomplish
both of these conversion steps in a single
reaction vessel. The heat balance calcula-
tions which were performed as part of this
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subtask indicate that the adiabatic
oOperating temperature of the calcination
reactor 1s in the 700-1000°C range when

CO is used as the reductant and between

500 and 700°C for H,. Each reaction

system 1s exothermic (requires heat removal)
at lower operating temperatures. The heat
requirements for H,-CO mixtures fell between
those of the two pure component cases. The
methane system was endothermic at all tempera-
tures considered (T < 1000°C).

Based upon the findings of the literature survey and

thermo screening subtasks, it was concluded that an attractive

conceptual approach to the production of elemental sulfur from

MgS0O,; appears to involve the use of CO or H; in a catalytic

MgS0O; decomposition process. This conclusion is based upon a

variety of factors.

(L

(2)

(3

Noncatalytic process options require high
reaction temperatures and high feed tempera-
tures for adiabatic operation. This presents
materials of construction and external heat

transfer problems.

With methane, even when a catalyst is used,
high reacticn temperatures and an external
source of heat would be required. /This makes
CO and H, more desirable as potential SO,

reductants.

Low calcination temperatures should maximize

Mg0O product reactivity.
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The problem of separating the gas phase SO:
reduction catalyst from MgO product .is an incentive for a
noncatalytic gas phase SO, reduction reaction. One of the
main objections, high inlet reducing gas temperatures, could
be overcome by introducing excess reducing gas and air to
obtain extra heat of combustion. There is not enough infor-
mation presently available to make a choice between either
catalytic or noncatalytic composition options.

The use of H,S does not appear to be feasible since
external heat transfer would be required. Burning excess H,S

to provide the extra heat is unattractive.

Subtask 3 - Specification of Process Arrangement

Based upon the results of the first two subtasks,
process arrangements which appear to represent technically
feasible approaches to the production of elemental sulfur from
MgSO, were developed. A major portion of this effort was con-
eerned with an evaluation of different types of solid-gas
contactors to determine which reactor type would be most suit-

able for use as a calcination/reduction reactor.

It was concluded that the superior heat and mass
transfer characteristics of fluidized beds make this contactor
attractive for use in this application. For this reason, a
fluidized bed was assumed to be used to accomplish the calcina-
tion step in the conceptual process arrangement which was
developed in this subtask. Potential problem areas which were
identified as being associated with this reactor design in-
cluded: (1) MgO solids entrainment problems and (2) catalyst
MgO solid separation problems.

Since the equilibrium sulfur yield in the calcination
reactor outlet gas was only on the order of 50%, a two-stage
catalyst reaction unit was also assumed to be used with this
process in order to obtain additional sulfur recovery.
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Process engineering calculations indicate that high
equilibrium sulfur yields are possible with reasonable fuel
requirements. Although no reports of this approach to Mg0
regeneration were found in the literature, this approach appears
to be technically feasible.

5.0 RECOMMENDATIONS

Further study of the feasibility of producing
elemental sulfur from MgS0O, should be directed mainly toward
the potential problem areas which were identified as a result
of this study. Basically, it appears that most of the problems
associated with the conceptual process which is proposed here
are concerned with the operation of the reducing calciner. The
technology associated with the treatment of the calciner ef-
fluent gas is well understood since the requirements of that
conversion step are similar to those which are currently being
handled by existing Claus reaction units. Likewise, the pro-
duction of a suitable reducing gas is not anticipated to be the
source of significant problems since a wide variety of reducing
gases are being produced on a commercial scale at present. In
theory, the effluent gas from any partial oxidation process
would be a suitable reducing gas for feed to the calcination

reactor.

The next step should be that of generating data
leading to the design and operation of a bench-scale reducing
calciner. The four major problem areas associated with the
design and operation of the calcination reactor which need to
be studied further are summarized below:

particle properties and size,

solid decomposition reactions,
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kinetics of the reducing gas/S0. reactions
with emphasis on heat transfer related problems,

evaluation of available catalysts for attrition
resistance and activity in the calcination

environment.

These phenomena must be understood and quantified
so that an engineering decision as to the type of reactor best
suited to this application can be made. Major mechanical

problems anticipated are:

handling of very fine particles (1-10 micromns),

separation of MgO/catalyst mixtures.

After determining the reaction and heat transfer
kinetics, a selection of reactor type can be made to best
incorporate a solution to the above mechanical problems. This
reactor should be tested if possible at a bench-scale using
bottled reducing gases.

The above factors related to the noncatalytic process,
e.g. solid MgS0:; decomposition and gas phase kinetic, should be
investigated in the temperature range of interest. There is
some possibility that a decision could then be made as to whether
a catalytic or a noncatalytic reducing calciner could be chosen.

Assuming the process still appears favorable, the
next phase should involve some type of pilot plant. A 20,000
nm®/hr (10,000 scfm) flue gas stream containing 2,000 ppm SO,
could produce about one metric ton/day of elemental sulfur.
It is essential that a MgSOs; stream of this size be treated
and elemental sulfur produced. It would be highly desirable
to coordinate this pilot study with an existing scrubbing
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facility to include magnesium sulfite drying and MgO recycle.
On-site production of reducing gas is probably not necessary
and perhaps not even desirable.

The final step in this process development effort

would, of course, be a prototype unit in which all system
components would be tested in a closed loop operating mode.
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1.0 INTRODUCTION

This technical note describes the results of a
literature survey conducted to gather chemical and engineering
data pertaining to processes for producing sulfur from mag-
nesium sulfite. This information was needed to provide a basis
for subsequent thermodynamic screening studies, selection of
possible process arrangements, and calculation of process

heat and material balances.

The first major section of this document discusses
the chemistry of MgSO; decomposition and gas phase reactions
involving sulfur products and reducing agents. Emphasis is
on compilation and summary of the existing information rather
than critical evaluation. Relatively few data were found
éoncerning the direct reduction of MgSO,. Considerable work
has been done on the thermodynamics and kinetics of the gas
phase reactions of interest.

The second major section of this document is
concerned with existing commercial processes for production
of sulfur from MgS0; or SO,. Process schemes, equipment
types and operating conditions are given. It should be noted
that no existing process for direct conversion of MgS0,; to
sulfur was found. Once again, emphasis in this section is on

description rather than critical evaluation.
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2.0 CHEMISTRY OF ELEMENTAL SULFUR FORMATION FROM
MAGNESIUM SULFITE

In the first stage of this program, the potential
recovery of elemental sulfur from anhydrous magnesium sulfite
was examined considering both one- and two-step approaches.

A literature survey was conducted to identify the process
chemistry options involved in each case. The decomposition
and reduction of MgSO; will be important in either approach.
Information found concerning thermodynamics, kinetics, and
mechanisms of MgSO0; reactions is presented in Section 2.1 of
this technical note. The literature was surveyed using
Chemical Abstracts from 1907 through June 1975.

It is likely that a two-stage mechanism will be most
feasible. This will be based on reduction of sulfur dioxide
resulting from MgSO; decomposition in the first step. There-
fore, identification of available information concerning thermo-
dynamics, kinetics, and mechanisms of S0, reduction chemistry
was the second goal in the literature search. Since formation
of hydrogen sulfide and other sulfur-containing gases may
occur through side reactions, this aspect is also of concern.
Because of the magnitude of information available in this
broad area, the scope of the summary presented in Sections 2.2
through 2.4 is limited to key literature covered by Chemical
Abstracts from 1967 to June 1975. Data contained in the
abstracts were relied on in many instances.
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Magnesium Sulfite Decomposition

Two hydrated forms of magnesium sulfite exist, the
tri- and hexahydrates. Both can occur in MgO flue gas desul-
furization systems.

Several experimental investigations of the heating
behavior of the hexahydrate have been reported. In early work,
Rammelsberg (2-1) reported a temperature of dehydration
slightly above 200°C. At the same time he noticed an evolution
of S0, due to the decomposition of the sulfite. This agrees
with the observation of Foerster and Kubel (2-2) who found a
loss of the water of hydration at 200°C with a simultaneous
decomposition of the sulfite. These authors also reported a
noticeable decomposition at 300°C without a complete loss of
the water of hydration. Hagisawa (2-3) found a continuous
transit?on from the trihydrate to the anhydrous salt.

Okabe and Hori (2-4) reinvestigated the decomposition
behavior in 1939 using differential thermal analysis, X-fay
diffractometry and infrared spectrometry. The DTA experiments
were performed with 300 mg samples and heating rates of 3 and
5°C/min. The atmosphere was not clearly defined in the article.
Evidently, the samples were heated in-air. The X-ray and
infrared experiments were performed after heating the samples
under the same conditions as in the DTA experiments. F[igures
A2-1 through A2-3 show the results of this study. The first
three molecules of water of hydration are lost in two steps at
60 and 100°C. The X-ray pattern of the compound heated to 100°C
is remarkably different from the pattern at room temperature.

At 200°C, the last three molecules of water of hydration are lost.
The DTA plot shows a strong endotherm at this temperature. The
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anhydrous phase i1s nearly amorphous as indicated by the X-ray
diffraction pattern at 200°C. The exothermic peak in the DTA
plot at about 480°C, as well as the endotherm at 560°C, are not
clearly interpreted by Okabe and Hori. The authors mention in
the article only that an oxidation and decomposition process
must be involved. They base this statement on the fact that
oxide and sulfate are the decomposition products. They consider
the exotherm at 480°C as being the oxidation of magnesium sulfite,
whereas the endothermic reaction at 560°C is the dissociation of
the occluded sulfite. There are no reaction mechanisms proposed
in the article.

Foerster and Kubel used quantitative analytical tech-
niques to investigate the decomposition behavior of MgS0;-6H:0
The hexahydrate was dehydrated in a stream of nitrogen at 250°C,
and then heated to the desired reaction temperature. The gaseous
and solid reaction products were analyzed for SO,, free sulfur,
sulfite, sulfate, and thiosulfate. The authors mention that no
sulfide was found. The results are given in Table A2-1 and Fig-

ure A2-4. The following decomposition mechanism was proposed:
2MgS0, - MgS,0; + MgO (2-2)
4MgS0; ~ 2MgSO, + MgS,0; + MgO (2-3)

Parallel to these reactions, they assumed a decomposition of
the sulfite,

MgS0, + Mg0 + SO, (2-4)
and a decomposition of the thiosulfate,

MgS,0; + MgSO; + S (2-5)
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TABLE A2-1
DECOMPOSITION OF MgSO, AS FUNCTION OF TEMPERATURE

Heating Time One Hour (2-2)

% A
% Elemental %S Elemental
Total Sulfur as S0, Sulfur
% S in Sulfur in the in the in the % Total
Temp., Undecomposed 7% S in Z S in in the Solid Effluent Effluent Elemental
°C Sulfite Sulfate Thiosulfate Residue Residue Cas Gas Sulfur
300 84.7 7.3 2.5 98.0 3.5 2.9 -0.9 3.5
350 75.1 13.7 5.2 95.9 1.9 3.7 0.4 2.3
400 69.5 17.0 6.7 95.5 2.3 5.0 -0.5 2.3
450 67.5 17.0 6.7 93.2 2.1 6.4 A 2.5
500 52.5 23.3 5.7 80.7 0.8 12.9 4 7.2
550 3.6 27.9 - 31.4 -0.1 54.7 13.9 13.9



50 =
100 T 5
s
3 40 &9
[/)] P =
o 80 59
g o3
e ! W O
9 601 30 3 A
U
"8 —
= j=Ie]
20 @
8 40 w5
hat o«
W ) é’
2 204 10 2
[42} > o
B A
e

FIGURE A2-4
GRAPHIC PRESENTATION OF THE RESULTS SHOWN IN TABLE 2-1 (2-4)

-75-



Similar techniques were used by Ketov and Pechkovskii
(2-5) to investigate the decomposition of MgSO,. The magnesium
sulfite was placed in a porcelain boat and ignited in a tube fur-
nace in a stream of N, gas. The results are given in Table A2-2
and Figure A2-5.

TABLE A2-2
EFFECT OF TEMPERATURE ON THE DEGREE OF THERMAL
DECOMPOSITION OF MAGNESIUM SULFITE IN A STREAM OF NITROGEN (2-5)

Temp., % Conversion of S of MgSOs

°C SO, MgS,0; S, _ MgSO.,  TOTAL
300 0.7 2.1 2.0 5.7 10.5
350 2.1 3.6 2.6 8.8 17.1
400 5.7 4.8 3.1 10.8 24.4
450 16.3 5.3 3.8 12.9 38.3
500 36.8 4.5 5.2 14.9 61.4
550 68.5 0.0 8.4 17.5 94.4
600 88.2 0.0 3.9 7.8 99.9

Gas Flow Rate: 3.0 %/hr
Test Time: 15 minutes

Sample Size: 0.5g
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Ketov and Pechkovskii found the same decomposition products as
Foerster and Kubel. They proposed, however, a different reaction
mechanism. The sulfur dioxide is, according to Pechkovskii and
Ketov, formed by the dissociation of magnesium sulfite according

to the reaction:
MgSO; + MgO + SO, (2-4)

The presence of magnesium sulfate and sulfur in the
solid products is explained by an oxidation of magnesium sulfite
by sulfur dioxide under the conditions of the experiment according

to the equation

2MgSO; + SO, = 2MgSO, + %S, (2-6)

To prove this, magnesium sulfite was allowed to react
with 100% sulfur dioxide for 15 minutes at 400°; it was established
that there was no dissociation of magnesium sulfite under these
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conditions, and the reaction products were magnesium sulfate,
magnesium thiosulfate, and sulfur, which were formed in considera-
bly greater amounts than in the decomposition of magnesium sul-
fite in a stream of nitrogen.

The sulfur liberated according to Equation 2-7 reacts
with magnesium sulfite below 500° with the formation of thio-!
sulfate according to the reaction

MgS0s: + %S; = MgS,03 (2-7)

Experiments conducted on the ignition of mixtures of
MgSO:; and sulfur in a stream of nitrogen showed that at 350°C,
8.9% of magnesium sulfite is converted to thiosulfate in 15 min-
utes while in the absence of sulfur, under the same conditions,
1.8% is converted.

At 550°C and above, magnesium thiosulfate is absent
from the decomposition products, since under these conditions it
is unstable. Consequently, the main sulfur-containing decomposi-
tion products of magnesium sulfite above 500°C in a nitrogen
atmosphere are sulfur dioxide, sulfur, and magnesium sulfate.

The effect of catalysts on MgSO,; decomposition was also
investigated by Ketov and Pechkovskii. The presence of Si0: had
no measurable effect on either rate or product composition. Iron
and chromium oxides, however, increased the reaction rate at 500°C
in a current of air. Also, higher levels of sulfate were mea-
sured in the product because of 1) enhanced direct oxidation
of sulfite to sulfate, and 2) catalyzed sulfur dioxide oxidation
to sulfur trioxide which subsequently reacted with available

MgO formed by sulfite dissociation.
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The decomposition of magnesium sulfite in a current
of hydrogen resulted in formation of hydrogen sulfide according

to the reaction
S, + 2H: : 2H,S (2'8)

The sulfur vapor is present due to two mechanisms, the oxidation
of magnesium sulfite by sulfur dioxide (Equation 2-6) and the

reduction of sulfur dioxide as shown below

SO, + 2H, I 2H,0 + %S, (2-9)

The degrees of decomposition expressed as percent conversion of
S after 15 minutes, in nitrogen and hydrogen were not signifi-
cantly different. The addition of an iron bauxite catalyst
increased the degree of decomposition at 400° - 550°C and also
affected the gas phase composition, producing higher levels of
sulfur and hydrogen sulfide and lower SO, levels. In a hydrogen
atmosphere above 400°C the amount of MgSO, formed decreases be-
cause S0; reduction by hydrogen is more kinetically favored than
reduction by MgS0O;. The amount of thiosulfate product is also
affected by a reducing atmosphere, catalyst, and temperature as
shown in Tables A2-2 and A2-3. This change is accompanied by
increased levels of H,S in the exit gases.

Kim, et al. (2-6) experimentally investigated the
kinetics of MgSO; decomposition in the range 500-600°C. The
effects of temperature, reaction time (2-22 minutes), and
concentrations of CO, (0-20%), H,0 (0-20%), and O, (=2 to 2%)
were examined. An oxygen concentration of -2% was established
by addition of 1% methane to an oxygen-free atmosphere. The
experiments were conducted by suspending a platinum reaction
dish containing ~ 300 mg of MgSO,; in the reaction tube.
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TABLE A2-3

TEMPERATURE DEPENDENCE OF THERMAL DECOMPOSITION OF MAGNESIUM SULPHITE,

PURE AND WITH ADDITION OF 107 BAUXITE, IN A CURRENT OF HYDROGEN

Pure With Addicive

Tszp., % Conversion of S of MgSO3

S0, HoS Sy MgS,03 MgSO4 Total S50, H,S Sa MgS,0;3 MgSO0; TOTAL
300 0.7 0.0 2.1 2.1 .7 10.6 0.6 0.2 2.0 2.0 5.8 10.6
350 .1 0.4 2.5 3.8 9.0 17.8 1.8 .3 1.5 2.4 8.2 18.2
400 5.8 1.1 3.1 4.9 10.9 25.8 3.2 23.3 1.1 0.5 9.3 38.4
450 14.8 5.9 3.1 4.0 11.3 39.1 5.1  62.1 2.8 0.0 9.1 79.1
500 33.6 15.1 3.4 0.0 10.8 62.9 17.1  A4.4 23.0 0.0 7.1 91.6
550 64.2 17.5 0.3 0.0 7.5 95.5 58.0 18.4 16.3 0.0 4.9 97.6



Different temperature zones were maintained in the tube.
Following equilibration at 100°C for 30 minutes with the desired
gas mixture flowing at 500 cc/min, the sample was raised to the
200°C zone for 5 minutes where dehydration occurred. Then it
was quickly raised to the reaction zone for the specified time,
after which it was lowered to a lower-temperature zone. The
product was analyzed for Mg, total S, sulfite, and reduced
(thiosulfate, thionates, sulfide) sulfur. Sulfate was obtained

by difference.

The results of the chemical analyses of the solid prod-
ucts for each run are presented in Table A2-4. The following ob-
servations were made. The extent of decomposition increased as
the reaction time was increased, and the rate decreased as the
reaction neared completion. The rate increased with increasing
temperature over the experimental range. The decomposition was
adversely affected in an oxygen atmosphere, especially at lower
temperatures; a reducing atmosphere, however, failed to have a
significant positive effect. The effects of H,0 and CO,; in the
atmosphere on MgS0; decomposition were small.

The kinetics of MgSO; decomposition from 500-600°C in
an atmosphere of 10% CO2, 10% H,0, and 0% O, were analyzed by a
least squares technique and expressed by Equations (2-10) and
(2-11).

7
8- 1-0)¥? (2,338 x 10) exp (-37,000/RT) sec™’ (2-10)
1
2[(—1——)—% - ] = 2.338 x 107 t exp (-37,000/RT)  (2-11)
-0
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TABLE A2-4
DISSOCIATION OF MAGNESIUM SULFITE

Compn. of Composition of product, % Fraction, %, of sulfite
Reaction Temp., atmosphere, 4 Weight Sulfur Decompd. Oxidized

time, min °C CO, H0 O loss, % Mg -Total ©Sulfite Reduced to S0, Unchanged Reduced to S04
7 526 5 5 1 46.0 25.1 21.5 15.8 0.6 35.1 LWr.7 1.8 15.4
17 526 5 5 -1 63 .2 35.7 9.7 4.3 1.2 79.4 9.1 2.6 8.9
T 575 5 5 -1 66.4 38.3 7.1 1.7 2.8 86.0 3.4 5.5 5.2
17 575 5 5 1 62.8 35.5 10.0 1.3 1.3 78.6 2.8 2.8 15.8
T 526 15 5 -1 Ls.6 25.8 24.0 19.6 1.7 29.5 57.6 5.0 7.9
17 526 15 5 1 L. .9 26.1 2h.0 16.1 3.0 30.3 46.8 8.7 14.2
T 575 15 5 1 6h4.2 37.2 9.8 2.3 1.2 80.0 h.1 2.5 12.8
17 575 15 5 -1 66.1 37.5 T-1 1.4 0.9 85.7 2.8 1.8 9.7
T 526 5 15 -1 51.9 29.9 17.8 12.9 0.9 5h.9 32.7 2.3 10.1
17 526 5 15 1 49.6 24h.5  17.4 10.% 1.4 46.2 31.9 4.3 17.6
T 575 5 15 1 62.5 36.2 10.5 1.0 1.1 78.0 2.1 2.3 17.6
17 575 5 15 -1 64.9 37.7 8.7 1.4 2.6 8.5 2.8 5.2 9.5
T 526 15 15 1 51.2 26.3  19.2 9.9 1.4 Wy 7 28.5 4.0 22.8
17 526 15 15 -1 62.9 32.7 9.8 2.0 0.6 T7.3 4.6 1.4 16.7
T 575 15 15 -1 6h.5 35.2 9.0 2.1 1.0 80.6 .5 2.2 12.7
17 575 15 15 1 65.4 36.7 9.7 1.0 1.0 80.0 2.1 2.1 15.9
22 550 10 10 0 67.2 37.7 6.9 1.k 0.8 86.1 2.8 1.6 9.5
2 550 10 10 0 41.0 22.7 2h.s 16.h 2.0 18.2 sl .8 6.7 20.4
12 602 10 10 0 68.4 40.0 k.9 0.L 1.1 90.7 0.8 2.1 6.4
12 504 10 10 0 37.6 22.5 22.1 13.4 3.1 25.5 Ls5.2 10.5 18.9
12 550 20 10 0 63.5 33.9 10.8 2.2 0.8 75.9 4.9 1.8 17.4
12 550 0 10 0 61.0 32.0  11l.3 1.5 1.2 5.2 3.6 2.8 20.4
12 550 10 20 0 k9.2 25.0 17.8 0.9 0.7 46.0 2.7 2.1 ho.1
12 550 10 0 0 47.0 ek.2  18.7 1.2 0.8 h1.h 3.8 2.5 52.3
12 550 10 10 2 55.1 28.0 15.5 1.7 0.6 58.0 4.6 1.6 35.7
12 550 10 10 -2 63 .4 3h.5 6.1 1.6 0.6 86.6 3.5 1.3 8.6
12 550 10 10 0 62.5 33.5  10.h 1.8 1.1 76.5 L.l 2.5 17.0
12 550 10 10 0 62.5 34h.8 1lo0.2 2.1 0.6 77.8 4.6 1.3 16.3



In these equations « is the fraction of sulfite decomposed, R
is 1.987 cal/gmole °K, and T is the absolute temperature (°K).
The authors state that the reaction order of 3/2 can occur
when decomposition products interfere with the decomposition
reaction. Extrapolation of these results indicates a reaction
time of 38 seconds for 90% decomposition at 700°C or 30 seconds
for 99% decomposition at 800°C. There is some doubt as to the

efficiency of experimental gas-solid contact.

A mathematical model was developed for fluidized bed
thermal decomposition of commercial MgSO; (2-7). The effects of
coke ore gas concentration, air concentration, amount of MgSO,,
and bed temperature on SO, yield were described by a set of
equations. The purpose of the investigation was to be able to
specify operating parameters of a cyclic method for sinter gas
desulfurization involving a boiling layer furnace to meet air

pollution regulations.

Schwitzgebel and Lowell investigated the thermodynamics
of the Mg-S0,-0, and Ca-S0,-0 systems (2-8). Predominance area
diagrams were constructed that explain the decomposition behavior
of the sulfites. Near 360°C MgSO,; decomposes to MgO + SO: with
side reactions yielding sulfate, ;hiosulfate, and elemental S
as well up to 500°C. Although disproportion to MgS + MgSO, is
thermodynamically feasible, this reaction does not occur because
of the relatively low decomposition temperature of the sulfite,
slow disproportionation kinetics below 600°C, and the stability
of the thiosulfate up to 500°C.

Several additional references to thermal decomposition
of magnesium sulfite appear in the literature, although the
details are sketchy. In one case indirectly heating a slurry
of MgSO; -6H,0 (30%) plus Mg(OH), (0.5%) at an unspecified
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temperature yielded a solid phase consisting of 507% MgO and

45% MgS0,; the gas was a mixture of SO, and SO0; (2-9). Ninety
percent conversion of MgS0,-6H,0 from a flue gas desulfurization
system to MgO + SO, was achieved in an external heating rotary
kiln compared to only 10-15% conversion in an internal heating
rotary kiln (2-10). 1In a similar application a mixture of an-
hydrous MgSO;, MgSO, and MgO is direct fired in a rotary kiln

or fluidized bed, again at an unspecified temperature, to pro-
duce Mg0O and SO,. The calcination is carried out in the presence
of coke and carbon monoxide to reduce the sulfate to MgO + SO,
(2-11). According to information contained in a patent, the
above calcination is carried out between 750 and 1300°C (2-12).
Berezina and Piraev determined by thermogravimetry that MgSO;
decomposition begins at 380°C (2-13). The atmosphere was not
clearly identified in the abstract.

Several patents have been issued for the recovery of
elemental sulfur from MgSO;-6H,0 generated in flue gas scrub-
bing. In one case the MgS0;-6H,0 is first thermally decomposed
to Mg0O + S0,, the latter subsequently reduced with carbon to
S, CO,, and H,0 at 850-900°C. The reductant is added in slightly
less than the chemical equivalent of SO, (2-10). According to
a second patent description the hydrated sulfite is dried at
200-300°C (or 70-380°F) in a gas with less than 5% oxygen con-
tent and then heated with a reductant (H,, CO, CH, or C) at
800-900°C producing MgO + S (2-14). A possible one-step sul-
fur recovery process has also been patented wherein precipitated
MgS0O; and CaSO. is heated at 1200°C after addition of carbon.
The products are gaseous sulfur, MgO, and Ca0 (2-15).

-84 -



2.2 Chemistry of Reduction of SO, to Elemental Sulfur

In this section thermodynamic, kinetic, and other
pertinent information pertaining to the chemistry of obtaining
elemental sulfur from sulfur dioxide is summarized. Reducing
agents considered include:

methane

carbon monoxide
hydrogen

CO + H,

carbon

coal

Each of these systems is dealt with in the following sections.
The literature was searched from 1967 through the present using
Chemical Abstracts. Literature reviews were relied on for access
to key investigations conducted prior to 1967.

2.2.1 S0, Reduction by Methane

The use of methane as a reducing agent for sulfur
dioxide has been developed for commercial use by Allied Chemical
Corporation. A number of investigations have also been carried
out by several groups of Soviet scientists. The results of the
literature search for mechanistic and kinetic data relevant to

the reaction between 80, and CH, are presented in Table A2-5.
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REDUCTION OF SO, BY METHANE

TABLE A2-5

Scope of Reactions and/or Species
Investigation Considered Catalyst Parameters Method. Results and Conclusions Ref.
Thermodynamic ZSO2 + CH, = 5, '+ 002 + 2H20 502/CH4 =2 Calculation of High values of the equilib- 2-16,
calculations up equilibrium brium constant were calcu- 2-17
to 1200°C. Pressure: constants up to lated, indicating that the
1 atm 1200°C and equi- reaction will go essentially
. librium gas mix- to completion. Side reac-
Tﬁmpigafgggéc ture at 800 tions are important. For a
P S0 CH, ratio of 2:1 under
atmosphérlc pressure at 800°C
the possxble yield of elemen-
tal S is 68.07 (2-16).
Kinetics of two- Bauxite in Gas composi- Experimental Sulfur yieldg were: 2-18
stage catalytic both reduc- tion - 14.7% two-stage 85% at 900 C
1 reduction. tion steps S0, reactor 827, at BOOOC
g SO /CH = 2 13% at 700%C
! Sgace vg}ocity
Temperature
700-1000°C
(]st reactor)
370°C (2nd
reactor)
Thermodynamic 250, + CH4 = GO, + 82 + 2H20 Tcmperature - The free energy 1. The following equilibrium 2-19
calculations 25-800°¢ equation for CH4 constants were calculated:
of S0; reduc- CH, contentra- was used: 1.9 X «
tion with CH, tidn - .005% .. _ -AF Lt Log K —_—
SO, concentra- & L .58T 800 12.0 1 x 10 3
tidn - .01 % 600 13.1 1.2 x 10
= 2-7—.?.—0 400 14.8 6.4 x 10}?
200 17.9 7.9 x 1024
+ 4.83 log T 35 24.3 2.0 x
- 0.0016T )

N 2. Side reactions that should
be considered include: the
+2.0x 10 °T ccion of H 0 on S, to form
- 6.2 and H - formaglon of
g and Cg
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Page 2
TABLE A2-5 - REDUCTION OF SO, BY METHANE (cont.)

Scope of Reactions and/or Species .
Investigation Considered Catalyst Parameters Method Results and Conclusions Ref.
Thermodynamic CHQ H2 Noncatalytic SOZICH4 =n Thermodynamics 1. The results of the equilib-~ 2-20
calculationsoat S0 H.0 and in the Calculation of brium calculations ghowed
727 and 1000°°C 2 2 presence of = 0.5-4 equilibrium gas that at n=2 and 727 C, the
and kinetics of H,5 cs, calcium P - 1a¢m Phase with and possible sulfur yield is
S09 reduction to co cos sulfide ressure without excess 55.8%. At n=1 and 727 or
H,S in the 850- co p Temperature - carbon present. 10007°C zero sulfur yield
1000°C range 2 2 727, 1000°C Experimental is predicted.
SOZ+CH4 = HZS+CO+H20 (L) Experimental Catalytic flow- 2. The rate of reduction of SO
S0,+CH, = H,S+CO,-HHi 2) temperaturg - type reactor by methane in the tempera-
SOZ+CH4 - CgS+H %+H2 (3) 850-1000"C ture range studied is con-
A S Ay trolled by the rate of
S0,+2H,S = 75,+2H,0 (4) pyrolysis of methane.
2 2 272 2
4 _ 2 1
§SOZ+CH4 = 3CSZ+2H20+§C02(5)
CSZ+2HZS = 252+CH4 (6)
4 _ & 2
350,+CH, = 3H,S+3H,0+C0, (7)
_1
SO2+CH4 = 752+C02+2H2 (8)
. 1 y
802+CH4 = C+§Sz+2H20 (9)
Thermodynamic Pressure - latm The calculations Sulfur yield is 100% when the 2-21
calculations S0, /CH, = n were based on n value is 2. At n=1 the S
2 4 equilibrium con- yield 85 zero at t <827°C, 8.9%
- 0.8-3.33 stants reported at 927°C, and 60.3% at 1327°C.
. : in the literature.
Temperatureo-
627-1327"¢C
Kinetics of Activated 802:CH4 = 10:6 Experiments were 1. Kinetically the initial 2-22
catalytic A1203 Temperature .- carried out in a reaction rate is independent
reductioB at gOO-llOOOC differentﬁal type of the flow rate, but depen-
800-1100"C Catalyst parti- of reactor in a 5 dent on temperature and
ataryst p mm catalyst layer. catalyst amount. It is a
cle size - kinetic process below 950°C
1.5-3 mm P :
Gas flow rate 2. At higher temperatures

(>9509) the reaction becomes
a diffusion-kinetic process.
Above 1050° it becomes a
diffusion process.

3. An expression was determined
to describe the kinetic phase.
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TABLE A2-5 — REDUCTION OF S0; BY METHANE (cont.)

Page 3

Scope of Reactions and/for Species .
Investigation Considered Catalyst Parameters Method Results and Conclusions Ref.
Reducrion of Activated Catalyst sur- Consult original One 3 of catalyst yielded 2-23
industrial waste A1203 face area - reference. 300-350 kg S/hour under
gas with methane 40-60 m2/g experimental conditions
over catalyst given.
Temperature -
800°-9009C
Initial gas
composition -
10-12% 50,
SOZ:CH4= 10:
Patent descrip- Activated Catalyst com-  Consult original Results were not presented 2-24
tion for increas- Al,04 position reference. in abstract.
ing activity of _979
catalyst at low 1?Eae%ngted 95.5-97% A1203
temperatures w 275 2.0-3.0% Vv V5,05
and K,0 1.0-1.5% K,0
Mechanism of’ 6S0,1+4CH, =4C0OS+8H,0+S Quartz 50,/CH,=2.2-3.4 Consult original Reaction shown takes place 2-25
- 2 4 2 2 42 : i .
catalytic reduc- t = 820-1135°C reference. first under conditions studied.
tion Also, COS+C0,SZ,COZ, and CS2 The COS then decomposes to CO
and S?, and CO2 and CS,. The
reaction ogcurs on the quartz
below 1050°C and in the gas
phase above 1050 °Cc. A homo-
geneous-heterogeneous mechanism
was suggested.
Mechanism 8802+6CH4 3C52+Sz+2CO+CO2 Quartz SO /CHZ =0.5-3.0 Consult original In contrast to Zavadskii's 2-26
and products t = 800-950°C reference. results (2-25), it was reported
of catalytic +12H2 that reduction takes. place

SO2 reduction

with predominant formation of

CSzrather than COS.
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TABLE A2-5 - REDUCTION OF SO, BY METHANE (cont.)

Page 4
Scope of Reactions and/or Species
Investigation Considered Catalyst Parameters Method Results and Conclusions Ref.
Thermodynamic Species considered: Temperature - The equilibrium Values of log K, 2-217
calculations co 727-1227%¢C constants of the i
for the C-0-H-S CH4 SO./CH, = 1.0- reactions consid- Values of log K at temperatuses {"K)
system in the 50, Hy 27774 ) ered were calcula- Resctonj™ > o s 1500
1000-1500"K S cos 2.5 ted based on
range 2 Pressure - literature equilib- i 11.6854 11.2987 10.7258 10.2983
CO2 CS2 0.15-1.0atm rium constants for @ 151 ;%% ggg igﬁ
H,0 H,S : : dissocigtion of the @ _?Sé oooss | ozitn ?g%
compounds into &4 - - vy
Note: S, polyatomic their constituent © —Os6L | —ofe2 | —0I0%6 ] 0720

S, SO molecules, and
HS radicals are not
stable in the tem-
perature range con-
sidered. CS molecules
may be present in sig-
nificant quantities
above 10270C in the
presence of excess
reducing agent.

Reactions considered:

atoms. Based on
these results the
equilibrium compo-
sitions were calcu-
lated for the sys-
tem using ten equa-
tions, consisting
of the expressions
the Ke's for the 6

reactions shown
plus 4 equations
defining partial

Results were also presented

in tabular form for the com-
positions of equilibrium wmix-
tures, sulfur distribution,
and heats of reaction for the
509-CH, system considered.
Dependence of the equilibrium
yields of 50,, Sel m HoS, COS,
and CS, on temperaﬁure §02:CH
ratios, and pressure were pre-
sented graphically.

250,*+CH, =5,+C0,+2H,0 (1) pressures of the 10 Bencral, the yoeid ord at
= elemen was maximized a
250, +4H,5=4H,0+35, @ system. an S0,/CH ratio of 2.0.
2H,+5,=2H,S ()] Sulfur yield also increased
CO. +H..=H.0+CO 4) with increasing temperature
27272 over the range investigated
&
2C0+5,=2C08 (5) for ratios lower than 2.0.
2€0S=C0,+CS (6)
2 2
Also,
CH,=C+2H, @)
Kinetics of Main reaction: Temperaturg— Experiments were §92L§E4=1-9 and 100% SOzggas 2-28
tbermal reduc- 2509 +CH ;=5 9+C05+2H,0 (1) 900-1250%C conducted in quartz The overall SO. conver-
tion of concen- : : flow-type reactors : : g
d 50 I diat d sid Reaction Time- hich th > sion and S yield were
trated S09 gases ntermediate and side 23-14.4 sec I whic e reac strongly temperature
by ‘methane reactions: tion zone was de- dependent :
_ 2 Gas Feed Rate- 1limited by two in- )
CHy=C+2Hy (2) 2.4111ters serts formed by Overall SO S yield Reaction
CH,+H,0=C0+3H, (3) hr” sealed quartz tubes. t,°C Conversion® % % Time,sec
250,+2C=57+2C0, (4) 392 Sontent of 900 83 45 14.4
2502+4H2=Sz+4H20 (5) £a5-100% and g 1100 94 81 3
250,+4C0=52+4C0, (6) 10-40% 1250 94 81 1.4
2C0+5,=2C08 7 Reducing gas 2. The experimental S yield was
C+S=CS (8) composition: slightly higher than the
25002 95-99% CH, equilibrium yield at 1100-
2Hp,8,=2H,5 &) E;Eggg;bons 1250°C after 0.78-0.34 sec.

(Cont.)

SOZ/CH4=1 .3-2.2

(Cont.)
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TABLE A2-5 - REDUCTION OF S0, BY METHANE (cont.)

Scope of
Investigation

Reactions and/or Species

Considered

Catalyst

Parameters

Method

Page 5

Results and Conclusions Ref.

2802+1.SCH4=2H25+1.SCO
+H20

2802+1.SCH4=CSZ+0.5 CO
+3H20

2

2

(10)

(11)

3. At 900°C the reduc-
tion is slow.

SOZICH4=1.27 and 1007% 302

Gas

1. Overall SO, conversion
and H,S yi€ld were
strongly temperature-
dependent; see Reactions
(10) and (11).

2. The rate of reduction is
significantly higher than
at 80,/CH; ratio of 1:9,
but tﬁe elemental § yield
is low.

502/CH4=2_0 and Lower SO2 Gas

1. Overall SO, conversion is
80-957 for“ reaction times
of 0.34-12.9 seconds.

2. The elemental S yield is
15-20% abs. less than SO
conversion, and st yiel%
is 10-207%.

30,/CH,=1.3-1.45 and Lower SO
2 4 2
Gas

1. S0, conversions were 100%,
ané S yields were 50:10%.

Kinetics

1. Satisfactory agreement was
found between experimental
and predicted values based
on the assumption that the
rate is controlled by the
rate of methane pyrolysis
up to 1250°C. Results are
tabulated below.

(Cont.)
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TABLE A2-5 - REDUCTION OF SO, BY METHANE (cont.) Page 6
Scope of Reactions and/or Species
Investigation Considered Catalyst Parameters Method Results and Conclusions Ref.
Calculated reaction time tor the seduction of sulfur dioxid
by methane {sec.}
Degrurﬁ Concenuation of S0, % ﬂ Conceptaation of SO, %
éz;.";: "w 70 © o ] w0 0 [0 uﬁ
Temperature: 1100°C Temperature: 1250°C
(K= 1.175) (K=1263)
0. 0.91{ 0.96| 0.97| 0.94[10.05 | 0.05} 0.05] 0.05
0. 3.9 a0 d.0 32 H0.15)10.15]0.15] 016
0. 191921414 7.9 §0.250.35{0.37{ 6.39
0./ 10.1 {10.3 }10.7 {11.6 §0.50] 0,51 {D.53 | 0.58
8. A 034 4. JiS4 110651 0.6710.70}10.78
2. The reaction time is ex-
pressed as:
-1 i S
e=g [(+0.30)A7= - 0.3Nx]
where: x = degree of CH
decompositioﬁ
N = fraction of
(S0+CHg) in
initial mixture.
3. 1If H,S is the main by-pro-
duct, a higher rate is
measured. A different
mechanism is probably
responsible.
Economics and Dunite S0, Content of Consult 1. Noncatalytic Tests - The 2-29
process descrip- Mugay Bauxite Gases - 6-1007 original degree of 50, reduction 2-30
tions for SO High Clay Temperature — reference. increased with temperature
reduction to”$S Bauxite P ) and 50,/CH; ratio. The
. Catalytic
for high temper- Gypsum 750-900 following products were
ature (~1250%) Alunite formed at S0,/CH;=2.0,
and catalytic Active Clay Noncatalytic 12279C, and I atm:
low tgmperature 1250°cC .
(~8009) proces- S 70 .47
ses applied to 80,/Ch, ratio- cos 0.7
non-ferrous sul- 1.3-2.0 Csé 0.0
fide roaster P Hg 12.8
gases. ressure - 1 atm 56, 12 .1
Catalyst contact
times - 2. Catalytic Process - Catalyst

0.07-0.97 sec,

efficiencies were determined
at various conditions listed
to the left. Activity in-
creased in the following or-
der at 900°C: dunite, Mugay
bauxite, high-clay bauxite,
gypsum, alunite, active clay.
Different orders were observed
at 800 and B50°C. Products
were: H,S5, COS, CS,, and S.
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TABLE A2-5 - REDUCTION OF SO, BY METUAME (cont.) Page 7

Scope of Reactions and/or Species

Investipgation Considered Catalyst Parameters Method Results and Conclusions Ref.
Thermodynamic Reactions (1)-(6) in Ref. Temperature — Calculations 1. The equilibrium con- 2-31
calculations 2-27 727-1227°¢ were based on stants for Reactions
for 80, reduc- CH, =C +2H (7 constants re- (7)-(9) are shown be-
tion by CHy in 4 " (gr) T2 Prgsigrf—b em Ported in the low:
presence o c +50,=C0.40.55. (8) cAa=L.0 Al G4 rerature. -
carbon and (gr) 2 2 ' 2 SOZ/H20 — Methods used l-u‘[:lian Values of log K, at temperatures ('K}
carbon + steam _ were similar No. 1] oo - 0 0

c (gr)+sz—csz (9) 6 ’ 12 ’ 100 to those re- 7 09923 §.4215 2.0884 25828

505/ CH,, - ported in Ref. || |
1.0,2.5 Rl

2. Equilibrium composi-
tions, sulfur distri-
butions, and heats of
reactions for the 5049~
CHA-HZO—C and SO ~CHy -
C systems were tabu-
lated. Sulfur distri-
butions in the first
system as a function
of temperature, pres-
sure, 802/H20 and 502/
CH, rati6s are shown
gréphically below.

rl

a0
70
60
50
[}

30

Less ilee 1708 %00 1nvan 1300 *
Dependence of the equillbrium distribution of
sulfur between the components an temperature and the
80, : R0 ratio at Ipy =1 atm in reduction of SO, by
oarbon. A) Yield (%): B) tempersture {*K). SO;:HO -
Tatlo; 1) 8; 2) 12; 3) 100. Sulfur components: I) CS,;
I $y; WD CO8; IV} R,8,

(Cont.)



TARLE A2-5 - REDUCTION OF SO, BY METHANE (cont.)

Scope of
Investigation

Reactions and/or Species
Considered

Catalyst

Parameters Method

Results and Conclusions

Page 8

Ref.

..€6_

100

90

80

70

60

50

40

30

20

10

i

e 12ea 2des  intE  Iase

* b E »
€ w om o

Dependence of the equilibrium distribution of
sulfur between the componenta on temperatitre and the
80,: CH, ratla at Tp; =1 atm in reduction of 50, by
carbon and methane, A) Yield (%); B) temperature (°K}.
80,: CH, eatlo: 1) 1.0; 2) 1.33; 3) 2.0: 4) 2.5. Sulfur
components: [} C8; T H,S; WD Sy; IV) COS,

Although the thermo-

dynamics of elemental
S production do not
seem favorable, in-
dustrial coke plants
for S production are
feasible since they
operate under non-
equilibrium conditions.

Laboratory
investigation
of 505 reduc-
tion gy natural
gas under cata-
lytic and non-
catalytic con-
ditions.

Bauxite
Reduced
Alunite

Temperature —
700-1100"'C

Gas Flow Rate -
12-70 ml/min

Catalyst effect
Number of Stages -

»

Quartz Tube
Reactor

The sulfur yield was
less than 40% in an
uncatalyzed system.

The catalytic system
was strongly tempera-
ture dependent. The
S yield with bauxite
as catalyst increased
from 28.1 to 83.3%
with temperature in-
creage from 800 to

1000

»

then decreased

to 78% with further
increase to 1100°.
With reduced alunite
an increase in yield
of 15.6 to 81.8% was

measured over the range
700 to 1100°.

2-32



TABLE A2-5 - REDUCTION OF SO, BY METHANE (cont.)

Page 9

Scope of Reactions and/or Species
Investipgation Considered Catalyst Parameters Method Results and Conclusions Ref.
3. Increase in gas flow
decreased sulfur
yields except for the
case of the bauxite-
catalyzed system at
1000-1100°.
4. Best results (98-99%S
yields) were achieved
with two-stage reduc-
tion under the follow-
ing conditions: lst
stage - 900° reduced
alunite; 2nd. stage -
370° bauxite; SO0,/CH,
=2.0; gas flow 10-13
ml/min.
Optimization Bauxite Temperature - Fluidized Sulfur yields in one- and 2-33
St“d{ of 900°C bed catalytic two-stage processes, res- T
catalytic reactor ectively, were 847 and
reduction Flggo¥?ggd_h -1 82%_ Y
of S0, T
Catalyst Layer
Height -
50 mm (lst.
stage)
23 mm (Znd.
stage)
Catalyst par-
ticle size -
0.5-1.0 mm
Optimization Bauxite S0, content - Fluidized bed Optimum temperatures for all 2-34
study of §—30% catalytic 50, compositions were 900°
catalytic Bed temperature Teactor fof first stage and 250° for

reduction of
SOZ

Space velocity

Number of stages

the second stage. The opti-
mum space velocities depended
on the S0, content:

5% SO, 460 hr !
14% SO, 534 hr L
30% S0, 755 hr *

Total sulfur yields were 70-75%
for one stage and 95-96% for
two stages.



TABLE A2-5 - REDUCTION OF SO, BY METHANE (cont.)

Page 10

Scope of Reactions and/or Species
Investigation Considered Catalyst Parameters Method Results and Conclusions Ref.
Literature Main Reactions: TemperaCUrg- The equilibrium constants 2-35
review and _ 527-1527°¢C for rveactions (1) and (2)
thermodynamic 2802+CH4'SZ+COZ+2H &> were calculated from 527
calculations - to 1527°C. Based on the
for 507 reduc- 450, +3CH, =4H,5+3C0, 2 results, both reactions go
tion by methane . . . ) essentially to completion
Possible Side Reactions: ove 1127-122788 P oan
2802+2CSZ=352+2C02 (3 be seen in the table below.
50 +3H =H S+2H 0 (10) Tempes sturn Log Kp * Kp
2 2772 2
__'_K_ °F Beaction{l) Reaction{2) Renction(l) Reaction(?
CH;+25=CS y+2HyS (5) R R T R L
1000 726,84 1340,0 11,625 3,421 4.2z x 10" 2.6 x 10V
302+2H2=2H20+3582 (6) 1100 826.86 1520,31 11,260 31,088 1.82 x 100 7.7 & 107
1200 926.64 1700.31 10,956 38,6246 9.04 x 10 4.11 x 10
- . 7 1300 1426,85 1880, 10,69 29.52% "9 x 10:: 3.5 = l{l::
CSZ+2H20_2HZS+CO2 (N 1400 1126.84 2060.31 10.463 28593 2.90 x 3017 3,92 w 1078
k) 1500 1226.86 2240,31 18,263 27079 183 x 1010 601 a 10Y7
S0 +ZCOS=2C02+2—52 (8) 1600 132684 2420,31 10,085 27,065 1.22 x 100 1,16 x 207
2 1700 142684 2600,31 9.929 26637 849 n 10 : 2.73 x 10::
CH. +3C0.=4CO+ o 9 1900 13268 2760.31 9.705 25,823 61032107 7,46 x 10
CH4 3 2 4 2H2 ( ) * psta for asch molecular species from JANAF tables
i CH4+H20=CO+3H2 1o Calculations of equilibrium
o compositions for various feeds
ﬁn CH4+2H20=4H2+C02 an shoz Fhat the prodzcg mixﬁure
contains no unreacted methane,
50,+2€0=2C0,+H,0 (12) neglibible €S,, and only small
1 amounts of COS. The balance
COS+H,0=H,5+C0, (13) was elemental S (52,3%,58)
e 14 H,S, CO,, C,CO, H)0, Hy. Com-
H2+5SZ"HZS (14) parison of the results with
literature data show that equi-
C0+H20=C02+H2 (15) librium can be achieved using
high temperature, low to mod-
2COS=C02+CSZ (16) erate space velocities, and/
3 or good catalysts (activated
2H20+732=2HZS+302 an alumina, silica gel, activated
CO+AS., ~COS (18) bauxite, or Allied's proprie-
2=

tary catalyst as opposed to
quartz). Formation of carbon
can be avoided with active
catalysts, or by high tempera-
ture noncatalytic conditions,
assuming space veleocities which
are not too high.

Equilibrium constants for
several other reactions related
to reduction of S0 with CH

were also calculated and plétted
as a function of temperature
(Exhibit 11-2 in original ref.).



2.2.2 Reduction of Sulfur Dioxide by Carbon Monoxide

The reduction of S0, by carbon monoxide has been the
subject of numerous investigations. The stoichiometry of the
main reaction was established in 1885 (2-36)

2C0 + S0, = 2C0, + %S, (2-12)
In the absence of a catalyst the reaction is slow; therefore
the emphasis of many studies of SO, reduction by CO is on

catalysis. Table A2-6 summarizes the reuslts of the literature
survey on chemistry of S0,-CO systems.

-96-
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TABLE A2-6

SULFUR DIOXIDE REDUCTION BY CARBON MONOXIDE

Scope of Reaction and/or Species
Investigation Considered Catalyst Parameters Method Results and Conclusions Ref.
Thermodynamic in- 2C0 + S0, = 2C0; + %S5,(1) Temperature; Log K and K for re- 1. Reaction (1) Calculations: 2-19
vestigation of SO, 1 _ 350-1200°C action (1) were cal-~ °
reduction systems €0 + 552 = €05 2) culated from the £, € K
based on published COS = %C0, + %CS; (3) free energy equation 350 7.59x]0;z
thermodynamic data. 1 _ in the range 350~ 500 1.95x10
Sz = hSg = %Sﬂ (4) 1200°C. 600 3.98x107
700 1.74x10°
800 1.35x10°
1000 2.29x103
1200 2.00x10?
Similar calculations were per-
formed for Reactions (2) and (3).
2. In a gas mixture of 2:1 CO/S0;
(or excess S0;), the amount of CS,
formed will be nepligible. Thus,
Reaction (3) was not considered in
further calculations.
3. The following gas composition was
calculated considering Reactions (1)
and (2).
Tasue IV. Prrcexrtace Gas Cosreostriony ar Toral Equi-
LuwrioM Surnrur Coxversiox
Temp., % S
«C, % CO: % CO % COs €% 80: Conversion
1200 75.2 16.2 0.33 8 27 90.5
1000 7.0 7.9 0.80 4.30 94.5
800 95.6 2.0 (S 1.40 97.5
00 97.8 0.7 0.80 0.70 8.5
600 93.5 0.2 0.80 0. 5t 98 8
500 094 0.02 040 Q.20 4y .4
250 99,94 <0.01 0 04 0.02
4. In the presence of carbon, continuous
reduction of S0, by CO takes place.
Section 2.2.6 deals with this chemical
system.
Experimental in- 2C0 + S0, = 2C02 + %5, Temperature: Consult original Equilibrium constants were experi- 2-37

vestigation of
thermodynamics of
Reaction (1) in
1000-1500°C.

Exp.: 1000-1200°C
Extrapolated: 1500°C

25 vol.% CO and SO,
in feed.

reference.

wentally determined at 1000 and
1200°C. Additional constants were
calculated up to 1500°C.



TABLE A2-6 - SULFUR DIOXIDE REDUCTION BY CARBON MONOXIDE (cont.) Page 2
Scope of Reaction and/or Species
Investigation Considered Catalyst Parameters Method Results and Conclusions Ref.
Experimental study S0z + 2C0 = 2€0; + %S;(1) Pyrrhotite (FeS,) Catalyst Quartz tube reactor. 1. The uncatalyzed reaction proceeds 2-38

of catalytic
kinetics of S0z
reduction.

€O + %8, = Ccos

2C0S + S0, = 2005 + 345,

Bochmite (hydrated
and acid-soluble
forms of alumina)

Guiana bauxite
(lightly calcined)

Activated alumina

Temperature: 250-
800°C,

Reactant Mixture:
63% €0
35% S0

CO generated from
coke

Contact time: 60 sec.

1]

w

slowly even at B00°C. Pyrrhotite
is an efficient catalyst at 700°C.
At lower temperatures alumina in
slightly hydrated and acid-soluble
forms (boehmite) was efficient.
Bauxite and activated alumina were
also satisfactory catalysts.

The mechanism probably involves
formation of surface compounds of
sulfur dioxide and the catalyst.

In the 300-600°C range the reduc-
tion is apparently first order.
The temperature coefficient

Rd #n k/d (1/7) varled from 14,000
kg-cal (bauxite) to 18,000 kg-cal
(pyrrhotite).

The heats of reaction are:

Reaction ] AH
1) 51,760 - 2.75 T + 6.0028 T2
(2) 22,500 kg-cal
(3) 6760 - 2.75 T + 0.0028 T?

The most efficient application is to
use CO (or COS) as SO, reductant as a
step subsequent to reduction by car-
bon. Optimum conversion to elemental
sulfur of 967 is predicted based on
97% catalyst efficiency and 0.994 de-
noting the conversion at equilibrium
at 500°C.

Thermodynamics of
the S02-CO system
with respect to

combustion systems.

s0,, Co, €O, SO,
Sz, 0, 02, S.

Initial Reactant

Mixtures:

(1) 4% 50, - 4% CO

(2) 1% S0, - 1% CO

Temperature: 1000-
2500°K

Calculations based
on JANAF data.

1.

The character of the equilibrium 2-39
curves is determined by the ratio

of reactants rather than their
absolute concentration.

The species listed to the left
were generated. The species O,
0;, and S are abundant at the
higher temperatures.

The S; mole fraction shows little
change as S0 varies from 1 to 4%.
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TABLE A2-6 - SULFUR DIOXIDE REDUCTION BY CARBON MONOXIDE (cont.)

Page 3

Scope of Reaction and/or Species
Investigation Considered Catalyst Parameters Method Results and Conclusions Ref.
Experimental study 2C0 + SOz = %S, + 2C0; Iron Catalyst composition Single- 1. In absence of a catalyst the rate was ex- 2-40
[:Fa) _

of catalytic CO + 5, = COS Alumina Pellet size pass tremely slow even at 950°C. 2-41
kinetics of 50, vertical 2. With pure iron or re alumina present -4z,
= %5, + 2c0 Mixed Iron/Alumina Temperature (350~ fixed-bed ) P " pu i prex ° 2-43

reduction. 2C0S + 502 292 2 ° S0, conversion was immeasurable at 500°C.
= 300, + XCS Mixed Tron/Silica 600°C) catalytic i-44
cos 02 2 Partial pressures of flow reac- 3. Mixed iron/alumina catalysts result in 2-45
Proposed Reactions with Mixed Iron Silicate/ S0 COp CO,, O tor. significant conversion of 50 at low 2-46
Transition Metal Catalyst: Alumina 2s » Was T2 temperatures and low concentrations of 2-47
§0, (usually 0-5%) and CO. Other transi- 2-48
1 = 2 y £740
hSx + M = M5, Red Bauxite tion metal/alumina catalysts also were 2-49

yCO + M = M(CO)y
M(CO)y + %MSz =
3 + M(CO)_ . + SCO
y-1
€O + %MS, = 3MS + SCO
25C0 + S0z = %S, + 2C02

Surinam Red Mud

Commercial Catalysts:

Commercial alumina
catalysts containing
transition metals

Ca5104 + Co
Graphite + Zn, Cu
Zeolite

Clay

Silica Gel

Lron Oxide
Diatomaceous Earth
Corundum
Laboratory-prepared

transition metal
oxide-alumina pellets

10.

effective. Synergistic effect explained
by a possible dual-site mechanism. Mixed
iron/silica catalysts were not effective.

Pellet size inversely affected reaction
rate for diameters greater than 1 mm.

At 350°C a measurable reaction rate was
observed with 41.27% iron; the rate doubled
approximately every 50° interval in the
range investigated.

The apparent activation energy was 18.3
Kcal per mole.

. The initial reaction rate was independent

of 502 partial pressure but was directly
proportional to the CO partial pressure;
formation of COS was also directly related
to the CO partial pressure, maximizing at
400°C. (€O, concentrations less than 15%
did not affect the rate, but 02 levels
greater than 0.5% caused considerable rate
reduction.

. Less COS was formed in the presence of an

£1;03-containing catalyst than with Fe or
Fe/S8i0; materials. The COS was an inter-
mediate forwed on the Fe (or other metal)
sites. It begins to form when all the iron
surface is sulfidized (i.e., converted to
FeS), with an apparent decrease in activity.
The intermediate migrates to Alp03 if
available where it reacts with chemisorbed
S0z to produce elemental § and COz.

Red bauxite and Surinam red wmud shawed
promise as commercial catalysts for re-
covery of S from waste gases.

Alumina catalysts were found to be activated
by sulfur and deactivated by pretreatment
with HF. This was explained by application
of Bronsted vs. Lewis acid site sorption
mechanism.
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TABLE A2-6 -~ SULFUR DIOXIDE REDUCTION BY CARBON MONOXIDE (cont.) Page &
Scope of Reaction and/or Species
Investigation Considered Catalyst Parameters Method Results and Conclusions ~ Ref.
] -
Experimental investiga- Main Reactions: Screened: 80, /CO ratios Flow reac— 1. Tempera;ures g;iatergggan 390 Cizze 2-50
tion of catalytic con- tor operat- required to achleve . conversi 2-51
version of 30: by COn 20 + 50, = 52 + 200, Copper on alumina®, Pressure - * 1 atm ing iso- of S0z, even at high CO levels. [Gas ——
co + %S, = COS cupric oxide on Temperature catalyst thermally composition was in flue gas concen- 2-52
alumina, silver on and near tration range.]
CO + X0, = CO, alumina, molybdenum Catalyst atmospheric

Side Reactions:
2C0S + S02 = 345, + 2CO;
coS + %0, = oz + S0,

Possible Reactions if
H20 Present:

H20 + CO = Uz + COy
3R, + S0 = UzS + 2H,0
2, + S2 = 2HaS

2H,S + S0 = 2H,0 + S»
COS + H; = CO + H2S
COS + Hy0 = CO2 + H2S

Additional S Equilibria
SZ = Sx (7( = 3’1‘1596:798)

trioxide on silica,
alumina.

* Selected to inves~
tigate further
because it was
only one to exhibit
sustained activity
toward S0,-CO re-
action.

pressure in
the absence
of oxygen
and water.

At CO ratios >1 and temperatures

> 430°C reduction occurs rapidly;
e.g., contact time of 0.22 seconds.
[Note - €O ratio defined as (Ngg-

2Ng, ) /Nso, where Ngo, NOz» and NSO,

are upstream concentrations of CO,

02, and S0,, respectively.] However,
in the range >430 to 525°C and for
>0.1 second contact time, 30% of
sulfur compounds formed are other than
elemental sulfur, mostly COS. To over-
come this, two possible approaches
exist.

a. Operate at temperatures >B15°C
where thermodynamics of COS forma-
tion are unfavorable. This option
was not considered further.

b. Operate under conditions favorable to
reaction of COS and S0,. [Catalytic
kinetics are higher at 540°C than for
COS~CO reaction.] Possibly operate
with twe beds; in first (480°C) con-
vert all $02 in two-thirds of gas
stream to COS and in second reactor
(315°C) C0S would rveact with SO0z in
remainder of feed stream to produce
S + CO2. Up to 97% conversion of S0,
was achieved for contact times as low
as 0.18 seconds. Catalyst activity
remained constant over a continuous 30-

hour run.
Experimental study [Same as above.] 8% copper on alu- Inlet gas composi- Fixed 1. The kinetics of the reduction of SO, 2-5
of kinetics of S02 wina (Harshaw Cu tion: catalyst by CO can be adequately correlated -
reduction over a 0803) 2000 pom SOz bed in by a first order model for predicling
copper on alumina 3500-6500 ppm CO a tubular the dependence of 50 conversion on
catalyst. 14% €O, flow re- process variables. The equation be-
. actor. low was derived for prediction of

Balance Nj
Length of runs:

few - 45 hours

Contact time:

0.230 seconds

(cont.)

ksp, where kgp, represents the cata-
lyst activity expressed as

-n(1-Xgg,)
kso, = B —
2 " 21 >0 i
1 k502 = A" - T + B (CO ratto

1.4)
(cont .)
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TABLE A2-6 - SULFUR DIOXIDE REDUCTION BY CARBON MONOXIDE (cont.) Page 5
Scope of Reaction and/or Species
Investigation Considered Catalyst Parameters Method Results and Conclusions Ref.
Experimental study Space velocity: where:
ofdkinetics of 50, 15,000 hr-] Xgp, = fractional conversion of inlet 502
zgp;g:igﬁ OXe;iaa concentration
alumin .
catalyst. (cont.) Temperature: [$] = contact time, based on reactor in-
382-440°C let conditions and total catalyst
volume, sec.
L1} =
CO ratio = ETEBE—%g“T A 19.8
ppm SY2 B (at 732°F) = 1.53
= 0.9-1.6 B (at 795°F) = 1.87
E/R = 2.16x10"°

(The effects of water, /R x10°°R

oxygen,. and nitric 2. The COS yield can be directly predicted

oxide were not
tudied.) from SO; conversion for a range of

studied. temperatures, CO ratios, and contact times.

3. It was concluded that a single catalytic
bed can remove no more than 75-80% of in~
let S0, as elemental sulfur.
Investigation of [Same as above.] 8% copper on Inlet gas composition: Fixed 1. Based on thermodynamic calculations, 2-54
the effect of alumina. catalytic at a given temperature higher CO ratios
2000 ppm SO2 . )
water on catalytic — % CO (see €O ratio) bed in a are required in the presence of water to
S0, reduction. 3.4% 0 tubular convert a percentage of the feed S0,. H,S
IAZ C02' flow production is favored by the presence of
0-9 6ZZH o reactor. water (compared to COS in a dry system),
Bal;nce % lower temperatures, and higher CO ratios.
2 Hydrogen formation increases with in-

CO Ratio: creasing CO ratio at a given temperature,
1.43-1.51 at 440°C but decreases with decIeasing temperature
1.35-1.37 at 493°C at a given CO ratio. ‘The water-gas shift

. reaction is thermodynamically favored,

Space velocity: with resultant Hz reacting with sulfur to
29,300-38,700 hr ™' produce WzS.

2. Based on experimental results, neither Hp

nor H3$ was detected. Thus, the water-gas
shift reaction did not proceed under the
test conditions. The water reduced the
activity of the catalyst and greatly re-
duced COS formation. The catalyst poison-
ing appeared to be reversible.
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TABLE A2~6 — SULFUR DIOXIDE REDUCTION BY CARBON MONOXIDE {cont.)

Scope of Reaction andfor Specles
Investigation Congiderxed Catalyst ParameLers Method Results and Conclusions Ref,
Simultaneous re- 2C0 + S0, = 2C0; + %S, Copper on alumina Simulated flue gas Fixed 1. Metals on alumina were the most active 2-55
moval of SO, and _ Composition (2-57): catalyst catalysts for reduction of 502 alone. 2-56
NO by veduction CO + %S = COS Silver on alumina 2006— m 50 bed 1in Copper on alumina was tested extensively. ———
= . P PP 2 2-57
with CO CO + NO = CO, + %N, Palladium on alumina ~6000 ppm CO :e;tical 2. Simultaneous reduction of NO and S0; by
2C08 + S0, = 345, + 2€0, Manganese on silica 0-1000 ppm NO f;ou ar catalyzed reaction with CO is possible. 2-58
gel 14% COy awtor Thermodynamic calculations showed that
Silver silica gel Balance N; reac ) optimum initial ratio of CO to S0; is
ariver on 1ea ge T . slightly less than 2 to minimize COS for-
Copper on silica gel Temparature: mation. Essentially complete reduction
° 0 ible.
Ruthenium on alumina 4ao0%c of NOx is possible
3. The copper~alumina catalyst was less active
Iron on alumina Space velociries: for the combined reduction than for either
Chromium on alumina "10* he? (i.e., NO or S02) separately.
Iron/chromium/alu- Catalysts 4. Maximum 80 conversion (to either COS or
mina y $) is limited to 75-80% in a one-bed
process.
5. The Cu~, Fe-, and Cr~alumina catalysts
were all active in the combination reduc-
tion, but an dron/chromium/alumina cata-
lyst was ten times as active.
Laboratory ianves- CO + NO = CO2 + %N, Iron-chromia in Bed temperature: Vertical The dual-bed concept was successful in 2-56
tigation of dual- first bed. tubular achieving 90% conversion of S0, in simulated
= 1 - ° 2
bed catalytic 2C0 + 50, 2€0, + 35, Activated alumina 630-700°F flow flue gas to sulfur at temperatures <370°C
reduction of CO + %5, = COS in second bed Composition of inlet reactor and high space velocities (at least 20,000
simulated flue 2008 + 505 = %8s + 2C0 " gas to second bed containing br™! on the combined bed). Proper COS to S50;
gas. 2 2 2 (i.e., ratio of COS two succes- ratio entering the second bed (stoichiometric
to S50;3) sive cata- ratio of 2) can be effected by controlling
lyst beds. the catalyst bed temperature.
Optimization study Aluminum oxide Number of beds Fluidized The optimum parameters were: 600°C; flow 2-59
for catalytic Bed height catalyst rate - 365-570 hr™!; bed height: first
reduction of SO; g bed stage - 65-70 mm, second stage - 20 mm;
in one- and two- Gas flow rate reactor. catalyst particle size ~ 0.25-0.50 mm.
stage processes. Catalyst particle The sulfur yield in the one-stage process was
size 90-1% and 94% in the two-stage reactor.
Temperature
Mechanistic study 80, + 2C0 = 2002 + Sy Aluminum oxide Reaction time: Flow 1. Reaction rate becomes appreciable at 450°C  2-60
of catalytic 40-320 sec. reactor and ahove. Retardation results with S0,
reduction of S0, with cata- increase, while CO Increase causes faster
lyst de- velocity.
posited 2. At initial 50;:00 ratio of 1:3 and 600°C,
layer on 30% conversion of reactants was measured.
walls,

(cont.)

(cont.)
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TABLE A2~6 - SULFUR DIOXIDE REDUCTION BY CARBON MONOXIDE (cont.) Page 7
Scope of Reaction and/or Species
Investigation Considered Catalyst Parameters Method Results and Conclusions Ref.
Mechanis£1c study Chromatographic 3. The SO radical was detected in the
of catalytic analysis of heterogeneous-homogeneous reduction
reduction of 50; initial, inter- of S0,.
(cont.) mediate, and
final components:
€0, 502, CO2,
C0S, but not §.
ESR spectrum of
S0 radical.
Experimental study Refer to Table 6 in 13 catalysts in- Reaction tempera- Flow-type reac— 1. In the absence of H20 and 0z, the 2-61

of catalytic re-
duction of S0,

original refereunce.

cluding:

Cu-Al,0;3 (various
ratias)
Cu—Cr203

Fe~Al,04
Fe-Cry0,
Co-A130,
Ni-Alp03
Cu-Cr203-A120;,
Cu~Fe-Al,03
Cu-Cr203-A1,03

ture:

300-550°C

Inlet gas composi-
tion:

2% SO,
4-8% CO
0-3.2% 0
0-6.6% H,0
Balance Nj

tor with a fixed
catalyst bed.

copper on alumina catalysts were
superior. Reduction in Cu content
led to reduced amounts of COS.

In the presence of H20 and 02, the
following were observed:

. temporary catalyst poisoning by
water vapor;

. catalysts readily deactivate due
to structural changes - possibly
formation of sulfides or sulfates;

. possibility of side reactions
(none actually proved).

Thermodynamics and
kinetics of cata-
lytic SO, reduction
by CO in the system
$0,-C0-C02-~N2 for
S0, removal from
combustion furnace
exhaust.

S0, + 2C0 = %S, + 2C0,

Activated alumina
Alumina + ixon
Alumina + silver
Alumina + copper
Alumina + calcium
Alumina + magnesium

Bauxite

Temperature:
100~-900°C
Contact time:

0.02-0.30 sec

50, Concentration:
0.17-0.19%

CO concentration:
0.4-1.6%

C0, concentration:
0-15%

Gas flow rate:
0.25-1.5 f-min~

Amount of catalyst:
0-20 cm®

1

Space velocity:

1600-3000 hr '

Fixed-floor
apparatus con-
sisting of
vertical quartz
reaction tube
and pas mixing
apparatus.

The maximum conversion of S0; was
obtained at 400-500°C using bauxite
as a catalyst.

The catalysts containing oxides of
metals such as Fe, Cu, Ca, and Ag
in each alumina were highly acctive.

The equilibrium conversion of S0;
increased with increasing temperature
and CO concentration, and decreased
with increasing CO2 concentration.

The reaction rate in the presence of
bauxite had first order dependence
with respect to $0; and CO concentra-
tions, but was adversely affected by
C02 above 600°C.

2-62



2.2.3 Reduction of Sulfur Dioxide with Hvdrogen

An early explanation of the reduction of sulfur
dioxide by hydrogen is shown below (2-19).

SO, + 2H, 2 ZHzO(g) + %S, (2-13)
H, + %S, = H,S (2-14)
2}120(g> + 3,8, = 2H,S + SO, (2-15)

The author assumed S,, S, and S, to be the vapor phase sul-

fur species, although a later worker presented evidence for the
S3, S4, Ss, and S; molecules as well (2-63). The equilibrium
constants for reactions (2-13), ?2-14), and (2-15) were calculated
from 300-1100°C based on free energies (K;, K., and K,, respec-
tively). These are summarized in Table A2-7. The calculated
equilibrium ratio of S:H,S was approximately four at 325°C
assuming an initial mixture of two moles of water and one-half

mole of S,.

Inclusion of all the gas phase sulfur species in
the model leads to eight independent reactions describing the
' system (2-64). The reactions and the respective equilibrium
constant equations are shown in Table A2-8. Murdock and
Atwood‘computed the equilibrium compositions and sulfur yields
over the temperature range 300-1100°C and at several nonstoichio-
metric feed compositions in the presence of nitrogen diluent.
Formation of elemental sulfur was favored at lower temperatures
although significant quantities of hydrogen sulfide were pre-
dicted even at low temperatures. The results are shown
graphically in Figure A2-6. Calculations of thermodynamic
equilibrium conversions of hydrogen and sulfur dioxide, and
hydrogen sulfide and sulfur yields at various feed compositions
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TABLE A2-7

EQUILIBRIUM CONSTANTS FOR THE

SYSTEM S0,-H,S-H,0-H2-S,

EQUATIONS USED TO CALCULATE THE EQUILIBRIUM

3.4 X 108 0.87 7.4 -1.77 1.16
3.2 X 100 1.47 29.5 -1.57 2.69
T.1x 108 2,28 191 -1.29 5.13
6.6 X 107 3.49 3.1 X 10* —-0.84 1.45
1.3 X 1084 5.60 4.0 X 10% 0.00 1

e eaees 1.30 20

TABLE A2-8

CONSTANTS FOR THE REACTIONS IN THE

S0,/S./Hy/H,S/H,0 SYSTEM AT DIFFERENT TEMPERATURES

Reaction

Equilibrium constant (T in °K)e

Reference

2 13/:S; = 5,
28, = 8,
21/,8; = S
35; =S,
3‘/131 =5
48, = G,

H.O0 + /S; = H,: + 1/:80,

Hy + /i85 = H:S

O wIONnsG

o R is 0.0019869 kcal/g mol °K.

K; = exp(13.3 — 0.01887)/RT
K; = exp(28.2 - 0.0367T)/RT
K; = exp(47.8 — 0.0557T)/RT
K¢ = exp(66.3 = 0.0751TH)RT
Ky = exp(78.9 — 0.08937)/RT
Ky = exp(¥6.8 ~ 0.1103T)/RT

Ky = exp(~T7944/T — 0.5066InT + 1.75 +

1.525 X 10-3T — 2.648 X 10-'T%)

Ky = exp(19.4 — 0.00771 TIn T + 1.30 X

1072 4 0:01257)
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as presented in Table A2-9 indicated that sulfur dioxide
concentration should be maximized in order to achieve the
highest sulfur yields. Increasing temperature over the range
345 to 390°C was found to have a negative effect on sulfur
yield. Thermodynamically, almost complete conversion of sul-
fur dioxide is possible at temperatures below 400°C.

Kinetic investigations were conducted to define the
reaction mechanism and to determine if hydrogen sulfide forma-
tion could be suppressed to further increase sulfur yields
(2-64). The effects of catalyst to feed ratio, flow rates, and
temperature were studied in the presence of an activated bauxite
catalyst. Significant levels of conversion of SO, to elemental
sulfur were observed at reaction temperatures in the 300-400°C
range. The rate of the primary reaction route (Equation 2-13)
was found to be independent of the sulfur dioxide concentration
and first order with respect to the hydrogen concentration, ex-
pressed as:

-1k

30, H,PH,

where:
1

ky, = 0.014 £ 0.001 mol-hr™! (g of cat.)”! atm”
at 375°C

The rate of H,S formation can be expressed as

3
_ Py /2
TH,S ky,g _He
pSOz%
where:
kst = 2.9x107* + 0.3x107*mole-hr~! (g of cat.) !
atm ! at the same temperature.
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TABLE A2-9

THERMODYNAMIC EQUILIBRIUM CONVERSIONS OF HYDROGEN
AND SULFUR DIOXIDE AND THE YIELD OF HYDROGEN
SULFIDE FOR THE H,/S0,/Sx /H,S/H,0/N, SYSTEM
"AT 375°C and 1 ATM

0

Feead Product

composition, P Mola

mole % Conversion fraction Ratio

Hz SO: Hz SO: HzS Sl H st
2.67 1.33 100.0 80.1 2.73 xX 10-* 3.38
5.33 1.33 74.9 100.0 1.33 X 10-* 5.18 X 1077
8.0 1.33 49.9 100.0 1.33 X 10—t 5.79 X 10"
2.67 2.67 100.0 48.2 9.51 X 10-* 12.5
5.33 2.67 100.0 90.7 4.87 X 10— 3.98
8.0 2.67 99.9 100.0 2.65 X 10-* 5.81 X 10-?
2.67 4.0 100.0 32.5 T7.07 Xx10-* 17.4
5.33 4.0 100.0 63.8 2.22 x 10" 10.5
8.0 4.0 100.0 91.4 6.90 X 10— 4.3
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Rate expressions for the other species were also derived.
Comparison of experimental and calculated S0, conversions
agreed well over the entire range, 0 to 98% conversion; how-
ever, the predicted yields of hydrogen sulfide were lower

than experimental yields for W/No values above 11.8 (w = grams
of catalyst, NO = moles/hr of feed). The temperature dependen-
cies of the overall rate constants, kH2 and ngS’ were
experimentally determined and correlated using the Arrhenius
equation.

A reaction mechanism was proposed which was shown
to be consistent with observed initial kinetics. The mechanism
involved oxidation, reduction, desorption, and regeneration
of sulfur sites.

Non-catalytic reduction of sulfur dioxide reduction
by hydrogen was investigated at 700-900°C in a quartz tube
reactor (2-65). Sulfur yield increased from zero to 20.77%
over this range. The initial gas composition was 10 ml SO,

10 ml O0,, 80 ml N,, and 50 ml H,. The sulfur yields improved
significantly in the presence of bauxite catalyst. At 800°C

and 160 ml/min flow rate the yields were 56 and 86% respectively
for a one- and two-step reduction. The catalyst also prevented
the formation of hydrogen sulfide below 900°C; this is com-
pared to a 127 yield at 800°C in uncatalyzed tests. Additional
catalysts were later studied at lower temperatures (2-66).

The best sulfur yield obtained was 98-100% over reduced alunite
at 600°C and 54-90 ml/min gas flow rate.

Shakhtakhtinskii and co-workers (2-67) reported that
near complete conversion of SO, was possible by hydrogen at
600°C in a steel reactor in contrast to the results obtained
with the quartz reactor described above. Preheating the SO,
and H, separately to 350°C made much lower reactor temperatures
feasible (300°C) without a loss in sulfur yield.
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2.2.4 Reduction of Sulfur Dioxide with CO + H,

Shakhtakhtinskii and co-workers have reported a
number of studies of S50, reduction by converted natural gas.
Catalyzed and non-catalyzed experiments were conducted.
Information contained in Chemical Abstracts since 1967 is
summarized in Table A2-10. No data on kinetics or mechanisms
were available.

2.2.5 Sulfur Dioxide Reduction by Coal

One reference to the reduction of SO, with coal
was found in the recent literature. This gas purification
process involves reaction of the humidified gas with coal at
temperatures > 425°C (2-75). A high sulfur content coal may

be used. No additional information was available in the
abstract of this patent.
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TABLE A2-10
REDUCTION OF SO, WITH CO + H:

Experimental Conditions

Reactant Gas No. of Temperature Space Velocity S Yield
Description Stages Catalyst (°0) ~_(hr™ M) % Remarks Ref.
Roaster gas - S0, Two Reduced alunite 800 Not given in abstract. Not given 2-68
content not in first stage; in
specified. bauxite in abstract.
Reformed natural second stage.
gas - chiefly H,
and CO,
Reducing gas:
roaster gas volume
ratio = 2:1
Reducing gas:
H,~- 71.20-73.52% One Al;0, 600 See remarks. 87 S yield decreased at 2-69
- _ o NI higher temperatures be-
CO - 22.72-26.407% One Bauxite 600 <178 cause of increased H,S
CH, - 0.80-3.10% One Bauxite 800 82 formation.
S0, gas -~ composi- Two Al,0; 450-700 97 Optimal conditioms:
1 tion not described .
Two Bauxite 450-700 97 . Space velocity -
:: in abstract. 630-740 hr'Y
ﬁJ . Catalyst bed depth -
60-80 mm
14 and 207 SO, gas Two Bauxite (flu- 400 434 (147 SO, gas) 97-98 2-70
mixtures. idized bed) (18t gtage)
Converted natural 200-350 461 (20% SO, gas)
gas. (2nd srage)
7 and 207 SO, gas Experimen- Not given Sulfur yield decreased 2-71
mixtures tal tech- in with increased residual
nique was abstract. CH, levels and increased
ngzeziﬁﬂ gfgg;al not de- with increasing tempera-
residual CH ° scribed in tures.
W abstract.
75% 50, gas (Not clearly Bauxite (flu- 450-500 <85 2-72
gpecified in idized bed) 500-700 85
Converted natural  gbstrace.) >700 80-81
One Bauxite 500 1040-2075 86
500 >2075 <86
600-700 2270 Optimal
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TABLE A2-10 - REDUCTION OF SO WITH CO + Hy (comt.)

Page 2
Experimental Conditions
No. of Temperature Space Velocity S Yield
Gas Composition Stages Catalyst (°0) (hr-1) (%) Remarks Ref.
75% S0, gas Two Bauxite 250-450 Not given in abstract. 96-97 The follow%ng reaction1
, (S yield occurs in 2-stage cataly-
Converted natural from reac~ sis in this temperature
gas (cont.) - .
tion in range:
Remarks; >
Overall S 2H, 8 + S0, 1.5 S+ 2H;0
yield not
given.)
50, gas - composi- One Steel reactor 800 Not given in abstract. "Most" Gas flow rate: 0.0004 m/sec 2-73
tion not described (optimum)
in abstract. 400 96-97 Operation at lower temperature
Converted natural possible with preheating of
gas. initial gases to 400°C.
50-100% SO, gas One Al,0; (flu- 450-600 1100 Not given 2-74
mixture. idized bed) in ab-
Converted natural stract.
gas
One Natural bauxite 450 1100 Not given
in ab-
stract.
Two Bauxite 450-500 1120 Not given
(18t stage) in ab-
450 stract,

(2nd stage)



2.2.6 Sulfur Dioxide Reduction by Carbon

Studies of the reduction of SO, by various forms of
carbon have been reported in the literature. These studies
are summarized in Table A2-11. Mechanisms have been suggested
involving formation of carbon-sulfur and carbon-oxygen bonds.
Lepsoe (2-19) reported that in the presence of carbon, con-
tinuous reduction of SO, takes place through the following
reaction scheme:

2CO0 + S0, = 2C0, + %S, (2-16)
Co, +C = 2CO (2-17)
SOZ + C = COz + %Sz (2-18)

Thus the chemistry of this system is related to that discussed
in Section 2.2.2.
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Scope of Reactlions

TABLE A2-11
REDUCTION OF SO, BY CARBON

and/or Species
Reducing Agent Investigation Considered Parameters Method Results and Conclusions Ref.
Carbon (coke) Kinetics of S0, S0, + € = CO, + %S, (1) Temperature: Vercical quartz An expression for the rate of CO; 2-38
reduction by C, €O, + C = 2C0 (2 850-1200°C reaction tube. formation between 900 and 1200°C
€0, and C€OS. 2 ) Contact time was derived:
. - A3 : 0.1
802 + 200 = 2C0; + ’ésﬂm 1.5-22.0 min (€02) = 1.11(802)""" = (502)]

where ( ) denotes moles in the re-
action product. Above 1200°C the
rate of SOz reduction was apparently
diffusion controlled.

Carbon

Study of carbon-
oxygen system.

Consult original
reference.

The rate of reaction (2) above is
insignificant at temperatures of
250-300°C, even up to 700°C. There~
fore this mechanism cannot explain
CO formation observed (2-38).

2-76

Coke

Investipation of
kinetics and
mechanism of 50;
reduction by
coke under coun-
ditions similar
to copper smelt-
ing

€0, C0,, S0,, CS;, COS

10 and 100% coke

in reduetion layer.

Gaa-coke contact
time: v 2 sec

Reactor tempera-—
ture:

Initial - 1300°C
Final - 900°C

Analyzed gas pro-
duct composition
in apparatus sim-
ulating conditions
of sulfide ore
smelting.

Under the conditions tested 78-80%
reduction of 50, was measured.
Product analysis was not reported
in the abstract.

Charcoal and
Coke

Experimental in-
vestigation of
S0, reduction

te S and CS;

Integral flow re-
actor with a
fixed charcoal or
coke bed.

An induction period of about three
hours was observed before conver-
sion of SO0, to CS;. Elemental sul-
fur also was produced.

hedium
Activated
Coconut Shell
Charcoal

fxperimental study 502 + C =
of chemisorption

+ =
of S0; by and re- €0, ¢
generation of S0 + 2C0

active carbon to
determine wechan—
ism and effects

of temperature and
CO.

CO2 + %8 (1)
2¢0 (2)

= 200, + %S,
&)

Sorption tempera-—
ture: 50-650°C

Regeneration at
higher tempera-
tures (typically
950°C for 90 min
in He Flow)

Effect of CO in
inlet gas (2%)

Gas flow:
200 em® /min

Effective linear
flow:
153 cm/min

(cant.)

Packed bed flow
reactor.

1. Between 50 and 300°C, the
following observations were
made. In the absence of oxygen
and water, carbon has limited
50, sorption capacity. Chemi-
sorption occurs on only 1% of
BET surface area, and is inde-~
pendent of temperature in this
range. Physical adsorption
decreases from 37 to 0.3%7 be-
tween 50 and 150°C and is neg-
ligible above 250°C. Analysis
of regeneration effluent indi-
cated that regeneration of char-
coal after sorption in the lower
range (50-300°C) occurs through

(cont.)
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TABLE A2-11 — REDUCTION OF SO, BY CARBON (cont.)

Reducing Agent

Scope of
Invesktigation

Reactions and/or Species
Considered

Catalyst

Parameters

Method

Page 2

Results and Conclusions Ref.

Medium
Activated
Coconut Shell
Charcoal
{cont.)

Average residence
time: 3.5 sec

Inlet gas composi-
tion:
0.5% S0, in He

reduction of chemisorbed SO; to
elemental sulfur. Results are
tabulated below.

Catalyst thermal regeneration was

‘accompanied by weight loss attri-

buted to carbon conversion to
oxides, especially at temperatures
>500°C.

At 650°C the teduction between S0
and carbon took place rapidly,
yielding CO, CO,, and S. Signifi-
cant amounts of S left the bed and
condensed in cooler parts, leaving
active sites for further S0; reduc-
tion,

The presence of CO in the inlet gas
had an iohibiting effect on oxygen
complex formation on the carbon
surface. At 550°C evidence for
reaction {(3) was found, but at lower
temperatures, e.g., 350°C, exten-
sive formation of COS occurred. Re-
sults are shown below.

MATERIAL BALANCES ON REACTION sYsTEMS SO,-C anp $O,-CO-C

Tirac
product
Gascous reactants, moles X 10~%/min sample Gascous products, moles X 10~*/min
taken
Temp. SO, CO Min 80, cO CO, COos

Q)
650 4.5 nil 420 nil 1.0 3.8 nil
600 4.5 nil 130 nil 0.5 1.8 nil
350 4.5 17.0 15 0.4 89 8.6 0.2
550 4.5 17.0 195 0.4 8.2 1.7 0.4
500 4.5 17.0 240 nil 6.6 106 1.2
350 4.5 12.0 330 nil 4.6 9.6 34




TABLE A2-11 - REDUCTION OF SO, BY CARBON (cont.)

911~

Scope of
Investigation

Reaction and/or Species
Considered

Catalyst

Parameters

Method

Page 3

Results and Conclusions Ref .

Reducing Agent

1. Medium
Activated
Coconut
Shell
Charcoal

2. Bituminous
Coal Char

Experimental in-
vestigation of
simulated flue
gas and carbon
between 500 and
800°C.

Side Reactilons:

Hz8 + CO = COS + Hz (1)
HaS + COz = COS + R0 (D)

Mass spectrometer analyzed
exlt gases for €0z, Hz2S,
co, COS, SOz, llz, Hy0, and
He.

Run time:
350-500 wmin

Temperature:
500-800°C

Carbon forms

Inlet gas composi-
tion:

0.35% S02

2.3% Hz0

15.8% €O,

3.2% 0y

Balance helium

Quartz fixed-bed,
flow tube system
uging simulated
flue gas. Cas

products analyzed

by mass spectro-
metry.

1.

With the coconut shell charcoal 2-80
at 600 and 800°C the exit gas

was [ree of § compounds f[or a
certain period of time, which

was longer at the higher tempera-
ture. Then H;S and CO5 broke
through in both cases, although
their profiles were quite dif-
ferent. An explanation for this
phenomenon was based on Increasing
reaction rate between carbon with
H;8 and €OS with lucreasing tem—
perature.

In the bed itself a C-S5 surface
complex was formed. This complex
has a high therwal stability.

While the sulfur content of the
bed at H25-C0S break-throvgh was
3.4 times higher at B0O than 600°C,
the residence time of the gas in
bed at breakthrough decreased by
407% golng from 600 to 800.

502 did not appear in the exlt gas
until 200 mip at 500°C and 500 min
at 700°C. At 800°C, S retention on
the bed exceeds at least 117 before
S02 break-through occurs.

Reactions (l)'and (2) were shown
to account for the observed H;S:
COS ratios during the experiment.

The results of the bituminous coal
char reaction were wmore complex.
Consult original article for decails.

. Carbon was found to be a poorer

catalyst for oxidation of COS tu
elemental S than for U258 oxidation.

. When the exit gas of the reductlon

reactor (containing slight excess 0;)
was passed through a second carbon
reactor at 100°C, no sulfur com-
pound was measured in the effluent
even after four hours, Indicating
that conversion of COS and H2S to

S was occurring.



TABLE A2-11 -~ REDUCTION OF SO, BY CARBON (cont.)

Reducing Agent

Scope of
Investcigation

Reaction and/or Speciles

Considered

Catalyst

Parameters

Method

Results and Conclusions

Wood Charcoal
Pellets

-LT1T-

Thermogravimetric
study of kineties
of catalytic and

noncatalytic re-

duction of $0; on
charcoal 1n range
615-940°C.

Na,C0,4

Temperature:
615-940°C

502 feed concen-
tration

Catalyst

Thermogravimetric
apparatus consist-
ing of chainomatic
analytical balance
and tubular furnace.

1.

2.

No single controlling step was
found for controlling the reac-
tion under all experimental
conditions. However, a promi-
nent influence by chemical reac-—
tion was shown. An integral rate
equation, assuming chemical reac-
tion control, was proposed:

rodo £ = A exp (-E/RT) P2°°°% ¢
50,

where:
ro = initial radius of pellet
d, =
£ =

density of pellet

fractional thickness of
pellet (related to frac-
tional conversion of carbon)

= frequency factor

activation energy
temperature

PSOz = partial pressure of S0;

t = time

Values of A and E were determined:
Noncatalytic:

A =104 g cm 2 min !}

E = 19,870 cal mol '
Catalytic:

A=1.12 ¢ em ? min !}

E = 10,200 cal mol !

Coke

Parametric study
of S02 reduction
aver hot carbon
surface, with
emphasis on CS2
yield.

Na;C03

Bed temperature:

920 and 1000°C

Catalyst concentra-
tion:
Particle size -
8-11 British
sleve standard.

Pretreatment of
coke.

Reaction time:
200 min.

S0, concentration:
72%.

Not described in
abstract.

The CS; yleld increased with:

. 1ﬁcreasing bed temperature,
. in presence of catalyst,

. decreasing particle size,

. coke pretreatment,

. increased reaction time.



TABLE A2-11 - REDUCTION OF

) Page 5
SO, BY CARBON (cont.)
Scope of Reaction and/or Species
Reducing Agent Investigation Considered Catalyst Parameters Method Results and Conclusions Ref.
Carbon Thermodynamic Overall reaction at 1300~ Temperature: Thermodynamic cal- 1. Equilibrium yield of CS; was i 2~-31
calculations of 1500°K: 727-1227°C culations based on greatest (70-80%) at 1027-1227°C.
S0z reduction by 5C 4 280, = CSz + 4CO S0, :H,0 ratio: method descré?ed in 2. The distribution of sulfur be-
carbon in presence 6-100 Reference 2-27. tween components in the equili-
of Hp0 in range brium mixture at 1| atm is shown
727-1227°C, empha- Pressure: below
sizing CS, yield. 0.15-1.0 atm :
A
]
'—.I
H
(00}
1
10} ) N
— —r—
wos 1100 1200 1300 1600 1500 B
Dependence of the equilibrium distribution of
sulfur between the components on temperature and the
502: 1,0 ratio at £p; =1 atm in reduction of S0, by
carhon. A) Yield {%); B) temperature (°K), 50,:11,0
ratio; 1) 6; 2) 12; 3) 100. Sulfur components: I) CSy;
11} S;; TN COS; 1V) 1L,S.
3. Equilibrium ylelds of elemental
sulfur and H;S were low.
Carbon Kinetics of reac- Influence of compo- Pulsation reaction Results were not described in 2-83
(several tion system C-S0,. nents of ash: chromatography in abstract.
commercial Si0 a microreactor.
samples) 32803 Combination of
cio thermogravimetry
Fe,0, and gas chromatogra-~

phy to investlgate
solid phase in relation
to ash composition.
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TABLE A2-11 - REDUCTION OF SO, BY CARBON (cont.)

Page 6
Scope of Reaction and/or Species
Reducing Agent Investigation Parameters Method Results and Conclusions Ref.
Carbon Thermodynamics of Reaction products con— Temperature: Calculations based 1. Equilibrium composition of the 2-84
C-50; system. sidered: 527-1227°C on minimization of base reaction mixture (C~S02)
9 lculated.
co Effect of Nz, CO2, fr:ie;nergy of the was calcu
€02 02, Hs0. 8y . . The equilibrium composition of
€08 a simulated waste gas was pre—
CSy sented. Removal of S0z as ele-
Sa mental S was judged thermody-
namically feasible.
3. The presence of N20 is highly
undesirable because of H3S
formation.
Metallurgical Define chemistxy Temperature: DTA In the fixed bed reactor the 2-85
Coke and Coal of 502 reduction 71200-1760°C TCA following results were reported:
Char by carbon at Space velocities: .
temperatures 700-800 b~} Fixed and fluidized
near 1200°C and bed reactors.
space velocities Inlet gas - 803 AR loput, % | Ave. Outpu, % Teos
of 700-800. in Nz ll’lmln. IGHSV] SO N» 'l'p' Co:l N: l co } cos :ﬁ“:::'
0 A I I fnﬁ S
das o] o1 225 6 1 {es ] 2] 2
e 13 &7 | 2o | <t | &0 | 18 1] 60

Formation of COS may be avoided
by quenching the reaction Lo pre
vent interaction of CO and S.

are shown below. Pure $0; feed

2, The results from the fluidized bed

gas

was used in this series. A dilute

50; stream (13%) yielded reduced
quantities of COS.

Input Input] Avp. Qutput, 25 Test
gas flow 24 temp., —— tenith.
te/he’ |olsvy S6: | eF T} co: | N: | co | cos | mi.
8.80. 73 13 2230 5 7 18 . 60
4.3%4 ....... 812 100 2100 32.5 . 4301 245 30
4384....... 776 100 2220 1.0 A0} 470 €0

* Gaseous hourly space velocity =

Fi3 gas/hr @ 90F
Ft? bed (initial)

{Cont.)
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TABLE A2-11 - REDUCTION OF SO, BY CARBON (cont.)

Scope of Reaction and/or Species

Method

Page 7

Results and Conclusions Ref .

Reducing Agent Investipation Considered Catalyst Parameters

Metallurgical
Coke and Coal
Char (cont.)

The reaction was heat balanced
with addition of air to 50
stream and substitution of coal
char for metallurgical coke,

The results of rate studies

showed that 50%Z of the graphite

is reacted within 15 minutes at
1260°C. Faster rates were obh-
served with char than with graphite.
The kinetics are highly tempera-
ture dependcnt.

Low Volatile Experimental in- 2C + 280, = 2C0; + 5, (1) Feed gas - 10% S0,
Char investigation of _ in Ng.
S0s—carbon ys. C+ S, +€COp = 2¢05  (2)

tem at 800-950°C. C + 2C0S = CS; + 2C0 (3) Feed gas flow

rate:
C + €0z = 2C0 (4) 40-120 wml/min
C+ 5, =CS; (5) Temperature:
800-950°C

Carbon mass:
4 and 10 g

Reactor pressure:
1 atm

Vitreous silica 1.
flow reactor in
tube furnace.

Effluent gas
analyzed for 503, 2.
Co,, CO, CS,, COS.

Elemental S obtained
by difference. 3.

4,

The set of equations shown to 2-86
the left describes the kinetf-

cally effective stoichiometry
occurring.

The two reactions ylelding CS;
are similarly temperature-dependent
in the range 800-950°C.

Reaction (5) is more temperature-
dependent than (3).

A mechanistic argument was pro-
posed to remove the redundancies

in the kinetics of the proposed
stoichiometric scheme where CS; was
involved.

Reliable rate constants could not
be estimated based on the data.



2.3 Conversion of Hydrogen Sulfide to Elemental Sulfur

The presence of excess hydrogen in the reducing
atmosphere for SO, reduction will result in H,S formation,
especially at high temperatures. For this reason the chemistry
involved in conversion of H,;S to elemental sulfur is of interest
in this program. The majority of processes available for
accomplishing this are based on the Claus reaction. Original-
ly developed as a gas phase process, many modifications have
been developed. 1In this section the chemistry of the gas phase
reactions will be discussed, and a brief summary of modifica-
tions in aqueous and organic media will be presented. Miscel-
laneous routes for conversion of H;S to elemental sulfur will
also be briefly addressed.

2.3.1 Gas Phase Claus Process

This section contains a summary of the variations
of the gas phase Claus process: the straight-through process,
the split flow process, and the direct oxidation process. The
three variations have been widely used to treat acid gas
streams having H,S concentrations ranging from 15 to 100% H,S.
The Sulfreen process, which is a low temperature modification
of the basic Claus process used in treating Claus tail gases,
is also covered.

The Claus process was designed for streams containing
H,S and CO,. The main reactions involve partial oxidation of
the hydrogen sulfide to sulfur dioxide with subsequent conversion
of remaining H,S and SO, yielding elemental sulfur as shown below.

HzS + 3/202 = 802 + Hzo (2-19)

3

2H,S + S0, T Sj + 2H,0 (2-20)

!
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The overall Claus reaction may be written as:

H,S + %0, = 31- S5 + H:0 (2-21)

The first detailed study of the reaction equilibria
between H,S and air was based on a stoichiometric 0,/H.S ratio
(i.e., 0.5) in the initial mixture at total pressures of 0.5,
1, and 2 atm (2-87). The compounds assumed to be present in
the equilibrium mixture included S,, S¢, Ss, H,O0, H2S, SO;,
and N;. In a later study these results were verified; also,
the influence of hydrocarbons and CO, in the starting mixture
was pointed out (2-88).

Basing calculations on more recently determined
equilibrium constants and considering additional compounds
(S, Hz, 02, HzS,, SO, and SO;3;) in the equilibrium mixture,
similar sulfur yields at 550-650°K were predicted (2-89).
The calculated levels of the new compounds added were found
to be very low. Similar conclusions were reached in a dif-
ferent study for temperatures in the 400 to 1750°K range (2-90).

Bennett and Meisen (2-91) calculated equilibrium
compositions of mixtures resulting from reactions between H,S
and air at atmospheric pressure over the range 600-2000°K
(327-1727°C).. The 0,/H;S ratio ranged from 0.05-1.0. These
parameters were chosen in order to simulate Claus furnace
conditions. Compared to earlier studies additional species
were considered, particularly nitrogen compounds and free
radicals, the latter being potentially important at high
furnace temperatures. In this study CO., COS, CS;, NHj;, and
hydrocarbons were omitted.
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The technique used consisted of calculating
equilibrium constants for each possible reaction at 100°K
intervals based on free energy data. Partial pressures of
the "key components," S,, H2S, H,0, and N,, were guessed from
which the partial pressures of the remaining species could
be determined by applying the law of mass action to their
formation reactions. The total partial pressures, and the
atomic ratios of unbound oxygen to sulfur, hydrogen to sulfur,
nitrogen to oxygen, and carbon to sulfur were subsequently
evaluated. Using an iterative procedure, these were made to
converge, yielding characterization of equilibrium composi-
tion. The results of the calculations showed that 25 compounds
were present in concentrations >0.1 ppm for at least some
temperatures in the 600-2000°K range. Optimum sulfur yields
were predicted at 0,/H.S ratios of less than 0.5 (stoichio-
metric) since this suppressed further oxidation of elemental
sulfur.

More recently equilibrium studies were performed
in which all Claus reactions were considered by the same
researchers (2-92, 2-93). The following assumptions were
made:

1. All compounds behave as ideal gases,

2, Initial acid gas contains only H,S, CO,, and
H,0,

3. Alr consists entirely of nitrogen (79%) and

oxygen (21%),

&. Total pressure of the system is one atmosphere.
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Equilibrium compositions were calculated for
mixtures resulting from reactions among H,S, CO., H,0, and
alr at atmospheric pressure over the range 600-2000°K (327-
1727°C). The amount of air was varied from 20-300% of the
stoichiometric amount based on Reaction 2-21. The acid gas
composition included up to 10% H,0 and up to 30% CO,. In
addition to the reactions already presented in the above dis-
cussions, the following were considered:

H.0 + %S, = %0, + H.S (2-22)
H,0 = H, + %0 (2-23)
CO, + %N, + %H, = HCN + O, (2-24)
2HCN = C,N, + H» | (2-25)
CO; + 2H,S = CS, + 2H,0 (2-26)
20S, + H» = CzH: + 25, (2-27)
3C,H, + ‘hH, = CH. (2-28)
CH, + H = CoH, ‘ (2-29)
CoHu + %02 = C2H.O (2-30)
C0. = CO + %0, (2-31)
CO» + HoS = COS + H,0 (2-32)
COS + H, = CS + H20 (2-33)

The same calculation technique used in the previous study
(2-91) was employed.
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Of the 36 compounds considered, all except HCN,
CaN,, CHy, CHz, CyHy, and C:H,O had partial pressures greater
than 1077 atmospheres for at least some temperature in the
temperature range investigated. The partial pressures of the
remaining 30 compounds were plotted as a function of tempera-
ture. Sulfur yields were shown as functions of temperature,
CO, partial pressure, and 0, partial pressure. In order to
predict actual Claus furnace compositions, the effect of
adiabatic conditions was also examined. Preheating of the
feed gases was recommended in order to achieve high sulfur
yields possible with less than stoichiometric amounts of air.

Another thermodynamic investigation of Claus
combustion chambers was performed by Neumann (2-94). A
thermodynamic model modified by semiquantitative considera-
tions from reaction kinetics was employed to calculate
equilibrium compositions from waste gases containing H;S and
S0,. Other species in the feed that were considered included
S,, H;0, Ny, H,, and/or CO,.

Catalytic effects on oxidation of H»S by oxygen have
been the subject of numerous studies in recent years. Oxida-
tion on active coals gave 100% S yields compared to ~507% SO
yield on '"treated" coals (2-95). The catalytic properties
of the active coals were related to surface carbon oxides,
free radicals, and adsorbed cations. No further details were
available in the abstract. Bauxite, synthetic zeolite, and
other catalysts were tested in a low-temperature, two-stage
system (2-96). The pre-heated gas (350-460°C) was mixed
with a stoichiometric amount of air before passing through
the first reactor, cooled to 160°C to condense S, reheated to
+260-270°C, and passed through the second reactor. Overall H,S
conversion was ~90% with S the main product.
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Larin and Erofeeva reported that the heat of the
exothermic reaction

2H28 + Oz = 2H20 + Sz (2-21)

was 106 kcal (2-97). The reaction was carried out in a
fluidized bed packed with activated carbon.

Reaction kinetics and activation energies associated
with H,S oxidation by molecular oxygen over various catalysts
have been reported over the range 130-200°C (2-98). Catalytic
mechanisms for active C, molecular sieve 13X, and liquid sul-
fur were discussed. Cariaso also studied the oxidation over
porous carbons (2-99), while others investigated the catalytic
effectiveness of cobalt molybdate and related materials at
H,S levels below 4000 ppm (2-100). Bauxite catalysts of
hydroargillite structure were found to be effective for con-
version of COS resulting during production of S from H,S-
containing gases in the presence of CO, (2-101).

Numerous investigations of the reaction between H;S
and SO, to produce water and elemental sulfur (Equation 2-20)
have been conducted. Mechanisms and kinetics of the alumina-
catalyzed reaction were determined using infrared spectroscopic
techniques (2-102). The relative rate constants for the
reactions below were 75:1:5 at 250°C in the presence of a
commercial cobalt-molybdate catalyst (2-103).

S0, + 2H,S = 2Hy0 + 2 S (2-20)
S0, + 2C0S = 2C0; + 3 S, (2-34)
COS -+ Hzo = COz + HzS (2-35)
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The H2S-S02 reaction appeared to be diffusion controlled with
an activation energy of 5.5 kcal/mole. Georgiev studied the
effect of steam concentration on the reaction (2-104).

An induction period T for the Claus reaction was
measured by Kokochashvili and Labadze (2-105). The reactant
mixture composition and the state of the reactor walls were
shown to have an effect on the duration of t. Coating of
the walls with Cr oxide had a decreasing effect, while coating
with Mg0O, CuO, and MnO: completely eliminated the induction
period. Adversely, treatment with KCl or K:Bu07 inhibited the
reaction. '

There are three basic arrangements of the gas phase
Claus process: straight-through, split stream, and direct
oxidation. The main features of each are summarized below.
The Sulfreen process based on low-temperature gas phase reac-
tion is also described here.

Straight-Through Process

The straight-through process generally gives the
highest overall recovery of the three variations of the
Claus process. It also allows maximum heat recovery at a
high temperature level.

In the straight-through process, the acid feed gas
is mixed with a stoichiometric quantity of air, determined
from Equation 2-21.

The combined stream is introduced to a furnace

where combustion occurs at about 2500°F. H,S is converted
to elemental sulfur to the extent of 30% to 69% (2-106).
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The remainder of the H,S is converted to S0,, COS, and CS:
by the following reactions:

CHy, + 4S == CS, + 2H:S (2-36)
CO, + H,S = COS + H;0 (2-32)
st + 3/202 b SOz + H,0 (2"37)

Small quantities of CO, and CH. are present in any H:S
stream.

The quantities of CS, and COS generated are very
small in comparison to the SO quantity; CS: and COS become
important, however, since quantitative recovery of sulfur is
needed. The quantity of COS formed is usually close to its
thermodynamic equilibrium value for furnace flame conditions.
But CS, concentrations are often hundreds or thousands of
times higher than the author's calculated equilibrium values
(2-107) . The amount of CS:; formed is a strong function of the

hydrocarbon concentration in the acid gas feed.

The relative quantities of S0, and elemental sulfur
formed are determined by the combustion temperature of the
furnace. The reaction that forms SO: becomes faster at higher
temperatures than the reaction that forms sulfur. Therefore,
the furnace is generally maintained at a temperature which
will best compromise cooling requirements with sulfur conversion.

After the gas stream leaves the furnace, the
elemental sulfur is removed from the stream and the remaining
gas - a 2:1 mixture of H,S and SO, - is sent to a catalytic
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converter at 218°C (2-108). The H2S and SO: react to yield
H20 and S, according to Equation 2-20. This reaction has been
found to give optimum conversion of H2S to sulfur at low
temperatures. However, the gas stream must be maintained
above the sulfur dewpoint at converter conditions, or the
liquid sulfur condensate will poison the catalyst.

Three catalytic converters are often used in the
Claus gas phase process. The most common catalysts are
alumina and bauxite, but sometimes special catalysts are used
in one or more of these converters for the purpose of hydroly-
zing COS and CS:. Another common practice is operating the
first catalytic reactor at a relatively high temperature,
around 400°C, to hydrolyze COS according to Equation 2-35.
High temperature operation in this first converter must be
compensated for by operating the suceeding reactors closer
to the dewpoint if overall sulfur recovery is to remain high.
Each converter is followed by a condenser to remove sulfur,
driving the Claus equilibrium closer to completion.

Tail gases from a Claus plant usually contain H:S,
SO;, elemental sulfur, COS, and CS:. The total concentration
of sulfur is about 15,000 ppm, taken as SO, in an incinerated
tail gas (2-109).

Split Flow Process

The split flow process, also called the modified
Claus process, is the most widespread process for converting
concentrated H;S streams to elemental sulfur. In this form
of the Claus process, one-third of the acid gas feed stream
is diverted and then completely oxidized to SO,. The streams
are again combined and sent to a catalytic converter where
they react according to Equation 2-20. In this process, as

-129-



in the straight-through process, the 2:1 stoichiometry must
be maintained by careful monitoring of the air supply.

The split flow process has greatest utility when
the H,S concentration in the acid gas feed is relatively low,
20 to 25 volume percent. In these cases the H;S concentration
may not be able to support combustion if the entire gas stream
is allowed to dilute the combustion products. If the acid
gas stream contains relatively high concentrations of hydro-
carbons, on the order of two to five percent, the split flow
process allows two-thirds of the gas stream to avoid the
furnace, producing less COS and CS, (2-110).

The split flow process is subject to the same side
reactions and catalytic conversions as the straight-through
process. Typical conversions for the catalytic units are
(2-108, 2-111):

1 converter: about 80% recovery,
2 converters: 92-95% recovery,
3 converters: 95-967% recovery,
4 converters: 96-977% recovery.

Direct Oxidation

In this process the acid feed gas is burned directly
over a bauxite catalyst. High temperatures, up to 1000°F, and
high space velocities are used. 1In this way the conversion
becomes controlled by kinetic factors; therefore, the limits
of the Claus equilibrium do not apply to this combustion.
Stoichiometry is again important; the 2:1 H.S and SO: ratio
must be maintained.
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This process has its greatest utility with gas
streams having H,S concentrations of 15% or less; higher
concentrations are more economically handled by the split
flow process (2-112). The direct oxidation step is generally
followed by conventional Claus catalytic converters, which
convert the residual H;S and SO, to elemental sulfur.

Sulfreen Process

The Sulfreen process is essentially the Claus
process made more efficient by operating at lower temperatures.
The H;S and SO, are reacted over an alumina or activated
carbon catalyst at 127-150°C - below the dewpoint of sulfur
in the reactor (2-113). These catalysts are very effective
adsorbents for sulfur. When the catalyst becomes saturated
with the liquid sulfur, hot gas is used to desorb the sulfur
and regenerate the catalyst.

While it is likely that little COS or CS. would be
generated at the Sulfreen reaction temperatures, these by-
products are not hydrolyzed to H:S over the Sulfreen catalyst
at these temperatures. Therefore, the loss of sulfur in the
form of COS and CS:; reduces overall recovery.

A variation of the Sulfreen process uses two stages.
The first stage uses the tail gas H,S and SO,, adjusting the
stoichiometric balance so that all of the SO, is consumed. 1In
the second stage the residual H,S is oxidized directly to
sulfur.
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2.3.2 Claus Reactions in Liquid Media

H»,S removal processes based on the Claus reaction
have been developed for liquid phase applications. Both
organic and inorganic media have been found practicable.

Two liquid phase processes have reached industrial
scale usage: the Bureau of Mines citrate process and the IFP
process. In the former an aqueous citric acid solution is
used to absorb S0, and H:S from the acid gas streams. The
basic Claus reaction takes place in this medium although the
actual chemistry involved is more complex. The IFP process is
based on a catalyzed Claus reaction in polyethylene glycol,

a relatively high molecular weight solvent. An activated com-
plex of H;S and SO, is formed with the metal catalyst.

Two experimental processes are currently in the
development stages: the Wiewiorowski liquid sulfur and the
ethylene glycol mono ether processes. Ethylenediamine and
other nitrogen compounds catalyze the Claus reaction in the
liquid sulfur medium at 120 to 160°C. 1In the ethylene glycol
mono ether process, the.ether acts as the catalyst while the
amine provides nucleation or flocculation sites to minimize

colloid formation.

All of these are generally applicable to streams
of low H,S concentrations, e.g., Claus tail gas streams;
although the Citrate process is a potential substitute for the

gas phase Claus process.
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2.3.3 Other H,S Removal Processes

A number of other processes for H2S removal which
are not based on the Claus reaction have been developed.
Those that employ liquid inorganic reaction medium involve
a coupled oxidation-reduction chemistry. Inorganic species
are used to oxidize the H,S, followed by air oxidation to
regenerate the inorganic oxidant.

Absorption of H,S by organic solutions and subsequent
oxidation are the bases of processes best suited to remove the
last traces of H,S before incineration and venting to the
atmosphere.

Several composite processes are also available on
an industrial scale. These are so classified because they

are composed of processes previously discussed.

In addition, hydrogen sulfide may be removed
electrochemically or by reaction with liquid S0,.
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2.4 Other Gas Phase Reactions

This section briefly summarizes recently published
information on the kinetics and chemistry of other gas phase
reactions of potential interest in this program. This category
includes possible side reactions in SO. reduction systems.
Literature reviews and data compilations (2-114, 2-115, 2-116)
should be consulted for information published prior to the

period covered in this literature survey, Chemical Abstracts
1967 through June 1975.

The results of the literature search summarized be-

low are grouped according to species involved. The order of

discussion is:

D)

2)

3)

4)

5)

reactions

involving sulfur dioxide and gaseous

species not dealt with in previous sections

(SO, oxidation is not within the scope of this

program),

reactions

reactions

reactions

reactions

of sulfur wvapor,

of carbonyl sulfide,

of carbon disulfide, and

involving hydrogen sulfide not dealt

with in previous sectioms.

Reactions Involving SO,

Gayen et al. calculated the free energy changes and

equilibrium constants for reactions in the CO,;-S0, system at
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one atmosphere, 600-1000°C, and C0,/S0O, mole ratios of 1.00-
0.25 (2-117). The two significant reactions considered are
presented below.

CS, + 30, (2-38)
2C0S (2-39)

280, + CO;

il

|

CSz2 + CO:2

Their calculations indicate that CS, formation in this system

is very small.

The interaction of S0, and COS has been the subject
of several recent studies. Pulse and semi-pulse methods were
used to study catalytic effects in one study (2-118). George
found no significant effect due to catalyst basicity on the
reaction below:

2008 + S0, = 2C0, + (%)sX (2-40)

A mechanism was postulated for the reaction (2-119). Haas and
Khalafalla reported 90% conversion of reactants in the presence
of pure x-Al,0; at 400°C. 1Inclusion of transition metals in
the ca;alyst decreased the interaction between COS and SO,
(2-120).

Reactions of Sulfur Vapor

Information concerning the reactions of sulfur wvapor
with atomic and molecular oxygen, C, CO, CO, and CH, appeared
in the recent literature.

In the combustion of S wapors in jet conditions at
360-460°C, the presence of H, or CH, was found to produce an
inhibiting effect (2-121). The reaction rate of ground state §
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atoms with molecular oxygen to produce SO and O has been investi-
gated by flash photolysis-resonance fluorescence (2-122) and
spectroscopy in the vacuum-uv region at 295°K (2-123). Correla-
tion of the rate data using an Arrhenius type equation over the
range 252-423°K yielded, in cm® mole” ‘sec™! (2-122):

E

k = (2.24 £ 0.27) x 10 *? exp{(-0.G0
* 0.10 kcal/mole) /RT] (2-41)

The absolute reaction rate measured at 295°K was 1.0 x 10'%cm?
mole 'sec”!(2-123); this value was reported to agree well with
earlier results.

Investigations of the interaction of sulfur vapor and
various forms of carbon have dealt with kinetics (2-124 -2-126),
mechanisms (2-125, 2-127), and parameters such as pressure,
temperature, and bed height (2-124, 2-126, 2-128). The range of
temperatures included in these studies was 500 to 1000°C. The
chief product was CS;, with some evidence of CS at high tem-

peratures (>1000°C) which subsequently underwent rapid poly-
merization.

Bechtold studied the kinetics of the reaction between
CO and S on platinum wires in a flow system at 300-450°C (2-129).
‘The only reaction product detected was COS. Rate was dependent
on temperature, degree of coverage of the Pt surface with S,
and, depending on the first two parameters, CO and/or S pres-

sure.

The mechanism of sulfur formation in the flash photo-
lysis of carbonyl sulfide diluted in CO, was investigated
(2-130). The formation and removal of S, takes place accord-
ing to the following scheme:
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282 + C02 = SL} + COZ (2"42)
S + Sq = Sz + 83 (2—43)
S + S3 = 282 (2-44)

The rate constant for the first of these reactions was deter-

. -23 -2 -1
mined to be A1 x 10 cmfmole “sec

The kinetics of the homogeneous reaction between sul-
fur and methane was reported to be first order with respect
to both reactants in the range 600-700° (2-131). The reaction

rate constant k expressed as (mole CS,) cm ‘hr 'atm™’ is

k = 2.95 x 10% exp(-44.0 x 10°RT). (2-45)

Leszczynski ard Kubica calculated thermodynamic parameters for
the reaction

CHL, + [(-S = CSZ + Zst (2‘46)

in the range 25-1227°C (2-132). They determined the following
reaction rate constant:

k = 7.29 x 10° (P/RT)? exp(-27,390/RT) (2-47)
The units were not available in the abstract. The catalyzed
synthesis of CS; from S vapor and methane was the subject of

another experimental investigation (2-133). An equation for
calculating the rate was proposed.
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Reactions Involving Carbonyl Sulfide

The gas phase chemistry of COS summarized below in-
cludes thermal decomposition and interactions with hydrogen,
sulfur vapor, water vapor, and oxygen.

The high temperature (2000-3200°K) kinetics of COS
pyrolysis in argon atmosphere was studied in shock tube experi-
ments (2-134). The principal species monitored were COS, CO,
S, S,, CS, and SO. Mechanisms, rate constants for the proposed
reaction schemes, and activation energies were reported. Haas
and Khalafalla studied the catalyzed decomposition in an inte-
gral reactor (2-120). The apparent activation energy measured
in an uncatalyzed system was 28.7 kcal mole”'. This value was
reduced to 5.6 kcal mole ' when catalyzed with Al,0, or SiO,.
Below 635°C the main products were CO, and CS,, while at higher
temperatures CO and S were produced. In another study supple-
mentary reactions of COS decomposition and catalytic effects
were investigated using pulse and semi-pulse methods (2-118).

Donovan measured rate constants which represent the
sum of reaction and collisional relaxation for COS and H, in
vacuum uv photolysis; the constants were 1.0 x 107" and 4.0 x
107" cm®mole” 'sec” ', respectively (2-135). The kinetics of
the reactions of hydrogen atoms with COS were measured at 25°C

1u

in a flow system (2-136). The rate constant was 2.2 x 10 ‘cm?

particle-lsec_l. At all COS flow rates H,S is a major product,
CO production equals COS consumption, and 0.5 mole of COS are

consumed per H atom.

Reaction rates of COS with ground-state atomic sulfur
(°P) between 233 and 445°K, S(!D) atoms, and S(3'D,) atoms in
the presence of SFy have been studied (2-137, 2-138, and 2-139,
respectively). The reaction shown below was reported to take
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place, and lower limits for the rate constant were established
(2-138).

S(D) + COS =5, +CO (2-48)
The reaction between COS and H,0 proceeds according

to the reaction below.

COS + H,0 = CO, + H,S (2-49)

Pulse and semi-pulse methods were employed to examine roles of
supplementary reactions of the hydrolysis. Hydrated Al,0, and
Si0, catalysts were both found to be active (2-118). George
reported that catalyst basicity increased the initial reaction
rate (2-119).

Rate constants were measured for the reaction of
ground state atomic oxygen with carbonyl sulfide.

0+ COS = CO + SO (2-50)

The rate constant in the Arrhenius form between 290 and 465°K

is given, in cm3moleﬂlsec_1, as (2-140):
k = 1.2 x 10'* exp(-5800 cal mole” '/RT) (2-51)
Correlation of rate data between 263 and 502°K yielded (2-141):

k = (1.65 = 0.13) x 107 "exp(-4305 + 55/RT) in cm’mole ‘sec™ ' (2-52)

An inhibiting effect of H, and CH, on combustion of COS wvapor
in jet conditions at 360-460°C and 4-6 torr was observed by
Sarkisyan et al. (2-121).
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Reactions of Carbon Disulfide

Hildebrand studied the gas phase equilibrium of the
reaction

CS, + S =CS + S, (2-53)

by mass spectrometry (2-142). The dissociation energy D,°(CS)
and heat of formation H°f298(CS) were determined: 166.1 & 2
kcal and 70.0 % 2 kcal mole” ', respectively.

The presence of H; or CH. produced an inhibiting
effect on CS. vapor combustion in jet conditions at 360-460°
and 4-6 torr (2-141). Methane produces a greater inhibiting
effect. The relationship between the concentration of O atoms

and the concentration of H, in a CS, flame was given.

Reactions of Hydrogen Sulfide

Kinetic information was found for the gas-phase reac-
tions involving H,S with hydrogen and oxygen.

Rommel reported the rate constants of the reaction
with hydrogen atoms at 298°K to be 3.8 x 10" emdparticle” 'sec” !
(2-136). At high flow rates of H»S 0.5 moles of H,S are con-
sumed per H atom originally present. The rate expression in
Arrhenius form over the range 190-464°K reported by Kurylo

et al. (2-143) in cm’mole ‘sec”! was:

k = (1.29 £ 0.15) x 107" exp[-(1709 + 60)/1.987T] (2-54)
This was obtained under conditions which favored only the H

atom - H2S reaction. Mihelecic and Schindler conducted an ESR
spectroscopic study of the reaction (2-144). 1In the -30 to
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95°C range the activation energy was 1680 cal mole”™'. Rate
constants for the following reactions were determined at 300°K:

Rate Congstant1

Reaction (cm’mole” "sec )
H + H,S = H, + SH 1.0 x 10712 (2-55)
SH + SH = H,S + S 1.1 x 1071 (2-56)
S+SH=2S8, +H 4.5 x 107! (2-57)

The experimental frequency factor A was reported to be 1.7 x
107" cmlmole” 'sec”’, which agreed well with the predicted

value.

Assuming a stoichiometry of 3.5 atoms O per mole H2S,
the specific rate constant for the reaction 0 + H2S = OH + HS
was (1L.74 £ 0.40) x 10! exp -(1500 *# 100/RT) 1in cm3mole—1sec-1
(2-145). Takahashi studied the chemiluminescent reaction
between H2S and atomic O in a flow system at room temperature
and 4-6 torr (2-146). The reaction scheme proceeded as follows:

H2S5 + O = HS + OH (2-58)
HS + 0 = SO+ H (2-59)
H + H2S = Hz + HS (2-60)

The rate constant of the first reaction was evaluated as
-14 3 -1 -1
3.52 x 10 cm'mole " sec

~141-



3.0 COMMERCIAL PROCESSES FOR PRODUCTION OF ELEMENTAL
SULFUR FROM MAGNESIUM SULFITE OR SULFUR DIOXIDE

In this section process schemes, equipment types,
and operating conditions as reported in the literature are given
for existing Mg0 regeneration and S0, reduction processes. In-
formation on the following processes is presented in this section:

MgO recovery from MgO flue gas
desulfurization systems

Allied Chemical SO, reduction system

Asarco-Phelps Dodge elemental
sulfur process

Elemental sulfur production from pyrite

Magnesium-base recovery process in the
pulping industry

No existing process for direct conversion of magnesium sulfite
to elemental sulfur was found.
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3.1 The Current Operation of the Magnesium Oxide

Recovery Process for the MgO Scrubbing Plants

A commercial calciner is presently being used at the
Essex Chemical Company sulfuric acid plant in Rumford, Rhode
Island, to regenerate MgO for a stack gas S0, removal process.
Details of this process are shown in Figures A3-1 and A3-2. The
calciner is a direct fired, refractory lined, counter-current
rotary kiln (7'6" diameter by 120' long).

Temperatures at the middle of the calciner are kept
at approximately 677°C (1250°F). The calciner operates at
essentially atmospheric pressure. The calciner feed solids
are primarily MgSO; with some MgSO, and unreacted MgO0. A typi-
cal calciner feed composition is given in Table A3-1 (3-14).

TABLE A3-1
TYPICAL CALCINER FEED COMPOSITION

MgSO3 63.9%
MeSO. 12.7%
MgO 2.8%

Water and Inerts 21.0%

Impurities enter the system along with the make-up
MgO and water streams. A typical composition of commercially
produced make-up MgO is given in Table A3-2 (3-1).

TABLE A3-2
COMPOSITION OF CALCINED MAGNESITE

MgO 97-99%

Cal 0.55-1.0%
Si0; 0.2 -0.4%
Fe,0;4 0.05-0.25%
Al,0, 0.04-0.20%
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Calcination is performed by counter-current contact
with combustion gases produced by burning No. 6 fuel oil with 5%
excess air. Coke is added in the amount necessary to reduce
the MgS0,. The principal reactions in the calciner are (3-14):

MgSO, + C + %0, - MgO + SO, + CO; (3-1)

MgSO, ~ MgO + SO, (3-2)

The process yields 98% MgO with 2% impurities remaining
in the solid product. The exit gas is a dilute stream of SO;
whose approximate composition is given in Table A3-3 (3-2).

TABLE A3-3
TYPICAL CALCINER EXIT GAS COMPOSITION

N: 73

CO, 6
02 5
H,0 7
S0, 9

The residence time of the solid phase in the calciner is about
one hour (3-2).

Operating problems which have been experienced with the
rotary kiln include:

(1) Formation of periclase, an unreactive,
"dead-burned" form of MgQ at high
operating temperatures. Pulverizing
equipment was installed to activate the
MgO and proved satisfactory.
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(2) Excessive leakage at the seals of the
rotary calciner which makes it difficult
to maintain a reducing atmosphere. New
seals which were recently designed and in-
stalled have apparently corrected this problem

(3=3).

(3) Severe dusting in calciner which trips
flame safety controls. An extra operator
and flame scanner were necessary to solve
this problem (3-3).

(4) Coke of low ash content (less than 10%) is
needed to prevent contamination of the calcined
solids and the product gas sent to the acid
plant (3-3).

In the course of the calciner operation upsets have
occasionally resulted in the formation of elemental sulfur.
Attempts to reproduce these upset conditions in the laboratory
have not as yet yielded any specific information on the formation
of elemental sulfur(3-4).
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3.2 Allied Chemical S0, Reduction System

Allied Chemical Corporation has developed and commer-
cialized a process for direct, catalytic reduction of SO0, to
elemental sulfur using natural gas as a reductant. The first
plant to use the process is located near Sudbury, Ontario, Canada.
A process flow diagram of this facility is shown in Figure A3-3.
The plant, which received a feedstock gas containing approximately
12% 802 from a sulfide-ore roasting facility, consists of three
main sections: gas purification, S0: reduction, and sulfur
recovery. The gas purification system, which is designed to re-

move excess water vapor and gaseous and solid impurities would be
optional in certain applications (3-5).

The principle function of the catalytic reduction
section is to increase the H,S/S0: ratio in the gas stream to
approximately the ideal ratio of 2:1 required for the Claus
reaction, while achieving maximum formation of elemental sulfur.
The primary reaction system may be summarized in the following
equations:

CH, + 2SO, - CO, + 2H,0 + S, (3-3)
4CH, + 6S0, - 4CO, + 4H,0 + 4H,S + S, (3-4)

In the reduction section, the combined, preheated natural gas and
SO: stream first passes through a four-way-flow reversing valve
and a final preheat reactor. The heated stream then enters the
primary reactor where over 40% of the total recovered sulfur is
formed (3-6). The reactor uses a catalyst developed by Allied
Chemical that is stable up to 1093°C (2000°F), achieves effi-
cient methane utilization, and provides minimum formation of
undesirable side products (3-5). Careful control of the reac-
tion conditions is necessary to achieve chemical equilibrium

in the single reactor.
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The gas leaving the reduction reactor passes through
a second heat regenerator, where it gives up its heat to the
packing. Direction of flow through the two heat regenerators

i1s periodically reversed, to interchange their functions of heating
and cooling.

After condensing sulfur in a steam generator, the gas
stream enters a two-stage Claus reactor system where HzS and
SO, react to produce elemental sulfur and water. At this point,
product sulfur is again removed from the gas by condensation.
Residual H2S in the Claus plant effluent gas is oxidized to SO
in an incinerator before it is exhausted through stack to the
atmosphere (3-6).

According to the developer, this process can be applied
directly to S0, streams containing as low as 4% SO, where
oxygen content is not over 5.0%. When higher oxygen concentrations
are encountered, provisions must be made to dissipate the excess
heat produced as a result of methane oxidation. The Canadian
plant has demonstrated that this process is capable of removing
better than 90% of the SO, from the entering gas stream. Opera-
tion at one-third of design capacity with constant operating
efficiency has been established (3-7).
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3.3 Asarco-Phelps Dodge Elemental Sulfur Pilot Plant

A 20 tpd elemental sulfur pilot plant has been tested
by Asarco at their El Paso copper-lead smelter (3-9). The
Asarco process utilizes a feed gas stream containing a minimum
SO0, concentration of 10-15% and a maximum O, concentration of
2-3%. A flow diagram for this process is shown in Figure A3-4.
A reforming process developed by Phelps Dodge Corporation was
used in the pilot facility to produce a reducing gas stream
containing a 48-50% mixture of CO and H,.

In the Asarco process, the reformed gas and SO, were
stoichiometrically combined and introduced into a primary
catalytic reactor at approximately 343°C (650°F). This reactor
was a vertical shell-and-tube heat exchanger with the tubes
filled with catalyst. Since the reduction of SO, is highly
exothermic, and an organic heat transfer fluid was circulated
through the shell side of the vessel to control reaction tempera-
ture. The heated coolant was used to generate steam and reheat
the process gas stream entering the second catalytic reactor.
The gas stream leaves the primary reactor essentially at equi-
librium. Approximately 697 conversion of SO, to sulfur vapor
was obtained when treating a 127 S0, stream.

Tail gases from the primary reactor were cooled in a
condenser to recover liquid sulfur and then reheated to about
204°C (400°F) and passed through a Claus reactor. This step
utilized a catalytic, fixed bed reactor with no internal cooling
provided. 1In the second stage reactor, S0, and H,S react to

yield additional sulfur which is recovered in a second condenser.

Total sulfur recovery averaged 88-92% over 91 days of
semi-continuous operation. One major problem involved in the
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ASARCO-PHELPS DODGE ELEMENTAL SULFUR PILOT PLANT
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reducing operation was decrepitation of catalyst pellets in the
first few inches of the catalyst bed in the primary reactor.
No loss of catalyst activity was detected, but there was an
increased resistance to gas flow.

[}

Thermal decomposition of the organic coolant in the
primary reactor resulted in solid carbon deposits between the
tubes. This caused overheating in the blocked portions of the
reactor and subsequent warpage and burning through of the tube
sheet. The installation of a new primary reactor and further
test operation were planned as a future course of action.
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3.4 Sulfur Production at a Pyrite Smelting Plant

Outokumpu Oy Company is operating a pyrite smelting
plant in Finland that converts pyrite feed into elemental sulfur
and iron oxide pellets (3-10). The plant produces 90,000 tons/yr
of elemental sulfur and 250,000 tons/yr of iron oxide pellets.

A process flow diagram for this system is shown in Figure A3-5.
Pyrite concentrate (FeS:)is fed to a flash-smelting furnace.
The combustion of Bunker C fuel o0il is carried out without any
soot formation in a specially designed furnace having three
high-efficiency burners. Incoming pyrites are suspended in
the hot reducing gases and fed to the smelter where thermal
decomposition takes place at about 1800°C (3270°F).

Reaction gases (CO,, H,0, N,, SO,, H,S, CO, H;),
dust, and sulfur wvapors are cooled in a radiation chamber
(high pressure steam boiler) and a convection chamber. This
cooling operation shifts the equilibrium of the gas components

to maximize sulfur content.

In the radiation chamber the gases are cooled to 600°C

(1110°F) where CO and H, react with SO, to yield S, and H,S. Dur-
ing a second cooling step down to about 300°C (57O5F), H,S and SO0,
react to form elemental sulfur. Sulfur yield is optimized by
passing the gases at 270-277°C (518-530°F) over an aluminum-based
catalyst in a catalytic reactor downstream of the low pressure
boiler. Separation of elemental sulfur from the combustion gases
takes place in a .cooling tower where molten sulfur circulates over
the gas stream. A second washing step with seawater removes small

amounts of sulfur remaining in the reaction gases.

=154~



10 kv
P Ly — -
Pyrites, 70%, 200 mesh =3 o, - r] “ -
60 atm, S S
(53% 5, 46% Fe) ) Steam, 932 F. aim 60 MW TURBOGENERATOR : e
340,000 tons/yr. A !
SUPERHEATER l
_“% > ——{ e POWER STATION
a0
ROYARY KILN DRYER A
Superheated
i Steam steam Sleam
Fuel il A 4.5 atm. 65 alm, 0.7 alm. !
Steam F
HOPPER 70 atm. A wasH
545F.
o 5 TOWER
o COOLING A
UEL QL STORAGE . p Y
¢ \ BLOWER R‘I:d"::;"" Conveclion TOWER
chamber chamber ol
CAVALYTIC STEAM BOILER s b
LYIOF. aa water =
2,190F. (L1WOFD | (572F) g ecrpostanc REACTOR SPRAY TOWER
Oil burners (3,270 F.) PRECIPITATOR Milk of lime SRGE
- _n__n_nv_,‘

. [y |

w T !»ITEAM noﬁl\ ! |

L {low pr )

1 FLASH-SMELTING FURNACE v v
WASTE HEAT BOILER
Liquid FeS (high pressure) COLLECTING
{260,000 tons) A L TANK Granulated sulfur
27% 5% <t Sulfur 90,000 tons/yr.
HOPPER
CYCLONES  ELECTROSTATIC SETTLING TANK

Water

GRANULATOR %

ROASTING FURNACE
(1,630-1,920 F.)

PRECIPITATOR

o 5§50, 1o suluric acid plant

Iron ore

—( A | 250,000 tons/yr. BARGE

FIGURE A3-5

(3-10)

PROCESS FOR CONVERSION OF PYRITE TO ELEMENTAL SULFUR AND IRON OXIDE



3.5 The Magnesium-Base Recovery Process in the

Pulping Industry

Magnesium-base pulping with chemical recovery 1is
practiced in paper mills in North America and Europe. Most of
these mills use the magnesium bisulfite process (''magnefite"’).
In this study, the process step that regenerates magnesium oxide
is of interest. The details of this process are shown in Figure
A3-6.

Magnesium base liquor from the pulping operation,
containing 50-65% lignosulfonate and the rest sugars and acids,
is concentrated to about 55% total dissolved solids (3-12).
Magnesium oxide ash is then recovered by burning the residue in
a furnace or a fluidized bed combustion chamber. The design of
the combustion chamber used to burn this material is important
in order to maintain the required properties of the MgO ash.
Combustion must be complete to produce a carbon free ash. At
the same time however, overheating of the MgO must be avoided
since this produces an unreactive, dead burned, form of MgO
called periclase. This crystalline form of the oxide cannot

be used in liquor regeneration.

The Babcock and Wilcox recovery units use a high
temperature furnace where fuel evaporation and combustion take
place. Hot liquor is sprayed into the furnace by means of
steam atomizing nozzles. Combustion temperatures .are controlled
so that the flue gases leave the combustion chamber at a tem-
perature above 1300°C (2372°F) to assure an essentially carbon-
free ash. The magnesium oxide ash is separated from the flue gas
with cyclonic collectors which have an 80-95% efficiency. The
remainder of the ash is collected in the cooking liquor prepara-
tion plant, where magnesium hydroxide and sulfur dioxide in the
flue gas are combined in gas-liquid contactors to regenerate the
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cooking liquor. 1In some installations, when the Mg0O ash is
finer, electrostatic precipitators or a wet separator is used
to recover the MgO (3-13).

An altermative system for decomposing waste cooking
liquor to Mg0O and SO, is used at the Wausau Paper Mills Company
in Brokaw, Wisconsin, where a fluidized bed combustion process
has been installed. Liquid concentrated to 40% solids flows
into a fluidized bed furnace operating at about 930°C (1l706°F).
This furnace contains a bed of granular magnesium oxide pellets
fluidized by the combustion air entering at the bottom. The
waste liquor decomposes to produce a flue gas containing SO,.
MgO ash remains in the reactor and becomes part of the bed.

MgO pellets are continuously discharged from the bed to main-
tain a constant amount of bed material in the furnace. A

cyclone is used to remove entrained ash from the flue gas (3-13).
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1.0 INTRODUCTION

The EPA 1is interested in the feasibility of
producing elemental sulfur in the regeneration section of
the magnesium oxide scrubbing process. This technical note
examines the influence of various reducing gases on the
decomposition of MgSO; to MgO and sulfur. The study will be
restricted to looking at the thermodynamics of the system.
The kinetics will be brought into the study later. Equili-
brium calculations were made to determine the influence of
temperature and stoichiometry on the gaseous and solid pro-
duct distributions.

The first section of the note discusses the
selection of the conditions and chemical species to be
included in the equilibrium calculations. The second section

contains the results and conclusions from the calculations.
The results of this technical note will be used as

the basis for selecting process configuration(s) and general
operating conditions.
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2.0 DISCUSSION

A thermodynamic screening was made by calculating
possible equilibrium concentrations of products from the
calciner. The influences of temperature and stoichiometry
using different reducing agents on gaseous and solid product
distributions were determined. An overall heat balange for
the calciner was also calculated.

A computer program was used on all equilibrium and
heat calculations. The program determined chemical equilibrium
by minimizing the free energy of the system. The input to the
system in the program was one mole of MgSO; with the amount of
the reducing gas determined by the desired stoichiometry.

The temperature of the system was specified and the equili-
brium composition was determined at 1.0 atm.

2.1 Selection of Equilibrium Conditions

The decomposition temperature of MgSO; is defined
as the temperature at which the equilibrium partial pressure
of SO, over solid MgS0O; is 1 atm. Although this occurs at
360°C in an inert gas atmosphere, the reaction is fairly slow
at this temperature. MgSO; decomposes rapidly above 500°C.
Therefore, to insure that the lower temperature limit would
be within the investigation range, a lower limit of 350°C was
chosen.

From the literature search we see that the
noncatalytic gas phase reactions which produce elemental
sulfur using CO or H, as reducing agents do not proceed
rapidly below 900°C (no significant conversion within several
minutes). Catalysts lower the gas phase reactlon temperature
to the order of 400°C. 1In order to include noncatalytic
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temperatures of interest an upper limit of 1000°C was chosen.
The discrete temperatures used in the equilibrium screening

study are shown in Table B2-1.

Reducing gases of CO, H,, CO + H:, and CHs were
selected on the basis of their relatively widespread avail-
ability and their previously known capability to reduce SO:
to elemental sulfur. Coal and coke were not chosen because
their reactive intermediates are probably CO and H,. The
kinetic limiting step may well be the coke or coal gasifica-
tion step and is beyond the scope of this study.

The stoichiometries of the reducing agents were
varied to find the optimum stoichiometry for elemental sulfur
production and to simulate possible different conditions in
a reactor. Three major types of reactors were considered:
fluidized bed, co-current, and countercurrent reactors.

Figure B2-1 shows the directions of flow for the gas and solid
phase in each reactor. An important point is that for co-
current and fluidized bed reactors, the gas and solids leaving
the reactor are in intimate contact. For countercurrent

reactors they are not in contact.

Figure B2-2 shows the relative amounts of unreacted
species present (MgSO; and the reducing gas) over the length
of the reactor for the fluidized bed reactor. The scolid com-
position is the same in all parts of the reactor because of
its mixing characteristics. The gas composition becomes lower
in unreacted reductant as it passes through the reactor from
inlet to outlet.
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Temperature (OC)

350
500
700
1000

TABLE B2-1

EQUILIBRIUM CASES

Stoichiometry
.95
1.0
1.05
1.5
20.0
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In the countercurrent reactor depicted in Figure
B2-3, the unreacted solids decrease steadily from inlet to
outlet. The reacted solids at the outlet will "see" fresh
reducing gas. The "spent' reducing gas leaving ''sees' fresh
solids. A cocurrent reactor is depicted in Figure B2-4.

The stoichiometries in Table B2-1 were chosen to
represent several different conditions. Obviously stoichi-
ometries with the minimum required to produce elemental sulfur,
i.e., near 1.0, are of most interest. Values of 0.95, 1.0,
and 1.05 are directed toward the gas phase and the product
composition attainable. The stoichiometry of 1.5 was chosen
to see what effect a significant excess of reducing agent
would have.

The value of 20 was chosen primarily to investigate
the solid effluent from a countercurrent reactor. Consider,
for instance, the case of the overall stoichiometry being one
and at a point near the solid exit. Choose the point at which
the unreacted solid is five percent. The gas therefore con-
tains twenty times the amount of reducing agent necessary.

The chemical potentials of solids are not dependent upon the

amount of various species present. In the gas phase the chemi-
cal potentials are dependent upon the amount present. For this

reason the twenty to one stoichiometry was used to predict sul-
fiding, coking, and other tendencies at the solid exit of a

countercurrent reactor.

A heat balance around the overall process was made
by inputing the gas and solid streams at specified tempera-
tures. A temperature of 25°C was chosen for the magnesium
sulfite, which corresponds to the case in which MgS0, is de-
hydrated at a site separate from the calcining operation.

If the MgSO; is dehydrated on site it would be at a higher
temperature because it would pass from a dryer to the calciner.
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Three of the reducing gases, H,, CO, and the H:/CO
mixture, were specified to be at 1000°C. This temperature was
chosen as a rough estimate of the reducing gases produced from
a fuel combustion process. Methane was chosen to be 25°C
since it would be obtained from a pipeline. The gas and solids
leaving the reactor were assumed to be at the same temperature.

An enthalpy balance was made for the various
reactions. The simplified scheme shown in Figure B2-8 was
used. A major purpose of the calculations was to determine
the adiabatic operating temperature of the reaction, i.e.,
the condition at which Q = 0. For cases where Q < 0 heat
must be removed. For cases where Q > 0 heat must be added.
To extrapolate the cases to different inlet temperature con-
ditions, e.g., reducing gas at 500°C, the enthalpy difference
in Kcal per Kg of total reactants must be subtracted from
the calculated Q's to give values for the new conditions.

For the example given the number to be subtracted is negative
so the net result would be to make the reactions more endo-
thermic (less exothermic).

The temperature profile in a fluidized bed reactor
is shown in Figure B2-5. Fluidized bed reactors are character-
ized by isothermal operation because of high gas-solid heat
transfer rates and good mixing. The profile shows that the
gas and solid are at the same temperature everywhere within
the reactor. The temperature profile for a countercurrent
reactor is shown in Figure B2-6. The profile for this special
case has the gas and solid leaving the reactor at the same
temperature. Figure B2-7 shows a cocurrent reactor.

-192-



411000°C
(Inlet)

Solid Phase and Reducing Gas

Temperature (°C)

25°C4
(Inlet)

Reactor Length -

FIGURE B2-5 - TEMPERATURE PROFILE IN A FLUIDIZED BED REACTOR

-193-



Temperature (°C)

1000°C

Solids |
Outlet

Reactor Length -

Gas
Qutlet

25°C
(Solids
Inlet)

FIGURE B2-6 - TEMPERATURE PROFILE IN A COUNTERCURRENT REACTOR

-194-



Gas
Inlet?
gj\
v Gas
; Outlet
u 3
g Solids
> Outlet
g
a
£
25°CL
Solids
Inlet

Reactor Length -

FIGURE B2-7 - TEMPERATURE PROFILE IN A COCURRENT
REACTOR

-195-



-961-

} Heat
T = 350,

MgSO; @ 25°C

500,

or 1000°C

CH, @ 25°C N REACTOR

e T P Se—— =

CO or H, @ 1000°C -

|
e

-

FIGURE B2-8 - HEAT BALANCE SCHEMATIC

=

700,

Gaseous Products

Solids Products



The results may also be used to some extent for
investigating different exit conditions. The gas temperature
may not be changed because it would alter the equilibrium
mixture. The solid MgO temperature could be changed in a
fashion similar to the reactant sensible heat changes.

2.2 Chemical Species Considered

As the stoichiometry and temperature are changed,
the distribution of elements among the various species changes.

Also, the solids in equilibrium with the gas can change.

The gas and solid species which were considered as
being potentially present in this system are listed in Table
B2-2. These species were selected on the basis of their
probability of existing in the reactor as determined by the
literature survey.

All of the gas species, with the exception of H, MgS,
and S, were commonly seen experimentally and were included in
thermodynamic calculations by investigators of S0, reduction
systems. The above three species were included to check their
possible presence at different conditions. The gas phase ele-
mental sulfur species were assumed to be S; and Ss. While one
investigator presented evidence that S;, S., Ss, and S, also
could exit in this system (ME-121), the thermodynamic data for
these were not in the Radian data base.

The solid phase species MgO, MgSOs, MgSO., and §
(liquid) have been found in the magnesium oxide calciner
used in Rumford, Rhode Island (K0-134). The MgS and
MgS,0; species were a subject of study in the Mg-S0,-0,
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TABLE B2-2

CHEMICAL SPECIES CONSIDERED IN
THERMODYNAMIC SCREENING

Gas
H CO S
H, CO, S,
H,O0 Cos Ss
H,;S CS, S0,
0, CH, SO,
MgS

A Condensed Phase
MgO MgS0;

MgS MgSO.
S (liquid) MgS,0;
C (graphite) MgCO;
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system (SC-144). The two carbon containing species, MgCO;
and C (graphite), were chosen to check their existence at
high concentrations of reducing agents containing carbon.

For the majority of the species considered the
thermodynamic quantities used in this study were obtained from
the well-known JANAF Thermochemical Tables (ST-067). Data
were estimated only for MgS,0;.
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3.0 RESULTS AND CONCLUSIONS

This section presents a discussion of the results
of the thermodynamic screening. Calculations for the four
reducing gases at five stoichiometries and four temperatures
were made (a total of 80 cases) as shown in Tables B3-1
through B3-8.

The MgS0; was completely decomposed in all of the
cases. The main decomposition product was MgO. In the low-
temperature, low-stoichiometry cases some MgSO, formation
was predicted. This indicates that a temperature above 350°C
but less than 500°C would be desirable from a solid product
point of view. In none of the cases were MgS,0; or MgS stable.
There appears to be no danger of sulfide formation under re-
ducing conditions.

When CO is used as a reducing gas a large percentage
of the solid product appears as MgCO; at 350°C. The MgCO;
compound is not a process problem since it would decompose
during the scrubbing process to Mgl and CO,. It could be a
shipping problem because MgCO; weighs twice as much as MgO.

The two reducing agents containing carbon, CH,, and
CO, have a large carbon formation tendency at high stoichiom-
etries. Coke formation might be expected at the gas inlet to
a fluid-bed or countercurrent calciner due to methane cracking

or CO decomposition. If the process is catalytic the coking
condition could be a problem.
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TABLE B3-1

MgS03; DECOMPOSITION WITH CH, REDUCTANT

TSmp. (Fraction of total sulfur in each species)

Case | Stoic. | ( C) S, Ss S0, H,S cos cS, | Mgso,
1 .95 350 | .004 489 002 | .354 | O 0 151
2 .95 500 | .200 354 182 | .263 | .00L] O 0
3 .95 700 | .554 | O 184 | .259 | -00& | O© 0
4 .95 | 1,000 | .657 | ©0 167 | .171 | .006 | © 0
5 1.0 350 | .005 487 014 | .378 1 0 0 117
6 1. 500 | .203 .348 .150 .297 001 | 0
7 1. 700 | .55& | O 150 | .291 | .004 | ©
8 1. 1,000 | .663 | O 134 | .196 | .007 | © 0
3 1.05 350 | .005 497 | .014 | .395 ] © 0 -089

10 1.05 500 | .205 .336 120 | .337 | .002 | O 0
11 1.05 700 | .548 | O 120 | .328 | .005 | © 0
12 1.05 | 1,000 | .662 | O 105 | .225 | .008 | o0 0
13 1.5 350 | .001 .00l | O 990 | .007 | O 0
14 1.5 500 | .016 |.0 .959 | .025 | O 0
15 1.5 700 | .125 | 0 0 820 | .054 .001] 0
16 1.5 1,000 | .347 | 0 004 | .623 | .025 | O© 0
17 | 20.0 350 |0 0 0 1.0 0 0
18 | 20.0 500 |0 0 0 1.0 0 0 0
19 | 20.0 700 |0 0 0 999 | .00l | O 0
20 | 20.0 1,000 |0 0 0 999 | .00l | 0 0
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TABLE B3-2

MgSO3; DECOMPOSITION WITH CH, REDUCTANT

( mole
Solid \fraction/ Gas {mole fraction)
Case Stoich Tgmp. keal) o
ch. | (9C) AH( vy MO | MgS0o, c(gr) CH, H, [H,0 | co, | coO
1 .95 350 |y + 101 .849 .151 0 0 0 400 318
2 .95 500 + 226 | 1. 0 0 0 0 3921 .270
3 .95 700 + 319 | 1.0 0 0 0 -002} 365! 2497 .001]
4 .95 1,000 ¥ 421 | 1.0 0 0 0 ,014].391, .2297 .Q15
5 1.0 350 + 107 .883] .I17 ] 0 0 0 }.395E 317
6 1.0 500 || + 219 | 1.0 0 0 0 0 ,.391j 278
7 1. 700 + 314 | 1.0 0 0 .002,.366; .256] .001
8 1.0 1,000 + 419 [ 1.0 0 0 0 .016;.393% .234] 017
9 1.05 350 + 112 L911] 089 | O 0 0 L3967 317
10 1.05 500 + 215 ] 1.0 0 0 0 0 .387| .284
11 1.05 700 + 309 | 1.0 0 0 0 .002,.365] .263] .001
12 1.05 1,000 + 417 | 1.0 |0 0 0 .019].392] .237| .020
13 1.5 350 | + 142 | 1.0 | 0 0 9 .001’.2ze§ .330
14 1.5 500 + 188 | 1.0 0 0 0 .0067.234; .319] .00z
15 1.5 700 + 264 | 1.0 0 0 0 .032 ,263§ .278] .022
16 1.5 1,000 + 428 | 1.0 0 0 0 .065 '297i .215] .083
17 20.0 350 + 259 .283] 0 717 .590 'L74i'154i 1002
18 20.0 500 + 507 .195 G .804 .393 .408;.1161 .00S| . 005
19 20.0 700 + 823 L1941 0 .806 .299( .519:.057] .004| .0359
20 20.0 1,000 +1,432 .137] 0 .863 ,087 .764|.004, .001| .095
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TABLE B3-3

MgS0; DECOMPOSITION WITH CO REDUCTANT

Temp. (Fraction of total sulfur in each species)
Case Stoich. (°C) Sa Ss S0z H,S } CoSs % CS» MgSOy
21 .95 350 | .004 .961 .001 - .001 | 0 .033
22 .95 500 | .271 607 .075 = 047 | 0 0
23 .95 700 897 0 071 - 031 | 0 0
24 .95 1,000 | .837 135 - 028 | 0 0
25 1.0 350 | .004 593 .001 Z 002 | 0 0
76 1.0 500 | .277 512 038 = 073 | 0 0
27 1. 700 .918 0 .033 - .048 | O 0
28 L. 1,000 | .863 .103 - 034 | 0 0
29 1.05 350 | .006 .896] 0 - 095 | .00&4| O
30 1.05 500 | .284]  ..617 -001 Z 096 | .002| 0
31 1.05 700 | .902| 0 -010 - 087 | .002] 0
32 1.05 1,000 | .883] 0 077 - 041 | O 0
33 1.5 350 | .005 388 0 - 518 | .089| 0
34 1.5 500 | .069 001 0 - 879 | .051| 0
35 1.5 700 | .380] 0 0 - 596 | .024] 0
36 1.5 1,000 | .811, 0O 038 | - 150 | .002| 0
37| 20.0 350 | 001 0 o - 978 | .021] 0
38 | 20.0 500 o o - 395 | .005] 0
39 | 20.0 700 .oo4i 0 0 - 963 | .033| 0
40 | 20.0 1,000 | .146 0O 0 - T 748, .105] 0

-203-




TABLE B3-4
MgS03: DECOMPOSITION WITH CO REDUCTANT

( mole
Solid (mole fraction) Gas \fractiory
Case Stoich fggl)). AH/kcal MgO M
. \ kg> Mg 250, MgCO,4 Car) Co, | CO
21 .95 350 | - 386| O .033 967 | © .882 [0
22 .95 500 | - 154 1. 0 0 0 .847 | .001
23 .95 700 | - 56| 1. 0 0 0 .768 | .005
24 .95 1,000 | + 45] 1.0 0 0 0 .705 | .058
25 1. 350 | - 396 O 0 1.0 0 88610
26 1.0 500 | - 169| 1.0 0 0 0 .854 | .001
27 1.0 700 - 71} 1.0 0 0 0 .776 | .007
28 1. 1,000 | + 33| 1.0 0 0 0 .708 | .068
29 1.05 350 - 3981 o0 0 1.0 0 .825 [ .001
30 1.05 500 | - 184 1.0 0 0 ) .862 | .001
31 1.05 700 | - 83| 1.0 0 0 0 7731 .03
32 1.05 1,000 | + 24| 1.0 0 0 0 .706 | .080
33 1.5 350 | - 429 .058] 0 779 .163 679 | .002
34 1.5 500 | - 235| 1.0 0 0 667 | -023
35 1.5 700 | - 147 1. 0 0 0 630 | .117
36 1.5 1,000 | - 1] 1.0 0 0 .559 | .268
37 720.0 350 | - 841 0 0 051 949 949 .002
38 20.0 500 | - 729 055 O 0 .945 828 .128
39 | 20.0 700 | = 409 .098| O 502 | .366] .602
40 20.0 - 1,000 | - 14, 1.0 0 0 0 L0511 .927
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MgSO; DECOMPOSITION WITH H, REDUCTANT

TABLE B3-5

(Fraction of total sulfur in each species)

Temp. _
case | Stoleh. | (oC) S2 Se S0. | Ha.S | COS | CS» | MgSOs
41 .95 350 | .004 | .152] .002] .607 | - - .234
%2 55 500 | .189 | .128| .262| .422 | - Z 0
%3 .95 700 | .393 | 0 338|369 | - -
74 95 1,000 | .531 | 0 207] .262 | - - 0
%5 1.0 350 | .004 | .150] .002| .634 | - - 210
%6 1.0 500 | 186 | .117| .232] .463 | - -
47 1.0 700 | .388 | 0 206|406 | - - 0
48 1.0 1,000 | .531 176] .293 | - - 0
49 1.05 350 | L0046 | .147| .002] .661 | - Z 186
50 1.05 S00 | .187 | .104| .203| .506 | - Z 0
51 1.05 700 | .379 | 0 76| 445 | - | - 0
52 1.05 1,000 | .526 | O ST B P A )
53 1.5 350 | .00L | 0 0 999 [~ 1 - 0
5% 1.5 500 | .004 | 0 002| .99 | - - 0
55 1.5 700 | 031 [0 OTL| 358 | - % - 0
56 1.5 1,000 | 193 | © N7 S ST R B B
57 20.0 350 |0 0 0 1o |- - 0
58 70.0 500 [0 G0 1.0 | - - )
59 30.0 700 |0 0 0 1.0 | - . 0
%0 50.0 1,000 |0 0 0 1.0 é = Z 0
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TABLE B3-56
Mg30; DECOMPOSITION WITH H, REDUCTANT

( mole ) mole )
Solid \ fraction Gas \ fraction
Temp.

Case | Stoich. (°c) AH<k§21> ¥gO MgSO, H,0 H,

41 .95 350 - 194 .766 234 | .672 0

42 .95 500 = 33 1.0 0 650 0

43 .95 700 + 49 1.0 653 .003
A .95 1,000 162 1.0 0 668 022
45 I. 350 = 202 790 210 | .675 0

46 L. 500 = 52 1.0 0 656

47 1. 700 + 30 1.0 661 .003
48 1.0 1,000 + 146 .0 0 675 024
49 1.05 350 - 211 814 .186 .678 0

50 1.05 500 =70 1.0 0 661 0

51 1.05 700 ¥ 11 1.0 0 668 .003
52 1.05 1,000 ¥ 131 1.0 0 679 .027
53 1.5 350 - 292 1.0 0 .666 0

5% 1.5 500 T 237 1.0 0 664 7004
55 1.5 700 - 154 1.0 0 653 021
56 1.5 1,000 + 10 1.0 0 608 101
57 20.0 350 71,116 1.0 ) .050 925
58 | 20.0 500 | - 873 | 1.0 0 .050 925
59 20.0 700 =542 -] 1.0 0 .050 925
60 20.0 i 1,000 - 28 ;.0 0 .050 | .925
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TABLE B3-7

MpgSO3 DECOMPOSITION WITH CO/Hz (1:1) REDUCTANT
Temp. (Fraction of total sulfur in each species)

Case | Stoich. (°C) S2 Sg S0z H»S cos CS, MgS0y
61 .95 350 .005 499 .002 .345 .001 0 . 147
62 .95 500 »233 .308 .186 .270 .003 0
63 .95 700 .560 0 .182 .250 .007 0
64 .95 1,000 .653 0 .178 .158 .010 0
65 1.0 350 .006 .510 .002 .362 .001 0 .120
66 1.0 500 .237 .301 .154 .305 .003 0 0
67 1.0 700 .561 0 . 149 .282 .008 0 0
68 1.0 1,000 .661 0 147 .180 .012 0 0
'69 1.05 350 .006 .520 .002 .379 .001 0 .092
70 1.05 500 .239 .289 .124 .345 .003 0 0
71 1.05 700 541 0 .125 .307 .025 0 0
72 1.05 1,000 .631 0 . 164 174 .031 0 0
73 1.5 350 0 0 .994 .006 0 0
74 1.5 500 014 | O .940 .046 0 0
75 1.5 700 .121 0 .002 .788 .089 .001 0
76 1.5 1,000 .431 0 .009 .520 .039 .001 0
77 20.0 350 ’ 0 0 .999 .001 0
78 20.0 500 0 0 .995 .005 0
79 20.0 700 0 0 .976 .024 .0 0
80 20.0 1,000 .001 0 0 .965 .033 .001 0
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TABLE B3-8
MgSO; DECOMPOSITION WITH CO/H, (l:1) REDUCTANT

Solid (mole fraction) Gas (mole fraction)
. Temp. keal

Case | Stoich. (°c) AH( kg‘> Mg0O | MgSOy C(gr) CO,{ CO |H0| Hz |CHe
61 .95 350 - 216 .853] .147] o0 .482 .308 | 0 0

62 .95 500 - 103 | 1.0 0 0 423 1303 |0 0

63 .95 700 - 17 | 1. 0 0 .398[ .001.295| .00L|0

64 .95 1,000f + 89 | 1.0 |0 0 .366| .025.317 | .012{0

65 1.0 350 - 224 .880| .120] 0 .483 .308 | 0 0

66 1.0 500 - 120 | 1.0 0 0 .432 .301 ] 0 0

67 1.0 700 - 35 | 1. 0 0 .407| 002,294 | 0020

68 1.0 1,000f + 75 | 1.0 | 0 0 .371| .028.318 | .013]0

69 1.05 350 - 232 .908| .092] O .483 .309 | 0 0

70 1.05 500f - 137 | 1.0 | O 0 446G 0 1296 1 0 0

71 1.05 700 - 50 [ 1.0 |0 0 .406| .005.295 | 0020

72 1.05 1,000 + 81 | 1.0 |0 0 .322] .073.327 | .013j0

73 1.5 350 - 312 | 1.0 0 0 .498] 0 168 0 0

7% | 1.5 S00| - 265 | 1.0 |0 0 481| .003.184 é .ooz%o

75 1.5 700 - 180 | 1.0 0 0 .429| .032.224; .009|0

76 1.5 1,000] - 27 | 1.0 0 o .352] .1000.262 | .042;0

77 20.0 350 -1,132 .082] 0 .918| .247[ .001.501| .052] .153
78 | 20.0 500| - 983 .0897 0 911 .259] .032.347 . .213] .107
79 | 20.0 700 - 442 197170 "~ .803] .110| .330.091 .415. .024
80 | 20.0 - 16 (1.0 |0 0 | .019] .480.031 .444 0

1,000
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The amount of elemental sulfur that can be formed
is of interest. For CO at a stoichiometry of 1.0, the amount
of gas phase sulfur (S, + Sg) is always above 80% with tempera-
ture of 400°C and lower yielding 907 elemental sulfur. The
other sulfur containing gaseous species are COS and SO,. The
remaining COS, SO,, and CO are in the proper stoichiometry
to yield elemental sulfur.

For H, at a stoichiometry of 1.0, the amount of gas
phase sulfur and H,S are considerably less than with CO.
Further processing with removal of sulfur and water would be
required to shift the equilibrium to favor production of more
elemental sulfur.

In the cases where an excess of reducing gas was
used all of the excess H, tends to go to H;S and all of the
excess CO to COS. The only incentive to run an excess of
reducing gas would be for kinetic considerations.

The heat balance numbers are of interest because it
will be desirable to eliminate or minimize the transfer or
addition of heat. For the inlet conditions chosen (25°C for
MgS0; and CH,, and 1000°C for CO and H;) it is seen that
methane (see Table B3-2) would require addition of heat even
for an outlet temperature of 350°C. The reactor would be
endothermic under all conditions investigated and would
require addition of heat.

For CO (see Table B3-4) the reactor is exothermic for
exit gas and solid temperatures in the range of 700°C and
below, and endothermic at 1000°C and above. The adiabatic
operating temperature is between 700 and 1000°C.
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For H, (see Table B3-6) the exothermic operating
range 1s up through 500°C. The endothermic range includes
700°C and above. The adiabatic operating temperature 1is
between 500 and 700°C. Heat requirements for mixtures of
H, and CO (see TableB3-8) fall between those of the pure
components.

The heat balance considerations discussed above
are for special cases. They do serve as a guide for con-
sidering what type process arrangement is feasible.
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