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FOREWORD

Man and his environment must be protected from the
adverse effects of toxic and hazardous chemicals, metals,
and other forms of pollution; including the unwise manage-
ment of residuals. Efforts to protect the environment
require a focus that recognizes the interplay between the
components of our physical environment--air, water, and land.
The Robert S. Kerr Environmental Research Laboratory con-
tributes to this focus through multidisciplinary programs
engaged in

- studies on the removal of environmental contaminants

from waste discharges to the environment, and

- the search for ways to prevent contamination and to

recycle valuable resources.

The information presented in this grant report is the
culmination of research on a method designed to reduce the
contaminent load of certain industrial wastewaters and recover
valuable chemicals.



ABSTRACT

This report presents the results of an experimental
study and general process evaluation of the extraction
of organic pollutants from wastewaters from petroleum
refineries and petrochemical plants, using volatile
solvents. Three basic approaches are considered; the
first uses a single extraction step with a volatile
solvent; the second uses successive extractions with
a less volatile, polar solvent followed by extraction
with a volatile solvent; and the third uses extraction
with a mixture of polar solvent and volatile solvent,
followed by extraction with the volatile solvent alone.
The principal volatile solvents considered are iso-
butylene and isobutane.

Equilibrium distribution coefficients were measured
for numerous solutes distributing between water and
various solvents. These reflect solvent capacities
and selectivities.

A miniplant extraction system was constructed,
using both RDC and spray-column extractors, coupled
with solvent circulation and regeneration systems. The
miniplant was used to test and demonstrate extraction
processes for seven different real industrial waste-
waters, and for various synthetic waters.

Volatile-solvent extraction is evaluated and compared
with other competitive means of handling high-oxygen-demand
wastewaters -- e.g., steam stripping -- and is found to
be economically promising for cases where the organics
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load is high, where recovery of organic solutes is
desireable, or where the water presents special problems
for biological treatment systems.

This report was submitted in fulfillment of Grant
No. R801030 by the University of California, Department
of Chemical Engineering, under the sponsorship of the
Environmental Protection Agency. Work was completed as
of September 1975.
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SECTION I
CONCLUSIONS

Solvent extraction is attractive for treatment
of wastewaters from petroleum refining and petrochemi-
cal plants in cases where there is a high value
of recovered chemicals, where constituents of the
water pose special problems for biological treatment,
and/or when a particular water stream has a much
higher organics content than other wastewaters
from the plant. A principal advantage of solvent
extraction is the opportunity for recovery, rather
than degradation, of dissolved and suspended organics.
Volatile solvents are attractive for extraction
processes for wastewater treatment because of their
low solubility in water at atmospheric pressure
and because of their ease of regeneration. An
analysis of candidate volatile solvents points
toward the general attractiveness of C4 hydrocarbons
-- e.g., isobutylene and isobutane.
Measurements of equilibrium distribution coeffi-
cients and miniplant extraction runs show that
direct extraction with volatile solvents is effective
in many cases. There is a strong economic incentive
for the use of relatively low ratios of solvent
flow to water flow, e.g., 0.1. Because of this,
there is often an incentive for dual solvent processes,



wherein a less volatile, polar solvent is used

to remove the primary pollutants from water and

then a volatile solvent is used to remove residual
amounts of the polar solvent. This may be accomplished
by contacting the water with the two solvents sequen-
tially, or by contacting the water first with a

mixture of the solvents, followed by extraction

with the volatile solvent alone.

The miniplant was used to carry out solvent-
extraction treatment of seven real, industrial
wastewaters. (1) High removals of phenol, cresols
and COD were obtained from a lube-o0il refining
wastewater by dual-solvent extraction using n-butyl
acetate and isobutylene. (2) A substantial reduction
in COD was obtained for a condenstate from a process
manufacturing cresylic-acids from spent caustic,
using direct extraction with isobutylene. (3)

For quench water from an ethylene plant, a consider-

able reduction in COD and effective removal of

suspended solids were obtained using direct extraction
with isobutane. (4) For wastewater from an oxychlori-
nation ethylene-dichloride plant, chloral was effectively
removed using octanol as a solvent; the effluent

is then subjected to isobutane extraction for octanol
removal. It was found that extraction with octanol

is rate-limited by a chemical reaction of chloral

with the solvent. (5) For wastewater from the
manufacture of phenol-formaldehyde resins, effective
removal of phenol was achieved by dual-solvent

extraction using n-butyl acetate and isobutylene.

(6) Dissolved organics were effectively removed

from a hydrofiner condensate water by extraction

with methyl isobutyl ketone, followed by volatile-solvent



extraction for reclamation of the ketone solvent.
(7) For wastewater from styrene manufacture, very
complete removal of dissolved aromatics and COD

was achieved by extraction with isobutylene. Scale-
up procedures for industrial units were considered.
These reflect key variables for further study and
show the desirability of on-stream pilot testing
with much higher water throughputs than could be
used in the present work. '

In some cases, suspended solid material was
effectively removed during extraction with isobutylene
or isobutane; in other cases it was not. Factors
leading to effective removal of suspended solids
in wastewater extraction processes deserve further
study.



SECTION II

RECOMMENDATIONS

1. The results obtained in this work are highly
encouraging. It is now evident that double-solvent
extraction (one polar solvent, one volatile nonpolar
solvent) and, in some cases, direct volatile-solvent
extraction provide a promising and economic technique
for removal of organic pollutants from industrial
wastewaters. Therefore, this technique merits further
study toward development of a large-scale process
suitable for industrial application.

2. One area in which we do not have a good under-
standing of the fundamentals involved is in the re-
moval of dispersed liquid pollutants. With the
ethylene quench waste water, the dispersed organics
were not removed by isobutylene extraction but were
well removed by isobutane extraction. A study of
the factors which make for good coalescence between
solvent and pollutant droplets would help determine
when dispersed pollutants could be recovered by
solvent extraction.

3. Several families of organic solutes are similar
to phenol and acetic acid with respect to the difficulties
in recovery by steam stripping. Further work is needed to



determine which polar solvents would be good for
these solutes in a dual solvent process. The organic
acids from propionic to pentanoic would be solutes
which are particularly promising candidates for
recovery by dual solvent extraction.

4. Finally, the need for an intermediate-scale
pilot plant study is discussed in Section IX.
In addition to nroviding data for scale-up to a
commercial RDC extractor, such a study would be
useful in determining the validity of the general
correlations describing the operation of an RDC. In
particular the unexpectedly low removal found in this
work for solutes having an extraction factor less than
1 should be investigatéd further. By using an RDC
extractor with sample points all along the column,
the validity of the axial dispersion model for cases
where E is less than 1 could be checked. Answers to
these uncertainties would improve our ability to
evaluate the cost of an RDC extractor in the treat-
ment of many additional waste water streams.



SECTION III

INTRODUCTION AND BACKGROUND

This report deals with solvent extraction as a
method of removal of pollutants from waste waters
from petroleum refining and petrochemical manufacture
processes. Attention is confined, for the most part,
to removal of organic solutes. The use of volatile
solvents is emphasized, either alone or in combination
with other solvents.

Categories of Waste Water Treatment Processes.

Even when we 1imit consideration to organic
pollutants in industrial waste waters, there are a
variety of possible processing techniques. These
processes can be categorized into two broad groups.
First, there are the non-recovery techniques. In
these processes no attempt is made to recover the
pollutants in a concentrated form to help offset the
processing costs associated with waste treatment.

Some examples of non-recovery processes are biological
oxidation, carbon adsorption with thermal-oxidative
regeneration, direct incineration, deep well
injection, and solvent extraction where the loaded
solvent is eijther destroyed (e.g., by burning) or



recycled to some part of the plant where the
pollutants are destroyed by existing process steps.

The second category of waste water treatment
processes is the recovery techniques. In these
processes the pollutants are recovered in a concen-
trated form so that they may be sold or used to
replace the purchase of make-up chemicals. Some
examples of recovery processes are solvent extrac-
tion with a secondary separation process to regenerate
the solvent, steam stripping, and carbon adsorption
with caustic washing for regeneration. The processing
costs are generally higher than for the non-recovery
processes because of such factors as the cost of
distilling a loaded solvent stream, the cost of
heat to raise the entire water stream to its boiling
point, or the cost of required chemicals. Thus the
recovered pollutant must be of sufficient value and
quantity for a recovery technique to be econcmically
competitive with a non-recovery process.

Although there are many possible waste water
processing techniques, the petroleum, petrochemical
and organic chemical industries presently rely
extensively on biological oxidation processes
(Beychok, 1967). Those aqueous process effluents
which have an appreciable biological oxygen demand
are usually combined and treated in a central
facility. Only the most highly contaminated,
toxic, or non-biodegradable streams are treated
on an individual basis. The potential advantage
of pollutant recovery from many of these individual
streams has recently been described (Fox, 1973).



General Considerations in Solvent Extraction for
Waste Water Treatment.

The application of solvent extraction to selected
water effluents from individual processes can produce
valuable recovered pollutants, can solve problems
with non-biodegradable or toxic pollutants, and will
reduce the load on the central biological oxidation
plant. However, the cost of waste treatment will
make solvent extraction feasible only when applied
to certain water effluents.

The cost to process a given flow of polluted
water by biological oxidation or carbon adsorption
tends to increase as the pollutant concentration
increases. This increase in cost results from the
need to supply more oxygen and to provide a greater
residence time for biological oxidation, or from
the need to regenerate the carbon more frequently.
However, the cost to remove a fixed fraction of the
pollutants from a given flow of polluted water by
solvent extraction tends to remain approximately
constant as the pollutant concentration increases
since the necessary solvent flow does not change
greatly. Also, the profit from recovered pollutant
increases proportionally to the concentration of
pollutant. These factors tend to make solvent
extraction most economical when applied to the most
highly contaminated streams and biological oxi-
dation or carbon adsorption best for dilute streams.
One of the goals of this work is to identify
particular pollutants and particular waste water
problems which will be most economically controlled
by solvent extraction.



Solvent extraction has been infrequently
applied to waste water treatment. The principal
application has been for the recovery of phenol
and higher molecular weight phenolic compounds.
Other applications include acetic acid recovery
and oily water treatment. The reasons for this
Timited application include: (1) the losses of
solvent due to its solubility in the purified water
can result in unacceptable costs for solvent make-up
or solvent recovery, (2) the equipment and energy
for solvent regeneration can be very expensive, and
(3) synthesizing a good process requires the
designer to choose from a large number of alter-
natives such as type of solvent, type of extractor,
method of solvent regeneration, and method of
solvent removal from the purified water. One
approach to minimizing solubility and regeneration
costs is to use a very volatile, slightly soluble
solvent like isobutane. Development of this
approach has been a major part of this research.

Another factor which may have constrained the
development of solvent extraction processes is
the need to identify the chemical nature of the
major pollutants present in the waste water to
be able to evaluate and understand this advanced
processing technique. There is a considerable
literature describing waste streams from petroleum
(Beychok, 1967) and chemical (Jones, 1971) industries,
but the waste waters are usually characterized
in terms of overall pollution impact parameters
such as biological oxygen demand (BOD), chemical
oxygen demand (COD), turbidity, dissolved solids,
and oil concentration. The phenol concentration
is the only individ:al pollutant often identified,



and this usually includes all phenolic compounds
instead of only phenol. 1In the combined streams
feeding the central biological oxidation process,
the identification of individual pollutants is
difficult because of the large number of pollutants
present. However, for an individual stream

where the number of major pollutants is much
smaller, techniques such as those based on gas
chromatography either with flame ionization detec-
tion (Herz, 1972) or in conjunction with mass
spectroscopy or infrared analysis (Sugar and
Conway, 1968) have been successfully used. Also,
the company that developed the offending process
should be able to provide a list of the pollutants
most likely to be present. With these approaches
now available, pollutant identification should

not be a 1imiting constraint to process development.

Previous Applications of Solvent Extraction for
the Recovery of Phenolic Compounds.

The extensive literature on the removal and
recovery of phenolic compounds by solvent extraction
has recently been reviewed (Kiezyk and MacKay, 1971).
By considering the details of the various processes
which have been developed for recovery of phenol and
other pollutants, we can begin to develop generaljza-
tions about the application of solvent extraction.
Phenol is a particularly severe organic pollutant
not only because of its contribution to the BOD
of the waste water, but also because it imparts
a medicinal taste and odor to drinking water which
can be detected in the concentration range 0.05
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to 0.10 ppm and, when the water is chlorinated,
the resulting chlorinated phenols can be detected
at about 0.005 ppm (Beychok, 1967).

First consider the physical characteristics
of phenol which have led to its preferred treatment
by solvent extraction. In biological oxidation
processes, soecial precautions must be taken since
the oxidation bacteria may be killed by phenolic
concentrations over 50 ppm (McKinney, 1967).
However, in the waste waters from the by-product
coke industry, from phenolic resin manufacture,
from phenol production plants, and from certain
petroleum refining operations, the concentration
of phenolic compounds can be several thousand
ppm or higher. At these concentrations a recovery
process should be favored. Phenol forms a minimum
boiling azeotrope with water which contains only
9.2 weight % phenol (Weast, 1970), so steam strip-
ping will not be as §uccessfu1 as it is in other
applications. Carbon adsorption with chemical
regeneration has been applied (Fox, 1973), but
the processing costs become large at such high
concentrations. Solvent extraction of phenol
may be the best process primarily because all other
alternatives are more expensive for phenol removal
than with other, more common pollution problems.

The earliest large-scale use of solvent
extraction for phenol recovery was associated with
the by-product coke industry in Germany. Rhodes
(1949) gives a detailed description of the three
types of solvent extraction processes which were
developed. The earliest process used benzene to
extract phenolics from the waste water from coke
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ovens. Initially the phenol was recovered by
distillation, but this proved too costly and later
regeneration of the benzene utilized a back-
extraction into a sodium hydroxide solution. The
process thus recovered the phenolics as a concen-
trated aqueous solution of sodium phenclate.
tEighteen of these plants were still in use 1in
1968 (Wurm, 1968). The second process used tricresyl
phosphate as a solvent for phenol extraction. This
solvent has a distribution coefficient for phenol
about 8 times larger than that for benzene (Tupholme,
1933); therefore, a smaller volume of solvent per
unit of water treated was possible. Distillation
was used to separate the phenolics from the solvent.
Since tricresyl phosphate has a very high boiling
point, vacuum distililation was used, and the phenol
was recovered as the distillate. This resulted
in a very pure phenol product, but less volatile
phenolics and other organics tended to build up
in the recirculated solvent causing problems of
increased viscosity and decreased phenol capacity.
These problems led to the failure of this process
after it was applied for a short time in several
small plants in Germany.

The third process described by Rhodes is
known as the Phenolsolvan process. This process
is still being offered commercially, and it will
likely be used in several of the presently
planned coal gasification projects which utilize
Lurgi gasifiers (Beychok, 1974). The solvent
initially used was isobutyl acetate which has
a capacity for phenol extraction about 3 times
better than that of tricresyl phosphate. In the
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late 1950's a number of process changes were
incorporated including a change in solvent to
isopropyl ether. Although this change resulted
in a 60% reduction in distribution coefficient,
the advantages of lower cost and of higher volatility
both in solvent regeneration and in solvent recovery
from the purified water were claimed to justify
the change (Wurm, 1968).
The solubility of isopropyl ether is about
8000 ppm; therefore, it must be recovered from the
purified water. As shown in Figure 1 (Wurm, 1968),
this need for solvent recovery complicates the
process. The primary step is the countercurrent
contacting of feed water with regenerated
isopropyl ether in a multiple-stage mixer-settler,
The loaded solvent is then regenerated in a two-
stage distillation column, D, where the lower
portion operates as a steam stripper to remove
traces of solvent from the product phenolic mixture.
The three absorbers, A, B, and C, are used for
recovering dissolved solvent. In C the isopropyl
ether is stripped from the purified water using
an inert gas. The isopropyl ether is next absorbed
from the inert gas by contacting with phenol in
B. The small amount of phenol picked up by the
inert gas is then absorbed into the feed water in
A. Several other methods of dissolved solvent
recovery including steam stripping and extraction
with xylene have also been developed, but the
illustrated process is the preferred arrangement
for treating coke oven condensate (Wurm, 1968).
During petroleum refining, phenolic waste
waters are generated from catalytic and thermal
cracking operations. This water, which typically
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contains about 300 ppm of phenolic compounds, has
been extracted either with crude o0il or with light
catalytic cycle oil to remove most of the pheno-
lics. The operation using crude o0il is actually

a modification of the normal crude oil desalting
operation where a waste water rather than fresh
water is used to remove salt from the incoming

crude oil (Beychok, 1967). The extracted phenols
are subsequently destroyed in downstream refinery
operations. The process using light catalytic

cycle oil is offered to the petroleum industry

under the Phenex trademark (Lewis, 1968). The

cycle oil after treatment is blended with distillate
fuels where the phenols are beneficial in inhibiting
oxidation and improving color stability. In

both cases, the extraction is conducted in a

mixing valve followed by an electrostatic coalescer.
Since the phenols are not recovered in either
process, these techniques are examples of solvent
extraction in a non-recovery process.

About half the U. S. production of phenol is
by the cumene process in which cumene is reacted
with air to produce phenol and by-product acetone
(Stobaugh, 1966). Several side-products including
mesityl oxide are also produced, and a waste water
stream containing phenol and acetone is generated.
A logical route for reducing the pollutant content
of this waste water is extraction using the reac-
tant cumene stream as the solvent (Witt and Forbes,
1971). Bewley (1969) has determined that a mixture
of 20% mesityl oxide in cumene will increase the
phenol distribution coefficient about 10 times
over that for pure cumene. The loaded cumene
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will contain phenol, mesityl oxide, and acetone,

all of which are normal products of the cumene-
to-phenol reaction. Therefore, the existing separa-
tion sequence used in the main process can equally
well serve to regenerate the phenol extraction sol-
vent at a minimal increase in cost. Since the
recovered phenol ends up in the primary product, this
is a recovery technique with a unique opportunity for
solvent regeneration in the main processing equipment.

Recovery of Non-Phenolic Pollutants by Solvent

Extraction.

The recovery of acetic acid from the effluent
water from cellulose acetate manufacture and from
semi-chemical pulping plants is of significant
economic importance (Brown, 1963). These waste
waters contain sodium acetate at 2-20%. After
acidification, the resulting acetic acid can
be economically recovered by solvent extraction.
The black liquor from semi-chemical pulping plants
is extracted with methyl ethyl ketone for the
recovery of both acetic and formic acids (Weaver
and Biggs, 1961). The cellulose acetate waste
water is usually extracted with ethyl acetate,
although ethyl and isopropyl ether have also been
used. In this application, the simultaneous
extraction of water is a very important considera-
tion, and the steps in solvent regeneration and
acetic acid concentration often involve azeotropic
distillations. Acetic acid extraction is more
difficult than phenol extraction in that the
distribution coefficients are much lower.
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Two processes have been developed which use
solvent extraction for the treatment of oily
waste waters. Strausser and Kurland (1970)
have patented a process for the purification of
ethylene plant process quench water. This quench
water contains a very stable emulsion of aromatic
hydrocarbons, light olefinic polymers, suspended
heavy tar polymers, and coke particles. The
water stream is contacted in a mixer-settler with
an aromatic distillate which contains 40 to 70%
benzene and which is a natural by-product of the
ethylene production process. The extraction after
complete settling and filtration produces a water
suitable for recycle to the quench tower. The
loaded aromatic solvent is separated from the
extracted tars in the existing distillation train.
King (1970) has patented a similar process for
treating the aqueous condensate from styrene manu-
facture. The condensate from the dehydrogenation
of ethylbenzene to produce styrene contains a
small quantity of dissolved styrene which tends
to polymerize and plug the process equipment.
In this extraction process, the water is treated
with fresh ethylbenzene which extracts the styrene
into the organic phase where it is less likely
to polymerize. The loaded solvent is recycled
to the- dehydrogenation reactor, and the water is
steam stripped to recover dissolved ethylbenzene.
Both processes recover the pollutants by using
an existing process stream as solvent and existing
distillation equipment for regeneration.

Two other applications of solvent extraction
for waste water treatment are mentioned by Jones
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(1971) without details. The aqueous effluent
from a rubber processing plant was treated by
extraction with benzene for the removal of thiazole.
Salicyclic acid and other hydroxy aromatic acids
were extracted from a waste water using methy]l
isobutyl ketone.

The preceding discussion comprises the known
applications of solvent extraction for industrial
waste water treatment. Clearly there must be
many other organic chemicals that cause problems
by their presence in an aqueous effluent but
that are not now treated by solvent extraction.
One of the objectives of this research is to
determine if there are fundamental barriers
which have limited wider application of solvent
extraction.

Types of Extraction Devices.

The number and variety of liquid-liquid
contactors that have been proposed is considerable,
varying from the simplest spray towers to high-
performance centrifugal types. The well-established
extractors are described in the standard works
(Treybal, 1963) and in several review articles
(Hanson, 1968; Akell, 1966; Reman, 1966). The
special requirements for use in treating waste
water do not eliminate many types of extractors from
consideration, although the presence of solid parti-
cles in a waste water stream might cause plugging
prob]ehs in a packed tower.

For the recovery of phenol, commercial instal-
lations using a packed column extractor (Edmonds
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and Jenkins, 1954), a pump-mix mixer-settler (Wurm,
1968), and a rotating disc contactor (Misek and
Rozkos, 1966) have been described. The use of a
centrifugal extractor for phenol recovery has

also been recommended (Kaiser, 1955). In the

Phenex process (Lewis, 1968) a mixing valve followed
by an electrostatic coalescer is used. A packed
column of special design to overcome fouling problems
has been used in the recovery of acetic acid

from pulping waste water (Weaver and Biggs,

1961). Mixer-settlers are the suggested type of
extractor for oily water treatment (Strausser

and Kurland, 1970).

Objectives of This Research.

The goals of this project were (1) to
generate sufficient data so that a realistic eco-
nomic evaluation can be made for the use of solvent
extraction on selected actual waste waters, (2) to
determine in what cases the use of a volatile sol-
vent like isobutane can lead to better economics,
(3) to identify types of extractors that are likely
to be most useful, and (4) to try to generalize the
procedures for choosing a "good" solvent extraction
process. We expect this study to help identify cases
where solvent extraction should be a promising
alternative to the present treatment method. The
approach has been a combination of conceptual
process designs, experimental extractions of actual
and synthetic waste waters, and measurement and
correlation of equilibrium distribution data.

Since the present state-of-the-art of solvent
extraction almost always requires pilot-scale
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study when developing a new process (Treybal,
1966), a small pilot plant was built and used to
study many different organic pollutants and several
different solvents. Realizing that the use of
actual waste water may uncover problems in process
development which were not apparent when treating
synthetic mixtures of solutes in water, we
contacted several companies and asked for informa-
tion on their particular waste water problems.
Generally these contacts were productive and in
some cases resulted in our being provided with
large samples of actual waste water which could

be treated in the pilot plant. The results of
these and other experiments are described in
succeeding sections.
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SECTION TV
GENERAL PROCESS CONSIDERATIONS

The net cost of waste treatment is the primary
basis for choosing between feasible alternative
processes. If any recovery process is to be
preferred over biological oxidation for the elimi-
nation of a biodegradable pollutant, then the
value and quantity of the recovered pollutant
must be substantial. Because of the large volume
of water to be treated, a relatively low concentra-
tion of only 1% pollutant in water can lead to
a significant value. This can be simply illustrated
for the case of phenol when it is assumed that
95% of the feed phenol is recovered and sold at
one-half the current market price of 9-1/2 cents/1b.
The value of the recovered pollutant is $3.75 per
thousand gallons of water, quite a substantial value.

The above estimate is conservative as compared
to the general case because many pollutants are
more valuable than phenol. Sale at one-half market
price, which was assumed since the pollutant will
likely be impure, is also conservative for cases
where the recovered pollutant is simply added back
to the main process. For example, this direct
recycle would be feasible if the recovered pollutant
is a product of the main process or is a solvent
in the main process. From these approximate
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considerations we would expect that a general
purpose recovery process which could be operated
for several dollars per thousand gallons of water
treated would be a useful alternative to biological
oxidation. Steam stripping and solvent extraction
are two such processes.

Considerations Pertaining to Steam Stripping

Steam stripping is a general purpose waste
treatment process because at low concentrations
most dissolved organic chemicals are more volatile
than water. However, to avoid a vacuum column,
the entire waste water stream must be heated to
the atmospheric boiling point. This requires
a substantial amount of energy (e.g., as steam),
although some of this heat can be recovered in a
feed-bottoms heat exchanger. If the waste water
stream is corrosive, increasing the temperature
as required in steam stripping will aggravate the
problem.

Generally with all but the Towest molecular
weight organic compounds, an azeotrope will occur
at some concentration in the water-pollutant
binary system. Although the process is referred
to as steam stripping, reflux will be required to
produce a recovered organic stream with a concentra-
tion approaching the azeotropic composition. The
process is actually a distillation, and the azeo-
trope limits the purity of the concentrated organic
product. With the higher molecular weight compounds,
the critical solution temperature will be above
the binary atmospheric azeotropic temperature,

22



and a heterogeneous azeotrope will be formed.

This generally makes the separation easier because,
when the distillate condenses, two phases are
formed. The organic phase can be taken as the
recovered pollutant product, and the water phase
can be either mixed with the feed or used as reflux.

The above description refers to dissolved
organic pollutants in water. When the organic
pollutant is present as a 1iquid dispersion, then
its removal by steam stripping may be more dif-
ficult. Unless the organic phase separates from
the water in the distillate, the greatest purity
of recovered pollutant is determined by the rela-
tive vapor pressures of water and pollutant. When
a vapor mixture of a highly insoluble organic
and water is condensed, the resulting liquid may
be an emulsion of very fine organic droplets
suspended in the water. When this is the case,
the waste water problem is not yet solved.

A process which recovers dissolved n-butyl
acetate from a large flow of water is shown in
Figure 2. This binary system forms a hetero-
geneous azeotrope, and advantage is taken of this
fact in the process arrangement. One source of
such a waste water is a process which uses n-buty]l
acetate as solvent for the extraction of phenol.
Another source of this type of waste stream but
at a much smaller flow rate is an n-butyl acetate
production plant which is based on the following
reaction:

n-C Q.

4HgﬁH + CH3C00H————>n-C4H GOCCH3 + H

9 2
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The waste stream contains water present in the
reactant acetic acid as well as that produced in
the reaction (Faith, et al., 1965).

Typical Cost of Steam Stripping

A process design and cost estimate have been
completed for the process shown in Figure 2. The
vapor-liquid equilibrium data of Weller, et al. (1963)
were used to estimate the relative volatilities
in the stripping column. The capital and operating
costs were determined as described in Appendix A.
The following assumptions were made to define
the process:

1. Feed water contains 0.6% n-butyl acetate.

2. Product water contains 50 ppm n-butyl
acetate.

3. Feed water flow rate is 100 GPM.

4, Feed water temperature is 80°F.

5. The temperature at the bottom of the
column is 230°F.

6. The amount of stripping steam injected
directly is that needed to saturate the
subcooled feed plus 1.4 times the
additional amount needed at minimum
flow. The flow of vapor decreases
substantially at the feed stage.

7. The distillate is condensed and cooled
to 180°F before phase separation occurs.

8. Overall stripping stage efficiency
is 75%.

The results of the material balance and the opera-
ting conditions are given in Table 1; in Table 2
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Table 1.

Material Balance for n-Butyl Acetate Recovery by Steam Stripping

Stream (Figure 2)
Temperature (°F)
Condition
n-Butyl Acetate

(1b/min)

Water (lb/min)

A

80

Liqg.

4.96

826.6

826.6

180

Liqg.

832.4

230

Liq.

874.8

218

Vvap.

6.1

230

Vap.

48.5



Table 2. Cost Estimates for n-Butyl Acetate Recovery

by Steam Stripping

Capital Costs:

Total Plant Investment = $41,700

Equipment Item Percent of Plant Investment
Stripping Column 23
Condenser 4
Decanter 4
Feed-Bottoms Exchangers 69

Operating Costs:

Treatment Cost = $0.61/1000 gal.

Cost Item $/year
Stripping Steam 18,600
Capital Equipment 10,800
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the estimated capital and operating costs

are presented. As described in detail in Appendix
A, the "Total Plant Investment" includes the

cost of all major equipment (stripping column,
feed-bottoms exchangers, condenser, and decanter),
all auxiliary equipment (piping, concrete,
instruments, etc.), labor for material erection
and equipment installation, indirect items (freight,
construction overhead, engineering, etc.), and an
18% factor for contingency plus contractor's

fee. Costs for site development, off-site invest-
ment, and working capital are not included. The
"Treatment Cost" includes utilities, maintenance,
supplies, depreciation, insurance, taxes, and

an 8% return on investment. As discussed in
Appendix A, the cost of operating labor and
laboratory charges have not been included.

For this steam stripping process, the principal
cost is associated with increasing the temperature
of the entire stream to 230°F. About 69% of
the investment is for the feed-bottoms exchangers,
and 87% of the stripping steam is that required
to increase the temperature of the feed water
stream from the feed-bottom exchanger outlet
temperature up to its bubble point. The overall
operating cost, $0.61/thousand gallons, compares
favorably with the value of the recovered n-butyl
acetate, $7.40/thousand gallons.

It is well known that low stage efficiencies
can occur for systems which have a large relative
volatility (Fair, 1973), and in this case the relative
volatility ranges from 170 to 200. If the overall
stripping stage efficiency were 20% instead of
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75% as assumed above, the overall operating cost
would increase to $0.69/thousand gallons, and
the total plant investment would increase to
$55,200 with the stripping column contributing
42% of this total.

Considerations Pertaining to Solvent Extraction.

In contrast to steam stripping, sclvent
extraction is not considered a general purpose
waste treatment process. The usual approach is
to choose a specific solvent for use in treating
each individual waste water. For example, Kiezyk
and MacKay (1973) screened 26 solvents for the single
application of treating phenol-containing
waste waters. What is needed is a more universal
solvent. If this solvent is selected to eliminate
the need for recovery of the solvent which is
dissolved in the purified water and to make the
method of solvent regeneration a clear choice
(e.g., distillation), then the difficulty in
synthesizing a new process is greatly reduced.
This approach was taken in this research to try
to develop solvent extraction into a general
purpose waste water treatment process.

The bases for solvent selection in the more
common solvent extraction separations (Treybal,
1963) do not always apply in waste water extrac-
tion. The distribution coefficient, K, (= ppm
pollutant in solvent/ppm pollutant in water), is
the most important consideration in choosing a
solvent. Since solute concentrations in the
waste water are usually in the range from 2%
in the feed water down to 10 ppm in the purified
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waste water, using the value of Kd at infinite
dilution, K:, for each pollutant independently

is usually satisfactory. Even in cases where Kd

is significantly different from its value at
infinite dilution, it may still be valid to analyze
a process using only K:. Kd directly affects the
required ratio of solvent mass flow rate to water
mass flow rate, Fs/Fw’ through the extraction factor,
E (= KdFs/Fw)‘ Since E should equal 2 or larger
for a practical process giving a high extraction
efficiency, a large value of Kd allows efficient
pollutant removal at a low value of FS/Fw. A large
value of Kd also allows efficient extraction with a
less thoroughly regenerated solvent. The driving
force for mass transfer of pollutant from the

water into the solvent (which would be used with

an overall water-phase mass transfer coefficient)
is given by the following relationship between

Kd and the bulk concentrations of pollutant:

ppm in solvent
Kd

driving force = ppm in water -

At the solvent inlet end of a counter-current
extractor, the concentration of pollutant in the
purified water will 1ikely be 10 - 100 ppm. If
Kd = 1000, then the regenerated solvent could
contain up to 1% pollutant. However, if Kd =1,
then the regenerated solvent must contain less
than 10 ppm pollutant. If the solvent is more
volatile than the pollutant and if solvent
regeheration is carried out by distillation, then
rectification will be required to produce this
pure a solvent.
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Although Kd is very important in sclvent
selection, it is also a function of the particular
pollutant under consideration. Other factors
that are not so dependent on the pollutant will
have more influence on the choice of a universal
solvent. The solvent should be highly insoluble
in water to eliminate the need for recovery of
the solvent dissolved in the purified water. The
information in Table 3 illustrates the importance
of solvent solubility for a number of potential
solvents. These data indicate that the paraffinic,
olefinic, and higher aromatic hydrocarbons may
be suitable for a general purpose process.

The solvent should be chosen to have a
density much different from that of water so that
countercurrent flow or settling in a mixer-settler
will proceed easily. All the solvents in Table
3 have a density less than 0.9 gm/cc, except
ethylene dichloride which has a density of 1.26
gm/cc. For some pollutants the density difference
between solvent and water may decrease signifi-
cantly as the concentration of pollutant in the
solvent increases.

Distillation is the most common method for
separating the pollutant from the loaded solvent.
If we 1imit consideration to distillation as a
method for solvent regeneration, then the
normal boiling point of the solvent is another
important property. We could consider a solvent,
such as a higher aromatic, with a boiling point
above that of the pollutant so that the pollutant
would be recovered as a distillate. The major
advantage of this mode of operation is the
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Table 3.

Solvent Solubility Losses

Solvent Water Solubility

Market Pricea

LOSSb

(3 at 20°C) (cents/1b)
Methyl Isobutyl 1.9¢ 15%
Ketone
Isopropyl Ether 1.2¢ 11%
n-Butyl Acetate 0.68€ 15
n-Hexanol 0.58° 12%
Ethylene 0.81°€ 9
Dichloride
Benzene 0.17d 9
Toluene 0.06d 8
Isobutylene 0.053° 6
Xylenes 0.02¢9 7
Isobutane 0.015d 4
n-Hexane 0.001d 8
a Data from Chemical Marketing Reporter
(March 25, 1974).
b Assuming no solvent entrainment.

c Data from Union Carbide (1973).

d Data from API (1963).

($/1000 gal)

24.50

11.50

8.50

0.0’

e Estimated from Matsuura and Sourirajan (19’
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elimination of the need to boil the entire solvent
recycle stream. However, a major disadvantage

is the accumulation of high boiling impurities

from the waste stream. These impurities would be
expected to change Kd and the physical properties
of the solvent. The other alternative is to choose
a solvent with a much lower boiling point than

the pollutant. We will refer to this option as
volatile solvent extraction.

Choice of Volatile Solvent.

Consider the C3
hydrocarbons as possible universal solvents. Such

to C6 paraffinic and olefinic

a volatile solvent process would probably be
arranged as in Figure 3 (shown for isobutylene

as the volatile solvent). The pressure in the
extractor will be slightly above the vapor pressure
of pure solvent (to avoid vaporization due to
temperature fluctuation) at the extractor tempera-
ture. The pressure in the distillation column

will be determined by the temperature in the con-
denser. To avoid refrigeration and to use cooling
water, the condensation temperature should be

about 110°F or higher. These factors make the

C6 hydrocarbons the favored choice. However,

the volatility of the solvent relative to the pollu-
tant should be large to make the distillation easy.
This factor makes the C3 hydrocarbons appear
better. A compromise is necessary in the choice

of best solvent, as is illustrated by the following
approximate calculations.

33



Waste
Water

Loaded

Isobutylene

1
Extractor l

Distillation
Column

Pollutants

Recycle Isobutylene

Lyl

‘ Isobutylene
Vapor
Holding
Tank
Purified

3 Water

Figure 3. Typical Volatile Solvent Process

34



For the case where a hydrocarbon solvent
extraction is used to recover dissolved ethylene
dichloride from a waste water, we will assume
that binary liquid mixtures of ethylene dichloride
and each hydrocarbon behave as regular solutions
(Hildebrand, et al., 1979). Won (1973) has
determined the distribution coefficient for ethylene
dichloride between water and isobutylene to be
about 70. In dilute solutions the distribution
coefficient, Kd, is related to the activity
coefficients of ethylene dichloride in the water,

(H,0) (HC)

YEDE , and in the hydrocarbon, Yepe and to the

molecular weights of water and hydrocarbon, MWH 0

and MNHC, as follows: 2
(H,0)
MWHZO YeDC
K, =
d " * HE)
MWye  YEbc

(HC)
For isobutylene, we calculate YEDC from the

regular solution theory by neglecting the effect

o{ wager in the hydrocarbon phase. This allows
H,0
YEDS to be calculated using the exger1menta1
(H,0
value for Kd. We assume that YEDE does not change

from hydrocarbon solvent to hydrocarbon solvent.
Therefore, K, for each solvent may be determined
by again applying regular solution theory. The
results of this estimation are shown in the first
column of Table 4 for a series of hydrocarbons
from C3 to C6. Solubility parameters and molar
volumes were taken from Chao and Seader (1961).

Also for the purpose of illustrating trends,
the Chao-Seader (1961) estimation method may
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9¢

Hydrocarbon

Solvent

Propane
Propylene
n-Butane
i-Butane
1-Butene
i-Butylene
n-Pentane
l1-Pentene
n~-Hexane

l-Hexene

65
70
66
66
70
70
67
70
67
68

|l

Table 4.

Factors Affecting Solvent Choice

Column

Pressure

(psia)

212
253
60
83
72
74
19
23
17

17

Distillate Relative Bottoms Relative

Temperature Volatility Temperature Volatility
(°F) (when Xenc=0) (°F) (when Xepe
110 8.3 347 16.8
110 8.2 367 14.8
110 4.4 247 18.8
110 5.8 269 19.6
110 5.1 262 17.5
110 5.4 263 17.6
110 2.0 183 11.9
110 2.9 193 13.7
164 0.78 188 4.5
155 0.99 187 5.3

=0.97)



be used to calculate the relative volatilities
of mixtures of hydrocarbons and other non-polar
compounds (assumed to include ethylene dichloride).
It is assumed that the solvent regeneration column
will operate at slightly above atmospheric
pressure or at a higher pressure if that is
necessary to condense the distillate at 110°F
using cooling water. Thus fixing the column
pressure, the volatility of solvent relative to
ethylene dichloride is calculated at a point
approaching pure solvent (i.e., like the distillate
composition) and at a point where the mole fraction
of ethylene dichloride is 0.97 (i.e., like the
recovered pollutant product composition). These
values are also included in Table 4 along with
the distillate and bottom product bubble point
temperatures.

If we compare the estimated distribution
coefficients for the C3 to C6 hydrocarbons, we
see that there are no significant differences
except that the olefins are slightly better
solvents than the paraffins. Experimental
differences between olefins and paraffins are
somewhat larger (Won and Prausnitz, 1974), but the
olefins, being more reactive, can not always be
considered (e.g., for treating acidic waste waters).
Comparing the C3 and C4 hydrocarbons shows that the
relative volatility favors the C3's and the operating
pressure favors the C4's. However, the relative vola-
tility of 4 to 6 for the C4's should be Targe enough to
make the separation easily, so the C4's are the
better choice. The C6 hydrocarbons are good in
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terms of low pressure and high distillate temperature
(requiring a smaller condenser), but the relative
volatility is too small, even forming azeotropes.

The choice between the c4 and C5 hydrocarbons

is not as clearly indicated, but the slight increase
in cost to operate the column at 60 to 83 psia

should be smaller than the cost associated with

the more difficult separation in the upper portion

of the column in the case of the Cs's. Also,

the C4
available. On the basis of this simple comparison,
we chose to study the C4 hydrocarbons, isobutylene
and isobutane. The iso- rather than the normal-
isomers were chosen because they are less soluble
in water. An even more readily available solvent
would be a mixture of these C4 paraffins and

hydrocarbons are generally more readily

olefins.

Considerations in Volatile Solvent Extraction.

Many of the factors discussed previously
for a general solvent extraction process also
apply to volatile solvent extraction. These
factors can be illustrated by estimating the
costs of treating a typical waste water. For
this purpose, we will consider the recovery of
ethylene dichloride from a water solution using
isobutylene as the volatile solvent. This pol-
lutant occurs in the waste waters from the produc-
tion of vinyl chloride and is non-biodegradable.

The loaded solvent from the extractor is a
dilute, subcooled liquid consisting of a wide-
boiling mixture. During the distillation, all
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the volatile solvent must be boiled and then
condensed making heat economy very important.

If the lToaded solvent is added directly to a simple
distillation column having a single reboiler,

then all the heat required to vaporize the solvent
must be supplied at the temperature of the reboiler.
From Table 4, if the distillation column were
operated at 74 psia using cooling water for
condensing, then the reboiler will operate at
263°F. As is discussed in detail in Appendix D,
other alternatives result in a much lower cost

for solvent regeneration.

One alternative which substantially reduces
the regeneration cost utilizes a total feed vapor-
ization. In this alternative most of the heat
to boil the solvent can be supplied at a lower
temperature using exhaust steam. However, more
reflux is required than for a subcooled liquid
feed resulting in larger amounts of heat supplied
and removed.

A second alternative, which is better than
either of the above two, utilizes a subcooled
liquid feed; however, several stages below the
feed point the downflowing Tiquid is drawn off
and partially vaporized. The exact location of
this side stream boiler is subject to optimization,
but it is chosen so that the temperature of the
boiler is Tow enough to be driven with exhaust
steam. With ethylene dichloride the optimum
location results in a side stream boiler tempera-
ture of about 128°F. This last alternative allows
supply of most of the heat using exhaust steam
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but does not increase the amount of reflux over
that required for a subcooled liquid feed. Other
savings such as a lower cost for the distillation
column are described in Appendix D.

A practical mode of operation cf the distil-
Tation column condenses the distillate at 120°F,
uses a vapor flow in the portion of the column below
the side boiler 20% above minimum vapor flow,
and locates the side stream boiler several stages
below the feed point. This alternative is partic-
ularly attractive when the relative volatility
is low at a high concentration of pollutant, as
is the case with phenol in n-butyl acetate.

The distribution coefficient for the extraction
of ethylene dichloride with isobutylene is about
70. Therefore, the volatile solvent extraction
process can be operated with a solvent-to-water flow
ratio“of 1:30 and still have the extraction factor
large enough for efficient pollutant removal.

At these low solvent flow rates, the heat released
in the condenser is small enough that the purified
waste water can be used as coolant rather than
using cooling water. This reduces the operating
cost for cooling water, but in all the alternatives
the condenser represents a substantial capital
cost. This cost can also be reduced through the
use of a direct contact condenser.

Direct contact condensation has seen infre-
quent use in industry. It was studied by Harriott
and Wiegandt (1964) in conjunction with a desal-
ination process. These authors measured volumetric
heat transfer coefficients for the condensation
of methy]ene chloride with water in a packed
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bed and on a single sieve plate. Their data can
readily be used to estimate the design of a direct
contact condenser using the cool purified waste
water to condense the overhead vapors (isobutylene)
from the distillation column.

For cost estimation purposes, we consider
a short, packed bed with the purified waste water
being distributed on top of the packing and the
vapors entering from below. Both the condensed
organic and the water flow out the bottom of this
device as a two-phase mixture and are settled
in a separate tank. OQther types of contacting
devices could also be used and are expected to
result in comparable costs; they may be preferred
if suspended solids are present. Devices which
allow vapors to condense on a film of water should
eliminate a potential problem in which the small
condensed organic droplets could form a stable
emulsion in the purified water.

Since the purified waste water leaving the
extractor is already saturated with volatile
solvent, its direct contact with the distillate
will not result in additional pollutants being
added to the purified water. In fact, the direct
contact condenser will act as an additional
extraction stage (at a higher temperature where
Kd js usually lower). This arrangement of the
volatile solvent process is shown in Figure 4.
The guantitative effects of replacing the normal
condenser by a direct contact condenser on the
operation and cost of the process are discussed
below.
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The substantial cost of regenerating the
solvent and the opportunity to use a direct
contact condenser clearly favor operation with
as low a solvent-to-water flow ratio, Fs/Fw’ as
possible. The lower 1imit is determined at the
point where the extraction factor, E (= KdFS/Fw),
becomes so low that the cost of the extractor off-
sets the savings in volatile solvent regeneration.
For pollutants having a large Kd (i.e., greater
than 30), the optimum FS/Fw will likely be 0.1
or less. However, not all types of extraction
equipment will operate efficiently at such low
values of Fs/Fw' Mixer-settlers can operate well
since settled solvent can be recycled to the previous
mixer without destroyihg the counter-current
operation, but these devices are very expensive
if many extraction stages are required. The ro-
tating disc contactor (RDC) has been used success-
fully with a low flow ratio (Misek and Rozkos, 1966).
The design of an RDC without detailed mass transfer
data is only approximate, and therefore for pre-
liminary estimates of cost a mixer-settler will be
used.

Typical Cost of Volatile Solvent Extraction.

A preliminary cost evaluation has been
completed for the recovery of ethylene dichloride
(EDC) from a waste water by extraction with
isobutylene. The following assumptions were made:

1. Feed water contains 0.8% EDC.

2. Extraction removal efficiency is 95%.

3. Feed water flow rate is 100 GPM.
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4. Feed water temperature is B0°F.

5. Recovered EDC residue contains 1.5 wt.
% isobutylene.

6. Regenerated solvent contains 0.56 wt. %
EDC. This will reduce the driving force
at the water outiet of the extractor
by 20% from that if a pure solvent had
been used.

7. Distillate is condensed at 120°F
using cooling water which is heated from
30°F to 100°F, or using direct contact
condenser when possible to do so0 without
heating the purified water above 100°F.

8., Distillation column operates as described
in Appendix D with a 75% Murphree vapor
stage efficiency.

9., 10-minute liquid hold-up is used in
both water and reflux tanks.

10. 3-minute liquid hold-up is used in the
bottom of the distillation column.

11. A multiple-stage mixer-settler is used for
extraction with a solvent recycle, if nec-

essary to give a volumetric ratio of 0.6 ft3

solvent per ft3 water, and a stage

efficiency of 85%. Mixer-settler costs

are estimated from the data of Treybal

(1963).

Based on these assumptions using Kd = 70.0
and estimating vapor liquid equilibria from the
Chao-Seader correlation, costs were estimated for
Fs/Fw from 0.08 to 1.5 using the methods of
Appendix A. The distribution of capital costs
is shown in Table 5 for the two extremes of FS/FW.
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Table 5. Capital Costs for EDC Recovery

Capital Cost

Total Plant Investment

*

Equipment Item

Distillation Column
Condenser

Side Stream Boiler
Reboiler

Tanks

Pumps

Extractor

Direct contact condenser + settling tank

45

F

s/Fw=0.08

$§108,700

FS/Fw=l.50

$156,100

Percent of Total

12
3%

68

12
29

20

23



For the low flow ratio, the major capital cost
item is the extractor. For the high flow ratio,
the major capital cost is associated with heat
exchangers to vaporize and condense the volatile
solvent.

The operating costs for this volatile solvent
extraction process are divided into an amortized
capital cost for the extractor (including a
prorated portion of maintenance, repairs, supplies,
depreciation, insurance, taxes, and return on
investment) and a cost associated with all other
items (including the remaining portion of the
above capital related costs plus chemicals and
utilities, but not including operating labor
and laboratory costs). Figure 5 shows such a
division of costs for ethylene dichloride
extraction and illustrates the advantages of
operating at a low flow ratio. The discontinuities
in the curve for the mixer-settler result from
a requirement for abrupt increases in the number
of stages to achieve at least 95% recovery as
the flow ratio decreases. The discontinuity
in the curve for "other" costs results from the
use of purified waste water for cooling instead
of cooling water and the use of a direct contact
condenser. Figure 6 shows a breakdown of the
regeneration costs. For comparison, the recovered
EDC is estimated to be worth $5.70/thousand gallons
at its full market value.

_ At values of FS/Fw = 0.135 and less, the
purified waste water can be used to condense all
the distillate vapors, making the direct contact
condenser practical. The reduction in cost when
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using the direct contact condenser is greater
than just the reduction in cooling water and con-
denser cost. The volumetric heat transfer
coefficient is so large (i.e., about 50,000 BTU/hr
ft3 °F) that the optimum distillate temperature
is reduced to about 1° above the final temperature
of the purified waste water. This results in
a reduction in pressure within the distillation
column and a reduction in cost for the solvent
recycle pump, for the distillation column (through
both a higher relative volatility and a smaller
shell thickness), and for both boilers (through
an increase in temperature driving force).
There is a slight increase in cost due to a larger
feed water pump and operation of the extractor
at higher pressure.

Figure 5 can be used to determine a first-
order approximation to the costs of extracting
other pollutants. The cost of solvent regeneration
depends primarily on FS/Fw for any pollutant with
a volatility similar to that of ethylene dichloride.
The cost of extraction depends primarily on Kd
and on the required removal efficiency. Therefore,
for 95% removal efficiency, the curve for extractor
costs can be moved horizontally to a point giving
the same cost vs. E as in Figure 5 (where Kd = 70.0).
If Kd is less than 70.0, the curve would be moved
to the right to provide an estimate for extractor
costs. This argument leads to the conclusion that
the optimum FS/Fw will increase as Ky decreases.
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Comparison of Volatile Solvent Extraction with
Steam Stripping.

For very volatile pollutants having a low
Kd with the volatile solvent, steam stripping
is expected to be less expensive than volatile
solvent extraction. As higher molecular weight
pollutants are considered, extraction is more
competitive. This is especially true if the
pollutant is present as an emulsion, if the pol-
lutant forms an azeotrope with a high fraction of
water, or if the waste water would become highly
corrosive at increased temperatures. However,
the cost of volatile solvent extraction can be
comparable to or less than steam stripping even
when the latter is known to be a practical
process.

A process design and cost estimate have been
completed for a process in which isobutylene is
used to extract n-butyl acetate (Figure 7). The
distribution coefficient for n-butyl acetate into
isobutylene is 168 (Appendix E). The assumptions
about water flow rate, feed and product concentra-
tions, and feed water temperature are the same
as those for the previously described cost esti-
mate for the recovery of n-butyl acetate by steam strip-
ping. The recovered n-butyl acetate was assumed
to contain 2.0 wt. % isobutylene, and the regen-
erated solvent was assumed to contain 0.168 wt. %
n-butyl acetate (based on a driving force at the
water outlet of the extractor 20% less than the
driving force if pure isobutylene had been used).
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A direct contact condenser is used since the optimum
F/F, 1s 0.1 (requiring 2 mixer-settler stages).
Table 6 gives the material balance and operating
conditions for the conceptual process, and Table

7 presents the cost estimates. The cost for
volatile solvent extraction is $0.71 per thousand
gallons as compared to $0.61 per thousand gallons
for steam stripping.

Realizing the approximate nature of the
estimates, these costs are essentially equal.

For the extraction process a majority of the cost
is associated with the extractor, the cost of
which might be reduced by using a different type
of contactor {e.g., an RDC). Also, the assumption
of a 75% stage efficiency for both steam stripping
(where the relative volatility ranges from 170 to
200) and for n-butyl acetate-isobutylene distillation
(where the relative volatility ranges from i5 to
54} is probably optimistic in both cases, but
certainly is more likely to be correct when the
relative volatility is lower. Considering these
factors, volatile solvent extraction does appear
to be an economically attractive alternative to
steam stripping.

To estimate the cost of extracting ethylene
dichloride, n-butyl acetate, or other potential
pollutants, it is necessary to have available
estimates for Kd and for the binary vapor-liquid
equilibria between pollutant and volatile
solvent. Appendix E reports values for Kd at high
dilution between water and C4 hydrocarbons for a
variety of esters, aldehydes, ketones, and phenols.
For relatively non-polar polutants (e.g., ethylene
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Table 6. Material Balance for n-Butyl Acetate Recovery by Solvent Extraction
Stream A B Cc D E F G H J K L
Temperature (°Fj 80 80 96 96 96 97 80 80 97 97 330
Pressure (psia) 58 57 57 15 15 57 57 58 58 58 58
Condition liqg. lig. 1lig. 1lig. vap. lig. 1liqg. 1lig. 1lig. vap. 1liqg.
Water (lb/min) 826.6 826.6 826.6 826.6 =0 =0 =0 =0 =0 =0 =0
Isobutylene 0 0.5 0.5 0.2 0.3 91.3 0.6 90.8 4.5 95,2 0.1

(1b/min)
Butyl Acetate 4:96 0.04 0.04 0.04 0 0.15 0 5.07 0.01 0.16 4.92

(1b/min)



Table 7. Cost Estimates for n-Butyl Acetate Recovery

by Solvent Extraction

Capital Costs:

Total Plant Investment = $78,600

Cost Item Percent of Total
Extractor 63
Distillation Column 11
Direct Contact Condenser 5

and Settler

Side Stream Boiler 1
Reboiler 1
Tanks 8
Pumps 11

Operating Costs:

Total Treatment Cost = $0.71/1000 gal.

Cost Item Annual Cost
Chemicals $10,100/yr
Utilities 3,500/yr
Capital Equipment 20,300/yr
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dichloride), vapor-liquid equilibria can be estimated
using the Chao-Seader correlation (1961). This
approach is based on regular solution theory for
prediction of liquid activity coefficients and is
not reliable for polar components. However, an
alternative approach based on the Wilson equation
(1964) for 1iquid activity coefficients should give
reliable estimates.

For a binary solution, the Wilson equation
has two adjustable parameters and is of a form
which allows the effect of temperature on the
activity coefficients to be estimated. This is
an important feature since at constant pressure
the temperature varies over a wide range with
composition for a mixture of a volatile solvent
and a much-less-volatile pollutant. The two Wilson
parameters may be evaluated by a simple iterative
calculation using the two infinite dilution activ-
ity coefficients. The infinite dilution activity
coefficient for the pollutant in the volatile
solvent may be estimated for many pollutants from
Kd at 25°C and the activity coefficient at infinite
dilution for the pollutant in water (Pierotti, et al.,
1959). The infinite dilution activity coefficient
for the volatile solvent in the pollutant at 25°C
may be estimated by the method of Helpinstill and
Van Winkle (1968) or the method of Weimer and Prausnitz
(1965). Vapor phase nonidealities can adequately be
approximated using the Redlich-Kwong equation of state,
as is done in the Chao-Seader method. This procedure
was used in the estimation of vapor-liquid equilib-
ria for the separation of n-butyl acetate from
isobutylene. The procedure may also be extended
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to multicomponent mixtures when more than one

pollutant is extracted, provided some estimate
can be made for the pollutant-pollutant binary
mixtures.

Dual Solvent Extraction Processes.

The attractiveness of volatile solvent extrac-
tion for the recovery of n-butyl acetate, a known
good solvent for phenol extraction (Kiezyk and
MacKay, 1973) leads to the consideration of a
dual solvent extraction process for the recovery
of phenol. Such a process is illustrated in Figure
8. The phenol is removed from the waste water by
extraction with n-butyl acetate (Kd = 57; Appendix F)
at a low flow ratio. The phenol is separated from
n-butyl acetate by distillation as was done in the
original Phenolsolvan process (Wurm, 1968). The
dephenolized water contains about 6800 ppm dissolved
n-butyl acetate, which is recovered by
extraction with isobutylene. The recovered n-butyl
acetate is separated from the isobutylene by
distillation and is recycled to the n-butyl acetate
solvent cycle. Other polar solvents could also
be considered for such a dual solvent process,
with the best choice being a solvent which is easily
recovered by volatile solvent extraction as well
as being a good solvent for phenol.

An alternative dual solvent process is shown
in Figure 9, where the phenolic waste water is
first extracted with a mixture of volatile solvent
and n-butyl acetate, and then the volatile solvent
is used to recover the dissolved n-butyl acetate.
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This process with linked solvent cycles has several
potential advantages over the dual solvent pro-
cess with separate solvent cycles while still
requiring only two distillation columns. For
extraction with pure n-butyl acetate, the density
of phenol-containing solvent becomes close to

that of water. This small density difference leads
to large extraction equipment because of slow
settling in mixer-settlers or low countercurrent
flows to avoid flooding in continuous extractors.
However, dilution of the n-butyl acetate with
isobutylene greatly increases the density difference
and allows operation in smaller, less expensive
extractors. The extraction with a solvent mixture
also results in a lower solubility of n-buty]l
acetate in the dephenolized waste water, thus
requiring less thorough volatile solvent extrac-
tion in the second step. However, the dual solvent
process with separate solvent cycles, Figure 8,

has the potential advantage that the hot n-buty]l
acetate vapors from the phenol-polar solvent splitter
may be more easily used to provide heat for the
volatile solvent-polar solvent splitter.

Although illustrated for the recovery of
phenol, the dual solvent processes may also be
attractive for other pollutants. The conditions
when a second polar solvent should be considered
are a low K4 (e.g., less than 5) for the pollutant
in the volatile solvent and a high Kd (e.qg.,
greater than 20) for the pollutant in a polar
solvent. Almost all slightly soluble polar solvents
will show a high Kd in the volatile solvent because
the same factor leading to low water solubility
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(i.e., a high activity coefficient in water) also

leads to a high Kd.

The examination of both single volatile
solvent extraction and alternative dual solvent
extraction processes constitutes the major portion
of the experimental work to be described in this

report.
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SECTION V

BASES FOR EXPERIMENTS AND
INDUSTRIAL WASTEWATERS EMPLOYED

Experiments were carried out to determine equi-
lTibrium distribution coefficients for various important
solutes between various solvents and water. Appendix
E reports methods and results for various families of
compounds using isobutylene, isobutane and other sub-
stances as solvents. Appendix F reports distribution
coefficients for phenolic solutes with various solvents.

The demonstration program using the miniplant
extraction facility consisted of two portions. The
first series of experiments was conducted in a
spray tower extractor for the purpose of studying
the overall process feasibility of volatile sol-
vent extraction. During these experiments volatile
solvents were used to treat a variety of actual
and synthetic waste waters. The objectives of
these initial experiments included (1) the quanti-
tative measurement of pollutant removal efficiencies
for both solvent-phase dispersed and aqueous-phase
dispersed, (2) the identification of possible
solvent degradation reactions when isobutylene
was used as solvent, (3) the determination of
whether emulsified 1iquids and particulate solids
in actual waste water could be removed through
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flotation by solvent droplets, and (4) the veri-
fication that the loaded solvent could be suffi-
ciently well separated from the pollutants in a
short, packed distillation column so that the
solvent could be recycled.

During the second portion of the experimental
program, a rotating disc contactor (RDC) was
used in place of the spray column since the results
of earlier experiments and conceptual process
calculations had shown that operation with a low
solvent-to-water flow ratio (FS/FW) would lead
to a more economical process. The system of using
a C4 hydrocarbon as solvent is characterized by a
low solvent viscosity and a large difference in
density between solvent and water. These proper-
ties along with a lower 1imit on the practical
size of holes in the distributor plate of a spray
column lead to a low dispersed phase hold-up
at all values of FS/Fw when water is dispersed
and at low values of FS/Fw when the solvent is
dispersed. A low hold-up and thus a low inter-
facial area leads to poor extraction efficiency.
In an RDC, the dispersed phase hold-up can be
increased by increasing the disc rotational speed
which results in smaller drops and improved
extraction efficiency. Although this is an overly
simplified comparison, the result is that the
RDC is expected to work satisfactorily even when
Fs/Fw is low (e.g., FS/Fw = 0.1) (Misek and
Rozkos, 1966). Also the RDC is more characteristic
of modern, high-performance types of extractors,
so the collection of mass transfer data will be
more useful for scale-up and estimation of commercial
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feasibility. During the second series of experiments,
effort was mainly directed toward treating several
actual waste waters that we believed to be promising
candidates for economical treatment by solvent
extraction at low flow ratios.

An important aspect of the experimental
approach for actual waste waters involved the
identification of the individual pollutants
present. To understand, evaluate and improve the
solvent extraction process, it was desirable to
determine the removal efficiency for each of the
identified major pollutants. Seven separate types
of waste water samples were obtained from petroleum
and chemical companies and were treated in the mini-
plant.

In this Section the industrial waste waters
which we studied are first described with respect
to the identification of pollutants and to the
logical approach for treatment by solvent ex-
traction. The importance of axial dispersion
(backmixing) on the performance of solvent extraction
equipment is discussed, and a method of estimating
the individual-phase resistances to mass transfer
from miniplant data is developed.

Industrial Waste Water Samples

Lube 0il refining waste water. One

waste water sample came from a lube o0il refining
plant. This waste water is produced during solvent
refining and deasphalting (by the Duo-Sol process)
and dewaxing (by MEK-benzene extraction) of lubri-
cating oils in a typical petroleum refinery. The
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waste waters produced by these operations would

be expected to contain phenol and cresols, which
are used as a mixed solvent in the Duo-Sol process,
and methyl! ethyl ketone (MEK) and benzene, which
are used as solvents for dewaxing. In addition

to the dissolved organic pollutants, the waste
water contained a small amount of floating oil

and fine, black, solid particles (possibly asphal-
tenes) which did not settle on standing and which
were not removed by filtering with qualitative
grade filter paper.

The procedure used to identify the typical
pollutants will be described here as it was used
with slight modification for all the actual waste
waters. A GC analysis (Porapak Q at 200°C) showed
that the waste water contained five major
dissolved components. By comparing retention
times in the GC, four of the five pollutants were
tentatively identified as MEK, benzene, phenol,
and o-cresol. The fifth component had a retention
time similar to that of acetone {(which could enter
the process as an impurity in MEK). A standard
solution was prepared which contained these five
components in about the same concentration as the
waste water; the pH of this synthetic sample was
the same as the actual waste. Equal volumes of
the actual and synthetic samples were contacted
in a separatory funnel with equal volumes of
highly purified n-butyl acetate, and the aqueous
~raffinates from both extractions were analyzed
using the GC. Since the percentage extracted
for each of the five peaks was identical for
both samples, this was taken as confirmation of
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the pollutant identification. Had some uncer-
tainty existed at this point, a second comparative
extraction using a different solvent could have
been used. This simple procedure was useful
because the number of expected pollutants was
not too large and because their expected identity
was known. Had more major pollutants been present
or had no estimate been available of what pollutants
might be present, then a more sophisticated analysis
such as that of Herz (1972) or Sugar and Conway
(1968) could have been required.

In addition to the chromatographic analysis,
the chemical oxygen demand (COD) was measured
by a standard method (described in Section VI).
A theoretical COD was determined from the GC
analysis by assuming that all identified components
were completely oxidized to CO2 and H20. The
ratio of theoretical to measured COD averaged
1.10 for the lube o0il refining waste water. This
indicates that there may have been some loss of
volatile components or have been an incomplete
oxidation of organics in the measured COD and that
there were no components present in large concen-
tration other than those identified by the GC
analysis.

Samples of this lube o0il refining waste
water were obtained on four occasions. The concen-
tration of components in three of these samples
fell into the following ranges:

Acetone: 25 to 40 ppm
MEK: 108 to 232 ppm
Benzene: 37 to 170 ppm
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Phenol: 17,000 to 23,200 ppm

o-Cresol: 1,200 to 2,660 ppm
This is probably the composition during normal
operation. The fourth sample was found to contain
a much different composition. Acetone and benzene
were absent, MEK was present at about 100 times
higher concentration than normal, and phenol and
o-cresol were present at about one-half their normal
concentrations. In addition, the appearance was
milky white rather than black as in the normal
samples. This variation in composition was
probably the result of an upset in the dewaxing
plant. It illustrates another problem not en-
countered in tests with synthetic waste water
samples, that of variation in feed water composi-
tion.

Since the major pollutants in this waste
water were polar organic compounds which are
difficult to extract with hydrocarbon solvents,
treatment had to use either volatile solvent
extraction at a high value of Fs/Fw or polar sol-
vent extraction as part of a dual solvent process.
Both approaches were studied using isobutylene
as volatile solvent and n-butyl acetate as polar
solvent.

Cresylic acid recovery waste water. The

second waste water sample came from a cresylic

acid recovery plant which reprocesses the caustic
treating effluent produced during petroleum
‘refining. Since caustic treating is used to extract
phenolic compounds from petroleum, the waste

water was analyzed by GC (Porapak Q at 220°C) for
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phenolic compounds. It contained phenol, o-cresol,
m, p-cresol (isomer separation was not possible

by GC), and at least two isomers of xylenol. It

also contained several low molecular weight compounds
at low concentrations. In addition, this waste

water contained a small amount of suspended solids
(about 50 ppm) and about 700 ppm of dissolved
inorganic substances (based on a commercial analysis
supplied by the company). The concentrations of

the phenolic compounds were as follows:

Phenol: 579 ppm
o~Cresol: 307 ppm
m, p-Cresol: 291 ppm
Xylenols: 227 ppm

The ratio of theoretical to measured COD averaged
0.86 which indicates the presence of additional
oxidizable pollutants.

We were able to obtain this waste water in
limited quantities during the period when the
spray column was being studied. Since the cresols
and xylenols have distribution coefficients
between water and isobutylene in the range from 3 to
7, they are easier to remove than phenol, which
shows a distribution coefficient of 0.7 (Appendix E).
Volatile solvent extraction using isobutylene was
thus studied in the miniplant.

Ethylene quench waste water. The third

polluted water sample was ethylene quench water
produced in a naphtha-pyrolysis, olefin plant.
This cracking reaction uses a complex hydrocarbe
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mixture as feed and is expected to produce a variety
of organié side products, most of which are only
slightly soluble in water {(e.g., aromatic hydro-
carbons, heavy tars, etc.) or are produced in small
quantities (e.g., phenolics). Analysis using the
GC (Porapak Q at 220°C) showed eleven major
components. Five components were identified as
benzene; toluene; m, p-xylene; o-xylene or ethyl-
benzene; and phenol. Three others correspond to
1ight oxygenated compounds having retention times
in the GC corresponding to methanol or formalde-
hyde, acetone, and n-propanol. Since removal of
these pollutants is not practical by volatile
solvent extraction in a single-solvent process,
and since they are present at less than 100 ppm,

a positive identification was not attempted.

The remaining three components appeared to be
high-molecular-weight phenolics and hydrocarbons.
When the samples were received, they contained a
substantial amount of floating and settled or-
ganic phases, as well as additional suspended
solids which resulted in a high turbidity. The
~compositions of the aromatic pollutants and phenol
were as follows:

Benzene: 71 to 81 ppm
Toluene: 40 to 44 ppm
Xylenes: 34 to 40 ppm

Phenol: 67 to 68 ppm

The ratio of theoretical to measured COD averaged
0.33 which indicates the importance of the unidenti-
fied pollutants.
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Since phenol and the 1ight oxygenated compounds
could be recovered only by dual-solvent extraction,
and since these components can be readily removed at
these low concentrations by biological oxidation,
this waste water was treated only by single-solvent,
volatile solvent extraction using two separate
solvents in different runs, isobutane and isobutylene.
This treatment would be expected to remove the
non-biodegradable, aromatic hydrocarbons even when
operating at low values of Fs/Fw'

Oxychlorination waste water. The fourth
industrial waste water is from an oxychlorination
plant which produces ethylene dichloride by the
following gas-phase, chemical reaction:

CH2===-CH2 + 2HC1 + 1/2 02——>CH Cle=——CH,C1 + H

2 2 20

The products of the reaction along with some un-
reacted HC1 are condensed, and the aqueous phase
is decanted and sent to waste. Therefore, the
waste water was expected to be acidic, to be
nearly saturated with ethylene dichloride, and

to contain any polar side products of the reaction
which would 1ikely distribute significantly into
the aqueous phase. Because these side products
could include a very large number of possible
chlorinated and/or oxygenated hydrocarbons con-
taining 1 or 2 carbon atoms, the qualitative
identification of pollutants was complicated. The
company which supplied the waste water suggested
that ethylene dichloride, chlorform, and chloral
(CC]3--CH0) could be present.
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Samples of oxychlorination waste water were
obtained on three occasions. They showed a
pronounced variation in the composition of minor
pollutants; this may be the result of sample
collection and storage procedures as much as
actual variations due to changing conditions in
the plant operation. The ranges of concentrations
of HC1 and organic pollutants were found to be
as follows:

HC1: 1.49 to 5.78 wt. %

(determined by titration)
chloral: 14,100 to 16,900 ppm
ethylene dichloride: 1500 to 3360 ppm
ethanol: 290 to 520 ppm

acetaldehyde: 0 to 100 ppm
monochloroacetaldehyde: O to 300 ppm

The COD was not measured due to the high chloride
concentration which interferes.

The identification of the organic compounds
was based on correspondence of GC residence times
(Porapak Q at 210°C) and equivalence of fraction
extracted when standard and actual solutions were
contacted in consecutive experiments with highly
purified 2-ethyl hexanol and 1,1,2-trichloroethane.
These solvents were utilized because of differences
in polarity and because they boil at much higher
temperatures than any of the organic pollutants
and thus do not interfere with the GC analysis.
Solvents used for this purpose had to be purified
by repeated water washing followed by distillation
so that impurities in the solvents would not
interfere with pollutant analysis.
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Chloral was clearly the most serious pol-
lutant in this waste water and also the component
most 1ikely to provide a significant value from
its recovery. In aqueous solution, chloral is
present as chloral hydrate, CC]j-CH(OH)z,
which could not be economically recovered by
volatile solvent extraction. In equilibrium experi--
emnts it was determined that n-octanol gave a distri-
bution coefficient for chloral in the range 15 to 59
depending on the concentration (Kd increased as chloral
concentration decreased). Thus, a dual solvent process
using 2-ethyl hexanol (the least expensive form
of C8 alcohol) as polar solvent and isobutane
as volatile solvent was chosen for study. This
waste water is presently treated in commercial
operations by neutralization using any inexpensive
base (e.g., timestone), followed by steam stripping.
The neutralization may cause most of the chloral
to react with hydroxyl ion and to form.chloro-
form and formate ion (Pfeil, et al., 1959),
in which case the chloroform but not the formate
would be recovered by steam stripping.

The presence of HC1 made this a very difficult
waste water to handle in the miniplant because
of severe corrosion. An fnitia1 attempt was made
to neutralize the HC1 by addition of solid NaOH
so that it could be treated, but the high pH
near the surface of solid NaOH led to decomposition
of the chlora]reven though the bulk of the solution
was still acidic. After trying several alternative -
neutralization methods, we found that by holding
the waste water at 5°C while adding solid NaHCO3
until the pH 1ncreased to about 5.2 (the pH of
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a solution of 15,000 ppm chloral in pure water),
we got no appreciable chloral decomposition.
However, the CO2 which was evolved tended to sweep
away most of the volatile compounds (90% of the
acetaldehyde and 50% of the ethylene dichloride).
This neutralization using NaHCO3 was required only
to protect the miniplant, and in a commercial
plant the organics could be extracted from the
unneutralized waste water. However, since HCI
recovery is not economical in this commercial situa-
tion, the HC1 would have to be neutralized after
chloral extraction.

12



Phenol-Formaldehyde Resin Manufacture Wastewater

This wastewater was obtained form an inland plant
location, where the water effluent is currently in-
cinerated because of the absence of a plant biological
oxidation system. Analysis of the water using flame-
ionization chromatography with a Porapak-Q column
revealed three major peaks, corresponding to methanol,
formaldehyde and phenol. These three components are
to be expected at high concentrations in the wastewater
on the basis of the known chemistry of this process.

Quantitative analysis of the wastewater by compari-
son with peaks from known, standard solutions gave
the following concentrations:

Component Concentration
Methanol 12,000 ppm
Formaldehyde 17,370 ppm
Phenol 48,270 ppm

The phenol concentration in this water (4.8 wt%) was
therefore the highest of any of the wastewaters

studied. Clearly, simple extraction with isobutylene

or isobutane would not be successful without a very

high solvent/water ratio. Consequently this water was
treated experimentally by the two dual-solvent processes.
n-Butyl acetate was used as solvent for a test of Process
II, and a mixture of 48.2% n-butyl acetate in isobutylene
was used as the solvent for a test of Process III. Since
numerous earlier experimental tests had shown that
n-butyl acetate is readily removed from the effluent
water by extraction with isobutylene or isobutane, the
second extraction step with the volatile hydrocarbon
solvent was not included in the testing program for

this water.
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Hydrofiner Condensate Wastewater
Wastewater samples were obtained from a nearby

petroleum refinery, and were identified as water
condensate from a hydrofining operation. This water
is known to contain large quantities of ammonia and
hydrogen sulfide, in addition to appreciable quantities
of dissolved organics. The phenol concentration in
the sample used for extraction runs was determined
through peak coincidence and comparison with standard
samples in flame-ionization chromatography with
Porapak-Q to be 400 ppm. Quite a bit of effort was
invested into searching for identification of several
other smaller peaks (Herz, 1973), without significant
success.

The measurement of the COD of this water was compli-
cated by the presence of hydrogen sulfide and other
sulfur-bearing compounds. A procedure was developed
wherein the steps of the COD analysis were carried out
as rapidly as possible, and the COD of the water was
thereby found to be 17,530 ppm. It was confirmed that
most of this was accounted for by hydrogen sulfide,
which was not expected to be removed readily by any of
the solvents under consideration. Methyl isobutyl
ketone was chosen as the solvent for the extraction
experiments carried out, and attention was focussed
upon the removal of the 400 ppm of phenol. In industrial
handling of this water, the hydrogen sulfide and
ammonia would be removed by a stripping process.
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Styrene Manufacture Wastewater

A sample of wastewater from a plant manufacturing
styrene by the dehydrogenation of ethylbenzene was
obtained through the services of the U. S. Environmental
Protection Agency and Dr. John H. Coco of Gulf South
Research Institute, New Orleans, La. Analysis of this
water by flame-ionization gas chromatography with
the Porapak Q column revealed only three significant
peaks. By comparison with standard solutions of known
concentration these were qualitatively and quantitatively
identified as

Benzene 345 ppm
Ethylbenzene 170 ppm
Styrene ‘10 to 20 ppm

This sample may have come from a plant employing

as a first step the process described by King (1970)
and discussed in Section III wherein wastewater con-
taining styrene is contacted with ethylbenzene
(and/or benzene) so as to remove most of the styrene
by extraction into the ethylbenzene (and/or benzene).

Since these compounds and any others expected to
be in this wastewater are refractory to chemical
oxidation as well as biological oxidation, COD
measurements for this water are potentially misleading.

Because these three compounds all have high
distribtuion coefficients into C4 hydrocarbons, this
water was treated by Process I, using isobutylene
as the sole solvent.
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Choice of Type of Miniplant Extractor

With the present state-of-the-art of solvent
extraction, the development of a new process
will always benefit from and will usually require
testing on a pilot plant scale (Treybal, 1966). A
spray column extractor was chosen for our initial
experimental studies because of its inherent simplic-
ity, its ability to handle waste waters containing
suspended solids without plugging, and its
flexibility of operation which makes it possible
to operate at a wide range of flow rates and
with either phase dispersed. In later studies,
when the desirability of operation at a Tow solvent-
to-water flow ratio had become apparent, we chose
an RDC (rotating-disc contactor -- see Figure 10) to
carry out experiments aimed at providing more quanti-
tative data on mass transfer rates and backmixing.
These data would be useful for scale-up and estimation
of commercial feasibility. A multiple-stage mixer-
settler with the means for recycling settled solvent
from the settler back to the previous mixer car also
be used to handle low flow ratios, but on a miniplant
scale such a device would be very complex because of
the need for multiple pumps and multiple agitator
drives. Also, in a large-scale installation the
settlers which would be required when treating
waste water streams of several hundred gallons
per minute become very large in horizontal cross-
"section (but can be short in vertical height).
When many stages are required, such devices would
require a large floor area, which may not be
available for installing a waste water treatment
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plant, and would require a large capital investment.
One of the main advantages of mixer-settlers is
their reliability of scale-up because they normally
have a high stage efficiency on both scales. For
this reason we felt that by gathering data only on
an RDC we would be better able to develop a rec-
ommendation for choosing between these two contact-
ors than we would had we gathered data only on

a mixer-settler which would leave our understanding
of the RDC short of being able to make such a
recommendation.

To design any type of continuous, countercurrent
extractor, a design procedure is needed which
includes three main aspects (1) hydrodynamics, includ-
ing droplet size estimation, flooding, and dis-
persed-phase hold-up, (2) axial mixing, and (3)
mass transfer. Such an understanding is also
needed to make the best interpretation of experi-
mental extraction data. A general discussion which
applies to the interpretation of data from both the
spray column and the RDC follows.

Axial Mixing and Mass Transfer in Continuous

Extractors

Solvent extraction devices can either be
staged, as with mixer-settlers where the two phases
are mixed and then settled within each stage, or
- be continuous, as with a spray column or an RDC
where no separation of phases takes place except
at the ends of the extractor. Axial dispersion
or backmixing of one or both phases is an important
design consideration in continuous extractaors.
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Axial mixing always tends to decrease the per-
formance of an extractor by decreasing the mass
transfer driving force below what would be predicted
if the fluids passed through the device in plug
flow. Mass transfer coefficients determined in
small-scale equipment without consideration to
axial mixing do not correspond to the coefficients
similarly determined in production-scale equipment.
The effects of axial mixing become more severe as
the ratio of diameter to height increases, and
usually become more severe with increasing diameter
when this ratio remains constant. Fortunately,
over the last decade. considerable progress has

been made in understanding and predicting the
effect of axial mixing.

Axial mixing in the continuous phase is the
sum of the effects of turbulent or eddy diffusion
along the axis of the extractor and of channeling
or radial diffusion resulting from a non-uniform
velocity field (Sleicher, 1959). One experimental
method for measuring axial mixing in the continuous
phase involves making a steady injection of a
tracer which is soluble only in the continuous
phase and measuring its concentration upstream
(with respect to the continuous phase) from the
point of injection. This method measures only
the eddy diffusion contribution to axial mixing
since channeling or radial diffusion does not
cause solute to move upstream. For the remainder
of this report this portion of the effect of axial
mixing will be referred to as "turbulent mixing."
Another method for measuring continuous-phase axial
mixing involves making a sudden injection of tracer
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and measuring the spreading of the peak by measuring
the tracer concentration as a function of time at two
downstream points. This method measures the contribution
from a non-uniform velocity field in addition to the tur-
bulent mixing contribution. Subsequently, the contribu-
tion to axial mixing due to a non-uniform velocity field
will be referred to as "channeling." In using
this term we do not mean to imply the type of
channeling that can occur in a small diameter
packed bed where most of the liquid flows close
to the wall, but rather we refer to the type
of non-uniform flow like that which occurs in an
open pipe in the laminar flow regime. The sum
of the effects of turbulent mixing and channeling
is the significant measure of axial mixing when
solute is being transferred from one phase to
the other in a solvent extraction column. Other
experimental methods for measuring axial mixing
are discussed in a review by Ingham (1971).
Axial mixing in the dispersed phase is
somewhat more complex than for the continuous
phase, and it includes the effects of turbulent
mixing, of mixing caused by the distribution of
droplet sizes and thus a distribution of residence
times (often called forward mixing), and of
coalescence and redispersion of the droplets
(Ingham, 1971). The various models which have
been proposed to account for axial mixing in
‘extraction columns have recently been reviewed
(Misek and Rod, 1971) and include the stage model
(Young, 1957), the backflow model (Sleicher, 1960;
Miyauchi and Vermeulen, 1963), the dispersion
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model (Sleicher, 1960; Miyauchi and Vermeulen, 1963),
and a combined model which includes forward mixing
effects (0Olney, 1964). A random walk model has

been used in single-phase flow in packed-beds
(Jacques and Vermeulen, 1957; Cairns and Prausnitz,
1960).

The stage model uses only one parameter to
represent the mixing in both phases and is usually
inadequate (Misek and Rod, 1971). The backflow
and dispersion models have been shown to be equiv-
alent in the 1imit as the effective number of
stages for backflow becomes large (Hartland and
Mecklenburgh, 1966); both models require two
parameters to represent the backmixing, but the
stage model also defines a number of stages. The
combined model is much more complex as it requires
a knowledge of the dispersed phase droplet size
distribution. For the purpose of evaluating the
data taken in this report, we have chosen to use the
dispersion model. The details of the dispersion
model are developed in Appendix C.

If the counterflowing fluid phases are assumed
to move in plug flow with no axial mixing, then
the relationship between the terminal concentrations
can be expressed as follows (Colburn, 1939):

Xi = Xgi/Kqg E = exp [(1 - 1/E) Now] - ,
where
n = Dimensionless concentration change defined

by the first equality,
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Xwo = Pollutant concentration in the outlet

water phase,

Xwi = Pollutant concentration in the inlet
water phase,
xsi = Pollutant concentration in the inlet

solvent phase,
= Extraction Factor = Kd . Fs/Fw’
Number of overall water-phase transfer
units.

= m
u

ow

It is assumed in the derivation of this equation
that Kd’ FS, Fw and the overall water-phase mass
transfer coefficient per unit volume of extractor,
Kowa’ are constant throughout the extractor. If
the solutions are dilute, these assumptions will
hold when the concentrations are measured in weight
fractions and the flow rates are measuyred in
weight per unit time. However, when Fs/Fw is small
and extraction is efficiently carried out, then
the concentrations in the solvent phase can be
large even though Xwi is small. In this case
it is usually better to measure concentrations in
weight ratios (1b. pollutant/1b. pollutant-free
fluid) and to measure flows as weight pollutant-
free fluid per unit time. As long as the twp
fluids are mutually immiscible, flows measured in
this manner will be constant.

Equation (1) can be epressed simply as
follows:

no= F(E,N,) (2)

Similarly, for the case where axial mixing is
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predicted by the dispersion model, an expression
is developed in Appendix C which is of the following
form:

n = f(E, Now> Pe,> Pes) (3)
where
Pew = Water-phase Peclet number,
PeS = Solvent-phase Peclet number.

These two dimensionless parameters characterize
the extent of axial mixing in each phase. When
Pew = Pes = o, equation (3) is the same as that
for plug flow. When Pe = 0 for one or both
phases, equation (3) expresses the overall
concentration change when that ohase is completely
mixed (i.e., has a concentration equal to its
outlet concentration at all points in the
extractor). The effect of axial mixing is
illustrated in Figure 11 where the case for Pew =
10 and PeS = 20 is compared to that for plug
flow. For a given number of transfer units, the
decrease in removal efficiency due to axial mixing
is most significant when E is greater than 1.
Equation (3) may be used in the evaluation
of experimental data as well as in the design of
large-scale extractors. For many types'of extrac-
tors, correlations are available in the literature
which relate Pew and PeS to the flow velocities,
droplet sizes, extractor dimensions, and physical
properties of the two phases. If the overall
extraction efficiency is measured experimentally
and used to calculate n, then with Pew and PeS
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determined from correlations and E determined from
the measured flow rates and the separately
measured distribution coefficient, equation (3)
may be solved implicitly to give a value of Now
for each solute in the feed water.

The usual method of correlating mass transfer
data obtained from an experiment is to correlate
the individual mass transfer coefficients in the
separate phases. Thus, if a correlation is de-
veloped for the mass transfer coefficient in the
water phase and another for that in the solvent
phase, then by assuming that the resistances are
additive, the overall mass transfer coefficient
may be calculated at conditions different from
the actual experiment. The validity and limita-
tions in the additivity assumption have been
described by King (1964). Since the number of
transfer units is simply related to the mass
transfer coefficient per unit volume (k-a
where a is the interfacial area per unit volume),
the additivity of resistances can be expressed
as follows:

1 1, (/E)
Now Nw Ns
where
Nw = Number of water-phase transfer units,
Ns = Number of solvent-phase transfer units.

There are a number of expressions available
which relate Nw and NS to physical size and flow
parameters and to solute diffusivities in the two
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phases; several such expressions are discussed

in Appendix B and are used for purposes of comparison
with data taken in this project. In a single experi-
ment where several solutes are simultaneously extracted,
the physical size and flow parameters are the same for
each solute. In many cases the solute-to-solute varia-
tion in diffusivity in the water phase (and in

the solvent phase) is small, so the solute-to-

solute variation in Nw (and NS) is also small. The
influence of the resistance to mass transfer in one
phase on the resistance in the other phase can also
lead to minor variations in N, and N from solute

to solute. However, according to equation (4) a

plot of 1/nOw vs 1/E should result approximately

in a straight line since solute-to-solute variations

in Nw and NS are much less than solute-to-solute
variations in E.

As illustrated by equation (3) and in Figure 11,
once Pew and Pes are specified the dispersion model
allows n to be calculated for each pair of values of
E and Now‘ From the set of values of E and Now which
give a specified value of n, a plot of 1/NOw vs 1/E may
be prepared. Such a plot is illustrated in Figure 12
for Pew 10.0 and PeS = 20.0 where n, defined in equa-
tion (1), is the parameter (actually Figure 12 is a
cross plot from Figure 11). Superimposed on Figure 12
is a straight line, as suggested by equation (4), for
~a case where N = 5.0 and N = 8.0 (typical of

operation in the miniplant RDC at a low flow

ratio). Thus for any value of E, the corresponding
value of NOw may be determined from the straight
line using the ordinate, and the corresponding value
of n may be determined by interpolation between
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Figure 12. Plot of Equation 3 to Illustrate Additivity
of Resistances. Parameter is n.
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lines of constant n.

The values of NW and NS which result from
the above type of analysis of experimental data
may be used to calculate the individual-phase mass
transfer coefficients from the following equations
once a is determined as described below:

N, (F,/A)

LR | (5)
W a H
N. (F_/A)
ks = .S S . (6)
a H

where A Cross-sectional area of column,

H Total height of column.

By comparing the values of the individual-phase
mass transfer coefficients with those predicted
from various models in the literature, the exper-
imental data can be used to infer the answers to
such questions as, "Do the dispersed-phase droplets
act as rigid spheres, or do they show internal
circulation?" and "Is interfacial turbulence
important, or do surface-active impurities inhibit
mass transfer?" The lack of a priori answers to
these types of questions is what makes pilot-scale
experimentation a necessary part of developing
a new solvent extraction process.

In this report the dispersion model has
been used to solve two distinct types of problems
which involve the analysis of continuous extraction
devices. In the Type 1 problem, the overall column
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height and the two phase velocities are specified.
If the removal efficiency is to be estimated, then
the physical properties for each phase are used with
three correlations for predicting (1) the hydro-
dynamics of the phases (from which the hold-up

and interfacial area per unit volume are calculated),
(2) the axial dispersivities, €y and € (from which
Pew and Pes are calculated - see Appendix C),

and (3) the individual-phase mass transfer coef-
ficients, kw and kS (from which_NOw is calculated
using equations 4, 5, and 6). Equation (3) can

then be used directly to calculate n and the removal
efficiency. If the removal efficiency has been
measured and Now is to be calculated, then the
physical properties and the same correlations are
used to estimate the hydrodynamics and Pew and Pes.
In this case equation (3) must be solved implicitly
for Now'

In the Type 2 problem, the overall column
height is not specified, but rather it must be
calculated to provide a specified removal effi-
ciency. Since the column height enters into Now’
Pew, and Pes, equation {(3) is more difficult to
use. In this project a method has been used in
which H is assumed and the removal efficiency is
calculated as for a Type 1 problem. The correct
value for H is then determined by trial-and-error
calculation. Pratt (1975) has recently proposed
a more direct calculation which avoids this trial-
and-error procedure. The correlations which were
used for hydrodynamics, axial mixing, and mass
transfer for both the spray column and the rotating
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disk contactor for both types of problems are discussed
in detail in Appendix B, to which the reader is
referred at this point.
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SECTION VI
EXPERIMENTAL APPARATUS AND PROCEDURES

To carry out the experimental program de-
scribed in Section V, apparatus and procedures
had to be developed for (1) the analysis of aqueous-
and organic-phase samples taken during the treat-
ment of both actual and simulated waste waters,
(2) the measurement of equilibrium distribution co-
efficients for various solute-solvent combinations,
(3) the continuous, countercurrent contacting of
actual and simulated waste waters with both volatile
solvents and less-volatile, polar solvents, (4) the
continuous regeneration of volatile solvents by
distillation in equipment designed for operation
at moderate pressures (up to 50 psig), and (5) the
batch-wise regereration by atmospheric distillation
of less-volatile, polar solvents. During the
project the equipment and techniques were continually
modified and improved as problems were encountered
and solved. In the discussion to follow, the final
arrangement will be described along with the most
important modifications made during the project.

Analytical methods. The quantitative analyses

of aqueous-phase samples and samples of polar solvent
solutions during extraction mini-plant runs were made

by injection of 0.3 to 6ul samples into a Varian (Model
600-D) gas chromatograph equipped with a Varian (Model 328)
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temperature controller and a flame ionization
detector. For aqueous-phase samples, 0.8ul injections
made using a Hamilton (Model 7001) microliter syringe
were found to be reproducible giving a precision

-+

of + 2 - 4% depending on the concentration and type of
organic solute present. Larger volume injections
using a Hamilton (Model 701) ten microliter syringe were
occasionally used for very dilute samples, but reproduci-
bility fell to *5 - 8% when using this larger syringe.
Injections greater than 8ul usually extinguished
the flame. For polar solvent solution samples,
0.5u1 injections were always used as larger volumes
tended to saturate either the column or the detector
giving an erratic peak size for the polar solvent.
Separate syringes for aqueous- and organic-phase
injections were used to minimize the difficulty
in flushing residue from the syringes.

The flow of helium carrier gas was maintained
at 20 - 30 m1/min through a 3 foot length of 1/8-inch,
stainless steel, packed chromatographic column. The
packing material found most universally useful
was Porapak Q (100 - 120 mesh) operated at tempera-
tures between 170 and 247°C. The temperature
was chosen to allow the separation of peaks while
giving a minimum time for the peak of longest
retention time to be completely emitted. In one
case when a water sample containing benzene and
n-butanol was analyzed, a 3 foot length of column
containing Porapak T (80 - 100 mesh) at 180°C was
used to provide an adequate separation of peaks
when it was found that they could not be separated
using Porapak Q.
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One problem often encountered after a column
had been used for several weeks was the appearance
of unexplained peaks. Such peaks, which would
appear even when pure distilled water was injected,
may result from an accumulation of organic material
on the first few inches of column that either reacts
with or is stripped by the water sample. The
retention time was reproducible, but the peak
size for these anomolous peaks usually varied by
about +20%. As long as the unexolained peak did
not overlap with a peak from an important consti-
tuent in the sample this problem could be tolerated.
If necessary, the unexplained peaks could be elim-
inated by preparing, installing, and conditioning
a new column. During all analyses, occasional
pure water injections were made to check for
such anomolous peaks.

The hydrogen flow to the flame ionization
detector was maintained at 20 - 30 ml/min; the
air flow at about 300 ml/min. A small flow
controller and a cartridge filter were instailed
on both the heljum and hydrogen flow lines. The
combination of a Porapak column and a flame ioni-
zation detector worked particularly well for
aqueous samples since the water retention time
was short (10 to 15 sec.) and the water response
was very small. Therefore, the water peak passed
quickly through the column and did not interfere
appreciably with the other peaks. In addition to
the analyses using gas chromatography, the chemical
oxygen demands (COD) of the feed waste water and of
the purified product water were determined for
the experiments in which industrial waste water
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was treated. The ASTM standard procedure (ASTM,
1970) was employed which uses potassium dichromate
in 50% sulfuric acid with silver sulfate as catalyst
to oxidize all organic substances in the sample.

To reduce the loss of volatile organics, the sample
was cooled in an ice water bath while the sulfuric
acid was being added to the sample (EPA, 1971).

The determination of COD was useful when the waste
water contained substances of very low volatility
which were not detected by gas chromatography.

The quantitative analyses of samples of
volatile solvent were made using a technique
developed by Fleck and Prausnitz (1968) and improved
in this work. During an extraction experiment
each sample was collected in a 60 ml sample holder,
as described below under "Experimental Procedure".
Following the experiment, the sample holder was
pressurized to a total pressure of about 50 psig
with dry nitrogen, was connected to another 60 ml
container by an 8 inch length of soft, Indalloy
(Indalloy #5 with a melting point of 134°C, Indium
Corporation of America) tubing (1/16" o.d. with
a 0.010" hole) as shown in Figure 13, and the empty
container and tubing were evacuated. Gaseous
volatile solvent was then added to the empty
container and tubing until the pressure was slightly
below the room temperature vapor pressure of the
volatile solvent. The valves on both ends of the
Indalloy tubing were opened and about 20 ml of
volatile solvent solution was allowed to flow
through the tubing. With the liquid still flowing,
the tubing was pinched off and cut at the center
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Figure 13. Volatile Solvent Sampler
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with a Varian swaging tool, and then the Indalloy
tubing was swaged into about 10 pieces each 3/4

to 1 inch in length. These encapsulated samples

of volatile solvent solution were dropped into

a beaker of water to check for leaking volatile
solvent and then were taken immediately for analysis.

A Perkin-Elmer (Model 990) gas chromatograph
equipped with dual columns and a temperature
programmer was used for quantitative analysis of
volatile solvent solutions and for all analyses
associated with the determination of equilibrium
distribution coefficients. An induction heater
was attached to the injection port of the chromato-
graph allowing the Indalloy-encapsulated samples
to be melted in a stream of carrier gas flowing
directly into one of the columns. As the low-melting,
Indalloy melted, the entire sample of volatile
solvent solution was vaporized into the chromato-
graph. The temperature of the chromatograph was
initially held at 150°C until the volatile
solvent peak was detected, then the temperature
was increased to a level allowing the solute
peaks to be quantified. The same type of packing
and the same gas flow rates were used with both
chromatographs.

The response factors of both chromatographs
were found to vary significantly with such variables
as gas flow rates and column temperature. Such
day-to-day variation made frequent calibrations
an essential part of the analytical procedure.

For the analysis of aqueous and polar solvent
solutions, a standard solution of approximately
the same composition as the unknown was prepared
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by weight, using an analytical balance which
reads to + 0.1 mg. Three repetitive injections
were made with both the standard and the unknown
solutions, and the composition of the unknown was
determined from the average responses assuming
that peak area was proportional to concentration
over the slight concentration differences between
unknown and standard. Peak areas were determined
by a disc integrator except when peak overlap
occurred, in which case a procedure of cutting
out and weighing peaks was found to be considerably
more accurate. Typically the concentrations
determined in this manner are accurate to *+ 2 - 4%.

The calibration procedure for volatile solvent
solutions was more difficult since the total
quantity of sample was not precisely controlled
with the encapsulated samples. A gas-tight, 0.5 cc
(Precision Sampling) syringe was used to inject
very accurate and precise volumes of pure volatile
solvent vapor into the gas chromatograph. By
measuring the pressure and temperature of the gas
in the syringe, the mass injected was determined
and a response factor curve was prepared. The
response factors for the solutes were determined
separately by injection of standard solutions of
these solutes in methanol using the microliter
syringe.

With the response factors thus determined for
each component in the volatile solvent sample,
its composition could be calculated. Comparison
with prepared standard solutions of solutes in
volatile solvent indicated that the accuracy of
volatile solvent analyses was *5%.

97



The samples of both aqueous- and organic-
phase solutions were usually analyzed within two
days of when they were collected. During this
period the samples were stored at 4°C to minimize
biological oxidation. During the period in which
experiments with the spray column were conducted,
the non-volatile samples were stored in 5 cc vials
with a plastic cap and a paper seal. Later it
was determined that some organic solutes in aqueous
samples were absorbed into the paper seals, causing
a decrease in concentration of as much as 1.5% per
day for a 300 ppm solution of n-butyl acetate.

For all subsequent experiments the paper seals
were replaced by a Teflon disc which completely
eliminated this problem.

Equilibrium Determinations. Controlled measurements
of equilibrium distribution coefficients were made
for a large number of solute-solvent systems pertinent
to this work. The apparatus and procedure used and
the results obtained for these systems are reported
in Appendices E and F.

Spray column extractor. For the initial

experimental studies, a small spray column extractor
was constructed following the design suggestions

of Blanding and Elgin (1942). The distance between
the distributor plate and the main interface was

42 inches, and the column diameter was 1 inch.

The design capacity at 25% of flooding was for

a water flow rate of 1.0 gal/hr and for a C4
hydrocarbon flow rate of 3.4 gal/hr.
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As shown in Figure 14, the column was
built using 5 pieces of industrial glass pipe with
appropriate flanges and gaskets. The use of the
glass contactor made it possible to observe the
motion of the fluid phases, and thereby to judge
the accuracy of design drop size calculations,
the degree of turbulence, the possible flotation
of solid particles, and other performance charac-
teristics. Al1l flow line and temperature well
connections were through two brass end plates
to eliminate the need for glass blowing with its
expected reduction in the strength of the tempered
glass pipe. As purchased, the maximum safe operating
pressure for the glass pipe was 50 psig, which
is only about 8 psi above the expected operating
pressure when using isobutane as solvent.

The design of the distributor plate has a
very important effect on the performance of
a spray column. For operation with the hydrocarbon
phase dispersed, the drops were formed by forcing
the solvent to flow up through 30 holes of 1/16
inch diameter (Figure 15A). The holes were formed
by drilling through a 1 inch diameter circular
disc of stainless steel without removing the burrs
formed by the exit of the drill. The flow line
connections were designed so that the column could
be inverted to study operation with the aqueous
phase dispersed. To obtain uniform drops of water,
"a different distributor plate was required.
Satisfactory operation was achieved when water
was forced to flow down through 7 holes of 1/16
inch diameter drilled through a Teflon disc of
1 inch diameter (Figure 15B). Holes drilled
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Figure 14. Spray Column Extractor
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through copper did not result in aqueous drops of
a uniform size.
Rotating disc contactor. After initial

experiments, the spray column extractor was replaced
with an RDC to obtain effective operation and
representative mass transfer data while operating
with a low flow ratio. As shown in Figure 16,

the outer shell of the RDC was a 4 foot length of

3 inch diameter industrial glass pipe, and the
internal shaft, discs, stators, and support rods

as well as the external end plates were built

from type 316 stainless steel. The total 48 inch
length was divided into a 29 inch length of

active mass transfer region and two quiescent

zones of about 10 inches at either end for dis-
engagement of the phases. A stationary tubular
shield surrounding the rotating shaft extended 9
inches from each end plate to reduce turbulence

in these quiescent zones. The design capacity

was for a water flow rate of 5.0 gal/hr when the
mass ratio of solvent-to-water flow was 0.3 or less.
Not shown on Figure 16 but present on the pilot
plant RDC, a 4 foot length of 6 mm glass tubing

was connected by stainless steel tubing through

the end plates to serve as a sight glass. The
vertical distance between the level of the interface
within the sight glass and that in the column
divided by the vertical distance between the inter-
face in the column and the bottom rotating disc
provided an estimate of the solvent hold-up in

the mass transfer zone of the column.
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The rotating discs were 0.035 inch thick
with a 1/2 inch hole so that they would just slide
along the 1/2 inch rotating shaft. Discs of 1.50
and 1.75 inch diameter could be interchangeably
attached to the shaft. The discs were held firmly
in position by a threaded tightening nut at one
end, a fixed sleeve at the other end, and 1
inch lengths of tubing (0.506 inch i.d.; 0.563 inch
o.d.) which acted as spacers to separate each pair
of discs. The stators were 0.035 inch thick with
an outside diameter slightly less than the 3 inch
inside diameter of the glass pipe. Interchangeable
stators with holes of 2.00 and 2.25 inch diameter
were used. The stators were held in position by
3 rods of 3/16 diameter running the entire length
of the column. Spacers of 1 inch length were used
to separate the stators, and threaded tightening
nuts were used at each end of the rods.

To minimize vibration of the rotating shaft,
it was necessary to install a bearing midway
through the column. As with the stators, this
bearing was held in position by the three 3/16
inch rods plus two rubber o-rings which pressed
firmly against the glass pipe when the tightening
nuts on the rods were tightened. The details of
this bearing, built of Teflon with a 35% graphite -
65% Teflon solid inner bearing surface, are shown
in Figure 17. The cut-out area, which allowed the
fluids to flow past the bearing, provided an open
area about 24% of the total column cross-sectional
area. There were 12 discs above the bearing and 14
discs below it.
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The rotating shaft of the RDC was driven
by a 1/4 hp electric motor with a continuously
variable speed control (Minarik Model SL61) capable
of providing rotational speeds between 400 and
1600 RPM. The rotational speed was calibrated
with a stroboscope and was reproducible to +5 RPM.
The motor was located about 12 inches below the
bottom end plate, and a ball bearing supported
the shaft just above the flexible coupling which
connected the motor shaft to the shaft of the RDC.
As shown in Figure 18, a rotating seal (U.S.
Seal Model PS-903) provided a positive seal where
the shaft passed through the bottom end plate.
Just above the seal, a Teflon-graphite insert
provided a bearing surface for the rotating shaft;
a similar bearing was installed in the upper end
plate, but no seal was required on the upper end.

The RDC was always operated with the solvent
phase dispersed. The solvent entered through a
length of 1/4 inch tubing which carried it into
the area between the rotating shaft and the stationary
tubing which surrounded the shaft. A short length
of Teflon tube was attached to the top of the
stationary stainless steel tubing; this Teflon
tube extended upward to within 1/16 inch of the
bottom rotating disc. Since the solvent preferen-
tially wetted the Teflon, a thin film of solvent
was emitted so that the shearing action of the
bottom disc broke it into small droplets.

When the column was in operation, the main
solvent-water interface was positioned about 2 inches
above the top disc (Figure 19). The inlet water
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flowed through a 1/4 inch stainless steel tubing
which extended downward to a position about 1 dinch
above the top disc. A 1/16 inch diameter sample
line also extended downward from the top end
plate, allowing the aqueous phase to be sampled
just below the interface.

Solvent Regeneration Apparatus.
The apparatus used for the regeneration of
pollutant-loaded, volatile solvent included an

evaporator, a packed distillation column, a condenser,
a small reflux accumulator, and a reflux pump

arranged as shown in Figure 20. The equipment was
designed for a solvent flow rate of 3.4 gal/hr

and was thus oversized for the experiments using

a low solvent-to-water flow ratio. The regeneration
of less-volatile, polar solvent loaded with extracted
pollutants was carried out separately in an atmos-
pheric batch distillation apparatus.

The evaporator design took into account the
need for keeping unevaporated pollutants in the
liquid state before they are withdrawn, as well
as the need for variable and controlled temperature
differences between the heating medium and the
evaporating solvent. The loaded solvent was evap-
orated in a cylindrical, vertical copper tube
about 3 inches in diameter and 12 inches in length
as shown in Figure 21. The heat of vaporization was
supplied by a double-boiler arrangement, wherein
hot Freon-114 vapors were condensed onto the outside
of the tube wall. The Freon-114 was in turn
evaporated by a 1000 watt electrical heating
element (Chromalox Model R1-1100) located inside
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a second, outer container, which surrounded the
lower 9 inches of the inner tube. The pressure,
and hence the condensation temperature, of the
Freon-114 could be varied by adjusting the power
input to the heater. The Freon-114 was charged
after thoroughly evacuating and flushing the outer
container, and since the vapor pressure at room
temperature is about 20 psig, no inert gas could
enter the evaporator. The concentrated pollutants
were intermittently withdrawn through a line at
the bottom of the inner evaporator tube. The
temperature of the solvent vapors leaving the
evaporator was measured by a thermistor in a
copper temperature well.

A 12 inch long by 2 inch diameter distillation
column packed with 1/4 inch ceramic Raschig rings
was mounted on top of the evaporator. The packing
was supported by a screen at the bottom, and the
liquid reflux was distributed over the top of
packing through 5 holes of 0.014 inch diameter.
The distillation column was covered on the outside
by foam rubber insulation.

The purified volatile solvent vapor leaving
the distillation column was condensed in a
double-pipe heat exchanger, using chilled water as
coolant. The heat transfer surface was a 30 inch
length of 1 inch diameter cobper water pipe mounted
at a 45 degree angle, giving an inside surface |
area of 0.67 sq. ft. Because of space limitation,
chilled water (about 2°C), rather than normal
cooling water, was circulated through the jacket
of this small condenser to provide the required
rate of heat transfer while maintaining the
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pressure of the condensing solvent below the safe
operating pressure of the glass extraction column.

The condensed solvent flowed by gravity into
the reflux accumulator shown in Figure 22. The
accumulator consisted of a 3/4 inch diameter copper
tube inside a 2 inch diameter copper pipe connected
so that the annular area between tubes acted to
store about 0.12 gal of liquid and so that the
inner tube acted as a weir allowing the overflow
to pass downward to the regenerated solvent tank.

A three-way ball valve arrangement allowed the
accumulated liquid to be emptied into the receiving
tank if it became contaminated with pollutant
(e.g., during startup).

A diaphragm metering pump (Lapp Pulsafeeder,
Model LS-10) with a very precise flow rate adjust-
ment was used to pump reflux liquid up through a
rotameter, through a flow restriction, and into
the distillation column at flows up to 0.61 gal/hr.
Because of the pulsating flow, the rotameter was
used only to check for proper operation; the flow
rate was determined from a‘separate calibration
of the pump control. A flow restriction con-
sisting of a 3/4 inch length of 0.012 inch dia-
meter tubing had to be installed between the
reflux pump and the distillation column to eliminate
vaporization in the pump. The pump was located |
about 2 feet below the reflux accumulator to
provide the necessary suction head.

Figure 23 is a photograph of the entire
mini-plant. The RDC is located at the left, and
the other equipment is arranged as in Figure 20.
The dark colored tank below and just to the right
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of the RDC is a 9-gallon water feed tank; the

light colored tank beside it is a 9-gallon volatile
solvent feed tank. Helium pressure was applied
above the liquids in the two feed tanks to force
the fluids to flow up through the equipment thus
avoiding the need for feed water and feed solvent
pumps. The other 9-gallon, light colored tank

is the regenerated solvent tank. The vertical

pipe just below the condenser was used as a 4-gallon
feed tank for the polar solvent experiments. The
instrument just to the right of this pipe tank is
an Atkins (Model 3L01J) thermistor reader which

was used to display the temperature measurements at
the top and the bottom of the extractor and at the
vapor outlet of the evaporator.

The pollutant-loaded polar solvent solutions
were not regenerated in the mini-plant because the
Freon-114 in the evaporator did not provide a high
enough temperature. This separation was made in
an atmospheric batch distillation apparatus
consisting of a 3 liter spherical glass boiling
flask driven by an electrical heating mantie,

a vertically mounted Allihn condenser which provided
reflux by circulation of air through the jacket,
and a water cooled Claisen head condenser.

Chemicals Used. ‘
Volatile solvents were purchased from Matheson

Gas Products in pressure cylinders. C.P. grade
isobutylene of 99.0% purity was found by gas
chromatographic analysis to contain about 0.04% of
a heavy oil (probably diisobutylene and higher
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polymerization products) and about 0.01% of tertiary-
butanol (the product of reacting water with iso-
butylene). Instrument grade isobutane of 99.5%
purity did not contain any detectable impurity
which could be extracted by water (such as t-butanol)
or separated by the miniplant distillation (such as
heavy 0il1). The isobutylene was purified before
use by running it through the miniplant using pure
water to wash out water soluble impurities and
the distillation to separate the heavy components.
This purification was necessary only because the
impurities could interfere with the analysis of
some pollutants and because we wanted to test for
solvent degradation which might occur during an
extraction experiment. Such impurities in the
make-up to a commercial installation would cause
no problem.

The n-butyl acetate used as a polar solvent
was purchased in two qualities: (1) purified
grade (Baker Chemical Co.), which contained 0.76%
n-butanol as the only appreciable impurity, and
(2) technical grade (Bryant Lab, Inc.), which
contained 8.26% n-butanol plus at much lower concen-
trations several other impurities which appeared
to be a higher molecular weight ester and several
Tow molecular weight alcohols. The purified grade
n-butyl acetate was used without purification
because the n-butanol did not interfere with pollu-
tant analyses in those experiments. The technical
grade solvent was purified by washing with water
in the RDC at a high water-to-solvent flow ratio,
followed by a batch distillation. The early
fraction from the batch distillation was rewashed
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in a separatory funnel with water, then added

back to the distillation apparatus. The final
product from this treatment contained about 0.2%
n-butanol and almost no low-boiling impurities,
but still contained about 1% of a higher molecular
weight ester. The presence of 8% n-butanol in

the make-up solvent used in a commercial installation
could cause a problem if the rate of solvent loss
were high, but the steady state concentration of
n-butanol in the solvent would be low because it
would be washed out in the purified water.

The 2-ethyl hexanol used as a polar solvent
was practical grade (Matheson, Coleman, and Bell),
which contained less than 0.2% total impurities;
it was used without purification. The n-pentane
used in batch extractions was spectroquality
(Matheson, Coleman and Bell) of greater than 99%
purity and was used as purchased.

The various chemicals used to prepare synthetic
waste water solutions were reagent grade or purer
quality and were used without purification.

Experimental Procedure.

In a typical extraction experiment, whether

in the spray column or the RDC and whether using
volatile solvent or less-volatile polar solvent,
the procedure involved (1) preparing and charging
the water and solvent to the feed tanks,
(2) initializing flows in a specific manner that
would assure smooth operation and rapid approach
to steady state, (3) allowing sufficient time to
reach steady operation, (4) collecting final
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samples and recording measured flow rates, tempera-
tures, and pressures, and (5) terminating flows

in a manner that would leave all fluids in one

or another of the tanks with all other equipment
empty. Between experiments all pieces of equipment
which were in contact with pollutant-containing
fluids were disassembled and cleaned by water or
acetone followed by water washing.

The fluid samples were analyzed by gas
chromatography, resulting in data on the steady
state concentration of each pollutant in the feed
and product water, in the feed and product solvent,
and (with the RDC) in the water within the column
just below the main interface. From the determined
flows and concentrations a steady state material
balance could be calculated around the extractor.
After an experiment, especially if the steady
state balance did not check, the volumes and concen-
trations of the fluids remaining in the tanks would
be determined so that a "whole run" material
balance could be calculated. This would usually
show the location of any error in the "steady state"
material balance. Because of the low flow rate
of extracted pollutants leaving the bottom of the
evaporator, a steady state material balance around
the evaporator and distillation column was not
possible.

In preparation for an experiment in which
a simulated waste water was to be treated, up to
eleven 1-gallon bottles were filled with identical,
carefully measured amounts of each solute and
water. Since the water feed tank did not contain
an agitator, these bottles were shaken intermittently
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for several hours to assure complete dissolution,
and then about nine gallons were added to the

water feed tank. When industrial waste water was

to be treated, the preparation depended on the type
of water. Waste water from lube 0il refining

was filtered through a coarse filter paper to

remove large solid particles which could plug

valves and rotameters, its pH was adjusted to

about 5, and it was added to the feed water tank.
Waste water from cresylic acid recovery was also
prepared in this manner. With the ethylene quench
water, the aqueous phase was separated from floating
and settled organic phase by syphoning through

a tube submerged in the sample bottle. Waste

water from the oxychlorination plant was neutralized
with NaHCO3, as described in Section V.

Before filling the feed water tank with the
waste water, it was washed with and then filled
with pure water. After pressurizing the feed
water tank with helium, the pure water was used
to fill the extraction column, thus purging the
air from it. When a volatile solvent was to be
used, about 500 cc of volatile solvent liquid
was then added to the extractor while allowing
some water to be displaced out the water-phase
outlet line. When a polar solvent was to be used,
a low-pressure dry nitrogen line was connected ‘
through the solvent outlet line to pressurize the
column. Then, under the pressure of volatile
solvent vapor or dry nitrogen, about three-
quarters of the water in the column was removed
and discarded. The volume of the remaining water
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was recorded for use in calculating the whole
run material balance.

The volatile solvent was charged to the solvent
feed tank as a liquid by inverting the high pressure
cylinder so that its valve was below the level of
the 1liquid in the cylinder. Prior to transferring
the solvent, the solvent feed tank was evacuated
to about 1 mm Hg absolute pressure, and dry nitro-
gen was added to the high pressure cylinder to
provide a pressure driving force. When a mixture
of volatile solvent and less-volatile, polar
solvent was to be used, the solvent feed tank
was first evacuated, polar solvent was sucked
in, and then volatile solvent was added. After
both types of solvent had been added, the valves
on the tank were closed, and it was shaken by hand
to assure thorough mixing.

After the feed tanks were filled with waste
water and solvent and were pressurized with helium,
the extraction column was filled with waste water
to within about 2 inches of the top. Solvent
was then added to fill the column completely with
liquid. This method of filling the extractor
resulted in a concentration gradient at the begin-
ning of an experiment and thus decreased the amount
of time required to reach steady state.

The flow rates of both water and solvent
were next determined. With the solvent inlet and
outlet valves closed, the water flow was started
and controlled to the desired setting on the water
rotameter by adjusting the water outlet valve.

A volume of water was then collected during
a timed interval to establish the polluted water
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volumetric flow rate which corresponded to the
chosen rotameter setting. The solvent inlet
valve was opened, and the water inlet valve was
closed. The solvent flow was controlled to the
desired setting on the solvent rotameter by again
adjusting the water outlet valve. As the solvent
sTowly displaced the water from the column, a
volume of the water was collected during a timed
interval to establish the solvent volumetric flow
rate which corresponded to the chosen rotameter
setting.

With both the inlet and outlet solvent valves
on the extractor closed, the waste water flow
rate was set at the desired value, with the inlet
valve completely open and the outlet valve used
for control with the flow being measured by the
rotameter between the feed tanks and the extractor
(Figure 24). Tre inlet solvent valve was then
opened completely, and the outlet solvent valve
was opened until the water flow into the column
was reestablished. Since the flow of solvent had
little effect on the column pressure, this procedure
does not change the rate at which water flows out
of the column; therefore, the interface was station-
ary. After about 10 minutes to allow the solvent
phase abaove the interface to come to approximately
the steady state concentration, the solvent outlet
valve was closed until the interface descended to
its desired location. If more than the original
9 gallons of waste water was required to complete
the run, all flows were stopped at this point,
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and the water feed tank was refilled. The above
precedure was then used to restart the flows.

By adjusting the water inlet and solvent inlet
valves and then reestablishing the water inlet
flow to the desired value by adjusting the solvent
outlet valve, any combination of solvent and water
flows could be set and still give a stationary
interface.

Before starting an experiment in which
volatile solvent was used, some pure volatile
solvent was passed through the column while it
was filled with pure water, and the reflux
accumulator was filled with pure liquid volatile
solvent by boiling it in the evaporator and con-
densing it in the condenser. Then, just before
the pollutant-containing volatile solvent was
first admitted to the evaporator, the reflux
pump was started and the evaporator heater acti-
vated. When this method was used, the only adjust-
ment that had to be made when the outlet solvent
valve on the extractor was opened was to increase
both the heater power and the cooling water flow
rate.

Once the apparatus was running, the only
adjustments necessary were to keep the solvent
and water flow rates constant by controlling the
solvent outlet valve and to keep the pressure in -
the condenser constant by adjusting the heater
power, The approach to steady state was followed
by sampling the water outlet and analyzing for
the pollutant concentrations with the gas chroma-
tograph. Steady state operation usually required
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about 45 minutes, and the equipment could be oper-
ated for at least 30 additional minutes before the
feed water tank was emptied. During this

period the pollutants which accumulated in the
evaporator were intermittently withdrawn out the
bottom and were collected in a previously weighed
pressure vessel of about 500 ml volume.

After steady state was attained, final sam-
ples were taken of the outlet water, the outlet
solvent, and (with the RDC) the water within the
column. The solvent inlet and water outlet
valves were then closed until the interface ascended
to just below the top of the column, at which
time the solvent outlet valve was closed. The
column was then drained into the water receiving
tank, a glass carboy located within a fume hood
to eliminate the solvent vapors that were released
when the pressure was decreased across the water
outlet valve. The evaporator was allowed to
run until no more liquid was present in the evapor-
ation tube at which time the reflux pump was
stopped, the heater turned off, the condenser
water flow stopped, and the reflux accumulator
drained into the regenerated solvent tank.

After the run, the total quantity of water
treated was determined by measuring the volume of
the accumulated purified water and subtracting
the volume of the pure water initially present
in the column. The total quantity of solvent
used was determined from the volume in the re-
generated solvent tank. The total quantity of
concentrated pollutant residue was determined
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by weighing the collecting vessel. After

the concentrations of pollutants were determined
in these liquids, the whole run material balance
was readily calculated.
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SECTION VII
SPRAY COLUMN - EXPERIMENTAL RESULTS

The primary objective of experiments conducted
in the spray column was to prove the overall process
feasibility of volatile solvent extraction. The
majority of runs were conducted with isobutylene
as the dispersed phase; however, for comparison
water was dispersed into isobutylene in several
runs, and n-butane was dispersed in one experiment.
A variety of types of organic chemicals was extracted,
including one aromatic hydrocarbon (benzene), two
alcohols (n-butanol and isoamyl alcohol), two
esters (vinyl acetate and n-butyl acetate), two
ketones (acetone and methyl ethyl ketone), one
aldehyde (crotonaldehyde), one nitrile (propionitrile),
one chlorinated hydrocarbon (ethylene dichloride),
and several phenolics (phenol; o-cresol; m, p-cresol;
and xylenols). Most of these solutes are known to
be present in the waste water from chemical processing
plants, but they were also chosen to determine if
any class of organic chemicals might cause unexpected -
problems such as an irreversible reaction with iso-
butylene. Most of the solutes studied were present
in synthetically prepared water solutions, but samples
of lTube 0il refining waste water and cresylic acid
recovery waste water were also tested. Many more indus-
trial waste waters were tested with the RDC extractor
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(see Section VIII),

Each experiment was conducted in the miniplant
spray column extractor as described in Section VI.
In addition to the types of solutes and the choice of
volatile solvent, the principal independent variables
were the water and solvent flow rates. The tempera-
ture was measured but not controlled. The principal
measured response was the concentration of each
solute in the product water. Approximate measurements
were made of the droplet size, by holding a scale
against the glass column, and of the time for a droplet
to travel from the distributor to the main interface,
by using a stopwatch. From the "whole run" material
balance (see Section VI), it was possible to estimate
the effectiveness of solvent regeneration. However,
the procedure for sampling and analyzing the pressur-
ized solvent was not perfected until after the
experiments in the spray column had been completed.

In this chapter we first describe the method
of reducing the data on solute removal efficiencies
to mass transfer coefficients. A sample calculation
is described for Run SS12A (SS = Spray column with
Solvent dispersed; 12 = sequence number; and A =
first setting of solvent and water flow rates).
The correlations which describe the hydrodynamics
and axial mixing in the spray column are shown to
provide a reasonable description of its operation,
The mass transfer models for circulating and
oscillating drops are shown to bracket the experi-
mental results for Run SS12A.

The experimental results are then described
and discussed with respect to answering such
questions as which phase should be dispersed and
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when are solute interactions important. The

results from several experiments indicate that the
solvent phase rather than the aqueous phase should

be dispersed. Experiments in which the performance
using n-butane as solvent was compared to the
performance using isobutylene show that isobutylene
is usually preferred. Isobutylene tends to give

both higher distribution coefficients and higher

mass transfer coefficients. While experiments did
not lead to a clear understanding of interactions
between solutes, the results did indicate that

such interactions can be important. Mass transfer
rates were often found to be higher than theoretically
predicted for oscillating drops as well as for
circulating drops. Runs are described in which

lube 0il refining waste water and cresylic acid
recovery waste water were treated by volatile solvent
extraction. Further details on the method of

data reduction along with a 1isting of the computer
program used to make the calculations and the experi-
mental results for all 37 runs conducted in the

spray column are listed in Appendix G.

Method of Data Reduction.
Although the comparison of solute removal

efficiencies is a useful means of comparing various
modes of operation, a better comparison is possible

in the spray column experiments by reducing the data
to mass transfer coefficients (or equivalently,
numbers of transfer units) and then by comparing these
to theoretical and empirical predictions. This
procedure requires the use of the design methods
described in Section V and Appendix'B to predict the
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effects of hydrodynamics, axial mixing, and mass
transfer rates. The procedure of data reduction is
described for Run SS12A, an experiment in which a
prepared waste water containing about 2000 ppm each of
acetone and n-butyl acetate and about 4000 ppm each

of methyl ethyl ketone (MEK) and crotonaldehyde was
treated with isobutylene as the dispersed phase.

Estimation of physical properties. The estima-
tion of solvent droplet size and solvent holdup

requires data on the densities of both phases, on

the interfacial tension, and on the aqueous-phase
viscosity. In addition, for estimation of mass
transfer rates, data are required for the solvent
viscosity and the diffusivities of each solute
through water and through isobutylene. The values
used at the measured temperature of 21.6°C are listed
in Table 8. The aqueous-phase density and viscosity
were taken as those listed by Weast (1970) for pure
water. The density of the solvent phase was taken

to be that of pure isobutylene (API, 1963), and the
solvent-phase viscosity was estimated by extrapolating
low-temperature (-110°F to +10°F) viscosity data for
n-butane, iso-butane, and 1-butene (API, 1963) and
assuming that the viscosity of isobutylene is the
product of the viscosity of 1-butene and the ratio

of viscosities of iso-butane to n-butane. The inter-
facial tension was estimated by plotting data for
several hydrocarbons for which data is available
(n-pentane, n-hexane, n-heptane, and n-octane) in

the manner suggested by Donahue and Bartell (1952).
These authors showed that the interfacial tension of
many systems fell on a single line when plotted as
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Table 8. Physical Properties for Run SS12A

Continuous-phase density = 0.9979 gm/cc

Continuous-phase viscosity

0.9704 cp

Dispersed-phase density 0.5914 gm/cc

Dispersed-phase viscosity

0.182 cp

Interfacial tension = 41.5 dyne/cm

Solute diffusivities (105 X ft2/hr) and distribution
coefficients:

Solute Dc Dd Kd

Acetone 4.22 26.2 0.63

MEK 3.87 24.0 2.49

Crotonaldehyde 3.88 24.0 2.48

n-Butyl Acetate 2.71 20.4 168.
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interfacial tension vs. the logarithm of the sum of
mole fraction sclubility of water in the organic-
phase and mole fraction solubility of the organic in
water. The mutual solubilities for the hydrocarbon-
water binary systems were taken from API (1963).

The diffusivities were estimated as recommended by
Reid and Sherwood (1966) using the method of Scheibel
(1954) and assuming that the values at infinite
dilution would apply at the low concentrations in the
experiment. The distribution coefficients were taken
from Appendix E assuming the values at 25°C and at
infinite dilution would apply.

Estimation of hold-up and Peclet number. In
Run SS12A the isobutylene flow rate was 21.3 gal/hr
which when passed through the 30 holes of 1/16-1inch
diameter in the distributor gave a discharge velocity
of 0.1236 ft/sec. Since this is considerably less

than the jetting velocity of 1.12 ft/sec predicted
by the method of Scheele and Meister (1968), their
correlation could reliably be used to estimate the
average drop size of 0.1819 inch. This agreed very
well with estimates made by visual observatjon. By
using the correlation of Minard and Johnson (1952),
operation during this run was estimated to be 11.9%
of flooding (i.e., 11.9% of the fluid velocities at
flooding with the same ratio of phase flows). _
The method of Hughmark (1967) was used to estimate
the hold-up as @ = 0.0272, and the correlation of
Henton, et al. (1973) predicted Pec = 2.017 as an
estimate of axial mixing. Assuming the velocity of
the rising droplets to be Vd/w leads to a rise time
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of 6.6 sec which agrees with an average experimental
estimate of 7 sec.

Circulating-drop estimate of mass transfer.
Using the estimates of droplet size and hold-up, the
correlation of Ruby and Elgin}(]955) was used to
estimate kc for each solute, and equations (5) and
(B5) were used to calculate Ne (=Nw). The dispersed-
phase mass transfer coefficient for circulating drops
was estimated by the equation of Kronig and Brink
(1950) which assumes no resistance to mass transfer
in the continuous phase. In Run SS12A the water
flow rate was 0.948 gal/hr, which when combined with
the solvent flow rate and the two fluid densities
led to FS/Fw = 1.331, from which the value of E for
each solute was determined. The predicted values of
Nw and NS were then combined according to equation
(4) to give the predicted value of Now The results
of these estimates are listed in Table 9 and plotted
as the upper curve on Figure 25. R (= kc/ded =
Nw/NsE) is also included in Table 9.

Oscillating-drop estimate of mass transfer. A
similar procedure was followed using the equations of
Angelo, et al. (1966; 1968) for oscillating drops;
these results are also listed in Table 9 and plotted
as the lowest curve on Figure 25. The major factor
increasing the rate of mass transfer for oscillating
drops relative to circulating drops is a 3- to 5-fold
increase in Né.

Experimental mass transfer results. To compare
the experimental results with the predictions for
circulating drops and for oscillating drops, the
removal efficiency data were corrected for end
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Table 9. Predicted Mass Transfer Rates

Acetone MEK Crotonaldehyde

n-Butyl Acetate

E 0.84 3.31 3.30

Circulating Drops:

N, 2.46 2.34 2.35
Ns 0.61 0.58 0.58
Now 0.42 1.06 1.06
R 4.8 1.2 1.2

Oscillating Drops:

N, 2.84 2.72 2.73
Ng 3.15 3.02 3.02
Now 1.37 2.14 2.14
R 1.1 0.27 0.27
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effects and converted to values of Now' In using
equation (14) to correct for mass transfer during
solvent droplet formation, the continuous-phase
concentration was assumed to be the measured outlet
aqueous-phase concentration, and the feed solvent
was assumed to be free of solutes. The correction
for mass transfer during water droplet formation was
made by assuming the continuous solvent-phase concen-
tration was that which would satisfy a material
balance around the spray column. The corrections
for mass transfer during droplet coalescence were
made assuming the continuous-phase concentration was
the feed concentration (i.e., neglecting the concentra-
tion jump) and assuming the dispersed-phase concentra-
tion was the concentration of the product. The
measured (before drop formation and after drop
coalescence) and corrected (for end effects)
aqueous-phase concentrations which are listed in
Table 10 show that these corrections are relatively
minor, which justifies the approximate nature of the
corrections. The corrected concentrations were used
to calculate n according to equation (1). Using
the previously estimated Pew = 2.017 and assuming that
PeS is infinite, equation (3) was solved implicitly
to give the values of Now for each solute as listed
in Table 10 and plotted on Figure 25. The experi-
mental results fall between the curves for oscillating
drops and for circulating drops for all solutes except
n-butyl acetate.

A11 the curves in Figure 25 deviate from straight
lTines which would occur if the values of N, (and

Ns) were the same for each solute. The prediction
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Table 10.

Experimental Mass Transfer Rates

Ppm in Feed Water

Ppm Corrected* Feed
Ppm in Product Water
Ppm Corrected* Product
Ppm in Feed Solvent
Ppm Corrected* Solvent

n

Experimental Now

* for end effects

Acetone MEK Crotonaldehyde

n-Butyl Acetate

2058 4167 4422
2038 4078 4328
1307 1579 1620
1329 1621 1663
0.0 0.0 0.0
l6.6 31.3 32.1
0.648 - 0.396 0.382
0.69 1.40 1.48

2212

2150

620

637

0.0

13.0

0.296

1.68



for circulating drops shows curvature because of
differences in solute diffusivities. Additional
curvature would have been introduced had the correc-
tion to additivity of the individual-phase resistances
been included in the predicted curves. The correc-
tion due to the interaction of resistances is

largest at R=1 and falls to zero at large and at

small values of R. The point R=1 occurs near 1/E=0.25
for the circulating drop model and near 1/E=1.1 for
the oscillating drop model. The corrected curves
would lie slightly below those plotted, following
results presented by King (1965) for various simpli-
fied models. The curvature in the prediction for
oscillating drops is due to variations in solute
diffusivities. The fact that the experimental line
shows curvature like that for the oscillating drops
does not necessérily mean this model is most repre-
sentative.

Because of the complex nature of these calcu-
tations, it is not readily apparent how errors in
the assumed values of physical properties will
influence the comparison between experimental and
predicted values of Now' It is unlikely that the
estimates for densities or viscosities are much in
error, but the interfacial tension could be sub-
stantially reduced by the presence of the solutes
and other impurities. If the interfacial tension
were 20.0 dynes/cm rather than 41.5 dynes/cm, the
solvent hold-up would be increased from 0.0272 to
0.0314, and the average droplet diameter decreased
from 0.1819 inch to 0.1494 inch. These changes would
result in the increased rate of mass transfer for
both circulating and oscillating drops shown by
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the dashed lines in Figure 26. The increase in
estimated hold-up would result in an increase in PeC
which causes a slight change in the experimental
curve. The estimated values of the solute diffusi-
vities could also be in error. Reid and Sherwood
(1966) found when using the Scheibel method that the
average error for the diffusivity of organics in water
was 11% and for the diffusivity of organics in other
organic solvents was 25%. The vertical bars on the
predicted curves in Figure 26 show the range of
changes 1in NOw caused by an 11% increase in all values
of DC and a 25% increase in all values of Dd

or by an 11% decrease in Dc's and a 25% decrease in
Dd's. Changing diffusivities has almost no effect

on the experimental curve since they only enter into
the minor correction for end effects. Figure 26

shows that these errors in physical properties would
not change the location of the experimental curve
from that of lying between the curves for circulating
drops and for oscillating drops.

Choice of Dispersed Phase.

The results of Runs SS11 and SW3 give some
insight into how operation with isobutylene dispersed
compares with operation with water dispersed. In
both these experiments a single solute, ethylene
dichloride (measured Kd = 70.0, by the method reported
in Appendix E), was present in the feed water at
about 3000 ppm. When isobutylene was dispersed in
two experiments in which the water flow rate was
held constant at 1.50 gal/hr, the removal efficiency
decreased from 87.2% with an isobutylene flow rate
of 1.76 gal/hr to 62.0% with an isobutylene flow
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rate of 0.700 gal/hr. This decrease must reflect

a decrease in kca since the major resistance to

mass transfer is in the water phase. The main

reason for this decrease is the decrease in solvent
hold-up and therefore in a. The results of comparing
the experimental with the predicted values for Now
are shown in Table 11. For Runs SS11A and SS11B the
experimental NOw was larger than the prediction for
oscillating drops as well as that for circulating
drops, but the ratio of experimental Now to predicted
Now for oscillating drops was constant at about 2.2
for these two runs.

When water was dispersed into isobutylene at
five different flow settings in Run SW3, the ethylene
dichloride removal efficiency ranged from 51 to 55%
and was nearly independent of solvent flow rate; it
showed only a slight variation with water flow rate.
Since the resistance to mass transfer was almost
entirely in the water phase, the solute removal
efficiency from a droplet of water falling through
the solvent is expected to be only slightly affected
by the solvent flow rate. When the water flow rate
was decreased, the droplet size decreased slightly
which accounts for a slightly improved removal
efficiency. The results of comparing the experimental
with the predicted values of Now are shown in '
Table 11; they indicate that the experimental Now
fell between the values predicted for circulating
and for oscillating drops. The ratio of experimental
Now to N, predicted for oscillating drops ranged
from 0.82 to 0.92 for these five runs with the water
phase dispersed.

141



vl

Table 11. Comparison of Runs with Different Phases Dispersed

(Solute = Ethylene Dichloride)

Run # v v E Pe % Removal N N N

w S c ow ow ow
(ft/hr) (£t/hr) (experimental) (circulating) (oscillating)

SS11la 36.8 43.2 48.8 2.93 87.2 3.09 1.15 1.37
SS11B 36.8 17.2 19.4 2.19 62.0 1.24 0.49 0.57
SW3A 36.8 43.2 49.1 2.57 51.1 0.71 0.26 0.86
SW3B 36.8 30.2 34.3 1.79 52.0 0.74 0.26 0.85
SW3C 36.8 17.2 19.5 1.02 50.9 0.72 0.26 0.85
SW3E 27.2 43.2 66.3 2.35 55.4 0.80 0.26 0.88

SW3D 27.2 30.2 46.3 1.64 55.1 0.80 0.26 0.87



Further insight into the question of which
phase to disperse was gained from Runs SS9 and SWI1.
In these runs, isoamyl alcohol (measured Kg = 3.53)
was present at about 2000 ppm in the feed water in
addition to about 3000 ppm of ethylene dichloride.
The changes in removal efficiencies with changes in
isobutylene flow rate were similar to those in the
experiments where only ethylene dichloride was
present. However, a comparison of experimental values
of N ow with values of NOw predicted for oscillating
drops as listed in Table 12 shows that the rate of
mass transfer was greater than that predicted for
oscillating drops for both water dispersed and solvent
dispersed. Comparing the values of Now for ethylene
dichloride with and without isoamyl! alcohol being
present shows that when the alcohol was present,
the rate of mass transfer was increased. This is
probably the result of interfacial turbulence being
promoted by the presence of the alcohol. The incon-
sistently high experimenta1 values of Now in Run
SS9C were traced to a sample bottle which did not
seal. The product water sample showed a concentration
of ethylene dichloride which was too low due to
volatilization losses; the loss of isoamyl alcohol
was also appreciable but was not as significant as
the loss of the more volatile ethylene dichloride.

One additional set of runs was completed with
water as the dispersed phase. In Run SW2 about 3000
ppm of ethylene dichloride and about 2000 ppm each
of n-butanol (measured Kqg = 0.76) and n-buty]l
acetate (measured Kq = 168.0) were present in the
feed water. The results of a comparison of

experimental and predicted Now are shown in Table 13.
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Table 12.

Comparison of Runs with Different Phases Dispersed

(Solutes = iso=-Amyl Alcohol and Ethylene Dichloride)
Run # Vw VS Solute E Pec $ Removal Now Now
(ft/hr) (ft/hr) (experimental) (oscillating)

SS9A 51.3 43.2 IAA 1.76 4.12 71.0 2.28 0.79
EDC 34.9 92.5 3.96 1.00

SS9B 51.3 30.2 IAA 1.23 3.66 52.7 1.24 0.56
EDC 24.4 78.1 2.02 0.72

s$s9cC 51.3 17.2 IAA 0.70 3.07 47.0 1.53 0.33
EDC 13.9 (98.4) (9.53) 0.42

SW1B 51.3 43.2 IAA 1.77 2,91 44.0 0.74 0.69
EDC 35.1 68.9 1.19 0.88

SW1A 51.3 17.2 IAA 0.70 1.15 30.9 0.65 0.68
| EDC 14.0 59.1 0.94 0.87
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Table 13. Additional Runs with Water as the Dispersed Phase

(Solutes = n-Butyl Alcohol, Ethylene Dichloride, and n-Butyl Acetate)

Run # \Y v Solute E Pe %2 Removal N N

w S S ow ow
(ft/hr) (ft/hr) (experimental) (oscillating)
SW2A 36.8 43.2 n-BuOH 0.53 2.57 25.1 ©0.47 0.46
EDC 49.0 82.5 1.80 0.86
n-BuAc 118. 79.1 1.59 0.75
SW2B 36.8 30,2 n-BuOH 0.37 1.79 23.4 0.61 0.46
EDC 34.3 80.2 1.69 0.86
n-BuAc 82.2 75.0 1.41 0.75
SW2C 27.2 30.2 n-BuOH 0.50 1.64 27.0 0.62 0.47
EDC 46.3 83.0 1.85 0.88

n-BuAc 1lll. 78.3 1.55 0.76



Although the theory for oscillating drops (Angelo,

et al., 1966 & 1968) has not been well tested,

the fact that the experimental values of Now are larger
than predicted for oscillating (as well as for cir-
culating) drops may be another indication of inter-
facial turbulence.

It is interesting to compare the removal
efficiencies of ethylene dichloride and n-butyl
acetate in this experiment. Both predicted and
experimental values of NOw were larger for ethylene
dichloride than for n-butyl acetate, even though
the latter had a larger distribution coefficient.
The reason for this difference was the larger diffu-
sivity for ethylene dichloride. The extraction
factor for both these solutes was so large that
almost all the resistance to mass transfer was in
the aqueous phase where the diffusivity of ethylene
dichloride was predicted to be 3.37 x 1072 ftz/hr
while that for n-butyl acetate was predicted to
be 2.51 x 107° ft°/hr.

These experiments in which the choice of which
phase to disperse was considered can now be summarized.
For cases where the flow rates of the two phases were
about equal, better performance was obtained by dis-
persing the volatile solvent. The mass transfer
rates when the solvent was dispersed were greater
relative to predictions for oscillating drops than
when the water phase was dispersed. Also, the
predictions for oscillating drops were larger with
the solvent dispersed, mainly because this mode of
operation gave a continuous phase with a much larger
viscosity leading to a longer drop residence time.
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Since the performance fell less sharply with decreas-
ing solvent flow when the water was dispersed than
when the solvent was dispersed, there is likely

a lower limiting ratio of solvent to water flow
below which dispersing the water will result in

a greater solute removal efficiency. However,
operation with a very low solvent-to-water flow
ratio in the spray column gives poor solute removal
efficiencies no matter which phase is dispersed,

so other types of extractors would likely be pre-
ferred. In general, it appears preferable to dis-
perse the solvent for all modes of operation giving
a high removal efficiency.

Choice of Type of Volatile Solvent.

The results from Run SS10 where n-butane was
dispersed, when compared to Run SS9 where isobutylene
was dispersed, give some insight into the relative
merits of these two volatile solvents. In Run
SS10 n-butane was used to treat a prepared waste
water containing about 3000 ppm of ethylene dichloride
(measured K, = 44.0) and about 2000 ppm isoamyl
alcohol {(measured Kd = 1.41); this feed water had
nearly the same composition as that used for Run
SS9. The predicted values of Now for oscillating
drops are compared to experimental values of Now for
Runs SS10 and SS9 in Table 14. A more detailed study
showed that predicted values of Nw were essentially
the same for the two volatile solvents, while Ns was
about 7% larger for isobutylene than for n-butane.
For ethylene dichloride, where the resistance to mass
transfer was almost entirely in the aqueous phase,
the predicted values of Now were essentially equal.
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Table 14.

Comparison of Results When Using Different Volatile Solvents

(n-Butane used in Run S$S10; i-Butylene used in Run SS9)

Run # Vﬁ Vs Solute Kd E Pew % Removal Now Now
(ft/hr) (ft/hr) (experimental) (oscillating)
SS10A 51.3 43.8 IAR 1.44 0.68 3.85 42.6 1.10 0.63
EDC 44.0 20.9 74.6 1.75 1.00
SS10B 51.3 31.4 IAA 1.44 0.49 3.47 29.4 0.61 0.46
EDC 44.0 15.0 59.1 1.07 0.74
ssl0cC 51.3 17.4 IAR 1.44 0.27 2.88 19.1 0.41 0.2¢6
EDC 44.0 8.32 42.7 0.63 0.42
SS9A 51,3 43.2 IAA 3.53  1.76 4.12 71.0 2.28 0.79
EDC 70.0 34.9 92.5 3.96 1.00
SS9B 51.3 30.2 IAA 3.53 1.23 3.66 52.7 1.24 0.56
EDC 70.0 24.4 78.1 2.02 0.72



However, for isoamyl alcohol, which had lower values
of Kd in both solvents and therefore had a larger
resistance to mass transfer in the solvent phase,
both the Tower Kd and the lower NS for n-butane as
solvent resulted in substantially lower values being
predicted for Now'

The experimental values of NOw in Table 14 show
that the factor which was even more significant than
a larger value of Kd in isobutylene was the fact that
the ratio of experimental Now to predicted NOw
was much larger for isobutylene than for n-butane.
Therefore, isobutylene would in general be the pre-
ferred choice as volatile solvent. Even for solutes
which show a very large value of Kd, the better
ratio of experimental to predicted Now (if this factor
occurs for other waste waters) would result in
higher removal efficiencies with isobutylene. One
factor which does weight in favor of butane in terms
of process costs is the lower solubility and lower
solvent make-up.

Solvent reactivity could also affect the
choice of volatile solvent. 1In one early experiment
(to be described below as Run SS6) in which iso-
butylene was used to extract phenol from a waste
water, a solute was detected in the product water
which was not present in the feed water. This
solute was identified by chromatographic analysis
to be tert-butanol. Since a 2% phenol solution is
slightly acidic (pH=4) and since isobutylene is
known to react with water in acidic media to form
tert-butanol, an experimental program was carried
out to determine the importance of this reaction.
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Isobutylene does not undergo appreciable hydration

in 2% phenol solution, and the source of the tert-
butanol was found to be the feed isobutylene which
contained about 0.01% tert-butanol impurity. However,
during the program isobutylene was found to undergo
both hydration and dimerization in more acidic
solutions. Therefore, butane would be the preferred
volatile solvent for the treatment of a waste

water which is acidic and which can be reused without
neutralization if the organic solutes are first
removed. The highly acidic waste water from certain
steps in the production of vinyl chloride would

be an example of such a waste water.

Interactions Among Solutes.

The previous results showed that the presence
of isoamyl alcohol could improve the removal of
ethylene dichloride, even though both solutes were
present at such high dilution that their values of
Kd should equal Kd at infinite dilution. This is
an example of solute interactions. A series of
experiments was conducted in the spray column ex-
tractor to try to improve our understanding of these
interactions and also to try to determine under what
conditions interactions tend to increase values

of Now' .
In this series of experiments two solutes with
widely differing values of Kd’ acetone with Kd=0.63
and n-butyl acetate with Kq=168.0, (Appendix E),
were included so that the relative importance

of mass transfer in each phase could be estimated.
In Run SS15 about 2000 ppm each of only acetone and
n-butyl acetate were present. The results of an
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analysis of the mass transfer are shown in Table 15.
In Run SS15A the experimental values of N,  ~were much
larger than those predicted by the oscillating drop
model; the measured removal efficiency for acetone
was so large that according to the dispersion model
it should not have been possible even with an infi-
nite number of transfer units.

There are several possible explanations for
experimentally determined values of Now being infinite.
Had the actual removal efficiency for acetone been
59.4% rather than the measured value of 71.2%,
then the experimental value of NOw would have been
4. Although the difference in concentration of
acetone in the product water (831 ppm for 59.4%
removal, rather than the 590 ppm measured) is much
larger than the expected analytical error, acetone
could have been lost through vaporization during the
short period between when the sample was collected
and when it was analyzed by gas chromatography.
Another possibility is that the extent of backmixing
was overestimated. If Pew = o (plug flow in both
phases), the measured removal would have been
possible with Now = 3.31 for acetone and Now = 5.15
for n-butyl acetate. However, even these values
are larger than what was estimated for oscillating
drops. Whatever the true explanation is, this run
and Run SS15B indicate that the rate of mass transfer
for the simultaneous extraction of acetone and n-butyl
acetate was far more rapid than predicted for oscil-
lating drops.

In Run SS7 isobutylene was used as the dis-
persed phase to extract a mixture of about 2000 ppm
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Table 15, Interaction Among Solutes

Run # Vw Vs Solute E Pew % Removal NOw Now Now
(ft/hr) (ft/hr) (expt'l) (circul) (oscill)

Ss15A 23.3 52.3 Acetone 0.84 2.01 71.2 L 0.42 1.36
n-BuAc 224. 99.4 14.7 1.86 2.26

S515B 23.3 26.9 Acetone 0.43 1.59 34.6 1.60 0.22 0.72
n-BuAc 115. 93.2 5.44 1.00 1.19

ss7 21.6 68.0 MEK 4.65 2.09 77.7 2.51 1.46 2.95
Crotonal. 4.63 77.0 2.43 1.46 2.95

ssl2a 23.3 52.3 Acetone 0.84 2.02 36.5 0.69 0.42 1.37
MEK 3.31 62.1 1.40 1.06 2.14

Crotonal. 3.30 63.4 1.48 1.06 2.14

n-BulAc 224, 72.0 1.68 1.87 2.27

SS12B 23.3 83.2 Acetone 1.33 2.44 47.0 0.94 0.66 2.15
MEK 5.28 74.0 2.00 1.65 3.36

Crotonal. 5.25 74.0 2.00 1.64 3.36

n-BuAc 356. 80.5 2.25 2.86 3.57

Ss16 23.3 52.3 Acetone 0.84 2.03 45.0 1.16 0.43 1.39
MEK 3.31 68.2 1.81 1.06 2.12

Crotonal. 3.30 67.7 1.77 1.06 2.12

n-BulAc 224. 76.2 1.98 1.93 2.32



each of MEK (Kd = 2.49, Appendix E) and croton-

aldehyde (Kd = 2.48, Appendix E). As shown in

Table 15, the experimental values of Now for each

solute were about 84% of what was predicted for

oscillating drops. In Runs SS12 and SS16 all four

of these solutes were present. The results show that

all solutes gave experimental values of Now less than

those predicted for oscillating drops. For the case

of n-butyl acetate in Runs SS12A and SS12B, the

experimental values of N/ were even less than those

predicted for circulating drops. Thus, when MEK and

crotonaldehyde were added to the water stream containing

acetone and n-butyl acetate, the factors which caused

the rapid mass transfer during the extraction of acetone

and n-butyl acetate alone seem to have been damped out.
In Run SS13 a prepared feed water containing

about 2000 ppm each of acetone and n-butyl acetate

plus about 300 ppm of benzene (measured Kq = 407.0)

and about 4000 ppm of n-butanol (measured Kq = 0.76)

was treated by isobutylene extraction. The results

are compared with those for extraction of acetone

and n-butyl acetate alone in Table 16. In Run SS13A

as in Run SS15A the experimental removal efficiency

for acetone was larger than what was predicted for

perfect mass transfer, but when the solvent flow

was reduced the experimental values of Now in both

Runs SS13B and SS15B were more nearly in agreement

with the prediction for oscillating drops. One

possible exp]dnation is that the value of Pe increased

more rapidly with Vd than was predicted by equation (B6).

For the purpose of comparison, the last column in

Table 16 Tists the experimental values of Now

153



vSl1

Table 16.

Interaction Among Solutes

Run # v v Solute E Pe % Removal N N N

w s w ow ow ow

(ft/hr) (ft/hr) (expt with (expt with (predict

Pe, finite) Pe = ) oscill)

SSli3a 23.3 52.3 Acetone 0.84 2.01 74.3 0 4.17 1.37
n-BuOH 1.01 77.9 © 3.42 1.38

n~BuAc 224. 99.7 17.5 5.70 2.27

Benzene 543. 98.1 9.17 3.91 2.62

SS13B 23.3 26.9 Acetone 0.43 1.58 28.0 0.66 0.52 0.71
n~-BuOH 0.52 35.3 1.05 0.74 0.72

n-BuAc 115. 90.7 4.47 2.35 1.18

Benzene 279. 93.1 5.32 2.63 1.36

ssisa 23.3 52.3 Acetone 0.84 2,01 71,2 % 3.31 1.36
n-BuAc 224. 99.4 14.7 5.15 2.26

SS15B 23.3 26.9 Acetone 0.43 1.59 34.6 1.60 0.88 0.72
‘n-BulAc 115. 93.2 5.44 2.66 1.19




calculated by assuming plug flow for both phases.
Actual removal efficiencies of 61.0% and 66.7% for
acetone and n-butanol, respectively, would have been
necessary to give Now = 5 for these solutes. Con-
sidering all this information leads one to conclude
that mass transfer was more rapid than predicted

for oscillating drops in both Runs SS13 and SS15.
Therefore, the addition of n-butanol and benzene

did not damp out the high rate of mass transfer found
for the extraction of acetone and n-butyl acetate
without other components.

The results of these experiments do not lead
to a clear understanding of this type of interaction
between solutes, but they show that it can be impor-
tant. The fact that this complicated interaction
took place even for feed water prebared from pure
chemicals indicates the need for mass transfer data
using actual samples of industrial waste water.

In Run SS5 isobutylene was used to treat a
waste water containing about 12,000 ppm each of
phenol (Kd = 0.70, Appendix E) and vinyl acetate
(measured Kd = 52.0). The measured removal
efficiency of vinyl acetate (at E = 69.2) was 99.2%
which corresponds to 13.2 for the experimental value
of Now as compared to 2.53 predicted for oscillating
drops. The measured removal efficiency for phenol
(at E = 0.93) was 80.0%, which is not theoretically
possible even for infinite NOw and plug flow, if the
value of Kd at infinite dilution applies. Using the
estimated value of Pew = 2.01, the dispersion model
predicts 64.2% removal for phenol at NOw = 5, By
a material balance the product isobutylene contained
8941 ppm vinyl acetate.
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The results shown in Appendix F and by Won (1974)
lead to the conclusion that the value of Kgix for
phenol distributing between water and a mixture of
isobutylene and n-butyl acetate is approximately
given by the following for low concentrations of
phenol:

mix
Kd XBA

KBA 4+ (1 - xgp) k1B (7)

where xg, = wt. n-butyl acetate/(wt. n-butyl acetate
+ wt. isobutylene),

KSA = .distribution coefficient into pure
n-butyl acetate,
K;B = distribution coefficient into pure

isobutylene.

The value of Kgix for phenol distributing between
water and a mixture of isobutylene and vinyl acetate
is about equal to that for a mixture of the same
weight fraction of isobutylene and n-butyl acetate.
Assuming KSA= KZA = 57.0, the value of Kzix for
phenol distributing between water and an organic
phase of the same composition as the product solvent
is 1.20, which is high enough to explain the 80.0%
removal of phenol. A calculation procedure that
qualitatively explains this result is described in

Appendix C.

Regeneration of Loaded SoTvent.
At the completion of each of the experiments
described so far, a sample of the regenerated solvent

was analyzed using the Indalloy sampling method
described in Chapter IV. Unfortunately the method
of calibrating the gas chormatograph response was
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later found to be inaccurate. However, by assuming
that the response factors for each component did not
change with the quantity injected, a comparison
of the chromatogram for the regenerated solvent with
that for the loaded solvent provided an accurate
estimate of the efficiency of solvent regeneration.
The ratio of solute in the loaded solvent to that
in the regenerated solvent ranged from 22 for ethylene
dichloride to more than 200 for isoamyl alcohol.
This result is a good indication of the relative ease
of separatihg the solute from the volatile solvent,
and it also serves to demonstrate the feasibility
of solvent regeneration.

In Run SS8 a prepared feed water containing
about 4000 ppm propionitrile (measured Kg = 1.80)
and about 6000 ppm n-butanol (measured Kq = 0.76)
was treated by isobutylene extraction. The removal
efficiency for propionitrile varied from 91 to 96%
and that for n-butanol varied from 79 to 88%; the
results of an analysis of mass transfer are shown in
Table 17. Once again the experimental value of Now
was much larger than that predicted for oscillating
drops. However, when the concentrations of solutes in
the loaded solvent were compared to those in the regen-
erated solvent, we found that the concentration of propi-
onitrile had only been reduced by 47% during solvent
regeneration. A likely explanation is that propi-
onitrile forms an azeotrope with isobutylene (esti-
mated to contain 0.1% propionitrile from the
estimate of the regenerated solvent composition)
which prohibits more complete regeneration of the
solvent. The concentration of n-butanol in the
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Table 17. Extraction of n-Butanol and Propionitrile

Run # Vw Vs Solute E Pew $ Removal Now Now
(ft/hr) (ft/hr) (experimental) {oscillating)

SS8A 15.4 36.1 n-BuOH 1.06 1.15 78.5 ok 1.44

Pr-CN 2.51 90.7 16.8 2.10

SS8B 15.4 68.0 n-BuOH 1.99 1.48 88.1 12.8 2.69

Pr-CN 4.72 96.1 14.1 3.92

* Dispersion model predicts for E = 1.06, Pew = 1.15, and Now = 12, % Removal = 67.8



loaded solvent was reduced by 97% in the same regener-
ation.

0f all the solutes studied, only propionitrile
showed a tendency to form an azeotrope. Since the
most important other nitrile pollutants (acetonitrile
and acrylonitrile) are more volatile than propioni-
trile, it is likely that all these nitriles will
form azeotropes with isobutylene. Thus, volatile
solvent extraction of the lower-molecular-weight
nitriles is not feasible in a process using iso-
butylene as solvent and distillation for regeneration.

Industrial Waste Waters.

The initial runs made to establish and improve
the experimental apparatus and techniques were

conducted in preparation for treating samples of
lube 0il refining waste water., For this reason
in Runs §S1, SS2 and SS4 a prepared feed water
containing about 2% phenol and 0.1 to 1.0% o-cresol
was treated by isobutylene extraction. In these
runs the phenol removal efficiency varied from 76
to 88%, and the o-cresol removal efficiency varied
from 95 to 97%. The results of an analysis of mass
transfer rates are shown in Table 18. The experimen-
tal values of NOw were much larger than Now predicted
for oscillating drops in all cases; two results
showed that the measured phenol removal efficiency
should be impossible even with infinite Now' The
results indicate that interfacial turbulence was
probably occurring during the extraction of these
relatively concentrated water streams.

In Runs SS3 and SS6 samples of lube oil

refining waste water were treated by isobutylene
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Table 18. Extraction of Phenol and o-Cresol

Run # Vw VS Solute BE Pew % Removal Now Now
(ft/hr) (ft/hr) (expt'l) (oscill)

SS1 19.4 82.4 Phenol 1.76 2.03 79.1 4,76 2.52
o-Cresol 12.1 95.1 6.66 4.02

s82 22,2 71.6 Phenol 1.34 2.18 88.2 ok 1.89
o-Cresol 9.21 96.6 8.42 3.00

SS4A 22.5 71.6 Phenol 1.32 2.23 85.6 (37.5)* 1.90
o=Cresol 9.05 96.1 7.56 3,03

SS4B 22.5 52.5 Phenol 0.97 1.96 76.0 ok 1.40
o—-Cresol 6.63 85.3 8.11 2.23

* Dispersion model predicts for the listed values of E and Pe and Now

Run SS2, % Removal = 74.8; Run SS4A, % Removal = 74.7; and Run SS4B,

5 for Phenol

$ Removal = 65.3



extraction. The phenol and o-cresol removal effi-
ciencies in Run SS3 were 40% and 67%, respectively.
The substantial reduction in removal efficiency as
compared to the prepared waste waters was determined
to be due to two factors -- (1) the feed isobutylene
had not been properly regenerated and contained an
unknown amount of phenol and o-cresol from a previous
run, and (2) the pH of the waste water was about 9,
which has been shown by Beychok (1967) to lead to

a reduction in Kd for phenolic comppunds. These
results led to the installation of the refluxed
distillation column on the miniplant evaporator

and to the practice of acidifying this waste water
to a pH of about 4 prior to phenol extraction. The
isobutylene used in the extraction of prepared waste
waters had been either used fresh or regenerated by
back extracting the phenol and o-cresol into a dilute
caustic solution. Run SS3 also led to the realiza-
tion that solutes other than phenol and o-cresol
were present at lower concentrations; these were
later identified as acetone, MEK, and benzene.

In Run SS6 another sample of lube 0il refining
waste water was treated by isobutylene extraction.
The results of an analysis of mass transfer rates
are shown in Table 19; the last column headed "Q"
is the ratio of experimental NOw to Now predicted
for oscillating drops. This is the first case where
Q was consistently less than 1 for some solutes
(acetone and benzene in Run SS6B) and greater than
1 for the other solutes. The values of Q for phenol
and o-cresol, the major pollutants, were fortunately
the largest. It is interesting to note that Q
was smallest for the solute with the lowest and
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Table 19. Extraction of Lube 0il Refining Waste

Run # Vw ’ Vs Solute E Pe $ Removal Now Now
(ft/hr) (f£t/hr) (expt'l) (oscill)
SS6A 21.6 92.2 Acetone 1.60 2.35 56.8 1.37 2.56
Phenol 1.77 80.2 4.74 2.48
MEK 6.31 94.8 7.03 3.88
o-Cresol 12.2 97.5 8.98 3.96
Benzene 1032. 95.9 5.99 4.90
SS6B 21.6 52.0 Acetone 0.90 1.87 40.5 0.85 1.47
Phenol 1.00 58.9 2.51 1.43
MEK 3.56 76.3 2.62 2.24
o-Cresol 6.86 83.9 3.31 2.28

Benzene 582. 79.4 2.27 2.82



the solute with the highest value of Kd: this tends
to rule out a correlation between Q and E. Q
generally decreased as Vd decreased at a constant
value of Vc. 4

In Run SS14 cresylic acid recovery waste water
was treated by isobutylene extraction. The removal
efficiencies varied from 72% for phenol to almost
96% for xylenols. The results of analyzing the mass
transfer aspects of this run are shown in Table 20.
The values of Q were again greater than 1 for all
solutes.

In all three runs where isobutylene was used
to treat induétria] waste water, the feed water
contained suspended, fine particles, but in no case
was there a substantial flotation effect. During
the treatment of Tube 0il refining waste water there
was a slight accumulation of suspended material at
the main interface. This accumulation did not
appear to be the fine particles, but rather a
sticky material that caused some problems of delayed
droplet coalescence.

The measurement of Chemical Oxygen Demand (COD)
for the feed and treated industrial waste waters can
yield useful data about the fate of dissolved and
suspended organic pollutants which are not observed
with the gas chromatograph. In Run S$S6 the COD's
of the feed and product lube o0il refining waste
water streams were not measured. However, subsequent
experiments in which this waste water was treated
(see Section VIII) show that COD calculated from
the amounts of identified pollutants agrees
well with the measured COD. In Run SS14 the measured
COD's of the feed and treated cresylic acid recovery
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Table 20. Extraction of Cresylic Acid Recovery Waste

Run # Ve Vg Solute E Pe $ Removal Now Now Q
(ft/hr) (ft/hr) (expt'l) (oscill)
Ss14 20.1 60.6 Phenol 1.25 1.85 71.8 5.01 1.78 2.82
m, p~Cresol 4.82% 91.3 6.12 2.60 2.35
o-Cresol 8.57 89.8 4.60 2.83 1.62
Xylenols 12,.5% 95.6 7.40 2.79 2.65

* E for m, p-Cresol calculated assuming Ky = Ky (for m-Cresol) = 2.7, and E for Xylenols
calculated assuming Ky = K3 (for 3, 5-Xylenol) = 7.0 (Appendix E).



waste water were 4050 ppm and 1070 ppm (74% reduction).
These values can be compared to the COD's of the

feed and treated streams as calculated from the iden-
tified phenolic compounds which were 3840 ppm and

560 ppm (84% reduction). The nearly constant
difference between measured and calculated values
indicates that the components which account for this
difference were not well extracted. The fine solids
which were obviously not well removed probably contrib-
uted to the difference between measured and cal-
culated COD's.

Overall Process Feasibility.
In the experiments conducted in the spray

column extractor, a wide variety of organic solutes
was extracted by isobutylene, and in no case was
there an irreversible reaction between solvent and
solute. The only case of any solvent degradation
occurred in an auxilliary experiment where isobutylene
hydration was noted in a strongly acidic aqueous
solution.

The removal efficiency for most cases indicated
a mass transfer rate substantially larger than that
predicted for oscillating drops. However, an un-
explained damping out of the factors which caused this
high rate was noted for all combinations of solutes
containing MEK and crotonaldehyde. Even with
the two samples of industrial waste water, there
was no indication of an interfacial effect which
would inhibit mass transfer. The use of solvent
extraction did not lead to an appreciable flotation
of suspended solids. '
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The short, refluxed distillation column
provided a very effective means for solvent regener-
ation. Only in the case of propionitrile was
solvent regeneration not feasible, probably
because of an azeotrope.
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SECTION VIII
RDC EXTRACTOR - EXPERIMENTAL RESULTS

During the second portion of the experimental
program, several prepared aqueous solutions and
industrial waste waters were treated by solvent
extraction in the RDC as described in Section VI.
Experiments included runs using volatile solvents,
less-volatile polar solvents, and mixtures of
volatile and polar solvents. In these experiments
the solvent was always the dispersed phase, and
the solvent-to-water flow ratio (FS/FW) was set
at much lower values than with the spray column.
Fs/Fw was varied over the range from 0.1 to 0.3 in
order to demonstrate solvent extraction under condi-
tions which would be most 1likely to lead to favorable
process economics. ‘

In addition to the choices of solvent and the
value of Fs/Fw’ the independent variables which could
be varied on the RDC included the water flow rate,
the disc rotational speed, the disc diameter, the
stator hole diameter, and the compartment height.
The principal measured responses were the solvent
hold-up, the concentrations of each solute in the
product water and in the water within the RDC just
below the main interface, and in most runs the
concentration of each solute in the loaded solvent.
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The temperature was measured but not controlled. An
approximate measurement was made of the maximum
stable solvent droplet diameter by holding a scale
against the glass column. From the "whole run"
material balance (see Section VI), it was possible

to estimate the effectiveness of solvent regeneration
in runs using a volatile solvent. The batch distil-
lation of polar solvent also gave a qualitative
measure of the ease of solvent regeneration.

The method by which the independent variables
were chosen in each experiment involved some trial
and error. Treybal (1963) cites the following ranges
for the ratio of column diameter to rotating disc
diameter, D/di, and the ratio of column diameter
to compartment height, D/Hc, as preferred proportions
for commercial RDC extractors:

D/di 1.5 to 3

D/Hc 2 to 8

The dimensions of RDC extractors in the studies

reviewed by Ingham (1971) fell into these ranges, and

the ratio of column diameter to stator hole diameter,

D/ds, in these studies fell into the following range:
D/dS = 1.2 to 1.6

The value of D was chosen to be as large as possible

and still be small enough so that the pressure within

the column could be contained by industrial glass pipe

For operation with isobutane as solvent this resulted

in D = 3 inches. For the initial tests based on

the above ranges of ratios, the other dimensions

were chosen as follows:

di = 1.50 inch
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ds

He

2.25 inch

1.00 inch

In the studies reviewed by Ingham (1971) where
water was the continuous phase, the highest value of
Vc in each study ranged from 15 to 50 ft/hr. Since
for most industrial waste water samples we could
obtain only 5- to 10-gallon quantities we chose to
operate at the low end of this range with a maximum
VC of 15 ft/hr and a minimum Vc of 6 ft/hr.

Once the column dimensions, Vc’ and Fs/Fw
had been chosen, the remaining independent variable
was the disc rotational speed, N. Correlations such
as that of Logsdail, et al. (1957) can be used to
estimate the value of N at the flooding point, but
as discussed in Section V flooding in.an RDC does
not suddenly occur as N is increased. Also, the
value of the interfacial tension is required in the
correlation, and the interfacial tension for a waste
water can be substantially below the known value for
the solvent-water binary mixture.

For these reasons the operating value of N was
chosen by experimental observation as follows. With
the waste water and solvent flows established, N was
slowly increased. At low rotational speeds, the
solvent droplets were large and good contact between
water and solvent was not obtained. As N increased,
contact between phases improved until small solvent
droplets could be seen in the quiescent zone below
the bottom disc. When a value of N was determined
which resulted in the entrainment of what appeared
to be about 1% solvent in the water phase, N was
decreased by about 10% to establish its operating
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value. This procedure resulted in operation at a
practical set of conditions which should be reasonably
close to what would be used in a commercial extractor.
In this chapter we first describe an experiment
which was designed to determine how useful existing
correlations for RDC extractors would be in predicting
the observed performance with respect to hydrodynamics,
axial mixing, and mass transfer rates. The correlations
are shown to depend strongly on the choice of the
constant G18 (Eq. B12). The remaining experiments were
grouped according to the type of industrial waste water
being studied., The Tube 0il refining waste water was
treated using dual solvent extraction with n-butyl acetate
and isobutylene. Both process arrangements of dual
solvent extraction are demonstrated to result in
effective removal of phenol and o-creso]l and moderate
removal of the other solutes. Experiments in which
the ethylene quench water was treated by volatile
solvent extraction show effective removal of aromatic
hydrocarbons; isobutane was a better solvent than
isobutylene for removal of dispersed organics.
Treatment of the oxychlorination waste water using
2-ethyl hexanol is shown to be complicated by a
simultaneous chemical reaction between the solvent
and the principal solute, chloral hydrate. The
experimental results for all runs conducted
in the RDC are listed in Appendix H; run numbers
start with the prefix RS to signify Rotating
disc extractor with Solvent dispersed.
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Test Run To Check RDC Correlations.
One experiment was conducted in which n-butyl

acetate was dispersed with FS/Fw ~ 0.1 into a water.
stream which contained methyl acetate (measured

Kq = 3.64), ethyl acetate (measured Kq = 11.2) iso-
propyl acetate (measured Kq = 34.1), and o-creso]l
(Kd = 206, Appendix F). This prepared water was

not made up to simulate any particluar waste stream,
but rather the solutes and their concentrations

in the feed water were chosen to satisfy the
following criteria which were established to

obtain the maximum amount of information about the
rates of mass transfer:

1. Solutes should cover a range of E from
about 0.3 to greater than 10,

2. Solutes and the solvent must be separable
using a gas chromatograph so that their concentrations
can be simultaneously determined,

3. The concentrations of all solutes must
be high enough in the product water so that their
concentrations can be accurately determined,

4. The concentrations of all solutes must
be low enough in the feed water to be completely
miscible,

5. The concentrations of all solutes should
be as low as possible so that each value of Kd can be
estimated at its infinite dilution value, and

6. Solutes should ideally be separable from
the solvent by distillation so that the solvent can
be regenerated.

Since n-butyl acetate was a solvent of particular
interest in this study, it was chosen for this test
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run. The choice of the lower molecular weight ace-
tates provided solutes with K, from 3.€ to 34 while
satisfying requirements 2 through 6. Kd was

found to vary only a little with solute concentration
for these systems. Amyl acetate (measured Kg = 700)
could not be used as a solute showing a very high value
of Kd because its solubility was too low to satisfy
both requirements 3 and 4. Cresol was chosen since
it had Kd = 206 and still had a water solubility of
greater than 2%. However, the presence of about

5% o-cresol in the loaded solvent may have affected
Kd at the upper end of the column, thus violating
requirement 5.

The results of this test run (Run RS13) are
shown in Table 21. The percentage of each solute
removed varied from 20.3% for methyl acetate (E=0.41)
to 95.5% for o-cresol (E=23.0). The n-butyl acetate
in the product water includes 4 ppm (of the 6600 ppm)
due to entrained n-butyl acetate phase. This estimate
was determined by collecting the n-butyl acetate
phase which appeared on the surface of the treated
water after it had separated in the receiving tank
on sitting for about five days.

At the column temperature of 21.6°C, the
~physical properties of the pure solvent and of pure
water along with the solute diffusivities as estimated
by the method of Scheibel (1954) are listed in Table
22. The solvent density and viscosity are from
Toropov (1956). The interfacial tension at 20°C
was taken from Logsdail, et al. (1957), and the
correlation of Donahue and Bartell (1952) was used
to correct for the slight difference in temperature.
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Table 21.

Results from RDC Test Run RS13

Water flow rate

Solvent flow rate

Rotating disc diameter

Stator hole diameter

Rotational speed

4,79 gal/hr

0.606 gal/hr

1.50 inch
2.25 inch

800 RPM

Analytical results (concentrations in ppm):

Feed
Water

Product
Water

Percent
Removal

Water in
Column

Loaded
Solvent

Methyl Ethyl i-Propyl
Acetate Acetate Acetate
227. 270. 676.
181. 81.6 85.3
20.3 69.8 87.4
235. 248. 509.
497. 1882, 5944.

o-Cresol

5622.

255.

95.5

3349.

51120.

n-Butyl acetate in product water = 6600 ppm.

Measured solvent hold-up

Measured column temperature = 21.6°C

= 0.0428

Estimated maximum drop diameter
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Table 22. Physical Properties for Run RS1l3

Water-phase density 0.9979 gm/cc

1

Water-phase viscosity 0.9642 cp

n-Butyl Acetate density 0.8792 gm/cc

n-Butyl Acetate viscosity 0.708 cp

Interfacial tension = 13.9 dyne/cm

5

Solute diffusivities (10~ x ftz/hr) in water (Dc)

and in n-butyl acetate (Dd):

Solute EE Dy
Methyl, Acetate 3.93 6.45
Ethyl Acetate 3.40 5.97
i~Propyl Acetate 3.04 5.60
o-Cresol 3.02 5.57
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From the information in Tables 21 and 22 the
steady state material balance around the extraction
column was calculated. It showed that the total
quantity of each solute present in the product
water and in the loaded solvent exceeded the measured
quantity of solute in the feed water by 2.7% for
methyl acetate, by 4.1% for ethyl acetate, by 6.0%
for isopropyl acetate, and by 1.0% for o-cresol.

The closures for these solutes in this run were
slightly worse than for a typical run with a polar
solvent and were somewhat better than for a typical
run using a volatile solvent.

The inlet flows to the column were FS = 4,45
1b/hr and F = 39.9 1b/hr (F /F, = 0.111). Based on
the concentration of n-butyl acetate in the purified
water, the quantity of solvent decreased by about
6% as it passed through the column. However, the
total solute extracted into the solvent almost
exactly balanced the dissolved solvent so that the
total solvent-phase mass flow rate was nearly constant.
For this reason the analysis of this run using
the dispersion model was made in terms of total flows
and wejght fractions rather than solvent flows and
Weight ratios.

The experimentally measured fractional solvent
hold-up is an average value for the portion of the
Column between the bottom disc and the main inter-
face. Visual inspection showed that there was
@ variation in hold-up along the column. The drops
Were not broken up to an equilibrium drop size
distribution at the bottom disc, but rather there
Was an obvious increase in hold-up as the drops
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were broken up between the bottom disc and about the
fifth disc from the bottom. Between the fifth disc
and the twelfth disc the hold-up appeared to be
approximately constant. The hold-up increased
substantially between the twelfth disc and the mid-
column bearing because of the decrease in free flow
area offered by the bearing (about 24% free area
compared to CR = 0.52). For several discs above the
bearing the hold-up increased until it reached a
value about 1ike that between the fifth and twelfth
discs from the bottom; then it remained approximately
constant up to the main interface. Therefore,

the measured hold-up is probably not equal to that
of the equilibrium drop size distribution.

This variation in hold-up along the column
made the quantitative analysis of the hydrodynamics
very difficult. In the procedure of Strand, et al.
(1962) as described in Appendix B, the one adjustable
parameter, G18’ is usually estimated from the
hold-up. For the n-butyl acetate-water system
Strand, et al. (1962) estimated G]8 = 0.4 from hold-
up measurements. For several systems with water as
the continuous phase, but not including n-butyl
acetate-water, Olney (1964) found the ratio of
Sauter mean drop diameter to maximum stable drop
diameter was about 0.37, which when combined with
an estimated maximum stable drop diameter of 0.05
inch gives dp = 0.02 inch. 1In Table 23 values of
hold-up, @, Sauter mean drop diameter, dp, inter-
facial area per unit volume, a, characteristic
velocity according to the method of Strand, et al.
(1962), Vk’ and the two Peclet numbers, PeC and
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Ped, are listed for three values of G18' G18 =
0.0477 results from the experimentally determined
hold-up. G18 = 0.2 gives a Sauter mean drop
diameter of about that estimated from the measured
maximum stable drop diameter. G18 = 0.4 corresponds
to the estimate of Strand, et al. (1962).

The data in Table 23 serve to show how sensi-
tive the predictions of the hydrodynamic character-
istics of an RDC are to the choice of G18’ and
how difficult it is to choose a value of G18 from
experimental data on a single experiment. The
correlation of Logsdail, et al. (1957) predicts
Vk = 128 ft/hr for this system; this fact along
with the measured drop size makes the value of
G]8 = (0.2 appear reasonable. The importance of
the choice of G18 on the prediction of Now is
illustrated by the variation of a with G18’ if
one realizes that N, 1is proportional to a.

Table 24 shows that the variation in G]8 has
little effect on the evaluation of the experimental
N for each component. The experimental values

ow
of N were calculated from the measured removal

effig?ency, the values of E, and the two Peclet
numbers. Of the variables affecting Now’ only
Pec and Ped vary with-G18, and the variation is not
large enough to affect the experimental NOw substan-
tially. The values of E and % removal based on the
analyses of feed and product water are included in
Table 24.

The experimental data for Now calculated

assuming Gig = 0.2 are plotted as 1/Now vs. 1/E
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Table 23. Effect of G18 on Prediction of Hydrodynamic

Characteristics of RDC

d v a Pe

Pe

18 g P K c d
(inch) (ft/hr)  (£t2/f£t3)

0.0477 0.0428 0.005 55 606 8.41 13.0

0.20 0.0124 0.021 149 42 8.19  29.0

0.40 0.0073  0.043 242 12 8.15  36.6

Table 24. Effect of G18 on the Experimental

Estimates of Now

Methyl Ethyl i-Propyl o-Cresol

Acetate Acetate Acetate
G18 Now Now Now Now
0.0477 0.35 2.7 3.4 4.4
0.20 0.34 2.5 3.2 4.3
0.40 0.34 2.5 3.2 4.3
E 0.41 1.25 3.80 23.0
$ - 20.3 69.8 87.4 95.5
Removal
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in Figure 27. The points for ethyl acetate, iso-
propyl acetate, and o-cresol fall within experi-
mental variation on a straight line, but the point
for methyl acetate is much above the line. The
removal efficiency for methyl acetate would have
to be 36% rather than 20% for that point to have
fallen on the line; this large a variation is much
more than what can be explained by experimental
variation. This observed low experimental value
of NOw for a component with E much less than 1
has been observed in several other experiments in
the RDC and may be the result of the failure of
the dispersion model to predict the concentration
changes for such solutes. Concentration profiles,
which were not measured in the present experiments,
would be required to verify this possibility.
Although concentration profiles over the entire
length of the column were not measured, after reaching
steady state one sample was taken of the continucus
aqueous phase from a point just betow the main
interface. In terms of the dimensionless position
variable, Z, defined as the distance below the main
interface divided by the total length from the
main interface to the bottom disc, Z = 0.034 specifies
the position from which the sample was taken. The
measured solute concentrations were included in
Table 21; the solute concentrations predicted by
the dispersion model with Gyg = 0.2 at the point
Z = 0,034 are compared to the measured concentrations
in Table 25. |
The straight line through the data points for
the three solutes having E > 1 results in N = 4.2
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Figure 27. Experimental Data for Run RS13
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Table 25. Comparison of Predicted and

Experimental Solute Concentrations

for Z = 0.034 and G18 = 0.2
Solute Experimental Predicted % Difference
Concentration, Concentration,
Ppm ppm
Methyl
Acetate 235 221 -6.0
Ethyl
Acetate 248 237 -4.4
i-Propyl
Acetate 509 515 1.2

o-Cresol 3349 3682 9.9
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and NS = 5.0 for the individual-phase numbers of
transfer units. In Tables 26 and 27 the values of
the Nw and NS predicted by the various models for
mass transfer discussed in Chapter III are shown
as a function of G18' If G18 is assumed to be
approximately 0.2, then the model for turbulent
drops gives the best estimate for Nw’ and both the
models for circulating drops and for stagnant drops
give a value of NS that is much too large. The
uncertainty in G18 prohibits one from making a clear
choice between models from these limited data.

The results of this single experiment have been
presented in detail to illustrate the successes
and failures of the presently available methods
for modeling an RDC. The ability to estimate the
individual-phase resistances to mass transfer
experimentally, which is possible by the collection
of mass transfer data on the simultaneous extraction
- of several solutes, provides a severe test to the
present model. Clearly more experimental work
is needed to improve our ability to correlate
data from an RDC.

Experiments on Lube 0il Refining Waste Water

This waste water was the most thoroughly studied
sample of all the industrial waste water samples
tested in the RDC. The two types of dual solvent
processes (Section IV) were simulated by separate
extractions, first with pure n-butyl acetate or
with a mixture of n-butyl acetate and isobutylene.
Then the resulting purified water from the first
extraction was treated with pure isobutylene. The
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Table 26. Effect of G18 on the Prediction

of Nw for the RDC

Methyl Ethyl i-Propyl

Acetate Acetate Acetate o-Cresol

G 18 NW N w Nw Nw

Stagnant Drops - Equation (B22)
0.0477 5.9 5.9 5.9 5.9
0.20 1.1 1.1 | l.1 1.1
0.40 0.55 0.55 0.55 0.55

Circulating Drops - Equation (B24)
0.0477 280. 260. 250. 250.
0.20 16. 15. 14. 14.
0.40 4,2 3.9 3.7 3.7

Turbulent Drops - Equation (B26)
0.0477 34. 31. 29. 29,
0.20 2.4 2.1 2.0 2.0
0.40 0.69 0.63 0.58 0.58
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Table 27. Effect of Gjg ©n the Prediction

of NS for the RDC

Methyl Ethyl i-Propyl

Acetate Acetate Acetate o-Cresol
G18 Ns Ns Ns Ns
Stagnent Drops - Equation (B23)
0.0477 890 830 780 770
0.2 15 14 13 13
0.4 2.2 2.0 1.9 1.9
Circulating Drops - Equation (B25)
0.0477 990. 930. 880. 870.
0.2 34. 33. 32, 32.
0.4 12, 11. 11. 11.
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initial tests of the RDC (Runs RS1A, RS1B, and RS2)
are also discussed in this section since the prepared
feed waters resemble the lube 0il1 refining waste
water. The analysis of mass transfer characteristics
for all runs dealing with this waste water are
discussed together at the end of this section.

In Run RS2 n-butyl acetate was used to treat
a feed water prepared to contain methyl ethyl ketone
(MEK, measured Kqg = 4.56), diethyl ketone (DEK, measured
Kq = 16.2) and phenol (Kd = 57.0, Appendix F) while
operating at a low flow ratio (FS/Fw = 0.120). The
settings of independent variables and the results
of the extraction are shown in Table 28. This
experiment was conducted prior to the installation
of the level gauge used to measure solvent hold-up
and prior to the installation of the sampling port
for removing samples from within the column. Also,
the solvent feed was not directed through the annular
space between the rotating shaft and the bottom
stationary tube, but it was added through a tube which
extended to about 2 inches below the bottom disc.

The material balance for this run showed a
loss of 12.5% of the inlet MEK, a loss of 5.7%
of the inlet DEK, and a gain of 2.5% of the inlet
phenol. The concentration of n-butyl acetate in
the product water was also unexpectedly low compared
to its solubility. These results led to several
tests which showed that the paper seals in
the sample vials could absorb a considerable amount
of the volatile organic solutes from the aqueous
samples (see discussion in Section VI). Since
the sample of feed water was taken into a glass
stoppered bottle but the product water samples
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Table 28. Results from Run RS2

Water flow rate 5.16 gal/hr

Solvent flow rate 0.701 gal/hr

Rotating disc diameter = 1.50 inch
Stator hole diameter = 2.25 inch
Rotational speed = 617 RPM

Analytical results (concentrations in ppm):

MEK DEK Phenol
Feed water 2213. 4314. 6143,
Product wateér 1135. 1238, 1228,
Loaded solvent 6508. 22860. 40910.
Percent removal 36.2 65.6 82.5

n-Butyl acetate in product water = 4986 ppm.

E 0.55 1.94 6.82

N, 0.88 1.6 2.3

Measured column temperature = 22,0 °C

G18 assumed to be 0.2 giving Pew 8.53

28.1

and
Pes
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were taken into the 5 cc sample vials, absorption
by the seal would account for the MEK and DEK losses
and for the low concentration of n-butyl acetate.

Due to the errors in the product water analyses,
the removal efficiencies listed in Table 28 were
calculated from the feed water analysis and the
loaded solvent analysis by assuming that the material
balance was exact. Using the inlet solvent and
water flows, the values of E were determined for
each solute. Assuming G18 = 0,2 as found to be
reasonable for Run RS13 when n-butyl acetate was
used as solvent, the values of Pew and PeS were
estimated. This allowed the values of Now to be
calculated for each solute and allowed a plot of
1/Now vs. 1/E to be made. The three points fell
almost exactly on a straight line resulting in Nw =
2.5 and NS = 2.4 as experimental estimates. The
values of Nw and NS were about half as large as
found in Run RS13; this is probably due to using
fewer discs, having poorer solvent dispersion,
and using a lower rotational speed in Run RS2 than
in RS13. |

In Runs RSTA and RS1B isobutylene was used
to treat a prepared feed water which contained
MEK (Kd = 2.49), DEK (Kd = 13.4), and n-butyl acetate
(Kd = 168) (see Appendix E) while operating at
two settings of the solvent flow rate (FS/Fw = 0.354
and 0.117). The setting of the independent variables
and the results of the extraction are shown in Table 29.
The RDC was set up ‘exactly as in Run RS2 just previously
described. As with the spray column experiments, the
material balance could not be checked because the
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Table 29. Results from Runs RS1A and RS1B

Water flow rate 2.28 gal/hr

Rotating disc diameter = 1.50 inch
Stator hole diameter = 2,25 inch
Rotational speed = 1430 RPM

Measured column temperature = 22.0 °C

Run RS1A Solvent flow rate = 1.36 gal/hr

Analytical results (concentrations in ppm):

Feed water 21009. 4297. 4393.

Product water 639. 183. 77.3
Percent removal 69.7 95.7 98.2
E 0.88 4.74 59.4

Run RS1B: Solvent flow rate = 0.450 gal/hr

Analytical results (in ppm):

Feed water 2109. 4297, 4393,
Product water 1340. 888. 288,
Percent removal 36.5 79.3 93.4
E : 0.29 1.57 19.7
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volatile solvent sampling procedure had not been
perfected.

It is difficult to interpret this experiment
using the dispersion model. Subsequent experiments
described below which use isobutylene as a solvent
indicate that a reasonable range of values for G18
is from 0.15 to 0.30. Values of G18 in this range
lead to PeW = 1.9 which is characteristic of ex-
tensive axial mixing in the continuous phase.

Using this value for Pew and the corresponding
prediction for PeS between 24 and 29, the dispersion
model predicts that the observed removal efficiencies
for MEK in Runs RSTA and RS1B are not possible

even for infinite Now' The model also predicts

large values of Now for DEK (11 for RS1A and 7

for RS2A) and for n-butyl acetate (10 for RS1A and

6 for RS2A). These values are not only larger

than expected, but they also decrease with increasing
E which violates the additivity of resistances concept.
No explanation for these observations is available.

Although the quantitative explanation for
these results is unknown, visual observation agreed
with predicted values of Pew as considerable mixing
of the continuous phase was apparent. This obser-
vation led to the fabrication of a second set of
discs and stator plates having a disc diameter of
1.75 inch (1.50 inch for initial discs) and a
stator hole diameter of 2.00 inch (2.25 inch for
initial stator holes). For all subsequent tests
using volatile solvents, this second set of discs
and stator plates was used; this practice led to
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much larger values of Pew and better removal effi-
ciencies. These new dimensions are also within
typical ranges of commercial RDC extractors.

In Runs RS3 and RS4 a waste water which was
prepared to simulate the lube oil waste was extracted
first with n-butyl acetate (RS3) and then with
isobutylene (RS4). The feed water to Run RS3 which
contained acetone (measured Kq = 1.05), MEK {measured Kqg =
4.56), phenol (Kd = 57.0, Appendix F), benzene
(measured Kqg = 61.5), and o-cresol (Kd = 206,

Appendix F) was treated at a low flow ratio of n-butyl
acetate to water (FS/Fw = 0.097). The settings of
independent variables and the results of the extraction
are shown in Table 30. The steady state material balance
closed within less than 6% for each of the five
components. The total solvent-phase flow rate
increased by almost 9% because of the addition of
solutes, while the flow of n-butyl acetate in

the solvent decreased by about 6% due to solubility
losses in the water. Therefore, the analysis was
calculated on & solute-free flow basis using the

inlet solvent flow rate.

The analysis of this run showed the same
conflict in choosing the best value of G.|8 as was
encountered in Test Run RS13. Assuming as before
that Gyg = 0.2, the method of Strand, et al. (1962)
was used to estimate Pew and Pes from which the
values of Noy 11sted in Table 31 were calculated
using the experimental removal efficiencies. The
ratio of solute-free flows was 0.0992 1b. solvent/1b.
water from which the vatues of E were determined.

The percent removal values listed in Table 31 were
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Table 30. Results from Run RS3

Water flow rate 5.65 gal/hr

Solvent flow rate

0.626 gal/hr.

Rotating disc diameter = 1.50 inch
Stator hole diameter = 2,25 inch
Rotational Speed = 805 RPM

Analytical results (concentrations in ppm):

Acetone MEK Phenol Benzene o-Cresol

Feed

water 38.0 217. 13300. 169. ' 2107,
Product

water 34.3 126. 308. 30.5 25.4
Percent

removal 9.7 41.9 97.7 82.0 98.8
Water in

column 32.5 181. 6820. 19.0 649.
Loaded

solvent 44.9 974, 115000. 1292. 20300,

n-Butyl acetate in product water = 6110 ppm.

Measured solvent hold-up = 0.0630
Measured column temperature = 22.0°C

Estimated maximum drop diameter = 0.05 inch
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Table 31. Experimental Estimates of

Now for Run RS3

Acetone MEK Phenol Benzene o-Cresol
E 0.10 0.45 5.65 6.10 20.4
¥ Removal 9.7 41.9 97.7 82.0 98.8
N 0.4 2.5 6.6 2,2 6.7

ow

il
(Vo]
.
18]
w

G assumed to be 0.2; Pew

18

i
[ )
V)
L]
(V)

and PeS
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calculated from the solute-to-water weight ratios
in the aqueous phase. Using G]B = 0.2 led to a
calculated solvent hold-up of 0.0126 which can be
compared to § = 0.0630, the measured value.

When the data from RS3 were plotted as 1/NOw
vs 1/E, the points for phenol and o-cresol essentially
coincided. If a straight line were drawn through
this point and through the point for MEK, Nw = 7.3
and Ns'= 8.4 were determined as the individual-
phase numbers of transfer units. The point for
acetone fell above the line through the points for
phenol, o-cresol, and MEK much as the point for
methyl acetate did in Run RS13 (Figure 27), but
in Run RS3 the removal efficiency for acetone would
only need to be changed from 9.7% to 10.3% to make
the point for acetone fall on the line. This
difference is within experimental uncertainty. The
point for benzene which also fell above the straight
line cannot be explained as experimental uncertainty.
A lTow removal efficiency for benzene when benzene
was present with this combination of solutes has
been observed in several experimental runs including
SS6 in the spray column. Chromatographic analysis
of the feed solvent showed that it was free of benzene.

In Run RS4 the collected water which had been
treated by n-butyl acetate extraction in RS3 was
treated with isobutylene at a low solvent-to-water
flow ratio (FS/Fw = 0.100). The major solute was
n-butyl acetate (Kd = 168, Appendix E) with smaller
amounts of acetone (Kd = 0.63, Appendix E), phenol
(K4y = 0.7, Appendix E), MEK (Kq = 2.49, Appendix E),
0o-cresol (Kd = 4,8, Appendix E), and benzene
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(measured Kd = 407). The settings of independent
variables and the results of the treatment are shown
in Table 32. The dramatic improvement in column
performance due to changing to larger discs and to
stators with smaller holes is evident by comparing
n-butyl acetate removal efficiency in RS1B (93.4%)
with n-butyl acetate removal efficiency in RS4 (99.8%).
The material balance closures for each solute were
within 15%; the main error was still believed to be
in the analyses of organic-phase samples containing
the volatile solvent.

Using the method of Strand, et al. (1962),

G]8 = 0.337 was estimated from the measured solvent
hold-up. The variation of solvent hold-up along the
length of the RDC appeared to be much less pronounced
in this run than in runs using n-butyl acetate as
solvent. With the larger disc and smaller stator
holes the restriction of free flow area due to the
mid-column bearing was less severe (about 24% free
area compared to Cp = 0.25); this was probably the
major reason for a more uniform hold-up. The value
of G]8 calculated from the average hold-up resulted
in a calculated average droplet size which agreed
with visual estimation.

Values of Now for each solute were estimated
using G]B = 0.337 to estimate Pew = 4,92 and PeS = 32.0,
using Kd for pure isobutylene as solvent, and using
experimental removal efficiencies. Benzene removal
was again much lower than expected based on Kd.

No, = 14.9 was estimated for n-butyl acetate (E = 16.8).
The dispersion model predicted that the observed
removal efficiencies for acetone, MEK, phenol and
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Table 32.

Results from Run RS4

Water flow rate
Solvent flow rate
Rotating disc diameter
Stator hole diameter

Rotational speed

4.66 gal/hr

0.790 gal/hr

1.75 inch

2.00 inch

1430 RPM

Analytical results (concentrations in ppm):

Acetone Phenol MEK o-Cres. n-BuAcC

Feed

water 29.9
Product

water 28.2
Percent

removal 5.7
Water in

column 29.4

605. 124. 72.8 5457.

522. 83.3 17.0 10.8

13.7 22.8 76.6 99.8

655. 114. 51.0 1324.

Measured solvent hold-up = 0.0066

Measured column temperature = 26.8°C
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o-cresol should not have been possible even with

an infinite value of Now' The explanation for these
observations requires the consideration of interactions
between solutes.

Measurements and correlations were made of the distri-
bution coefficient for phenol distributing between
water and mixtures of isobutylene and n-butyl acetate.
Equation (7) provides an approximation to this more
accurate but more complex correlation. In Run RS4
the feed water contained 5457 ppm of n-butyl acetate;
a material balance showed that the loaded solvent
contained 5.44% n-butyl acetate. The distribution
coefficient for phenol thus increased from about 0.7
at the bottom of the RDC to about 3.8 at the top of
the RDC. The numerical method described in Appendix
C was used to quantitatively estimate the effect
of n-butyl acetate on the expected removal of phenol
and o-cresol.

To make this calculation we first assumed that
the dispersion model with constant Kq 9ave a good
representation of the concentration profiles for
n-butyl acetate in each bulk phase. We then assumed
that Ny = Ng for n-butyl acetate (as has been found
approximately true in several other experiments in
the RDC) which, when combined with the experimental
value of N, and the additivity of resistances
relationship (equation 4), allowed Ny (and NS) to
be evaluated. These assumptions allowed the inter-
facial concentration of n-butyl acetate in the
isobutylene phase to be calculated throughout the
column, and thus the value of Kd for phenol was cal-
culated. Kd was estimated to vary from 0.71 at the
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solvent inlet to 3.6 at the solvent outlet. We
finally assume that Nw and NS for phenol are equal
to Nw and NS determined for n-butyl acetate. Then
using Kd for phenol as a function of position in the
column, the numerical method discussed in Appendix
C was used to calculate the concentration profile
for phenol. This method led to the estimation that
23.6% of the phenol would be removed, which can
be compared to the experimentally determined va]de
of 13.7% removal. The dispersion model using Kd
for phenol distributing between water and pure iso-
butylene predicted only 7.0% removal. Even for a
case where values of Kd are thought to be nearly
constant, it can be noted by observing Figure 27
that the dispersion model tends to overestimate the
removal efficiency for solutes having a value of E
below 1 when the assumption of additivity of resis-
tances is used with Nw and NS determined from solutes
having values of E greater than 1.

A similar calculation was made for o-cresol
by assuming equation (7) would provide a reasonable
estimate of the effect of solvent composition on Kd
for o-cresol. 1In this case there is no experimental
evidence that equation (7) will be accurate. The
numerical method of calculation led to the estimation
that 69.1% of the o-cresol would be removed, which
can be compared to the experimentally determined
value of 76.6% removal and to the value using Kd = 4.8
of 45.3% removal. Similar calculations could
have been made for acetone and MEK, but the variation
of Kd with mixed solvent composition for these
solutes was unknown.
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For the purpose of demonstrating the effective-
ness of the dual-solvent process, the results from
Runs RS3 and RS4 can be combined to calculate an
overall removal efficiency. By assuming that the
measured removal efficiencies would be duplicated
in a two-step process, the concentrations of solutes
in the water phase after the n-butyl acetate extraction
and after both extractions were calculated as shown
in Table 33. The calculated concentrations after
both extractions differ from the concentrations
measured in Run RS4 since it was assumed that the
water feeding the second step contained the steady
state concentrations from the first step. Clearly
a substantial improvement in water quality is
possible by dual-solvent extraction.

In Runs RS6 and RS7 a sample of the lube o0il
refining waste water supplied from an industrial
source was treated first by extraction using n-butyl
acetate (RS6), and then by extraction using isobutylene
(RS7) to recover the dissolved n-butyl acetate. As
discussed in Section V, this sample differed
appreciably from the typical composition of this
source of waste water and from the simulated lube
0il refining waste water treated in Runs RS3 and RS4.
In this sample MEK was present at about 100 times
its normal concentration; acetone and benzene were
absent; phenol and o-cresol were present at about
one-half their normal concentrations; and the suspended
solid was milky grey in color rather than black as
is normal. The presence of the cloudy suspended
phase caused a problem in setting the rotational
speed of the discs, because it was difficult to
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Table 33.

Calculated Effectiveness of

the Dual Sclvent Process

Solute

Acetone
MEX
Phenol
Benzene
o-Cresol

n-Butyl

First extraction with n-butyl acetate at FS/Fw = 0,097
Second extraction with isobutylene at FS/Fw 0.100
Feed After After Overall
Conc. First Extn. Second Ext. % Removal
38.0 34.3 32.3 15.0
217.0 126.0 97.3 55.2
13300.0 308.0 266.0 98.0
169.0 30.5 26.9 84.1
2107.0 25.4 5.9 99.7
0.0 6110.0 12.1 -—

Acetate
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determine at what point about 1% of the solvent
appeared to be entrained in the water phase.

The feed water to Run RS6 which was treated
with n-butyl acetate contained MEK (measured Kd
= 4.56), phenol (Kd = 57.0, Appendix F), and o-
cresol (Kd = 206, Appendix F). Because of the
very high MEK concentration, two solvent flow rates
were used. In Run RS6A the solvent-to-water flow
ratio was about 0.1 to simulate the typical value
of FS/Fw normally used when treating this type
of waste water. In Run RS6B Fs/Fw was increased
to about 0.3 to provide information on how efficiently
MEK could be removed during the unusual condition
which caused the atypical waste water composition.
The settings of the independent variables and the
results of the extractions are shown in Table 34
for Run RS6A and in Table 35 for Run RS6B. The
measured solvent hold-up values were very low in
both these runs for an undetermined reason.

The steady-state material balance closed within
less than 6% for each solute in Run RS6B, but in
Run RS6A the material balance showed as much as
26% more solute entering with the feed water than
leaving with the product water and loaded solvent.
Inspection of the solvent-phase samples taken during
the approach to steady state showed that the loaded
solvent composition was still changing at the end of
the experiment. Run RS6A was made following Run
RS6B, and the usual practice of raising the main
interface to the top of the column and then lowering
it to the normal position was not followed. This
meant that the solvent phase in the column above the
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Table 34. Results from Run RS6A

Water flow rate = 3.21 gal/hr

Solvent flow rate 0.369 gal/hr

Rotating disc diameter = 1.50 inch
Stator hole diameter = 2,25 inch
Rotational speed = 1100 RPM

Analytical results (concentrations in ppm):

MEK Phenol o-Cresol
Feed water 12220. 8751. 892.
Product water 5883. 104. 6.5
Percent removal 51.8 98.8 99,3
Loaded solvent 48400. 66900. 6600,

n-Butyl acetate in product water = 15210 ppm.

Solvent hold-up too small to measure.

24.2°C

Measured column temperature
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Table 35. Resﬁlts from Run RS6B

Water flow rate 3.21 gal/hr

Solvent flow rate 1.11 gal/hr

Rotating disc diameter = 1.50 inch
Stator hole diameter = 2.25 inch
Rotational speed = 1100 RPM

Analytical results (concentrations in ppm):

MEK Phenol o-Cresol
Feed water 12220. 8751. 892.
Product water 2452, 77. 4.3
Percent removal 82.3 99.1 99.5
Loaded solvent 30600. 26200. 2880.

n-Butyl Acetate in product water = 15400 ppm.

Measured solvent hold-up = 0.00214

Measured column temperature = 23.4°C
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interface had. to be purged by the slow solvent flow
during Run RS6A. Incomplete purging accounts for the
lack of closure of the material balance for this

run. The flow rate of the total solvent phase
increased by only 1.9% in Run RS6A and 2.6% in Run
RS6B as it passed through the column because the
amount of solutes picked up almost exactly balanced
the amount of solvent dissolved and entrained in the
aqueous phase. Therefore, ;he analJysis was calculated
on a weight fraction basis using total solvent- and
water-phase inlet flow rates.

The difficulty in experimentally establishing
the setting for the disc rotation speed because of -
the turbid nature of the water-phase was previously
mentioned. The chosen setting of 1100 RPM was .
probably higher than optimal, and because of setting
the rotation speed too high a considerable amount
of n-butyl acetate phase was entrained in the product
water. This fact is shown by the high concentration
of n-butyl acetate (> 15,000 ppm) in the product
water, which is more than twice the solubility of
the solvent in water. After settling for 12 hours,
the concentration of n-butyl acetate had fallen to
about 10,000 ppm, and after settling for 1 week,
the concentration had fallen to about 7,000 ppm. Even
after settling for a week the turbidity of the
product water was about the same as that of the feed
Water,

Assuming that Gyg = 0.2 as in previous experi-
ments with n-butyl acetate as solvent, the method
of Strand, et al. (1962) was used to estimate Pe

and Pes, from which the values of N, Tlisted in
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Tables 36 and 37 were determined. The reason why
the removal of MEK in Run RS6A was higher than what
theory predicted as possible is not known, but it
may be associated with the high concentration of MEK
in both phases. The MEK removal would have had
to be 42.9% rather than the measured 51.8% to give
Now = 5.5, as expected from the results on Run RS6B.
By assuming G]8 = 0.2 the solvent hold-up was
predicted as 0.0088 for RS6A and 0.0272 for RS6B,
which are much larger than the measured values
listed in Tables 34 and 35. The maximum stable
drop diameter predicted with G18 = (0.2 was about
equal to the observed value.

When the data from Run RS6B were evaluated
in terms of a straight Tine plot of 1/Now vs 1/E,
Nw = 11 and Ns = 7.7 were estimated as the individual-
phase numbers of transfer units. From the data
from Run RS6A Nw was estimated to be about 11, but

NS could not be estimated.

In Run RS7 the collected water which had been
treated by n-butyl acetate extraction in RS6 was
treated by extraction with isobutylene at a low
solvent-to-water flow ratio (FS/Fw = 0.102). The
major solutes were n-butyl acetate (Kd = 168
Appendix E) and MEK (Kd'= 2.49, Appendix E) with
smaller smounts of phenol (Kd = 0.7, Appendix E)
and o-cresol (Kd = 4.8, Appendix E). The water
treated by n-butyl acetate extraction in Run RS6A
was treated with isobutylene in Run RS7A, and the
water treated in RS6B was treated with isobutylene
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Table 36. Experimental Estimates of Now

for Run RS6A

MEK Phenol o-Cresol
E 0.46 5.76 20.8
% Removal 51.8 98.8 99.3
Now ) 12.5 10.7
G18 assumed to be 0.2; Pew = 4,26

and Pe_ = 22.1

s

Table 37. Experimental Estimates of Now

for Run RS6B

MEK Phenol o~-Cresol
E 1.39 17.3 62.7
% Removal 79.9 99.1 99.5
Now 5.5 10.2 11.1
G,g assumed to be 0.2; Pe = 4.36

and Pe, = 21.9
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. in RS7B. The settings of independent variables and
the results of the treatment are shown in Tables

38 and 39. The removal efficiencies were very
similar in the two runs with a slightly better
result in RS7A. The results were also very similar
to those in Run RS4 (Table 32) where a simulated
waste water was used. The solvent hold-up measured
in these two experiments was about 5 times as large
as that measured in RS4. The material balance
closures were within 12% in both runs.

When this waste water was treated by n-butyl
acetate extraction in RS6, no appreciable improvement
in turbidity occurred, However, during the extrac-
tions using isobutylene in RS7, the milky grey sus-
pended phase was greatly reduced. The suspended
phase may have been particles of wax which were more
soluble in or possibly more readily coalesced with
the isobutylene droplets than with n-butyl acetate
droplets.

When the measured solvent hold-up was used to
estimate 618 and the droplet diameter, very low
values for G18 (0.024 - 0.026) and dp (0.0022 - 0.0024
inch) were calculated. With G18 = 0.337, as was
found with the simulated water in RS4, values of dp
agreed with those visually estimated, but the cal-
culated hold-up was much below the measured values,

Values of Now were calculated for each solute
using 618 = 0.337, which gave Pew = 3.55 and PeS = 32.5,
and using Kd for each solute as though the solvent

were pure isobutylene. As expected this calculation
predicted that only n-butyl acetate could possibly
have been removed to the extent measured. This
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Table 38. Results from Run RS7A

Water flow rate = 3.21 gal/hr

Solvent flow rate 0.553 gal/hr

Rotating disc diameter = 1.75 inch
Stator hole diameter = 2.00 inch
Rotational speed = 1450 RPM

Analytical results (concentrations in ppm):

Phenol MEK o-Cresol n-Butyl
Acetate
Feed
water 306. 5573. 24,2 7133.
Product
water 227. 3597. 2.3 11.0
Percent
removal 25.8 35.5 90.5 99.8

Measured solvent hold-up = 0.0362

Measured column temperature = 23.3°C
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Table 39. Results from Run RS7B

Water flow rate = 3,21 gal/hr

Solvent flow rate 0.553 gal/hr

Rotating disc diameter = 1.75 inch
Stator hole diameter = 2,00 inch
Rotational speed = 1450 RPM

Analytical results (concentrations in ppm):

Phenol MEK o-Cresol n-Butyl
Acetate
Feed
water 229. 2801. 18.0 6791.
Product
water 190. 1891. 2.8 15.2
Percent
removal 17.0 32.5 84.4 99.8
Measured solvent hold-up = 0.0346

Measured column temperature = 23,3°C
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calculation gave Now = 19.1 in Run RS7A and Now = 17.3
in Run RS7B for n-butyl acetate. The numerical
calculation described for Run RS4 and in Appendix

C was used to estimate the removal efficiencies of
phenol and o-cresol predicted from the effect that
n-butyl acetate in the isobutylene phase has on the
values of Kd for these two solutes. This calculation,
made assuming Ns = Nw for n-butyl acetate, led to

the prediction that 27.4% of the phenol and 72.6% of
the o-cresol should have been removed. These results
are in reasonably good agreement with the experimental
values.

The chemical oxygen demand (COD) was determined
for the initial waste water used as feed in RS6 and
for the product solutions from RS7A and RS7B. In
Table 40 these results are compared to values of
theoretical oxygen demand (TOD) calculated from
the concentrations of MEK, phenol, o-cresol, and
n-butyl acetate. The agreement between COD and
TOD is remarkably good.

As was done previously in Runs RS3 and RS4, the
effectiveness of the dual solvent process was
estimated by calculating overall removal efficiencies.
The results for the combination RS6A and RS7A and
for the combination RS6B and RS7B are shown in Table
41. In these calculations the n-butyl acetate which
was present as a dispersed phase after the first
extraction was assumed to be completely removed with-
out affecting the removal of dissolved solutes in
the second extraction. This assumption was necessary
since no time would be provided for phase separation
between the two steps. The presence of a high
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Table 40. COD and TOD for Runs RS6 and RS7

Feed to RS6
Product from RS7A

Product from RS7B

Cob
(ppm)

54,450
8,572

4,692

210

TOD

(ppm)
52,900
9,350

5,110



Table 41, Overall Removals for the

Dual Solvent Process

First extraction with n-butyl acetate.

Second extraction with isobutylene.

Feed After , After Overall
Conc. PFirst Extn. Second Extn. % Removal

Runs RS6A and RS7A:
(FS/Fw = 0.101) (FS/Fw = 0.102)

MEK 12220. 5883. 3795, 68.9
Phenol 8751. 104. 77.2 99.1
O0-Cresol 892. 6.5 0.6 99.9
n-Butyl

Acetate 0. 15210. 11.0 -
TOD 52900. 48150. 9470. 82.1

Runs RS6B and RS7B:
(Fs/Fw = 0.304) (FS/Fw = 0.102)

MEK 12220. 2452, 1655. 86.5
Phenol 8751. 77.0 63.9 99.3
O-Cresol 892. 4.3 0.7 99.9
n-Butyl

Acetate 0. 15400. 15.2 -

TOD 52900. 40120. 4230. 92.0
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TOD as well as the cost of lost n-butyl acetate can
be seen to provide the need for a second extraction
with the volatile solvent. The improvement in

final product by operating the first extraction with
a higher solvent flow rate is also illustrated by
comparing the results for the two combinations of runs.

In Runs RS8 and RS9 a mixture of about 50 weight
percent n-butyl acetate and 50 weight percent
isobutylene was used to treat samples of lube oil
refining waste water. These experiments provide
information relating to a dual solvent process
with linked solvent cycles. The second step in
this dual solvent process utilizing isobutylene
extraction for n-butyl acetate recovery is similar to
isobutylene extraction in a dual solvent process with
separate solvent cycles. Therefore, the data from
Runs RS4 and RS7 apply directly, and the second step
in the process with linked solvent cycles was not
simulated.

In Run RS8 a mixture of 48.7 weight % n-butyl
acetate and 51.3 weight % isobutylene was used to
treat a sample of industrial lube o0il refining
waste water. If we assume that the distribution
coefficient for each solute between water and the
solvent mixture was given by equation (7) as was
found to be valid experimentally for phenol, then
an approximate value for Kd can be determined for
each solute. The solutes which were present included
acetone (Kd = 0.83), MEK (Kd = 3.50), phenol (Kd
28.1), o-cresol (Kd = 100), and benzene (Kd
239).
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It was assumed that the physical properties
of the mixed solvent would be intermediate between the
properties of the two pure solvents. Therefore, the
column was set up with the smaller set of discs
(1.50 inch) which had been used for n-butyl acetate
extractions and with the stators having the smaller
holes (2.00 inch) which had been used for isobutylene
extraction. The initial flow settings were chosen
so that FS/Fw was about 0.2; a dual solvent process
with linked solvent cycles with Fs/Fw 0.2 in the
initial extraction step (50 weight % of each solvent)
and with Fs/Fw = 0.1 in the second extraction step
(pure volatile solvent) should be comparable to a
dual solvent process with separate solvent cycles
with FS/Fw = 0.1 in each pure solvent extraction
step. The settings of the independent variables
and the results of this extraction are shown in
Table 42.

A problem which was encountered due to flow
line plugging during this run resulted in a gradual
decrease in both the solvent and the water flow rates.

For this reason a range of flow rates is given in
Table 42; the higher number is the initial setting,
and the lower number is the final setting. These
decreasing flows made calculation of the steady

state material balance inaccurate and caused the
solvent hold-up measurement to be invalid. However,
the measured removal efficiencies are believed

to be a good approximation of the efficiencies which
would have been measured at the median of the ranges of
flow rates. The values of E reported were calculated
at median flows. The COD of the feed and product
Water streams was not determined.
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Table 42. Results from Run RSS8

Water flow rate = 3.92 - 4.16 gal/ﬁr

Solvent flow rate = 1.055 - 1.200 gal/hr

Solvent feed composition 48.7 weight % n~butyl

acetate in isobutylene

Rotating disc diameter = 1.50 inch
Stator hole diameter = 2.00 inch
Rotational speed = 1090 RPM

Analytical results (concentrations in ppm):

Acetone MEK Phenol o-Cresol Benzene

Feed

water 24.6 108. 17170, 2660, 36.9
Product

water 12.1 54.9 1902, 124, 9.2
Percent

removal 50.8 49,2 B8.9 95.3 75.1
E 0.17 0.72 5.76 20.5 49.0

n-Butyl acetate in product water = 2364 ppm.

Measured column temperature = 21.2°C

Estimated maximum drop diameter = 0.06 inch
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The comparison of results from Run RS8 with
the prediction from the method of Strand, et al. (1962)
was based on choosing G.|8 from the observed maximum
stable drop size and from the observed hold-up
measured for the same system in Run RS9 (reported
below). Using G18 = 0.17 as the chosen value resulted
in the values of Pew, Pes, and Now for each solute
shown in Table 43. The infinite value of Now for
acetone is undoubtedly the result of a large analyt-
ical error either for the feed or the product
water stream. For a reasonable value of Now = 0.5,
only 15.2% removal would be expected. The values
of Now for MEK, phenol, and o-cresol fell on a
straight line when plotted as 1/Now vs. 1/E
resulting in Nw = 4.4 and NS = 3.3 as estimates
for the individual-phase numbers of transfer units.
As in previous extractions, the removal of benzene
was much less efficient than predicted from its
high value of E.

The appearance of the column during Run RS8
was similar to the appearance in Runs RST1A and
RS1B. In those previously described runs, we
found that the column operation was greatly improved
by converting to larger discs and to stators with
smaller holes. This modification in column geometry
was more successful in improving the contact between
solvent and water than could be achieved by simply
increasing the rotational speed. Apparently the
hydrodynamics of the mixed solvent system is more
nearly like extraction with pure isobutylene than
extraction with pure n-buty! acetate. Therefore,
the column might operate better using the 1.75-inch
discs and the stators with 2.00-inch holes.
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Table 43. Experimental Estimates of Now for Run RSS8
Acetone MEK Phenol o-Cresol Benzene
E 0.17 0.72 5.76 20.5 49.0
% Removal 50.8 49.2 88.9 95.3 75.1
Now L 1.5 3.4 4.6 1.7
F assumed to be 0.17; Pew = 6.59 and PeS = 33.8

18
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In Run RS9 a mixture of 53.1 weight % n-butyl
acetate and 46.9 weight % isobutylene was used to
treat a prepared water stream which contained MEK
and phenol. The larger discs were used to determine
if the operation would be improved over that in Run
"RS8, and the appearance of the column as well as
the rates of mass transfer showed that improvement
was indeed achieved. The droplets of mixed solvent
were smaller, and the hold-up was larger when using
the larger discs. However, no increase in the amount
of solvent entrained with the product was noted with
the Targer discs.

The settings of the independent variables and
the results of the extraction with mixed solvent in
Run RS9 are shown in Table 44. Fs/Fw was set at
about 0.2 as in Run RS8. If we again assume that
the distribution coefficient for each solute between
water and the mixed solvent was given by equation
(7), then Kq = 3.59 for MEK and K, = 30.6 for
phenol. The steady state material balance closed
within 8% for both solutes.

In the comparison of the results from Run RS9
with the prediction from the method of Strand, et al.
(1962), G18 calculated from the measured solvent
hold-up agreed with G18 estimated from the measured
maximum droplet diameter. Using this G]B = 0.17
resulted in Pew = 6.54 and Pes = 25.9 and in Now = 12.2
for phenol. The observed 78.5% removal for MEK was
higher than would be predicted even with an infinite
value of Now; this probably reflects a failing in
the method for estimating Kyg for the mixed solvent.
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Table 44.

Results from Run RS9

Water flow rate = 4.66 gal/hr

Solvent flow rate = 1.364 gal/hr

Solvent feed composition

53.6 weight % n-butyl

acetate in isobutylene

Rotating disc diameter = 1.75 inch
Stator hole diameter = 2.00 inch
Rotational speed = 1090 RPM

Analytical results (concentrations in ppm):

Feed water
Product water
Percent removal
Water in column

E

MEK Phenol
424. 17320.
91.3 93.4
75.5 99.5
323, 8762.
0.78 : 6.68

n-Butyl acetate in product water = 2593 ppm.

Measured solvent hold-up = 0.0238

Measured column temperature = 22.3°C

Estimated maximum drop diameter = 0.03 inch
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For a reasonable Now = 6 with E = 0.78, 66.0%

removal of MEK would be expected. The observed 99.5%
removal for phenol was the highest value measured for
the removal of phenol in any experiment reported for
this water.

Summary of Experiments on Lube O0il Refining Waste Water.
In Runs RS2, RS3, and RS6 n-butyl acetate was

used to treat simulated and actual samples of lube

0il refining waste water. The operation of the RDC

was similar in these runs except that the rotational

speed was higher in RS6, which resulted in some sol-

vent entrainment. The method of Strand, et al. (1962)

gave an adequate correlation of observed drop

sizes when G18 = 0.2 was used. By using this

monodisperse drop size model, the correlations dis-

cussed in Section V for mass transfer toward

stagnant drops, circulating drops, and drops in

a turbulent continuous phase (Calderbank and Moo-Young,

1961) were used to calculate values of Nw‘ These

theoretical estimates of Nw are compared in Table 45

to the experimental values which were determined by

plotting 'l/Now vs 1/E. The ratio of N, predicted

by the model for drops in a turbulent continuous

phase to the experimental value of Nw varied from

0.27 to 1.0, with 0.5 as found in Test Run RS13

being an average value. These are not sufficient

data for a clear choice of this model over those

for stagnant or circulating drops, but for the

Purpose of estimating costs on a larger scale they

should be useful. Theoretical and experimental

estimates of Ns are also listed in Table 45. The

ratio of Ns predicted for stagnant drops to Ns
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Table 45. Theoretical and Experimental Mass Transfer

Estimates for Extraction with n-Butyl Acetate

Run number RS2 RS3 RS6B
N (RPM) 617 805 1100
Pe 8.53 9.55 4.35

W

PeS 27.8 29.2 21.9
Experimental N, 2.5 7.3 11.0
N for turbulent
Y transfer 1.1 2.0 11.3
NW for stagnant

drops 0.8 1.0 4.0
Nw for circulating

drops 8.1 14.0 66.0
Experimental NS 2.4 8.4 7.7

N_ for stagnant
drops 5.6 _ 15.0 29.0

N_ for circulating '
drops 17.7 34.9 54.0
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estimated from 1/Now vs 1/E plots varied from 1.8

to 3.7, with 2.6 as found in Test Run RS13 being

an average value. The fact that the experimental
estimates for NS are even less than for stagnant

drops may be an artifact of the assumption of mono-
disperse drops. Variations in drop size and in the
intensity of mixing in the continuous phase surrounding
the drops can cause the ratio of individual-phase

mass transfer coefficients to be different in
different locations within the contactor. King (1964)
has described how a variation in the ratio of individ-
ual-phase mass transfer coefficients over the total
interface can have -this effect.

The regeneration of the loaded n-butyl acetate
from these runs was carried out in a glass, batch
distillation column at atmospheric pressure. The
separation between the phenolics and n-butyl acetate was
very easy to make. The separation between n-butyl
acetate and benzene was more difficult, but was
possible. The separation between MEK and n-buty]l
acetate was of intermediate difficulty. These
qualitative results should also apply to continuous
distillations.

In Runs RS1, RS4, and RS7, isobutylene was used
to recover n-butyl acetate from actual and simulated
samples of lube 0il refining waste water. The
hydrodynamic behavior of the column was greatly
improved by replacing the 1.50-inch discs and stators
with 2,25-inch holes with a set of 1.75-inch discs
and stators with 2.00-inch holes. Using the method
of Strand, et al. (1962) with G]S = 0.337 gave a
good representation of observed drop sizes and
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solvent hold-up. Based on the removal efficiency

for n-butyl acetate, the ratio of Nw from the turbulent
mass transfer model (Calderbank and Moo-Young, 1969)

to Nw estimated experimentally ranged from 0.06 to
0.13, with the lower value occurring more often.

The value of NS could not be determined experimentally
because of interactions between solutes, but Nw = N
seemed to give a reasonable estimate.

The regeneration of isobutylene was carried
out continuously during these experiments, but the
very low production rate of recovered solutes made
quantitative evaluation difficult. The separation of
isobutylene from n-butyl acetate was very easy,
and MEK was the only solute that could be detected
in the regenerated isobutylene.

In Runs RS8 and RS9 mixtures of n-butyl acetate
and isobutylene were used to treat actual and simulat-
ed lTube 0il refining waste water. The operation of
the column was best when using the same set of
discs and stators used for pure isobutylene extraction,
and the hydrodynamics could be correlated by using
618 = 0,17 for mixtures of solvent near 50% n-butyl
acetate. The ratio of Nw predicted for turbulent
mass transfer to Nw predicted from the 1/Now vs. 1/E
plots varied from 0.5 to 0.8, with the larger value
correéponding to the higher removal efficiencies in
Run RS9. 1In RS8 where NS could be estimated, the
ratio of NS predicted for stagnant drops to that
estimated experimentally was about 6.

The loaded mixed solvent was distilled continu-
ously during each experiment, but the temperature of
the Freon 114 heat source was not high enough to

S
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remove more than about half the isobutylene. The
remaining isobutylene and all the n-butyl acetate
were removed and distilled in the atmospheric
batch apparatus. About half the isobutylene was
thus lost. The isobutylene which was recovered
contained almost no (< 10 ppm) n-butyl acetate.
The batch distillation produced very pure n-butyl
acetate for recycle except for a small amount of
benzene which was difficult to separate.

In all three types of extraction steps when
treating actual and simulated lube o0il refining
waste water, the removal of benzene is much lower
than predicted based on its high value of Kg-

Experiments on Ethylene Quench Waste Water.

In Runs RS10 and RS11 samples of ethylene
quench waste water were treated with isobutylene
and isobutane, respectively. A1l the solutes present
in this polluted water were not identified; the
only individual pollutants whose concentrations were
measured were benzene, toluene, xylenes (o-, m-, and
P-xylene plus ethylbenzene), and phenol. The
COD of the feed and pkoduct waters was also measured.
Only processes with a single, volatile solvent were
Simulated since the low concentration of phenol did
not appear to justify the added cost of a dual
solvent process.

In Run RS]O isobutylene was used to treat
ethylene quench water at a low solvent-to-water
flow ratio (F,/F, = 0.101). The principal solutes
Were benzene (Kd = 407), toluene (Kd =~ 1690), and
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phenol (Kd = 0.7, Appendix E). The distribution
coefficient for toluene was estimated from Kd

for benzene by correcting for differences in their
water solubilities and their solubility parameters.
The settings of the parameters and results are
shown in Table 46. The material balance closures
for each solute were within 12%.

In Run RS11 isobutane was used to treat
ethylene quench water at a low flow ratio (FS/Fw =
0.097). The principal solutes were benzene (Kd ~ 338),
toluene (Kd ~ 1460), and phenol (Kd = 0.2, Appendix E).
The distribution coefficients for benzene and toluene
were estimated by correcting Kd for benzene between
water and isobutylene. The settings of the parameters
and the.results are shown in Table 47. The material
balance closures for each solute were within 15%.

The major difference in results between Runs
RS10 and RS11 was an observation that the turbidity
of the feed water was reduced more dramatically by
isobutane extracpion. The turbidity of feed
and product waters in Run RS11 was determined by
using a laboratory turbidimeter (Hach Chemical
Company, Model 1860A); a 72% reduction in turbidity
was measured. The turbidities of feed and product
waters in Run RS10 were not measured, but by
visual inspection no significant improvement
in turbidity occurred by isobutylene extraction.

The ability of isobutane to extract the dispersed
solids and liquids which caused the turbidity

was probably the reason for a greater COD vreduction
with isobutane extraction (58%) than with isobutylene
extraction (35%).
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Table 46. Results from Run RS10

Water Flow Rate = 4,62 gal/hr
Isobutylene Flow Rate = 0.786 gal/hr
Rotating Disc Diameter = 1.75 inch
Stator Hole Diameter = 2.00 inch

Rotational Speed = 1450 RPM

Analytical Results (concentrations in ppm):

Solute Feed Product % Removal In Column
Benzene 71.1 2.9 895.9 6.6
Toluene - 40.5 2.3 94.3 4.3
Xylenes 40.3 <1l >87 7.1
Phenol 66.9 63.1 5.7 66.1

Measured Solvent Hold-up = 0.0217
Estimated Maximum Stable Drop Diameter = 0.05 inch

Column Temperature = 20.8°C

Feed Product
Measured COD (ppm) 1880 1209
Calculated COD (ppm) 632 166
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Table 47. Results from Run RS1ll

Water Flow Rate = 4,60 gal/hr

Isobutane Flow Rate 0.786 gal/hr

Rotating Disc Diameter = 1.75 inch
Stator Hole Diameter = 2.00 inch
Rotational Speed = 1450 RPM

Analytical Results (concentrations in ppm):

Solute Feed Product % Removal In Column
Benzene 8l.2 2.4 97.0 10.6
Toluene 43.8 1.6 96.3 5.1
Xylenes 33.6 <l >97 6.9
Phenol 68.2 66.0 3.2 66.5

Measured Solvent Hold-up = 0.00961
Estimated Maximum Stable Drop Diameter = 0.05 inch

Column Temperature = 23.4°C

Feed Product
Measured COD (ppm) 1880 699
Calculated COD (ppm) 655 169
Measured Turbidity (FTU)* 142 40

* FTU = Formazin Turbidity Units
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The comparison of results from Runs RS10 and
RS11 with the predictions from the method of Strand,
et al. (1962) was based on choosing Gqig from the
observed maximum stable drop size. The Peclet
numbers and the values of Now are shown in Table
48, The removal efficiencies and values of NOW
for benzene and toluene were siightly larger in
Run RS11 than in RS10; this was probably due to
a slightly better solvent dispersion. The removal
efficiency for phenol was better in RS10 because
of the higher value of K;. The value of Now for
toluene was lower than for benzene because the
diffusivity of toluene in water is lower; since
the resistance to mass transfer for these two solutes
lay almost entirely in the water phase, the higher
value of K, for toluene had 1ittle influence on Now*
The ratio of Nw predicted by the model of Calderbank
and Moo-Young (1961) to Now (= Nw) determined
experimentally for benzene and toluene ranged from
0.51 to 0.60; no comparison of theory to experiment
¢could be made for Ns'

In both runs the volatile solvent was continu-
ously regenerated by distillation. The analysis
of regenerated solvent failed to show any trace
of benzene, toluene, or phenol. This indicated that
both volatile solvents could be regenerated with ease.

Experiments on Oxychlorination Waste Water.

In Runs RS5 and RS12 samples of neutralized
oxychlorination waste water were treated with iso-
butylene and 2-ethyl hexanol, respectively. Additional
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Table 48. Experimental Estimates of Ng for

Each Solute in Runs RS10 and RS11

w

Gig
Pe

W
Pe

S
Fs/Fw
BE for Benzene
Benzene % Removal
N for Benzene
ow
E for Toluene
Toluene % Removal
Now for Toluene
E for Phenol
Phenol % Removal

NOw for Phenol

RS10

0.22

27.3
0.1010
41.1

95.9

171

4.3

0.070
5.7
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RS11

[ ymR————

0.20

5.04
28.8

0.0973

32.9

142
96.3
5.0
0.019



experiments with this type of waste water are
described in Appendix I.

The sample of oxychlorination waste water
which was treated by isobutylene extraction in
Run RS5 had been neutralized by addition of solid
NaOH. As described in Section V it was later
determined that this method led to decomposition of
about 15% of the chloral to form chloroform and
sodium formate. Run RS5 had to be terminated
before steady state was reached because of a failure
of one of the shaft bearings, but it was eﬁtimated
that about 95% of the 3140 ppm of ethylene dichloride
in the feed and about 60% of the 1700 ppm chloroform
in the feed would be removed at an intermediate
flow ratio (Fs/Fw = 0.2). Essentially none of the
ethanol, ethylene chlorohydrin, or undecomposed
chloral was removed during treatment with isobutylene.

In Run RS12 a sample of oxychlorination waste
water which had been neutralized by adding NaHCO3
was extracted with 2-ethyl hexanol at a Tow flow ratio
(Fs/Fw = 0.106). The settings of independent
variables and the results are shown in Table 49.

In addition to the organic pollutants in the feed
wWaste water, 9.26 weight % NaCl remained from the
neutralization of the HCl1. The presence of this
high a salt concentration made quantitative analysis
for this run difficult.

Measurements were made of the distribution coef-
ficient for chloral hydrate distributing between 2-ethyl
hexanol and both salt-free and salt-containing waste
Water. We found K, = 50 for chloral hydrate in
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Table 49. Results from Run RS12

Water Flow Rate = 4.32 gal/hr

Solvent Flow Rate 0.551 gal/hr

Rotating Disc Diameter = 1.50 inch
Stator Hole Diameter = 2.25 inch
Rotational Speed = 800 RPM

Analytical Results (concentrations in ppm):

Solute ' Feed Product % Removal 1In
Column
Ethanol 286 265 7.3 303
Ethylene Dichloride 1505 <20 >99 503
Ethylene Chlorohydrin 1636 1292 21.0 1472
Chloral Hydrate 15220 7726 49.2 10610

2-Ethyl Hexanol in Product Water = 374 ppm
Column Temperature = 22.2°C

Measured Solvent Hold-up = 0.0156
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pure water and Kd = 146 for chloral hydrate in

10% NaCl solution. From these data the value of

Kd for chloral hydrate in RS12 was about 140.

The value of Kd for ethanol distributing between
pure water and sec-octanol is about 0.83 (Krishnamurty
and Rao, 1954), so the value in RS12 was estimated
to be about 1. The value of Kd for ethylene di-
chloride between pure water and isobutylene is 70.90,
so the value in RS12 was probably about 200 for this
polar solvent. A value for Kd for ethylene chloro-
hydrin was back calculated from the results on RS12
giving Kd = 65,

Using the method of Strand, et al. (1962),

G18 = 0.13 was estimated from the measured solvent
hold-up. As with runs using n-butyl acetate as
solvent, the hold-up appeared to increase just

below the mid-column bearing. A value of G18 = 0,20
gave a drop diameter closer to that estimated

visually, but there is not enough information available
from this one run to make a choice between these

two values of G18' _

ATthough the uncertainty in values for Kd makes
any comparison between theory and experiment meaning-
less for this run, several conclusions can be reached
by comparing one solute to the others and by comparing
theoretical estimates for this run with estimates
for other runs. By comparing the removal efficiencies
for the two solutes with large values of E, ethylene
dichloride and chloral hydrate, it is clear that
something caused a significant difference. This
result is also clear by comparing the experimental
Values for Now with calculated values for Now
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determined by calculating Nw from the turbulent mass
transfer model and Ns from the stagnant drop model
using 0.13 for G18' The experimental values of Now
for ethylene dichloride and chloral hydrate are 7.0
and 0.75, respectively, while the calculated values
are 6.4 and 5.5, respectively. The experiment
described in Appendix I clearly shows that chloral
hydrate undergoes a slow chemical reaction in
addition to simple mass transfer, which explains this
difference.

Another conclusion can be made by comparing Nw
calculated from the turbulent mass transfer model
with NS calculated from the stagnant drop model.

In all previous runs, the calculated value for Ns

was 5 to 15 times larger than the calculated value
for Nw’ while for this run the calculated values

are about equal. The explanation for this difference
is related to the high viscosity of 2-ethyl hexanol
(i.e., about 8 c¢cp). When 2-ethyl hexanol is used

as solvent, the relative importance of the solvent-
phase resistance to mass transfer will be increased.
This will affect the removal of ethanol and ethylene
chlorohydrin most seriously.
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Experiments on Phenol-Formaldehyde Resin Manufacture
Wastewater
Table 50 reports results from Run RS15, made using

a mixed solvent of n-butyl acetate and isobutylene for
extraction of the wastewater from phenol-formaldehyde
resin manufacture. The disc and stator combination
used was that which had proven to be most successful
for mixed-solvent treatment of the lube-0il refining
wastewater. The flow ratio was Fs/Fw = 0.206, to
allow comparison with a pure butyl-acetate run where
the flow ratio was on the order of 0.1. The three
solutes monitored were methanol (Kd = 0.10, measured),
formaldehyde (Kd = 0.15, measured), and phenol (Kd = 6.15,
measured). A1l these reported Kd values are for the
feed water concentration and for no other solutes
present. Values of Kd are, in fact, highly variable
with respect to solute concentration, and with respect
to the concentrations of other solutes in the system.
The observed % removal of phenol is very high under
these conditions, while the observed % removals of
methanol and formaldehyde are quite low.

Table 51 gives results from Run RS16, where pure
n-butyl acetate was used as solvent for treating the
same wastewater, this time with a flow ratio Fs/Fw = 0.12.
The flow ratio could not be made lower because of the
need to maintain a sufficient density difference
between phases as phenol buiit up in the solvent phase.
The density of pure butyl acetate is 0.882 g/cm?®; that
of pure phenol is 1.071 g/cm®. The disc and stator
combination is that used successfully in other experi-
ments with pure butyl acetate solvent. Under these
conditions Kd for phenol at the feed concentration is
12.0. The observed % removal of phenol is lower than
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- Table 50. Results from Run RS15

Wastewater from Phenol-Formaldehyde Resin Manufacture

Solvent: 48.2 wt % n-butyl acetate, 51.8 wt %
isobutylene

Water Flow Rate = 2.41 gal/hr
Solvent Flow Rate = 0.677 gal/hr
Rotating Disc Diameter = 1.75 inch
Stator Hole Diameter = 2.00 inch
Rotational Speed = 1200 RPM
Column Temperature = 22.7°C

Analytical Results (concentrations in ppm):

Solute Feed Product % Removal
Methanol 12,000 11,510 4.1
Formaldehyde 17,370 16,450 5.3
Phenol 48,270 483 99.0
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Table 51. Results from Run RS16
Wastewater from Phenol-Formaldehyde Resin Manufacture
Solvent: n-Butyl Acetate

Water Flow Rate = 2.18 gal/hr
Solvent Flow Rate = 0.295 gal/hr
Rotating Disc Diameter = 1.50 1inch
Stator Hole Diameter = 2.25 dinch
Rotational Speed = 1250 RPM
Column Temperature = 23.4°C

Analytical Results (concentrations in ppm):

Solute Feed Product % Removal
Methanol 12,000 7,608 36.6
Formaldehyde 17,370 10,370 40.3
Phenol 48,270 6,082 87.4
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in the mixed-solvent run (87.4% vs. 99.0%), but the

% removals of methanol and formaldehyde (37% and 40%,
respectively) are much higher than in the mixed-solvent
run.

It is interesting to explore the reasons for
the very different removals of the various solutes in
the two different runs. In the mixed-solvent run,
much of the phenol extraction occurs with a much higher
equilibrium distribution coefficient than that
prevailing at the feed concentration, since the dis-
tribution coefficient is much higher at lower concentra-
tions of phenol in the aqueous phase (see Appendix F).
Consequently there is a very high % removal of phenol.
For methanol and formaldehyde the extraction factors
are quite low, of the order of £ = 0.02 to 0.03,
based upon the equilibrium distribution coefficients
for these components into the solvent (in the absence
of phenol). These values of the extraction factor
would correspond to expected removals in the range of
2 to 3%, somewhat lower than the values of 4 to 5%
observed. The somewhat larger actual percentage re-
movals probably result from the solvent power of the
phenol which builds up in the solvent. A mass balance
on phenol indicates that there is about 19% phenol
in the éxit solvent. This would be sufficient to in-
crease the equilibrium distribution coefficients for
methanol and formaldehyde significantly.

The lower removal of phenol and the higher removals
of methanol and formaldehyde in the pure n-butyl-acetate
solvent run (RS16) can be rationalized on the basis
of the still higher build-up of phenol in the solvent
phase because of the lower flow ratio. A mass balance
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on phenol indicates that the phenol builds up in

the exit soivent phase to a level of about 25%,

while methanol and formaldehyde build up to levels

of 3 and 4%, respectively. The higher concentration

of phenol in the exit solvent will reduce the equili-
brium distribution coefficient of phenol at the
solvent-exit, water-inlet end of the column, thereby
causing a "pinch" situation in the operating diagram,
which serves to reduce the separation of phenol attain-
able. At the same time, the higher concentration of
pheno]'in the solvent phase should serve to increase
the equilibrium distribution coefficients for methanol
and formaldehyde substantially, and the presence of
significant amounts of methanol in the so]vent/may further
increase the distribution coefficient for formaldehyde,
and vice versa, since these two molecules can interact
strongly through hydrogen bonding:

H3C -0 -H---0-= CH2

These results imply that one can trade-off between the

percent removals of phenol and of methanol and formal-

dehyde in extraction of this wastewater by adjusting

the solvent to water ratio and thereby altering the

extent to which the solutes build up in the solvent phase.
The very complex interactions between the solutes

and their high levels of concentration preclude any

reliable analysis of the mass-transfer behavior of

the extractor in these runs.
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Experiments on Hydrofiner Condensate Wastewater

Table 52 presents results of Run RS17, where methyl
isobutyl ketone (MIBK) was used as a solvent to treat
the hydrofiner condensate wastewater. The disc and
stator sizes correspond to those used for butyl
acetate runs with other waters. The flow ratio chosen
was FS/Fw = 0.125. The one peak which was monitored
was that of phenol (measured Kd = 68), for which the
removal was better than 99.8%. The removal cannot
be determined more precisely since the 1imit of quan-
titative detection of the chromatographic analysis
method is about 1 ppm, and the level of phenol in
the effluent water was below that level. Other or-
ganic components were present at similarly low levels,
and the chromatographic method was not sufficiently
sensitive to monitor their removal.

The extraction with MIBK serves to leave consider-
able (15,700 ppm) MIBK in the product water. This
corresponds to about 42,500 ppm of COD; hence a COD
measurement for the exit water reflects primarily
~the MIBK content and does not give information on the
degree of removal of other constitutents. Of course,
the Targe residual amount of MIBK in the exit water
could be removed efficiently by a subsequent extraction
with isobutylene or isobutane.

Table 53 shows results for Run RS18, where a
mixed solvent of MIBK and isobutylene was used to
extract the hydrofiner condensate at a phase flow
ratio of Fs/Fw = 0.209. The disc and stator combination
was the same as used previously for mixed solvents.
Again the removal of phenol is so large that the amount
of phenol left in the effluent water cannot be reliably
detected. The amount of MIBK left in the product water

238



Table 52.

Results from Run RS17

Wastewater:
Solvent:

Water Flow Rate
Solvent Flow Rate

Rotating Disc Diameter

Stator Hole Diameter

Rotational Speed
Column Temperature

Solute Feed
Phenol 400

COD of feed water
MIBK Concentration

in Product Water

Hydrofiner Condensate
Methyl Isobutyl Ketone

= 3.93 gal/hr
= 0.617 gal/hr
= 1.50 inch

= 2.25 1inch

= 1250 RPM

= 24.5°C

Analytical Results (Concentrations in ppm):

Product % Removal
<1 >99 ,.8%
= 17,530 ppm

I
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Table 53.

Results from Run RS18

Wastewater: Hydrofiner Condensate
49 .5 wt % Methyl Isobutyl
50.5 wt % isobutylene
Water Flow Rate

Solvent Flow Rate

Rotating Disc Diameter

Stator Hole Diameter

Rotational Speed

Column Temperature

Soelvent:

Ketone;

2.50 gal/hr
0.753 gal/hr
1.75 inch
2.00 inch
1150 RPM
24.2°C

Analytical Results (concentrations in ppm)

Solute Feed Product
Phenol 400 <1
COD of Feed Water = 17,530 ppm
COD of Product Water = 18,530 ppm
MIBK Content of

Product Water = 3150 ppm

(9000 ppm COD)
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is much less for the mixed-solvent case (3150 ppm, as
compared to 15,700 ppm for pure MIBK solvent), and
hence contributes less to the COD of the product water.
Subtracting an estimated 9000 ppm for the contribution
of the MIBK, the COD of remaining constituents of the
effluent water is about 9,500 ppm. This corresponds
to removal of about 46% of the COD from the consti-
tuents of the original water. As was indicated in
Section V, it is expected that most of the original
COD is attributable to HZS’ which would be removed

by a stripping process. Again, the residual MIBK
could readily be removed by a subsequent extraction
with isobutane or isobutylene.

Experiments on Wastewater from Styrene Manufacture

Pure isobutylene was used as the solvent for
extraction of the wastewater from styrene manufacture,
since the components known to be present were all
aromatics, with very high distribution coefficients
into isobutylene. Table 54 reports experimental results
for the extraction of this water with isobutylene. The
combination of 1.75-inch discs and 2.00-inch stators
was employed, so as to give visually good dispersion.

Comparison of the feed concentrations with those
originally measured for this water (p. 78) shows an
appreciable loss of the various components during a
few months' storage.

The mass flow ratio of solvent to feed water
(F(/F ) was 0.107. For benzene (K4 = 407, measured),
the extraction factor (KdFS/Fw) was therefore 43.5.
Values of Kq for ethylbenzene and styrene were not
measured, but would be expected to be greater than Kd
for benzene, because of the additional hydrocarbon
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groups on the molecule. Hence for all three solutes
the extraction factor was quite high, and may to a good
approximation be considered infinite for purposes of
interpreting the mass-transfer behavior.

The percentage removals observed for the three
components in this extraction run are all high, and
are in line with what would be expected by extrapolating
the mass transfer rates observed in previous runs
with other waters, for the case of a very large extrac-
tion factor. Thus, volatile-solvent extraction with
isobutylene serves to remove the dissolved aromatics
very effectively from this water.

The measured COD for the feed water is substantially
less than would correspond to complete oxidation of the
three aromatic species. This result is not surprising,
in view of the fact that these aromatics are known to
be refractory to both biological and chemical oxidation;
hence the measured COD does not reflect the total
amounts of dissolved organic species present. Similarly,
the percentage removal of COD cannot be looked upon
as a meaningful figure, except that it confirms that
the decontamination of the water by isobutylene
‘extraction is quite good. The refractiveness of the
dissolved organics to oxidation is an incéntive for
treating the water by extraction, as opposed to biologi-
cal oxidation, in practice.
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Table 54. Results from Run RS19

Wastewater: Styrene Manufacture

Solvent: Isobutylene

Water Flow Rate = 3.00 gal/hr
Solvent Flow Rate = 0.543 gal/hr
Rotating Disc Diameter = 1.75 1inch
Stator Hole Diameter = 2.00 inch
Rotational Speed = 1250 rpm

Analytical Results (concentrations in ppm)

Solute Feed Product % Removal
Benzene 290 10 97
Ethylbenzene 120 4 97
Styrene 15 <] >93

COD of Feed Water = 530 ppm

COD of Product Water = 50 ppm

% Removal of COD = 91%
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SECTION IX
EFFECTS OF SCALE ON RDC DESIGN

The steps in the development of a new process
usually include operation on one or more small scale
units before a commercial process design can be
developed. This is certainly the case for a waste
water treatment process which is based on solvent
extraction. 1In this chapter we consider how the
data described in Section VIII for the RDC extractor
can be used to project the design of a commercial
process and to define the need for a pilot plant
program. The extraction of phenol and MEK from a
waste water using n-butyl acetate as solvent is
used as an example, but the discussion also applies
to other extraction processes.

~Steps in Developing the Design of an RDC Extractor.

The initial step in developing the design of
an RDC extractor would probably be done on as small
a scale as possible. As an RDC is scaled down,

mechanical factors 1imit the minimum size. The 3-inch
diameter column used in this study is about as small
as can be used to obtain valid data for scale-up.

In a smaller unit the rotating shaft on which the
discs are mounted would take up too large a fraction
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of the volume of the column. Even on the 3-inch
RDC used in this study, it was necessary to install
a bearing midway up the 4-foot long column to
minimize shaft vibration. This bearing cut down
the cross-sectional area available for fluid flow
to the extent that a non-uniform hold-up was observed
in some experimental runs.

Another factor affecting the operation of the
RDC in this study was the volume of waste water
which was available for testing. Since we found that
about 45 minutes were required to reach steady
operation, the 5-gallon samples we had available
meant we had to use flow rates of 5 gal/hr or less.
In a 3-inch RDC this flow produces a water-phase
superficial velocity of 13.6 ft/hr, which is lower
than what would usually be used commercially.
Because the nature of this study was to investigate
a varijety of waste waters, we accepted these
limitations and realized that further pilot plant
study would be required to develop the commercial
design.

A company with an existing or an anticipated
Process which produces a waste water stream that
is amenable to treatment by solvent extraction
would probably study the extraction step in a pilot
plant. It would be desirable to use actual, fresh
waste water either from an existing process or from
a pilot plant. It would also be useful to operate
the solvent regeneration equipment in a continuous
manner to help fix the material balance for the
entire extraction process. The problem of having
a limited supply of waste water would not be as
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severe, so the pilot-scale RDC could be designed
and operated in a manner that would give the best
probability for successful scale-up to a full-scale
plant.

Considerations in Changing Scale of an RDC.

In Section V the equations describing an
RDC extractor were shown to suggest a rational basis
for scale-up. This basis included holding the
following quantities constant during a change in
scale:

1) The ratios di/D’ ds/D’ and Hc/D’

2) The superficial velocities, Vd and Vc’ and

3) The power per unit mass, P/M.

In addition consideration must be given to flooding
tendencies and to axial mixing, both of which will
change with changes in scale. We can use the results
discussed in Section VIII to estimate the optimum
values for these quantities on a commercial scale so
that the pilot plant can be operated at the best
possible set of conditions.

Consider as an example a waste water which
contains phenol and MEK. The results in Section VIII
showed that a good removal of phenol and a moderate
removal of MEK could be achieved with a low solvent-
to-water flow ratio (FS/Fw = 0.1).. We will consider
a design for an RDC which operates with Fs/Fw = 0.1
using pure solvent feed and which achieves a 99%
removal of phenol. We will consider such designs
for two possible full-scale waste water flow rates,
10 gal/min and 100 gal/min. Within these constraints

we will consider a partial optimization to define
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an RDC extractor of minimum cost. Note that to
optimize the entire extraction process, the best
value for FS/Fw would also have to be determined
as was done in Section IV for several processes.
In this example we will consider only one value of
Fo/F,» so the cost of solvent regeneration will

be fixed.

For the experiments with lube 0il refining
waste water, we found that the column hydrodynamics
could be correlated by the equations of Strand, et al.
(1962) using G1g = 0.20. Assuming a column tempera-
ture of 22°C leads to the physical properties listed
in Table 55. The mass transfer estimates were made
by assuming that Nw was equal to Nw from the turbulent
mass transfer model divided by 0.5 and that NS was
equal to NS from the stagnant drop model divided
by 2.6; these ratios were determined from experi-
mental data as described in Section VIII. The fraction
of flooding was estimated by the method of Logsdail,
et al. (1957).

The variables which were determined in the
Optimization were V, and N (equivalent to optimizing
P/M). The ratios d,/D, d /D, and H /D were held
at the values used in the experimental RDC (i.e.,

d;/D = 0.5, d /D = 0.75, and H /D = 0.333). The
Calculation procedure was as follows:
1. Assume a value for Vc. From the fixed
Fs/Fw and Fw, calculate Vd and D.
Assume a value for the height of the column.

Calculate the removal efficiency for
phenol as a function of the disc rotational

speed, N, Locate the N corresponding to the
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Table 55.

Sample Calculation

Physical Properties for RDC Design

Water-phase density
Water-phase viscosity
Solvent-phase density
Solvent-phase viscosity

Interfacial tension

I

0.9978 gm/cc
0.955 cp
0.8788 gm/cc
0.704 cp
13.9 dyne/cm

Solute Diffusivities (lOsftz/hr) in Water and

in n-Butyl Acetate, and Kd's:

Solute Eﬂ Eﬁ
MEK 3.65 6.21
Phenol 3.47 6.04
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greatest phenol removal, which at the
same time corresponds to operating at
50% or less of the flooding velocities.

4, Iterate back to step 2 until a column
height is determined which gives 99% phenol
removal at the optimum value of N.

5. Repeat steps 1 to 4 for several values of
VC so that a plot of column height vs. D
may be prepared.

6. Use the plot of D vs. column height to
prepare a plot of column cost vs. VC.
Determine the value of V. which gives the
minimum cost.

These calculations were made using a CDC 6400
computer with the program RDC, which is listed in
Appendix H.

This procedure will first be demonstrated for

a waste water flow of 10 gal/min. Figure 28 is

a plot of n (fraction of phenol not removed) vs. N
for several values of VC between 15 and 60 ft/hr.
Consider the curve for V. = 15 ft/hr. At 100 RPM
the removal efficiency is about 80%. As N increases,
the phenol removal improves because of better mass
transfer. However, at about 265 RPM a minimum
occurs, and at higher values of N axial mixing
becomes more severe so that the removal efficiency
drops. At 342 RPM the 1imit for 50% of flooding
is reached. At larger values of N (dashed lines
in Figure 28) the column is operating at greater
than 50% of flooding. Since the minimum in the
curve corresponds to 99% phenol removal, it is
Clear that the iteration between steps 2 and 4
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above has already located the required column
height (18.8 ft). Considering next the curves
for larger values of Vc, we see that the constraint
requiring the column to operate at or below 50%
of flooding limits the maximum value of N before
the minimum in the curve is reached.

Following the procedure in step & above,
Figure 29 is a plot of D vs column height. A1l
points on this curve correspond to 99% phenol removal
at the optimum value of N. The curve in Figure
29 is used to determine the cost for a column using
the cost data of Clerk (1964). His costs are for
a fabricated RDC of carbon steel including discs,
stator rings, manways, nozzles, supports, and skirt,
but not including the motor. Clerk's data were
updated to Dec. 1973 costs by using the Marshall
and Stevens chemical equipment cost index. A plot
of purchased cost vs. Vc is shown in Figure 30.

There are several points of interest on Figures
29 and 30. At high values of D in Figure 29 there
is a region where increasing V. tends to decrease
both D and the column height. This result reflects
the importance of axial mixing at lTow values of V _.
In this region the decrease in axial mixing is so
significant that 99% phenol removal can be achieved
in a shorter as well as smaller column when V_ is
increased. In Figure 30 there is a minimum in the
cost curve which occurs at a value of VC of about
45 ft/hr. The cost for a column operating at V. =15
ft/hr is more than double the minimum cost.
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The removal efficiency of MEK from this hypo-
thetical waste water is only slightly affected over
the range of column designs considered. For all
cases when the removal efficiency for phenol was 99%,
the removal efficiency for MEK varied between 40.6
and 43.4%. The removal efficiency at the optimum
design for phenol removal was 43.3%.

A similar calculation was made for a waste water
flow of 100 gal/min. Figure 31 is a plot of n vs. N
for values of Vc between 15 and 90 ft/hr. Note that
at this higher waste water flow rate, flooding begins
to be the constraint lTimiting N at Vc of about 60
ft/hr instead of at 25 ft/hr as was found for 10
gal/min of waste water flow. Note also that the
maximum removal efficiency occurs at a lower value
of N in this larger column. Plots of column
height vs D and cost vs VC are shown in Figures 32
and 33. Some difficulty was encountered at the
highest values of VC for this case. At these
conditions the differences between the flooding
correlation of Logsdail, et al. (1957) and the
correlation for Vk from Strand, et al. (1962) resulted
in no solution being possible for 50% of flooding
according to Logsdail, et al. A recent comparison
of flooding correlations for an RDC (Landau and
Houlihan, 1974) indicated the Logsdail, et al.,
approach was better when comparing data for small
columns, but no comparison has been published
for larger columns. Despite this problem at very
high values of Vc’ it is clear from Figqure 33 that
the optimum value of VC is somewhat above 100 ft/hr.
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Sizing a Pilot Plant RDC.

Once the optimum value of VC has been determined,
then a pilot plant RDC can be sized. Consider
first a pilot scale RDC which will be used to
gather data for the 10 gal/min waste water treat-
ment. Assume that a 3-inch diameter column will
be used. At the optimum value of Vc = 45 ft/hr,
such an RDC would be able to treat 16.5 gal/hr
or 0.275 gal/min of waste water. At the optimum
operation of the large RDC, N = 260 RPM and P/M =
76.3 ft-]bf/hr-1bm. The 3-inch RDC would give the
same P/M when N 566 RPM.

The height of the pilot scale RDC can be chosen
to achieve about the same removal efficiency as

for the large extractor. A 3-inch diameter RDC
operating at 566 RPM would have to be about 6.5

ft tall to give 99% phenol removal. The MEK
removal would be about 44%. By choosing the

pilot plant RDC in this manner, the loaded solvent
composition would be about like that in the full-
scale plant. This would make the operation of
regeneration equipment very similar to the actual
process.

The scale-up factor in terms of waste water
flow rates from the 3-inch RDC to the 18-inch RDC
would be about 36. A somewhat larger diameter pilot
plant RDC might be chosen to reduce this scale-up
factor. For the pilot plant RDC to be used to
determine the design of the large RDC which would
treat 100 gal/min, the diameter of the pilot
plant would probably be larger. If a 6-inch diameter
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column were operated at Vc = 105 ft/hr, the pilot
plant could process 2.57 gal/min giving a scale-up
factor of 39.

At the optimum operation of the large RDC,

N = 118 RPM and P/M = 28.0 ft-]bf/hr-1bm. The
g-inch column would give the same P/M at N = 316
RPM. However, this design would operate at 58.79%
of flooding, so a slightly lower value of N might
be used. At 316 RPM, the phenol removal efficiency
for a 10-foot high column would be 99.2%, and the
MEK removal would be 43.9%.

It should be noted that the calculations made
ijn this chapter are only approximate. We have
assumed that the ratio of theoretical to experimental
mass transfer coefficients for each phase would
remain constant over a wide range of operation.

We also assumed that 618 would be constant. To
compensate for these approximations, a pilot plant
RDC should be designed with a variable-speed

drive, and an experimental program should be designed
which includes the investigation of a range of

values for Vc' However, it is reassuring to note
that the calculations predict RDC extractors of
quite reasonable sizes (see Table 56).
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Table 56. Summary of RDC Designs

For 10 gal/min full-scale flow

Pilot Plant Full-scale Plant

Waste Water Flow 0.275 gal/min 10 gal/min
Column Diameter 3 inches 18 inches
Column Height 6.5 ft. 10.9 ft.
Rotational Speed 566 RPM 260 RPM

For 100 gal/min full-scale flow

Waste Water Flow 2.57 gal/min 100 gal/min
Column Diameter 6 inches 38 inches
Column Height 10 ft; 15.8 ft.
Rotational Speed 316 RPM 118 RPM
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SECTION X
SUMMARY AND DISCUSSION OF APPLICATION

In previous Sections we have discussed general
process considerations relative to treating a waste
water for the recovery of chemical pollutants and
have described an experimental program in which
solvent extraction was studied in a small pilot
plant., We studied a variety of potential and actual
pollutants with a major portion of the program
being directed toward the use of a volatile solvent.
In experiments conducted using an RDC extractor,
we also demonstrated several promising extraction
Process configurations which utilize a less-volatile,
polar solvent as well as a volatile solvent,

In this chapter we will extend the experience
gained from the general process considerations and
from the experimenta1 study to develop a strategy for
choosing a processing technique for a waste water
generated by the petroleum, petrochemical, or organic
Chemical industry. Any particular waste water
Stream will have its own characteristics which will
Probably require further research and process
development, but the strategy to be described should
be useful in directing such further study in the
Most promising direction.
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Strategy of Process Selection.

The initial step in choosing a promising
processing method is to quantify the major pollutants

present in the waste water. We will direct our
attention primarily to individual waste water streams
which do not contain more than a few major pollutants.
The analytical techniques based on gas chromato-
graphy (Herz, 1972; Sugar and Conway, 1968) should
be most useful in identifying the pollutants. Gas
chromatography may also be among the most attractive
methods for quantitative analysis. If the waste
water stream comes from an existing plant, then a
sampling program should be able to determine the
typical range of concentrations for the major
pollutants. 1In the development of a new process, the
determination of typical concentrations of pollutants
in anticipated waste water streams should be a part
of the process development.

The next step is to determine the value of
the pollutants. The value of the individual pollu-
tants can be estimated by assuming a substantial
fraction recovery and sale at a price of approximately
one-half to one times the present market value.
When several pollutants are present, the value of
the mixture should also be estimated. If this mixture
can be recycled to the process, its value can be
estimated from the reduction in raw material needs
or the increase in product yield. When considering
recycle it is important to realize that all pollu-
tants will be recycled so that the product quality
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may be affected. The pollutant value can be determined
in units of $/thousand gallons of waste water.

The next step is to decide if recovery is
promising. If the value of polliutants is greater
than about $3/thousand gallons, then recovery for
pollutant value is a promising possibility. If the
value is between $1 and $3/thousand gallons, then
the possibility of recovery should be considered.

If the value of pollutants is below $1/thousand
gallons, then recovery will seldom be economically
justified. When a non-recovery technique is indi-
cated, biological oxidation or carbon adsorption
are likely techniques.

In cases where one or more of the major
pollutants is refractory to treatment by biological
oxidation or is toxic to the bacteria, then a process
which concentrates these pollutants may be the best
approach even though the pollutant value is below
$1/thousand gallons of waste water. Solvent extrac-
tion, particularly with a volatile solvent, should
be considered as an alternative waste water treat-
ment technique. The strategy for choosing between
solvent extraction and steam stripping as a method
for generating a concentrated pollutant stream
is the same as that described below for the case
of a recovery technique. The best solvent extrac-
tion or steam stripping process can then be compared
to carbon adsorption.

When the pollutant value indicates that a
recovery process is promising, steam stripping and
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solvent extraction should be the principal approaches
considered. In rare cases, other recovery processes
such as carbon adsorption or reverse osmosis could

be considered, but these techniques will generally

be more expensive than either steam stripping or
solvent extraction. Although we refer to the process
as steam stripping, reflux will be required to
produce an organic product with a low water content.
The process is actually distillation.

The next step is to choose a good solvent
extraction process so that the comparison between
extraction and stripping is valid. The determination
of a steam stripping process arrangement will not
be developed here, except to note several factors
which make steam stripping less favorable. The
lower the relative volatility of the organic pollutant,
the more difficult it is to remove by stripping.
Since with all but the lowest molecular weight
organic compounds an azeotrope will occur at some
concentration, the lower the organic content in
the azeotrope, the less highly purified is the
recovered pollutant stream from a steam stripping
process. With the higher molecular weight organic
compounds, a heterogeneous azeotrope will form.

There is an advantage in terms of the ease of
separation when the distillate separates into two
phases as it is condensed. When the waste water is
corrosive, steam stripping at elevated temperatures
will aggravate the problem, while solvent extraction
at ambient temperature will be favored.
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In trying to identify a good solvent extraction
process, first consider volatile solvent extraction.

A value of Kd for each pollutant distributing between
isobutylene or isobutane and water should be estimated.
The data of Appendix E will be useful in making

this estimate. A simple experimental extraction

at atmospheric pressure using pentane or hexane may
also be useful in estimating Kd' If Kd is greater

than about 10, then volatile solvent extraction

should be a good choice. If Kd is between 2 and 10,
volatile solvent extraction may still be useful,

but other feasible techniques should also be considered.
If Kd is much less than 2, then volatile solvent
extraction will probably be uneccnomical.

When a mixture of pollutants is present, all
pollutants which are extracted will be recovered as
a single mixture when using volatile solvent extrac-
tion. Separation of this mixture into its components
may be a practical consideration. When the poliutants
have a range of values of Kd’ then it may be desirable
to extract only those components with high values of
Kd' The components with low values of Kd may not
be worth recovering, or another recovery method
might be considered.

If the value of Kd between water and isobutylene
or jsobutane is low, then consider dual solvent
€xtraction. Values for Kd for each pollutant
distributing between water and a polar solvent should
be estimated. The polar solvents best suited for
the dual solvent process generally are those having
a4 water solubility between 0.5 and 2.0%. Some
examples are n-butyl acetate, methyl isobutyl ketone,

265



n-hexanol, diisopropyl ether, and ethylene dichloride.

The data reported here or Kd data from other sources

may be used in some cases, and experimental estimates

for Kd may be made fairly simply in other cases. A

variety of polar solvents should be tested since

some pollutants may be very readily extracted by

one polar solvent and not well extracted by others

(e.g. chloral). By choosing polar solvents with

the above range of water solubilities, there is a

good chance that Kd for the polar solvent distributing

between water and a volatile solvent will be high.

Mixtures of polar solvents may also be considered.
Once the polar solvent is identified which

gives the highest value of Kd of those considered,

this value of Kd should be compared with the value

of Kd for volatile solvent extraction. If the value

of Kd for polar solvent extraction is no more than

about a factor of 2 higher than the value of Kd for

volatile solvent extraction, then the dual solvent

process will not hold an advantage over volatile sol-

vent extraction. The data in Appendix E for aliphatic

aldehydes indicate that this class of organic

compounds have values of Kd for isobutylene extraction

which are only slightly less than for many polar

solvents. Typically dual solvent extraction will

be favored over volatile solvent extraction when

the values for Kd in both dual solvent extraction

steps are larger than 20 while the value for Kd

for volatile solvent extraction is less than about 5.

This is the case for phenol extraction since for

extraction by n-butyl acetate Kd = 57.0 and for
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n-butyl acetate recovery by isobutylene Kd = 168,
while Kd = 0.70 for extraction of phenol using iso-
butylene.

When a mixture of pollutants is present, then
the relative volatility between the polar solvent and
each pollutant must be considered when the polar
solvent will be regenerated by distillation. If
the polar solvent is more volatile than all pollu-
tants or less volatile than all pollutants, then
a single mixture of pollutants will be produced with
a dual solvent process. However, if some pollutants
are more volatile than the polar solvent and others
are less volatile, then an additional distillation
would be required to regenerate the polar solvent.

It is much less Tikely that a dual solvent process
with an additional distillation step necessitated
by relative volatility considerations would be less
expensive than some other recovery technique.

The use of a polar solvent extraction step for
the removal of certain pollutants does not necessarily
dictate the use of volatile solvent extraction for
the recovery of the dissolved polar solvent. It
would be possible to use steam or inert gas stripping
(as in the Phenosolvan process described in Section III)
for polar solvent recovery. However, when the polar
solvent is chosen from solvents having a water solu-
bility of 0.5 to 2.0 weight %, then it is likely
that volatile solvent extraction will be a good
choice. In Section IV we suggested two flow scheme
Variations for a dual solvent process. When the
dual solvent process with Tinked solvent cycles has
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advantages over the dual solvent process with separate
solvent cycles, then volatile solvent extraction
rather than a stripping technique would have to

be used for polar solvent recovery to accrue these
advantages.

We are not yet able to make many quantitative
generalizations on which of the two dual solvent
process arrangements would be best. However, when
the polar solvent is more dense than water (e.g.,
ethylene dichloride), a dual solvent process with
linked solvent éyc]es would probably not be used
because this would decrease the density difference
between mixed solvent and water. When the polar
solvent is slightly less dense than water and the
presence of the pollutant decreases this density
difference (e.g., extraction of phenol with n-butyl
acetate), then a dual solvent process with linked
solvent cycles will tend to be favored.

The final step is to compare the best

solvent extraction process with steam stripping. In

Section IV this comparison was made for the recovery
of n-butyl acetate using either steam stripping or
volatile solvent extraction with isobutylene. This
solute has properties which favor both steam
stripping (by forming a heterogeneous azeotrope) and
volatile solvent extraction (a large Kq of 168).
When costs were compared for these processes they
were essentially equal, even though the assumptions
made with respect to the distillation column stage
efficiency were shown to favor the steam stripping
process. It is reasonable to expect that economic
considerations will favor volatile solvent extraction
in many cases,
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The comparison between the cost of pollutant
recovery by steam stripping and the cost of pollutant
recovery by dual solvent extraction is expected
to favor steam stripping in the majority of cases.

The reason why dual solvent extraction is favored

in some cases is apparent when details of steam
stripping processes are considered. The concentration
of organic in the liquid phése for a homogeneous azeo-
trope or in the organic-liquid phase for a hetero-
geneous azeotrope determines the maximum purity

of the recovered organic solute. For phenol, the
azeotrope contains only 9 weight % phenol (all these
quoted azeotropic concentrations are from Weast,
1970). For acetic acid, the azeotrope contains only

3 weight % organic. It is interesting to note

that these two solutes are often recovered by solvent
extraction. Many alcohols also show fairly low
organic contents in their water azeotropes. For
example, azeotropic mixtures with n-propanol, n-butanol,
cyclohexanol, and benzyl alcohol contain 72, 56,

20, and 9 weight % organic, respectively. However,
these alcohols tend to have higher relative volatili-
ties with respect to water than does phenol or

acetic acid. This makes it easier to reach the
azeotropic composition and easier to produce puri-
fied water. Organic acids and amines are other
classes of organics which form water azeotropes which
have low organic contents. Other specific organics
Which show this property include furfural and pyridine.

The above discussion has been directed toward
Pollutants which are soluble in water. When dispersed
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organics are present, steam stripping is probably
not the best alternative to be compared with volatile

solvent extraction. Mechanical separation techniques,
such as using a coalescer or a centrifuge, are

likely ways to separate the dispersed organics.
However, if an appreciable quantity of dissolved
organics is also present, then solvent extraction

has the advantage of being able to remoVe both
dispersed and dissolved pollutants in one step.

Simply centrifuging a sample of the waste water and
measuring the remaining organic content would determine
if a treatment for dissolved pollutants is necessary.
Solvent extraction using a volatile solvent is expected
to be an economical approach to recovering a dispersed
organic pollutant in a number of cases.

Examples Illustrating the Strategy of Process Selection.

Consider a waste water which has been determined
to contain 2 weight % methanol as the major pollutant.
The pollutant value of about $3/thousand gallons of
water makes recovery a promising approach. Based on
the trends of Kd with decreasing molecular weight for
alcohols, neither volatile nor dual solvent extraction
is promising. Since methanol does not form an

azeotrope with water and is considerably more volatile

than water, steam stripping would be preferred.
Consider a waste water which has been determined

to contain 0.1 weight % crotonaldehyde. The pol-

lutant value if recycled to an n-butanol plant is

about $1/thousand gallons (based on full market

price of butanol). Although the pollutant value

is fairly low, at this concentration crotonaldehyde
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is a bacterjacide which makes biological oxidation
difficult. Recovery is presently accomplished by
steam stripping; however, recovery by volatile solvent
extraction may be a promising alternative. The value
of Kd between water and isobutylene is 2.48 (Appendix E),
and the value of Kd for the best polar solvent,
octanol, is estimated to be about 8. With this
little difference in Kd for the volatile solvent
and Kq for the polar solvent, it is likely that
the volatile solvent extraction process would be
favored, unless there are other major pollutants
Present which could only be extracted with a polar
Ssolvent.

Consider the lube oil refining waste water
which contained 2 weight % phenol, 0.2 weight % o-
cresol, and about 0.02 weight % MEK. The value of
Phenol and o-cresol is about $17/thousand gallons
(based on full market value since they could be re-
cycled to the lube oil treating system). The value of
the MEK is only $0.2/thousand gallons. This is a
Case where we might consider recovering only phenol
and o-cresol and treating the MEK by biological
oxidation. With steam stripping all three components
Would be recovered as a single mixture; the diffi-
Culty of obtaining a phenol product of low water
Content in such a case has been discussed above.
The value of ky for phenol using isobutylene is only
0.7, so volatile solvent extraction would not be
€Conomical. However, using n-butyl acetate as the
Polar solvent in a dual solvent process would be
an effective method of recovering only phenol and
O-creso]. Since the volatility of MEK is greater
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than that of n-butyl acetate, it would not be separa-
ted during polar solvent regeneration. MEK would
build up to a steady-state level in both recirculating
solvents. This equilibrium level would be less than
0.1 weight % in each solvent, so that the presence

of MEK should not affect the extraction of the
phenolics.

Finally consider the ethylene quench waste
water. The concentrations of the major identified
poltutants (benzene, toluene, xylenes, and phenol)
are all below 0.01%. Their economic value is much
less than $1/thousand gallons, but all except phenol
are refractory to biological oxidation. There is also
a considerable amount of dispersed organics present.
Steam stripping would probably produce a distillate
which contains a dispersion of organic droplets.
Tests in the pilot plant showed that volatile solvent
extraction using isobutane removed both the dispersed
and the dissolved organics. This would probably
be the best method of recovery, although this step
might just be used to concentrate the organic pollu-
tants for another disposal method.
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SECTION XI

NOMENCLATURE
Definition Units
Cross-sectional area of column ft?
Surface area of fully formed drop ft?

Interfacial area per volume in
column ft2/ft?3

Area ratio - see Equation (B14)

Column diameter ft
Solute diffusivity - see subscripts

below ft2/hr

RDC disc diameter ft

RDC stator hole diameter ft

Drop diameter ft

Extraction factor (= Ky Fs/Fw)

Mass transfer parameter - see

Appendix B

Flow rate - see subscripts below 1b/hr

Constant

Conversion factor (4.18 x 108) b -ft/
2

1bf—hr
Overall column height ft
RDC compartment height ft

Distance variable - Appendices B & C ft
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Distribution coefficient (by weight)

Distribution coefficient at infinite
dilution

Distribution coefficient with mixed

solvent

Overall mass transfer coefficient
to drop during its formation
based on drop phase concentration

Individual-phase
coefficient - see subscripts below

Molecular weight of i
Defined in Equation (B8)
RDC rotational speed

Individual-phase
units - see subscripts below

Overall number of transfer units
based on water phase concentrations

RDC power input per compartment

c Peclet

oc) Overall mass transfer coefficient
based on water (or continuous)
phase concentrations

mass transfer

number of transfer

number based on cclumn
height - see subscripts below

Local Peclet number

Power number - see Equation (B9)

Power per unit mass - see Equation

(B11)

Ratio of experimental Now to
theoretical Now

Roots of Equation C12
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ft/hr
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RPM
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df

Mass transfer parameter - see
Appendix B

Rotating Disc Contactor
RDC disc Reynold's number

Superficial velocity - see
subscripts below

Characteristic velocity - see
Equation (B1)

Characteristic velocity - see
1

c
Equation (B16)
S1ip velocity - see Equation (B1)
Drop terminal velocity

Superficial velocity at flooding -
see subscripts below

Coalescence coefficient - see
Equation (B16)

Solute weight ratio in water phase

Equilibrium solute weight ratio
based on water phase (= Y/Kd)

Solute weight ratio at the interface
Solute weight ratio in inlet water

Solute weight fraction in outlet
water

Solute weight fraction in inlet
water

Solute weight fraction in inlet
solvent

Solute weight ratio in solvent phase
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y! Solute weight ratio at the interface

Solute weight ratio in inlet solvent

in
Z Dimensionless variable (= h/H)
€y® s Axial dispersivity - see subscripts
below ft?/hr
‘Y(%) Activity coefficient of component i
in phase'j
Hes ud Viscosity - see subscripts below 1b/ft hr
n Dimensionless concentration - see
Equation (1)
) Fractional hold-up of dispersed
phase
¢ Fractional hold-up at flooding
Per Py Density - see subscripts below 1b/ft?3
g Interfacial tension 1b/hr?
8¢ Time for drop formation - see
Equation (B7) hr
Subscripts Meaning
c Continuous phase
d - Dispersed phase (except Kd)
W Water phase
s Solvent phase
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APPENDIX A
BASIS FOR COST ESTIMATES

The estimates of investment and operating costs
included in this report have been completed on
a consistent basis. This consistency allows a
valid comparison of alternatives (e.g., steam
stripping and solvent extraction), but the absolute
value of costs can only be compared with quoted
costs from other sources when the estimating methods
of the other authors are also clearly recorded. The
method used herein makes extensive use of the capital
cost estimating methods of Guthrie (1969) and the
operating cost estimates of Peters and Timmerhaus (1968).
To include the effect of inflation, all costs are
corrected to December, 1973, by using the Marshall & Stevens
chemical process industry cost index. Precision
is + 30%.

Estimated Total Plant Investment

To estimate the capital cost of an installed
plant, the "module" technique of Guthrie was used.
A set of assumptions (listed in the text) was
established which allowed the heat and material
balances to be determined. On the basis of a second
set of assumptions (in lieu of a detailed optimization),
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the major pieces of on-site equipment (extraction and

distillation columns, heat exchangers, tanks, pumps,

etc.) were sized to perform the necessary stream

transformations. Then the cost diagrams of Guthrie

were used to determine the cost of each major item

of equipment. A1l equipment was assumed to be

constructed of carbon steel, but a 10% increase

in cost was arbitrarily added for equipment which

would be in contact with the waste water to account

for slightly more severe corrosion. For items of

equipment whose cost was not given by Guthrie, cost

data from other sources were used and were treated

to make them as consistent with Guthrie as possible.
Guthrie gives factors for each type of equipment

which when multiplied by the cost of the item of

equipment provides estimates for the auxiliary equipment

(piping, concrete, instruments, etc.) cost, the labor

costs for material erection and equipment installation,

and the indirect (freight, construction overhead,

engineering, etc.) costs. Typical total factors

range from 3.29 to 4.23 for process equipment. The

resulting installed equipment cost was then increased

by 18% for contingency plus contractor's fee. No

costs were included for site development or industrial

buildings. The off-site investment for steam

capacity, power generation, and cooling tower facilities

(Guthrie, 1969) was found to be negligible for the

cases considered. The working capital, which would

include solvent and recovered pollutant inventories,

was assumed to be negligible.
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In the text, the total of the above costs
is Tisted as the "Total Plant Investment." The
percentage of this total which is associated with
each item of on-site or off-site installed equipment
is also listed. The details of individual pieces
of equipment are discussed only in unusual situations.

Annual Operating Costs

The plant is assumed to operate for 8000 hours/
year. The following items are included in the operating
costs (Peters and Timmerhaus, 1968):

1. Chemicals - cost of solvent to make up for

losses in the product water and in the recovered
pollutant was included at the market price of
the solvent.

2. Utilities - cost of steam, cooling water, and
electricity were estimated by increasing the
prices given by Peters and Timmerhaus by 3%
per year for inflation. The following values were

used:

Steam: Exhaust $0.40/1000 1b.
100 psig $0.80/1000 1b.

Cooling Water $0.05/1000 gal.

Electricity $0.02/kw-hr,

3. Maintenance and Repairs - annual cost was taken
as 6% of Total Plant Investment.

4. Operating Supp]fes - annual cost was taken as
15% of Maintenance and Repairs.

5. Depreciation - annual cost was taken as 8% of
Total Plant Investment.

6.  Insurance and Taxes -~ annual cost was taken as
3% of Total Plant Investment.
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7. Return on Investment - cost was assumed to be
8% of Total Plant Investment.

The above costs can be summarized in a single equation
as follows:

Annual Operating Costs = Chemicals + Utilities
+0.259 flofalnBAayt

In addition to these operating costs, five more
items associated with operating labor and laboratory
charges should be listed (Peters and Timmerhaus, 1968).
These five items are not included in the costs
reported in this dissertation, not because they are
unimportant, but because an accurate method of estimating
them is not apparent. To estimate labor costs, man-
power requirements must be estimated, and these vary
greatly from company to company. Bollen (1974)
suggests that 1/4 shift would probably be sufficient
to operate this type of waste treatment process.

To estimate laboratory charges, the types of

waste water analyses, their cost, and their

frequency must be estimated., An arbitrary cost

of $1.00/hr seems reasonable. Based on these estimates,
the additional five items would be as follows:

8. Operating Labor - cost assumed to be for one-fourth
man at $4.00/hr. to give a constant value of
$8,000/year.

9. Supervisory and Clerical Labor -cost was taken as
15% of operating labor.

10. Plant Overhead - cost was taken as 60% of Operating,
Supervisory and Clerical Labor.
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11. Administration - cost was taken as 50% of Operating
Labor.

12. Laboratory - assumed to be $1.00/hr. mainly for
analyses to give a constant $8,000/year.

If included, these items would result in an additional
annual cost of $26,700, or for a 100 GPM waste water
stream, $0.56 per thousand gallons treated. This is
certainly an appreciable additional cost.

In the text, the total operating cost is listed
usually as a value per thousand gallons of waste water
treated. The individual costs are also listed for
chemicals, utilities, and capital equipment costs
(Items 3, 4, 5, 6 and 7).
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APPENDIX B
HYDRODYNAMICS, AXIAL MIXING AND MASS TPRANSFER IN
CONTINUOUS EXTRACTORS

Spray column extractors.

For spray column extractors, the design procedure
which was recommended by Treybal (1973) appears
to be the best available in terms of hydrodynamics

and mass transfer rates. Treybal's recommendation
relies substantially on the article by Hughmark
(1967). Several recent articles which concern
axial mixing in spray column extractors were not
included in Treybal's review, and these are discussed
below. Most of the equations appear in Treybal's
review (1973), and many of them are not repeated
here.

The hydrodynamics of a spray column extractor
is largely determined by the means of generating
dispersed-phase droplets. The materials of con-
struction must be chosen so that the distributor
plate is preferentially wet by the continuous
phase when a flat plate with hbles drilled through
it is to be used. For dispersing an organic
phase into water, stainless steel can be used;
for dispersing water into a continuous organic
phase, a plastic distributor should operate well.
When this precaution is taken, the correlation
of Scheele and Meister (1968) permits the calculation
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of drop volume for cases when the velocity of
dispersed phase flowing through the drilled holes
is less than the jetting velocity. The droplet
diameter may then be calculated by assuming that
the droplets are spherical. Use of this correlation
requires data on the interfacial tension between
solvent and water, the density of both phases,
and the viscosity of the continuous phase, as
well as a choice of orifice diameter and the dis-
charge velocity. The correlation was developed
using pure fluid phases, so the effect of simul-
taneous mass transfer is unknown (Treybal, 1973).
The error introduced by using pure-phase properties
will be most serious when the water-phase is
dispersed at the end of the column where pollutant
concentrations are highest.

For the purpose of developing a design pro-
cedure for describing flooding and hold-up, it
is useful to define a slip velocity, Vs’ and a
characteristic velocity, Vk’ as follows (now
using terminology of continuous-phase and dispersed-
phase rather than solvent-phase and water-phase
since the equations apply for either phase being
dispersed):

v v
Ve =V (1-¢)=—9+ < (B1)
¢ 1T - ¢
where ¢ = dispersed phase (fractional) hold-up.

Thornton (1956) found that Vi was practically
constant at conditions near flooding and assumed
that if Vc is held constant and Vd is increased
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by increasing ¢, then BVd/a¢ = 0 at the flooding
point (Thornton and Pratt, 1953). Solving the
second equality in equation (B1) for Vq and setting
the partial derivative to zero leads to the
following three equations (subscript f refers to
the flooding point):

Vop =V (1 - 2.82) (1 - ¢p)° (82)

cf
Vv

df ZVk¢f2 (1 - ¢f) '(83)

o5 = [(Vgg/Vee)® * BLVp/Vegl? - 3 Vye/Vo (B4)
41 - Vdf/vcf)
Equation (B4) implies that the hold-up at the
flooding point is a unique function of the ratio
of phase velocities and is independent of drop
size and 11qu1d physical properties. A correlation
of Vk as a function of physical properties and
drop size then will provide a method of estimating
flooding. Treybal (1973) recommends the correlation
of Minard and Johnson (1952) as providing the
best estimate of the effect of phase densities,
continuous-phase viscosity, and dfop]et diameter
on ch; he also recommends that velocities no
larger than 40% of ch be used.
For an estimate of the mass transfer rate,
it is necessary to estimate the interfacial area
per unit volume of contactor, a. For spherical
drops, a is related to hold-up and droplet diameter,

dp, by the following:
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a = %1 (B5)
p

To calculate a, it is necessary to estimate ¢

at conditions well below the flooding velocities.
If Vk were constant over a wide range of ¢, then
equation (B1) could be used. However, Treybal
(1973) recommends using a method developed by
several authors (Beyaert, et al., 1961; Weaver,

et al., 1959) which is based on the finding that
the ratio of slip velocity, Vs’ to the terminal
velocity of a single particle or droplet through

i is a unique function of the
hold-up for all gas-solid, liquid-solid, and 1iquid-
1iquid systems. This allows the correlation of
Zenz (1957) for the fluidization of solids to

be used to predict hold-up in liquid-liquid systems
since a correlation is available for predicting

the terminal velocity of a liquid droplet (Klee

and Treybal, 1956). Hughmark (1967) presents

an equivalent method which is slightly easier

a quiet fluid, V

to use.

Although the importance of axial mixing
in solvent extraction was first noted following '
measurements of the continuous-phase concentration
profile in a spray column (Geankoplis and Hixon,
1950), there have been few quantitative studies
of axial dispersion in this type of contactor.
For this reason Treybal (1963), basing his consider-
ations on experimental measurements of continuous-
and dispersed-phase concentration profiles (Cavers
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and Ewanchyna, 1957; Gier and Hougen, 1953),
suggested that the continuous phase be considered

as completely mixed (PeC = 0) and that the dispersed
phase be considered to move in plug flow (Ped = ),
For normal operation, the Ped = o assumption still
appears to be valid, but the experimental work of
Brutvan (1958), Hazlebeck and Geankoplis (1963),

and Henton and Cavers (1970) provides a basis

for making a better approximation of the value of
Pec.

The fact that the continuous phase often be-
haves as though it were completely mixed is the
main reason spray columns are seldom used commer-
cially. Only in cases where no more than a few
equilibrium stages of separation are required or
when the resistance to mass transfer in the contin-
uous phase is unimportant (e.g., water dispersed
when E is very large) does a spray column show
promise as a commercial extraction device. These
conditions are seldom encountered in a regenerable
solvent extraction process. For this reason we
will be satisfied if the literature only provides
a method of correcting our miniplant spray column
data for axial mixing. In the uncommon case
where a spray column can be commercially feasible,
~a conservative estimate of its performance can
be made by assuming PeC = 0 for the large-scale
spray column,

Brutvan {(1958) measured the continuous-phase
axial dispersivity, €. 2S5 glass beads dropped
through an ascending, continuous water phase by
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using a step function of tracer. He used four
diameters of glass beads from 0.12 to 0.24 inch

and three column diameters from 1 to 2 inches

and found that € decreased with increasing Vc’
increased with increasing Vd’ decreased as particle
size increased and increased with increasing column
diameter, D. Hazlebeck and Geankoplis (i1963) also
used a step-wise change in concentration of a

water soluble tracer to measure €e while methy]
isobutyl ketone droplets rose through a descending,
continuous water phase. They found that €¢ increased
linearly with increasing VC and was independent of
Vd; they used only one droplet size and one column
diameter of 1.41 inch. Henton and Cavers (1970)
measured the turbulent mixing contribution to €¢

in a system where methyl isobutyl ketone droplets
rose through a descending water phase by making

a steady injection of water soluble tracer and
measuring its concentration upstream (with respect
to the continuous phase) from the injection point.
They made extensive measurements in a 1.5-inch
diameter column and a limited number in a 3.0-inch
column. They found that €, Was independent of

VC (intermediate compared to previous studies),
decreased with increasing Vc (opposite to the
result of Brutvan), increased with increasing
droplet size (opposite to Brutvan), and increased
with increasing D (in agreement with Brutvan).

It is clear from this brief discussion that the
present understanding of axial dispersion in

spray columns is far from complete.
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Despite the lack of agreement among experi-
mental results, Henton, et al. (1973) have attempted
to develop several theoretical approaches based
principally on their own extensive data (Henton
and Cavers, 1970). They suggested an analogy
between the flow of a single-phase fluid through
a packed bed with a stationary frame of reference
and the two-phase flow in a spray column with the
frame of reference moving with the droplets.

Their treatment leads to the following relationship
between a local Peclet number, Pec* (based on
droplet diameter, dp, and slip velocity, Vs)’ and
the dispersed-phase hold-up, ¢:

v d
Pe* = 2L =236 /3 (86)

€c

The numerical constant was calculated by assuming
that the droplets on the average are located in
a lattice arrangement, but it is actually the
result of fitting their experimental data from
their 1.5 inch column since several lattice arrange-
ments were assumed and the one best fitting the
data was accepted.

Equation (B6) does successt]]y predict an
increase of €¢ with increasing droplet diameter
and with decreasing VC as found by Henton and
Cavers (1970), but it does not predict an increase
in backmixing when the column diameter is increased
since the hold-up is not a function of column
diameter when a single system is studied at the
same superficial velocities of the phases.
However, both Brutvan (1958) and Henton and Cavers
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(1970) determined experimentally that €. increased

with increasing column diameter. On the basis of

a multiple linear regression analysis of logarithms

of several dimensionless variables, Henton, et al.,
(1973), using their data for 1.5 and 3.0 inch

columns, have estimatedztggt Pec* increased linearly
*~~. However, from visual

observation of the differences in flow patterns,

with (column diameter)”

they believe the increase in €c in going from the
small column to the larger column is primarily
the result of large-scale mixing being present
only in the larger column.

In the present study we need an estimate of
€ in a 1.0 inch diameter column operating with
superficial velocities and droplet sizes similar
to those studied by Henton and Cavers (1970).
We have chosen to use equation (B6) to make that
estimate and have thus assumed that no large-scale -
mixing was present in either our 1.0 inch column
or in the 1.5 inch column used to develop the
correlation. Had we used the factor (column
diameter)'zﬂ82 to correct the prediction of equation
(12), the values of €c used to interpret our data
would have been about 1/3 as large.

Treybal (1963) recommends that for analysis
of mass transfer rates in a spray column, there are
three distinct operations: (1) drop formation and
release, (2) drop rise (or fall) through the
continuous phase, and (3) drop coalescence at

the main interface. In a recent review Heertijes
and deNie (1971) further divide the stages of
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mass transfer operations. The general approach

is to estimate the mass transfer during drop for-
mation by one of several theoretical relationships
and to assume that the product of the overall
dispersed-phase mass transfer coefficient, the
drop surface area, and the contact time is the same
during drop coalescence as during drop formation
(Treybal, 1973). Once these estimates have been
used to correct for the "end effects," then the
mass transfer during drop movement through the
partially backmixed continuous phase can be cal-
culated using the dispersion model.

Treybal (1973) shows that the various theories
for estimating the dispersed-phase mass transfer
coefficient during drop formation, kdf’ aré of the
form
Dy )1/2

af = G13falre, (87)

where Pq = density of dispersed phase,
0c = total time for drop formation (contact time),
Dd = solute diffusivity in dispersed phase.

When this mass transfer coefficient is used to
calculate the total mass of solute transferred
during the time of drop formation, based on the
interfacial area of the fully formed drop,

A_, and on the dispersed-phase concentration of the
feed solvent, then the constant, G,,, calculated
from various theories ranges from 0.857 to 3.43,
and most of the available data are correlated

with Gy in the range from 1.3 to 1.8 (Treybal,
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1973). On the assumptions that the mechanism
for mass transfer in the continuous phase is the
same as for the drop phase and that the two mass
transfer resistances are additive, the following
equation predicts the product of overall dispersed-
phase mass transfer coefficient, drop surface area
and contact time when G]3 is chosen as the average
of experimental values:

1.55 A (D40¢/m)"

K. cA 8c = (B8)
P 1w (/D)%

where Pe = density of continuous phase,
Dc = solute diffusivity in continuous phase,
Kd when solvent is dispersed
m:

]/Kd when water is dispersed
Equation (B8) was used to correct the data from
the miniplant for both end effects.

To predict the continuous-phase mass transfer
coefficient, k., during drop rise (or fall),
Treybal (1973) recommends the equation of Ruby
and Elgin (1955) which was developed in an actual
spray column with a swarm of drops. When the
ratio of continuous-phase viscosity, He s to
dispersed-phase viscosity, Hyo is less than 1
(true for operation with water as the dispersed
phase and a volatile solvent as the continuous
phase), the equation of Hughmark (1967) for single
drops agrees well with the equation of Ruby and
Elgin (1955). When uC/ud>1 (true for volatile
solvent dispersed), the single drop equation predicts
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a value of kC up to three times larger (Hughmark,
1967) than the preferred value from the Ruby and
Elgin equation (1955).

Treybal (1973) recommends an equation based
on Hadamard-l1ike internal drop circulation for
the calculation of kd for circulating drops.He
also suggests that this expression be corrected
for the presence of a continuous-phase resistance
by using a result which Elzinga and Banchero (1959)
developed for heat transfer., However, several
apparent errors were introduced when Treybal (1973)
converted their heat transfer result to this mass
transfer situation.

In the table presented by Treybal (1973) a
dimensionless parameter, F = kcdp/Dc’ was suggested
to determine the magnitude of the correction to simple
additivity of resistances. However, the correct
parameter to use when applying this correction
should have been F = kcdp/KdDd for the two-phase
mass transfer situation. The correct factor, F,
is proportional to the factor, R = kc/ded’ used
by King (1964; 1965) when the usual approximation
for long exposure times is made to the equation
for kg (Treybal, 1963). Also, King (1965)
showed that the correction to additivity due to
"an interaction of the two individual-phase mass
transfer coefficients results in an increase in
the overall mass transfer coefficient. As suggested
by Treybal, the Elzinga and Banchero (1959)
correction to kd should actually have been equal
to the overall mass transfer coefficient based on
the dispersed phase. The treatment used in this
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project assumes that simple additivity is a
sufficiently accurate approximation. This approach
is equivalent to using the equation of Kronig and
Brink (1950).

For drops larger than a critical size,
oscillations in shape occur as the drops fall
through a continuous phase. This critical size
can be predicted by the terminal velocity correla-
tion of Klee and Treybal (1956). Oscillations
not only result in a lower drop terminal velocity,
but they also increase the mass transfer coefficient.
Treybal (1973) recommends a calculation procedure
for kd in an oscillating drop which is based
on the surface stretch theory of Angelo, et al.
(1966; 1968). When coupled with the assumption of
additivity of mass transfer resistances and the
assumption that the same surface stretch mechanism
determines the magnitude of kc, this equation
leads to an estimate of Koc for oscillating drops.

Rotating disc contactors. A typical RDC
(see Figure 10 in main text) consists of (1) a series
of thin discs attached to a central rotating shaft,
(2) a series of thin stator plates attached to
the vessel walls and located vertically at points
midway between the discs, (3) a variable speed
drive, and (4) inlet and outlet lines (shown for
solvent dispersed with a unique solvent inlet line).
The design procedure for an RDC which was de-
scribed by Treybal (1963) should more precisely
be called a scale-up procedure since the equations
contain "constants" which have been observed to
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vary over considerable ranges but which are generally
found to remain constant when changes involve
only the scale of the device. Since 1963, Misek
has published numerous contributions to the under-
standing of an RDC. Although the description to
follow is based on the treatment by Treybal, the
more recent results of Misek are also introduced
where applicable.

In considering the hydrodynamics of an RDC,
it must be realized that an additional variable
is introduced in comparison to the spray column
extractor. With an RDC the rotational speed of
the discs has a fundamental influence on the
performance, just as the distributor had on the
performance of the spray column. Photographic
studies of the drops formed at a spray column
distributor plate (Scheele and Meister, 1968)
have shown that the majority of interfacial area

results from drops which have a very narrow range
of diameters. Therefore, it 1s reasonable to
model the spray column in terms of a monodisperse
droplet size distribution. Photographic studies
~of the droplet size distribution in an RDC
(O1ney, 1964; Misek, 1963a) have shown that a
much wider range of droplet diameters exist.
- Nevertheless, the following discussion illustrates
a moderately successful approach to modeling the
RDC fn terms of an average drop diameter,

Daily and Nece (1960) showed that the torque
required to drive an enclosed rotating disc is
nearly a unique function of disc Reynolds number;
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they observed a slight influence of the ratio of
disc diameter to height of the enclosure. Earlier
Reman and van der Vusse (1955) developed an equiv-
alent correlation for predicting the power input
per compartment, P, for an RDC contactor. Their
results were given in the form of a graph of the
powey number, Po, vs. the disc Reynolds number,
Re, defined as follows:

P g

Po = ; Cs (Bg)
Pe N di
d.:? Np

Re = ——C | (B10)

uc
where N = rotational speed of the discs
d; = diameter of the discs.

3
This correlation can be used to estimate the size

of drive required (the power requirement is usually
small for waste water treatment), but Equation (B9)
can also be used for scale-up when a power per
unit 1iquid mass, P/M, is defined as follows:
3 5
4P0N d,i

P/M = —2 1 (B11)
mg. Hg D2

where Hc = distance between stators

D = column diameter.
One basis for scale-up is to hold P/M constant as
the dimensions are increased.
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Several authors (Olney, 1964; Misek, 1963a)
have studied the droplet size distribution in
the stirred region of an RDC with the conclusions
that, as predicted by the theory of Hinze (1955),
there is a maximum droplet size and that the
droplet size distribution follows the equation
of Mugele and Evans (1951). Strand, et al. (1962)
assumed that an average droplet size, dp,
could be used for the calculation of mass transfer
rates as well as for flooding and hold-up calcu-
Tations, and that this average droplet diameter
was a constant fraction of the maximum drop diameter
predicted by the Hinze equation. This leads
to the following equation for dp:

0.

¢ 0.6 -0.4

where o = interfacial tension.

Misek (1963a) has presented a more detailed analysis
in which he considered that there are two regions,
one laminar and the other turbulent, and that the
average drop diameter is a different function
of N for these two regions. Olney (1964) discussed
~the limitations of the assumption that a single
average drop diameter can be used for estimating
both ‘mass transfer and hydrodynamics.

Strand, et al. (1962) have developed a
series of relationships which allow the constant
G18 to be evaluated from hold-up measurements.
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They assumed that the characteristic velocity,

Vk’ defined by equation (B1) is equal to the terminal
drop velocity, Vt’ multiplied by a constriction
ratio, CR’ which is the minimum of (1) the area
between the disc and the column, (2) the area

within the stator hole, and (3) the area of the
frustum of a cone from the stator to the adjoining
disc, where each area is divided by the cross-
sectional area of the column to form a ratio.

This statement can be expressed as follows:

V, =V, Cp (B13)
(1 - (di/D)Z 3
Cq = min (dS/D)2 >(B14)

[t - ¢4

where dS = diameter of hole in stator.

Vt can be calculated from CR and Vk by using

equation (B1) and experimental hold-up data; then

the relationship between Vt and dp (Klee and Treybal,
1956) discussed for spray column extractors is

used to determine d_. Finally G]8 is evaluated from
equation (B12). This procedure assumes that for

a given system at a given rotational speed, the
hold-up is defined by the following with a constant
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value of Vk:

Vs =V, (1 - ¢) (B15)

Misek (1963b) has had considerable success using
an alternative equation defining a different
characteristic velocity, Vn’ as follows:

VS = Vn (1 - ¢) exp (¢ [W - 4.1] ) (Bl6)
where W was defined as a "coalescence coefficient."
Misek has correlated V (1963a) and W (1964), but
later Misek and Rozkos (1966) found in analyzing
an industrial RDC used for waste water dephenoli-
zation that letting W = 0 gave good results.

The constant 4.1 in equation (B16) results from
a correlation of the settling of non-aggregating
particles (Steinour, 1944).

To summarize the procedure of Strand, et al.
(1962) for correlating the hold-up and drop
diameter in an RDC, a method is available in which
one adjustable parameter, G18’ is evaluated from
experimental hold-up measurements. Using this
value, a graph of Po vs. Re (equations (B9) and (B10),
and Reman and van der Vusse, 1955), and equations
(B1), (B11), (B12), B13), and (B14), the hold-up
and drop diameter at other operating conditions
can be established. Olney (1964) has shown that
the drop diameter so estimated corresponds to
the Sauter mean of the droplet size distribution
(i.e., the volume-surface mean diameter). The
correlation was shown to work well when no solute
transfer was taking place, but a number of unusual
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observations during mass transfer studies could
not be predicted by this method (Strand, et al.,
1962). Similar difficulties are described with
respect to the present study in Section VIII.

Despite the limitations of any method which
models an RDC in terms of a monodisperse droplet
size distribution, the above correlation suggests
a rational basis for scale-up. Equation ((B12)
suggests that if P/M is held constant during scale-
up, then the average droplet size, dp, (and hope-
fully the droplet size distribution) will remain
the same. Equations (B13) and (B14) suggest that
if the ratios of ds/D’ di/D, and Hc/D are held
constant, then CR and Vk (since Vt is fixed by
d ) will remain constant. Finally if Vq and V.
are held constant, then Vs and ¢ will remain constant
during scale-up. As discussed later, the importance
of axial mixing does not remain constant during
this method of scale-up, and its effect must be
accounted for separately.

Flooding in an RDC is a much different
phenomenon than flooding in a spray column extrac-
tor or any other device which produces a narrow
range of droplet sizes. Flooding in an RDC
actually starts with the entrainment of the smallest
droplets along with the continuous phase. As
the value of Vc increases, a larger and larger
fraction of the dispersed phase is entrained
until finally the maximum stable droplet size
is entrained and the column is fully flooded.
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Nevertheless, several methods of estimating "the
flooding velocity" based on an average drop
diameter have been reported.

The flooding of an RDC can be estimated from
the results of any correlation of Vk using equations
(B2), (B3), and (B4). Once Gyg s evaluated from
one experimental measurement as described above,
then V, can be determined. Logsdail, et al. (1957)
have given another correlation for Vk that is
useful for estimating the flooding point. The
relationship based on V_ in equation (B16) has
also been analyzed by assuming an/a¢ =0 at
the flooding point (Misek, 1963b).

In an RDC axial mixing takes place in both
the dispersed and continuous phases. Much of the

work reported on axial mixing in RDC extractors

as well as all of the discussion to follow has
been developed in terms of the dispersion model.
The mechanism for axial mixing in the dispersed
phase is quite complex as it involves drop coales-
cence and redispersion, the distribution of drop
velocities due to their size distribution, and
radial variation in drop velocity due to vessel
geometry and rotating disc speed. Several approaches
‘to correlating the available data are discussed,
but these only provide an estimate of €q- Axial
mixing in the continuous phase is much better

understood, and €. can be predicted with reasonable

c
accuracy.

A number of studies have dealt with the
measurement of € in the absence of a dispersed

phase. Westerterp and Landsman (1962) determined
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e with water as the continuous phase by using

a step injection of salt tracer, and found ¢

c
could be correlated as the sum of two terms as
follows:

Ec = GlN + G2Vc (B17)

where G] and 62 are constants.

Subsequent experiments (Westerterp and Meyberg,
1962) using a steady injection of salt tracer

and measuring its concentration upstream showed
that the first term in equation (B17) is due to
turbulent mixing (which is the only contribution
measured in the steady tracer injection) and

the second term is due to channeling (i.e., non-
uniform axial velocities). Strand, et al. (1962)
also determined the separate effects on the total
axial dispersion coefficient and correlated their
data as follows:

2 2 2 B18
el 0D
vch : v D D D

c

where HC = height of one compartment.

This result shows the effect of column dimensions

and is of the same form as equation (B17), but it
implies that if dS = di’ the turbulent mixing

term tends to zero which is unlikely. This objection
was later corrected, resulting in the recommen-
dation of Reman (1966) that the following expression
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be used:

2
£ d. N\/d
¢ = 0.5 + 0.012 (‘ )(-—i>
V H, v. /\D (B19)

Cther studies (Miyauchi, et al. 1966; Misek, 1965)
have led to similar correlations. '
It should be pointed out that when using

the dispersion model we assume that all the various
mechanisms for mixing in the continuous phase

(and in the dispersed phase) can be estimated

by a single term of a form like that for molecular
diffusion (see Appendix C). One of the phenomena
this formulation can predict is the experimentally
observed jump in concentration at the continuous-
phase inlet. However, if we considered both
turbulent mixing and channeling in a more accurate
mathematical formulation, only turbulent mixing
would result in such a concentration jump.
Obviously there is an approximation involved

in treating both mechanisms as the sum of two
contributions to this single term.

Strand, et al (1962) also studied axial
mixing in the continuous phase when the dispersed
phase was in counter-current flow and found that
equation (B18) could be modified to account for
the dispersed phase by replacing V. with Vc/ (1-¢).
Making this same modification to equation (B19)
leads to the equation used in the present work
to estimate Ecs S follows:
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. ' 2

1 - d. N d
EE(—-—-—i)- 0.5 + 0.012 (1 - ¢) (L——> (—S—) (B20)
V., V. n

Strand, et al. (1962) tentatively proposed
an equation similar to equation (B18) for estimating
€q 3S follows:

2 2 2
d, N d. d d.
dH = 0.5+ 0.09¢ <\1Id )(01) ([DS] = [01} ) (B21)

They suggested that this expression would be best
at high rotational speeds where axial mixing of the
continuous phase is dominated by the turbulent
mixing effect and where the low inertia of the
small droplets of dispersed phase should cause

them to follow the continous phase fluctuations.
Stemerding, et al. (1963) found that eq did not
obey the form of equations (B17) through (B21), but
that Eq Was much Targer than €e such that the

ratio ed/ec varied from about 100 to 1. At
flooding conditions, the droplet velocity is low

SO ed/e:c is approximately 1, whereas at normal
operation at about 80% of flooding, ed/ec is about
10.

Y]
[N
-

=Z
(@]

For the present study we have used equation
(B21) to estimate the dispersed phase axial mixing.
While we realize that this is very approximate,
there does not seem to be a better solution
available. As pointed out by Olney (1964), any
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attempt to develop a correlation of dispersed-
phase axial mixing while assuming a monodisperse
droplet size distribution has 1ittle hope for
success. It should be noted that the error
associated with using equation (B21) will be most
severe for solutes having a Tow extraction factor
and thus a major mass transfer resistance in the
dispersed, solvent phase.

The prediction of mass transfer rates in
an RDC, 1ike that for the spray column, is very
approximate and requires experimental data to
judge between various models. Strand, et al.
(1962) suggested that the model for stagnant,
noncirculating drops and the model for fully
circulating drops should provide 1imits for the
expected mass transfer coefficients. They express
these 1imits as follows:

a. Stagnant drops: k. = 0.001 Vs (B22)
ZWZDd ‘

Ka = 733 (B23)

p

b. Circulating drops:

40, v\/2

ke \Twd - (B2
P

212D 0.00375 V

( = d , s (B25)
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Equation (B22) is empirical and was apparently first
introduced by Strand, et al. {(1962). Equation (B23)
and the first term in equation (B25) are well
established for long exposure times, and the second
term in equation (B25) is due to circulation as
predicted by Handlos and Baron (1957). Equation
(B24}) is from penetration theory, and to be precise
should include a second term to account for diffusion
(Sherwood number equals 2). However, under normal
operation the magnitude of the second term is
usually less than the expected inaccuracy of the
first term, so neglecting it is not unreasonable.
Misek and Rozkos (1966) also considered a
third model for the continuous-phase mass transfer
coefficient after the theory of Calderbank and
Moo-Young (1961). Their expression for kC includes
the power per unit liquid mass, P/M, defined by
equation (B11), and was expressed as follows:

ke = 0.13 (F7M /% 023 (o /u )12 (B26)
This correlation allows for turbulent mass transfer
and probably should be added to the terms for
diffusion and penetration. However, in their
original development Calderbank and Moo-Young
evaluated the coefficient while using this as the
only term, so it may be best to use it in the

form of equation (B26). 1In the study by Misek

and Rozkos (1966) it was concluded that equation
(B26) best fit their experimental data for the
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extraction of phenol from waste water. The expression
for kd used with kC in equation (B26) could be
equation (B25) or the expression for circulating

drops discussed in conjunction with the spray

column.

To determine the overall mass transfer coef-
ficient in the RDC, the individual-phase mass transfer
coefficients were combined according to the assump-
tions of additivity of resistances. The use of this
assumption involves the approximation associated
with the interaction of individual resistances as
was discussed with respect to the spray column.

The correction to additivity due to this effect
was shown by King (1965) to result in an increase
in Koc of not more than about 20 percent above Koc
from simple additivity. However, with the RDC
another effect is present due to the distribution
of drop sizes. Since the individual-phase mass
transfer coefficients depend on drop size in

such a way that R ( = kc/ded) is not uniform over
the interface, a second correction to additivity
is needed. King (1964) has showh for several

mass transfer models that this second correction
results in a decrease in Koe Which can be quite
large. Therefore, neglecting this second correction
(which can not be quantified easily) could result
in a design estimate of Koc from simple additivity
which is not conservative.
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APPENDIX C
DEVELOPMENT OF THE DISPERSION MODEL

Most of the information in the literature on
axial mixing in spray columns and in RDC extractors has
been analyzed in terms of the dispersion model. Many
of the studies have been discussed in Appendix B;
Vermeulen, et al. (1966) have reviewed the literature.
In this appendix the basic equations of the dispersion
model are developed in terms of quantities found useful
in the treatment of waste waters by solvent extraction.

The nomenclature used in this appendix differs
slightly from that of the remainder of this report
in that the subscript x refers to the aqueous phase and
the subscript y to the solvent phase. The equations
are developed for flows on a solute-free basis (i.e.,
FX = 1b. solute-free water/hr) and for concentrations
measured in weight ratios (i.e., X = 1b. solute/1b.
solute-free water). The use of weight ratios is
entirely equivalent to using weight fractions for the
dilute solutions encountered in most cases described
in this dissertation. However, in several cases
(notably the extraction of phenol with n-butyl acetate)
the concentration of solute in the solvent phase
can become large enough to introduce a significant
error. The use of weight ratios eliminates the problem
of a changing solvent-phase flow rate as long as the
two phases are immiscible. With the case of phenol
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being extracted by n-butyl acetate, Kd measured in
weight ratios shows less change with concentration
than does Kd measured in weight fractions. The
effect of using weight ratios on the validity of

the assumption of a constant value of Nox is unknown.

Dispersion Model for Constant Kd'

Consider a section of column as shown in Figure
Cl. A is the column cross-sectional area, H the
total column height, and ¢ the solvent hold-up. The
terms for a material balance for the aqueous phase
over a differential slice can be expressed as follows:

a. Solute entering at h = h by convection and dispersion

dX
FXX-pX('I-cp)AeXa-H
b. Solute leaving at h = h + dh by convection and
dispersion

d
(1 +dh $5) (F,x - o, [1 - 61 A e, 35
c. Solute leaving x-phase by mass transfer

K, @ (X - X*) A dh

A material balance for the aqueous phase leads to the
following:

Foay o (1 -4)A a’x K . aA (X - X*) (C1)
“Tx dh T Px $) Rey dn2 ox & B
A similar treatment for the solvent phase leads to
the following:
2y
h

j= N

dX
Fy o py¢A €

= Ky, @ A (X - X¥) (c2)

(AN

y

[~
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Figure C1. Basis for Dispersion Model
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Assuming that the equilibrium may be described by
Y = KdX* and defining a dimensionless height, Z = h/H,
lead to the following:

2
dX 1 d°X
S8, L8 AN (X - X¥) (C3)
d7  Pe d7%2  OX
dx*. 1 dZx+ -
- f (4R =) = Ny, (X - x¥) (ca)
dz Pe. dZ
y
where
E = K4F /F,
Nox = Kox a A H/Fx
e F H
X px(1 - ¢) A €y
pe = FyH
y py¢ A €y

Equations (C3) and (C4) are second order, ordinary
differential equations in two dependent variables

(X and X*) and can be solved once two boundary condi-
tions are specified for each phase.

The usual boundary conditions express the
approximation that there is no axial mixing in the
inlet or outlet lines. This approximation is expressed
as follows:
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a. At h =0o0or 72 = 0:

dX _
FXX - px(] - d))A EX E = Fme
or (C5)
.oy . 1 dX
in Pex d7
dy _
Fy¥out Py oA €y dh FyYout
or | (C6)
dX* _ 0
dz =
b At h = Hor Z =1
dX _
FuXout = Px(1 - ¢)A €, ah = FxXout
or (C7)
d_X.. = O
dz
dy _
FyY + py ¢ A ey an Finn
or ax* (c8)

1
Min T Xt res ar

A11 the rnecessary conditions have thus been met for a
mathematical solution to be developed.

It is convenient to define a dimensionless,
X-phase concentration as follows:
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X - X?n

n-= T *
Xin = X

(C9)

The solution to the equations will thus be of the
following form:

n(Z) = f(Z, E, N Pe ., Pe ) (C10)

y
When Z = 1, X takes on its value in the purified water

ox’

outlet stream giving the following equation:

n(1) = f(E, Ng,> y) (c11)

When Z = 0, X takes on its value at the point within
the column where the water is discharged from the

Pex, Pe

inlet line.

Hartland and Mecklenburgh (1966) have shown
that the equations (C3) through (C9) may be solved
analytically in terms of the roots (q1, 95 q3) of the
following equation:

Pe N
3 2 _ y oX
q;> + (Pey - Pex) a; (PexPey t Pe N + < ) a;

] e
+ Pe, Pey N (p - 1) =0 (c12)

‘These authors have set down the analytical solutions
for the general case and for a number of cases

where simplified equations are possible including
the following three cases most important in this
report:

1. PeX and Pey finite; E = 1
2. Pex finite; Pey = o3 E # 1

3. Pex finite; Pey = o3 E = ]
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The listing of a Fortran program developed to carry
out these calculations is reproduced at the conclusion
of this section.

It should be pointed out that in this develop-
ment we assume that E, Nox’ Pex, and Pe_ are constant
throughout the column, that there is radial homogeneity
at all levels, and that the idealized boundary condi-
tions are satisfied. A treatment where E is not
constant is discussed in the following section.

Wilburn (1964) has proposed other boundary conditions to
account for stagnant liquid in both end sections of the

extraction column.
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SUBROUTINE EETA

SUBROUTINE EETA(PEXeNEYIEINOXsZETAKeZsUV)
Ce EETA DETERMINES ZETA WHEN PEXe PEY:s Eo¢ AND NOX ARE GIVENe WHEN K=},
Cadn NO COYCENTRATION PROFILE 1S CALCULATED. WHEN Ke24. THE PROFILE IS
Caux FrALCULATED AT Z€1) = 2Z2ETA(O0)s Z(2) = ZETA(OL1)e 2(2) = ZETA(D.2),
Cen¥% 2(8) =2 ZETA(O3)s 2iSy = ZETA(D,%5)e Z(6E) = ZETA(OLT) s
Coau® Z(7) = ZETA(O.8)e 7Z(By = ZFTA(C.9)e ANN 2(9) = Z2FTA(1.,0)
Coan WwHEN K:?O ZETA«ULTI) s AND V(1) ARE CALCULATED FOR I=1¢101,
Ca#¥ WHEN PEY oLTs CeO o CALCULATE FOR INFINITE PEY,
Codd WwHEN £ oLTe 0,0 « CALCULATF FQOR INFINITE Eo

Cant
DIMENSION Z(9)U(101)eV(1N1)
REAL NOXeK1K2¢K3
IF(PEYsLT«0.0) GO FO 20
IF(E,EQe140) GO TO 19

Censn

CHRENRNBRE Ey HEFRARUT U RASEER SFCTION | STARTS HERE RRARNBRFHREPRNNHEEEEXAHE4
Cex# CALCULATE 2ETA FOR GEmFRAL CASE. FIRST SOLVE CuBliIC.
P = pEY - PEX
IF(E,L.T«0.0) GO TO 1
Q = _(PEX*PEY 4+ PEX*OX 4+ PEY®NOX/F)
R = PEXNPEY#NOX#(]40/E ~ 1,0y
GO Tp 2
~t{PEX*PEY + PEX*n0OX)
~PEX#PE Y¥NOX
{3.0%Q ~ P*P) /349
(P NAPADUP = Q,DuPHO + 27,0#R)Y /27,0
wlB72:0V/8DORT(=ANARA/2TeN)
= ACOSI(CYZ’3.0
2.0%#S0RT(~A/340)
= DRCOS(PHI) - P/3.0
ADD = Re0%13,181%9/7300

N

3!72(5W2>!JQ

Howe v 0 84 U H

Q2 = D*COS(PHL + ADDY - P/3.0

Q2 = DH#GCOSIPH] + 2.08ADDY - P/3,.0
CH#% nNOW CALCVLATE THE SOLUTION,.

HI = 1.0 - Ql/PEX

H2 = 1.0,- Q2/PEX

H3 = 1.0 - Q2/PEX

Gl = HM1/(1.n0 ¢+ Q1/PEY)

G2 = H2/(1.,0 ¢ Q2/PFy)

G3 = HA/{1,0 + QI/PEV)

EQ1 = EXP(QY)}

EQ2 2 EX2(Q2)

F£01 = EXP(G3)

K1 = (G3*EQ2 - GZ*EQ3)/701

K2 = (GI*EQ3 ~ G3#F.Q41) /02

K3 = (C24EN] -~ G1%EQ2)/07

IF(E,LT+0.2) GO TO 3

OENOM = KI#H1%(1,0 ~ EQI/E) + K2¥H2¥(1.0 - EQ2/E) +

1 K3xH3*(1.0 - EO/E)H

GO Tp 4
I DEMOuU = KI1¥4) 4+ KP¥Hs 4+ KIA#H3
4 1F(K,EQel) RO TO 6

IFIK,EQ«3) GO TO 61
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ZA1) = 1eD = (KIH(HI =~ 140) + K2¥#(H2 = 140} + KI*#(HI — 1.,0))
1 /DENOM

J =
NO % 1=1.9
IF (1,508 +0R. [+EQes) GO TO S

J= g+ 1
X = FLOAT(IYI/ 1040
ZUJ) = 140 = (Ki#(H] ~ EXP(Q1I%#X)) + K2R (H2 - EXPIQ2%X]))

1 4+ K3X(H3 = EXR(Q3*y)))/DFNOM
5 COMTINUE
6 ZETA = Z(9) = 1.0 — (K1#(H1 - FQ1) + KP#(H>? = EQP) 4+ K3I¥(H3 - £03)
] Y /7DEHOM
RET.IAN
51 DO S9 1=1410)
X = gL.OATI(I -~ 1)/100,0

£EQIX = EXP(Q1¥X)

£Q>X = EXP(Q2#X)

£QAX = EXP{N3*X)

UCI) = 1.0 = (K1¥(H]1 = EQIX) + K2#(H? - EQ2X} + K3I*¥(H3 - E£G3IX))
1 /DENOM

V(E) = (KIX{GI#EQIX — HI¥EQI) + K2%(G2¥FQPX =~ HP¥EQ2) + K2¥(G3

{ *EQ3X = H3%E03)) /DENOM
50 CONTINUE
ZETA = Ut101)
RETURN
C#3%
CHUFRERRE Ry R AKEEER) RHRIAER CECTION 2 STARTS HERE SERXRBRNRFUAFXHRNXLANRF NS
Ce¥* FALCULATE ZETA FOR E = 1.0 WITH BACKMIXING [N -BOTH PHASFES,
Cx#% FIRCT SCLVE THE QUADRATIC,
10 8 = pEY — PFEX
C =2 _C(PEX + PEY)*NOX ~ PEXXPEY
D = gORT(8¥B - 4,0X%C)
02 3 (-B 4+ DY/2.0
N3 v (-8 =« NYI/2.0
C¥ t# NOW CALCULATE THE SOLUTION.
HZ2 2 1,0 = Q2/PEX

H3 2 140 - O3/PEX
G2 = HZ2/(140 + Q2/PEWV)
G3 = H3/7(140 + OI/PEV)

E02 . EXPLQ2)

03 - EXP(Q2}

DENOM = H2R(EL3 - G3,%#(1,0 — EQ2)/02 4 HI¥IG2 -~ EQ21% (1.0 - EQY)
1 /G3 - (G3%EQ2 ~ G2xEQII#(1.0 + 1.0/PEX + 1.0/PEY 4+ 1.0/NOX)
1F(,%0s1) GO TO 15

I9(K EQ3) GO TO 16

Z(1) = 1.0 = ((EQ3 =~ G3I¥{H2 ~ 1.0)/07 + (GZ - EQPI®(HI — 1.0)/03
1 = (GI*EQ? — G2*EQD) /PEX) /NENOM

J o=

N0 13 1=1.49

IF(1,EQed +sORs 12EQsn) GO TO 13

J=g + 1
X = FLOAT(1)/1040
Z0Y) = 1.0 = ({EQ3 = GI)#(HZ ~ FXP(C2#X))I/Q2 + (G2 - EQP)I*(H3 -

1 EXpiQ3*X1)/Q3 - (Ga¥EQ2 -~ G2¥FO3)*(X + 1.0/PEX))/DENOM

12 CONTINUE

1S ZETA = Z(9) t 140 = ((FO3 « GI)*(H2 « FO2)/02 + (G2 = EQ2)%(H -
1 EQ3)/03 = (G3*EQ? ~ GZXEQII* (10 + 1,0/PFX) I /DENOM
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RETURN
16 DO 1g I=1.101
X = gLOAT(T - 1)3,100,0
EQ2X = EXP{O2#X)
eQax = E¥YP(Q3I*X)
UL1) = 140 - ((EQ3 - G3)*(H2 - EQ2X)I/Q2 + (G2 - E@2)*(H3 - EQ3X)
1 /703 = (GRAEQR2 - G2+EQ3)* (X + 1.0/PEX)Y)/DENOM
VII) = ((EQ3 -~ GII*(R2%EOPX - H2#*EQ2)/Q2 + (G2 - FQ2)%(G3I*EQ3X
1 - HITEQ3)/G3 — (G3I+EQ2 - G2%*EQ3)*¥ (10 = X + 140/PEY))I/DENCM
18 CONTINUE
ZEIA = U(101)
RETURN
[« X ¥ ]
CRUKERUXA W g X HHXARAI B %AUAE GECTION 3 STARTS HERE R R 00030004 0073600 5% %% %%
Cxax qALcULATE 7ZETA FOR E NEs 10 WITH NO BACKMIXING IN DISPERSFD PHASHE
Ce#% FIRST SOLVE QUADRATIC,
20 1F(E ,EQe140) GO TO 3¢
IF(S,L.T«0.0) GO TO 29
il = _(PEX + NOX/FE)
C = NOX¥PEX#(]1.0/E ~ 1.0)

GO Top 22
21 8 = _PEX
C = NOX¥PEX
22 D * SORTI(B*3 = a4,0#%*Cy

01 = (-8 + DI/2.0
N2 = (~B ~ D)/2.0
CH¥% NOW CALCULATE THS SOLUTION,
H1 1.0 - Q1/o6X%
H2 1.0 - Q2/PEX
€01 = EXP(O1)
€02 = EXP(Q2)
1IF(E,LT«0.0) GO TO 23
NENDM = HIX(]1,0 ~ FQL1/E)/01/EO01 ~ H2%(1.0 - EQR/E3/02/6Q2
GO To 24
23 DENOu = H1/Q1/6Q1 = W2/Q2/502
P4 1F(K,ECel) GO TO P26
IF(K,EQe3) GO TO 27
ZC1) = 140 = ((Hl = 1401/Q1/FQ4 = (HP = 1.0)/02/FQ%) /DENOM
J =
DO 25 15149
IF(1,EQes oORs 1eFQek) GO TO 25

J=g o+ 1
X = rLOAT(1)/10.0
Z(Jg) = 160 = ((H1 -~ eXPIQI*#X))/01/EQL1 — (HP -~ EXPIQ2%¥X))I/Q2/EQ2)
1 /DENOM

25 CONTINUE

P6 ZFEIA = Z(9) = 140 = ((H1 -~ EQ1)}/01/76Q1 -~ (H2 — EC2YI/02/FQ2)/DENCM
RETURN

27 D0 29 I=1+101
X = FLOAT(] ~ 1)/100,0

WUl1) = 140 = ((HY =« eXPIQI*¥X))I/QI/EQY =~ (H2 = EXP(O2%¥¥II/QP/EQ2)
] /NENOM

VITY = (HI®(EXPIOI®(Y = 140)) = 10)/701 =~ HZ2R(EXP(Q2%#(X = 1.,0))
1 ~ 10)/702)/0ENOM

29 CONT INUE
ZETA = U(CIN1}
RETURN
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T x
g**r***lqlqi******!l***l¥ SECTION 4 STARTS HERE S#ESB%SERARBRARASRIBERENS
Crxx CcALCULATE SOLUTION FOR € = 1o WITH NO BACKMIXING IN DISPERSED PHASE
30 PN = PFX + NOX
ERPN = EXO(PN)Y
NENOM = 1e¢0 4+ 1e0/PEy + 140/NOX = (140 -~ EPN)I®NOX/PEX/PN/EPN
IFIK,EQel) O TO 35
IFIK ,FCe3) GO TO 40
Z€1) = 1,0 ~ (1.0/PEy ~ (NOX/PEX + 1.0)/PN/EPN)/DENOM
J =3
NO 33 1=1.9
1Ft1 ,EQea +NR, 1.EQ.g) GO TO 33
=g + 1
X = pLOAT(1)/10%.0
Z€(J) 3 1.0 = ((1.0/PgX + X) = (NOX/PEX + EXP(PN#X))/PN/EPN) /DENOM
33 ZONTINVE
A% ZETA = Z(D) = 160 = ({1,0/PEX 4+ 1401 = (NOX/PEX + EPN)/PN/EPN)
1  /0ENOM
RETURN
40 DO 45 1*1.101
X = fL.OAT(] ~ 13)/100,0
ULE) 3 1.0 « ((1.0/PEX + X) - (NOX/PEX + EXP(PN‘K))/PN/EPN)/DENOM

VII) 5 (1e0) = X = NOX*(EXPI(PN#(X = 1.0}) = 140)/PEX/PN)/OENOM
a4 CONTTNUE

ZETA = U(101)
RETURN
END EETA
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Dispersion Model For Varying Kd

Several authors have considered the design of
extraction columns which exhibit axial mixing for
systems where K, is not constant. Rod (1964)
described a graphical approach which is generally
applicable to any shape of the equilibrium curve.
Unfortunately his technique requires a time consuming
trial and error graphical solution for cases where
axial mixing is appreciable in both phases. McSwain
and Durbin (1966) developed a computerized solution
to the backflow model for systems where Kd is not
constant. When the number of stages becomes very
large, their solution provides a suitable description
of a continuous extractor. However, these authors
made the incorrect assumption that the height of an
overall transfer unit (or the overall mass transfer
coefficient) was constant throughout the column.
Recently Pratt (1975) announced .an upcoming paper in
which a new approach will be described. The technique
developed below is similar to the approach of
McSwain and Durbin (1966), but the values of the
two individual numbers of transfer units (rather than
the overall number of transfer units) were assumed to
‘be constant through the column.

Equations (C3) and (C4) derived for the case of
a constant Kd were replaced by the following four
equations:

dx _ 1 _d7X .y o(x - xh (C13)
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2

ay . 1 d2y i

&Y, 1 dY o v vt -y

dZ  Pe dz y (C14)
y
i ATV

(x - x') = LY (y! - v) (C15)

NXFX
vi - Kd" X1 (C16)

In these equations the superscript i refers to
concentrations at the interface between phases.

Since we assumed that the value of Kd was known once
the value of X' or Y1 was determined, the above .
system of equations involved two new variabples (Y'l

and X‘) and two new equations and was determinant

once the boundary conditions were specified. Boundary
conditions equivalent to those in the previous section
were written as follows:

a. At 7Z = 0:

- 1 dX
Xin = X -.FE; VA (C1%)

a7 - 0 (C19)

= 1 _dY
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To develop a numerical solution to this set
of equations, the column was divided into (N-1)
cylinders of equal length such that Z1 =0, 22 = h,
Z3 = 2h,..., ZN = 1., At all points, from 22 to ZN-1
equations (C13) and (C14) were written in terms of
central finite differences. For example, at any point

Z; for 2 < i < N-1, equation C13 became

(X 1 (X - 2Xi + Xi-l)

i+1 = %5.9) i+1

- 2
2h PeX h

= i
= NX(X,i-X_i).

When the terms were collected in a way which left

X} on the right hand side, this equation became

X. + L 1 X

2 Ti+]
2h Pe h

= N _Xs.

At the points Z] and ZN the central difference equa-
tions were written in terms of two imaginary points
Zo and ZN+1’ and then the boundary equations were
used to eliminate these points from the system of

equations. This results in the following matrix of

equations:
AX=g (c21)
BY f (c22)

where the terms in the vectors X, Y, g, and f are
as follows:
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X: = concentration in X phase at Zi
= concentration in Y phase at Zi

- i 2
9y = N+ (Pey + 1) Xy
g; = NX.! i=2,3, ..., N
- L . .
f, = Nin i 1, 2, » N=1
fo= N Yy + (Pe, + 2) Y
N y 'N y h’ 'in
A and B are tridiagonal matrices defined as follows:
(s, t; 0 0 . . ]
ro Sy t2 0
A = 0 rg s3 tg .
EN-1
i "N SN
where
ro= (L =Ly i= 2,03, L, N
2h  Peyh
ry = - —2
N 2
Pe h
- 2 2
S TR TR J
X
2
s; = N+ i=2, 3, > N
! X Pexh2
T Pe2h2
X
ty = — - —1o i=2,3, ...y N-T
2h Pe h
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Equatiops
X, Y, X,
were also

- .
Vi W, 0 0
Up Vo Wy 0
B = 0 ug vy W,
' N-1
I Un Yy
1_"" 1 2 1 = 2, 3, Y N-]
2h Peyh
2
2
Peyh
2 -
Ny + > h2 i=1, 2, 3, , N-1
y
2 P
N, + Pe, + + =
y Y Pe h2 h
Y
_ 2
2
Peyh
'(l"'+ ]2) 1.=‘2, 3,..., N=-1
2h Pe h

(C21)'and (C22) involved four unknown vectors
and 11. When equations (C15) and (C16)
written for each value of Zi’ there were

four vector equations available in terms of these four

unknowns.

A11 the elements of matrices A and B are constant

for the case where Ny, N

X Pey and Pex are constant.

The inverses of these matrices were determined at the

331



beginning of the calculation, which resulted in the
following:
-1

|><

(C23)
(C24)

fix=>
o

v =3

| =h

This completes the development of equations.

This set of equations was used for two types of
problem. One problem was encountered when two solutes
which interact strongly were present in the feed
water at fairly high concentrations. For example,
when n-butyl acetate at about 6000 ppm and phenol
at about 300 ppm were present in a feed waste water
which was treated by isobutylene extraction, the
presence of n-butyl acetate in the solvent led to
a much higher efficiency of phenol removal than was
expected based on the Kd for phenol between water and
pure isobutylene. The numerical approach was used
in this case by assuming that the presence of phenol
had 1ittle effect on the n-butyl acetate extraction
so that the concentration profile for n-butyl acetate
was predicted from the linear model. Equations (C15)
and (C16) were then used to determine YéA from which
K;henol was determined. The solution then proceeded
as follows:

a. Set X and Y at initial values determined from

the Tinear model,

b. Determine &1 and 11 from equations (C15) and

(C16),

Determine g and f from their definitions,
Determine new values of X and Y from equa-
tions (C23) and (C24), and
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e. Return to step b., and iterate to convergence.
The results of these calculations are discussed in
Section VIII.

The second situation where this method of solu-
tion was useful was in determining the effect of a
variation in Kd for one solute due to a change in
its own concentration. For example, when phenol was
present at about 3 pounds of phenol per 100 pounds
of feed water in a water stream which was treated by
n-butyl acetate extraction, the value of Kd changed
significantly through the column. The results of
using this numerical approach to analyze this case
are discussed below.

Several characteristics of this numérica]
calculation were observed for both types of problem.
The accuracy of the numerical result as a function
of the grid size (h) was estimated by comparing
the converged numerical solution to the analytical
solution for the case of the constant Kd' Some results
from such calculations are shown in Table C1 for a
case where the parameters were similar to those for
the extraction of phenol with recycled n-butyl
acetate in the miniplant. The concentration profile
at the end of the extractor where the solute |
-concentration was lowest (from which % removal was
calculated) was accurately predicted with ten column
segments.. However, the concentration profile at the
other end of the extractor (as characterized by Yout)
was not very accurately predicted with fewer than
fifty column segments. No significant improvement in
accuracy was gained by using greater than fifty
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Table Cl. Results from Sample Numerical Calculation

Parameters:

Nx = 8.0 Ny = 8.0
Pe. = 6.0 Pe = 25.0
X Yy
Fy/Fx = 0.1 Kd = 57.0
Xin = 0.03 1lb solute/lb feed water
Yin = 0,02 1lb solute/lb feed solvent
‘Results:
N - 1l $ Removal Yout
10 95.80 0.3678
20 95.75 0,.3233
50 95,74 0.3098
Analytical 95.73 0.3072
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column segments, and percent removal was accurately
estimated with only ten segments.

In all cases tested, the direct substitution
iteration procedure which was described above converged
toward the final solution. However, the rate of
convergence was very slow and became even slower as
the final solution was approached. Several acceler-
ation methods were attempted with Tittle success;
usually the calculation then diverged. The most
successful acceleration method was to make at least
three direct substitution iterations followed by one
extrapolation toward the solution using the Wegstein
formula (Lapidus, 1962). This procedure usually
converged in about one-half the number of iterations
required for pure direct substitution. One procedure
which was more successful in reducing computation time
than any acceleration method was first to solve the
problem with ten column segments, then to interpolate
to obtain an initial solution for the calculation
using twenty or fifty column segments.

For almost all pollutants considered in this
dissertation, the value of Kd could be assumed to
be constant at the value taken on at infinite dilution.
The reasons for this observation are illustrated by
.considering the overall driving force based on aqueous-
phase concentration,

AX = X - X* : (C25)
where X is the aqueous-phase concentration at any
elevation in the column and X* is the concentration of
a hypothetical aqueous phase which would be in equilib-
rium with the solvent-phase concentration at the
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same elevation. For the case of a constant Kd
X* = Y/Kd (C26)

at all points in the column. When Kd varies with
concentration, the overall driving force given by
equation (C25) is still valid as long as equation (C26)
is used with Kd evaluated at X*. and Y.

At the solvent inlet end of the extractor
(neglecting the concentration jump for the present
discussion), the solvent is nearly pure (Y = 0), so
that K4 = K:. Three factors tend to make Y large at
the solvent outlet end of the extractor: (1) efficient
extraction, (2) low Fs/Fw’ and (3) high concentration
of solute in the inlet water. These factors tend to
be mutually exclusive; for example, efficient extrac-
tion and low FS/Fw imply a large Kd’ which implies a
limited water solubility. Even if the feed water is
saturated with an easily extracted solute, Y at the
solvent outlet will seldom be larger than 0.05 1b
solute per 1b solvent. At this concentration K, = K:
is usually still a good approximation.

One case considered in this report where
the above argument did not hold was in the extraction
of phenol with n-butyl acetate. Since Kz = 57.0, 95%
removal was possible when FS/Fw = 0.1. If the feed
water contained 0.03 1b. phenol per 1b. water (about
one-third of saturation), then Y = 0.285 1b. phenol
per 1b. solvent. The data of Won (1974) are shown
in Figure C2 and are compared to the empirical curve
K, = 57.0 - 28.3Y (C27)

d
which appears to correlate the data up to about 50%
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phenol in the n-butyl acetate phase. At Y = 0.285
the value of Kd = 48.9, which was a significant
decrease from K.

The numerical method of calculation was used for
the case of phenol extraction using n-butyl acetate as
solvent. Equation (C27) was used to predict K; in
Equation (C16). The calculation predicted 96.59% re-
moval of phenol and Y = 0.2898 1b. phenol per 1b. n-
butyl acetate for the conditions listed in Table C2.
Therefore, Kd = 48,80 at the solvent outlet, and
Kd = 52.74. The results of calculations using the
linear model and an average Kd are shown in Table C2.
The results showed that using K: gave a good estimation
of the removal efficiency, and that using the geometric
mean gave almost exactly the correct answer.

A number of calculations like that just described
were made for various values of the parameters. In
all cases the results showed that the geometric
mean value of Kd gave a better approximation than the
arithmetic mean. The results also showed that in all
cases except when the phenol concentration in the
feed water was greater than about 5 weight %, the
linear approximation using K, = 57.0 gave a good
estimation of overall removal, but a slight improve-
-ment was possible by using the geometric mean Kd.
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50 y
Kg=x =57.0-28.3Y

45}
Ky
40}
35 o Data (Won, 1974)
at 25°C
30 | | | |
0 0.0l 0.02

X (ib. phenol/Ib. water)

Figure C2. Distribution of Phenol Between Water and
n-Butyl Acetate
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Table C2. Linear Approximation for Kyq Varying with

Solute Concentration

Parameters:

N, = 8.0 Ny = 8.0
Pe, = 6.0 ?ey = 25.0
Fy/Fx = 0.1

xin = 0.03 1lb. phenol/lb. water

Yo = 0.00 1b. phenol/lb. n-butyl acetate

Numerical Calculation:
Kd = §57.0 - 28.3Y

$ Removal = 96.59

Linear Approximation:

K3 (Kd basis) % Removal
57.35 (Inlet solvent) 96 .87
52.90 (Arithmetic mean) 96.61
52.74 (Geometric mean) 96.60
48.80 (Outlet solvent) 96.30

339



APPENDIX D
ALTERNATIVE PROCESSES FOR VOLATILE SOLVENT DISTILLATION

In the volatile solvent extraction process using
a C4 hydrocarbon as solvent, the majority of the total
cost is usually associated with the distillation
step for solvent regeneration. 1In this appendix
methods of minimizing this distillation cost are
discussed and illustrated, using the separation of
isobutylene from ethylene dichloride as an example.
The conclusions should also apply with slight modi-
fication to the volatile solvent extraction of any
other pollutant of volatility comparable to that of
ethylene dichloride.

The loaded solvent from the extractor will be
a relatively dilute solution of pollutant in the
volatile solvent at about 80°F. After pumping to
the pressure of the.-distillation column, the feed
stream will thus be a subcooled 1iquid consisting
of a wide-boiling mixture. During the separation,
all the solvent must be boiled and then condensed.
Since this involves a substantial amount of heat
supplied and removed, careful consideration must
be given to heat economy.

In Section IV we consider a process that uses
isobutylene (IB) to remove 95% of the ethylene
dichloride (EDC) from a 80°F waste water which
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contains 0.8% EDC and flows at 100 GPM. The concen-
tration of EDC in the loaded solvent depends on

the solvent-to-water flow ratio, Fs/Fw’ while the
concentrations of EDC in the regenerated solvent
(distillate) and in the recovered pollutant (bottom
product) do not depend on FS/Fw but rather are fixed
by the required extraction efficiency and by the
required product purity (or allowed solvent loss),
respectively. For 95% EDC recovery and 1.5% IB

in the product EDC, these stream concentrations are
lTisted in the table below along with the total flow
of feed as a function of Fs/Fw‘

Mole fraction IB in distillate = 0.9968
Mole fraction IB in bottom product = 0.0271
F_/F Mole fraction IB in feed Feed Flow Rate

STW (1b mol/hr)
1.50 0.9940 ' 1335
0.70 0.9907 625
0.30 0.9826 270
0.08 0.9454 74.3

For each value of Fs/Fw’ there is an optimum
distillation column design which results in minimum
cost. In this appendix we attempt to locate this
optimum by designing and determining alternative
costs for several levels of the specified variables
and for several process arrangements. The alternative
cost is the sum of the annual operating costs (steam,
cooling water, and pump power) and the total investment
(pumps, heat exchangers, distillation column and tanks)
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multiplied by 0.259, as is developed in Appendix A.
The following assumptions are made in determining the
design and cost estimates:

1. Murphree vapor stage efficiency is 0.75.

The reboiler provides one equilibrium stage.
The distillation column contains bubble

cap trays with 18-inch tray spacing and
provides a 3-minute liquid hold-up at the
bottom.

4. The overall heat transfer coefficient is
200 Btu/hr ft2 °F in the condenser and reboiler.

5. The condenser cooling water is heated from
80°F to 100°F.

6. The reflux tank provides a 10-minute liquid
hold-up.

7. The liquid leaving the extractor has a
pressure of 51.4 psia and a temperature of
80°F.

For the distillation column design, vapor-liquid
equilibria for the IB-EDC binary system are estimated
by the Chao-Seader (1961) method. The large increase
in temperature down the column and the fact that the
molar heat of vaporization of EDC is almost twice
that of IB makes heat effects important and rules
out the constant molar overflow assumption. The
molar flows tend to decrease down the column, resulting
in operating lines on a McCabe-Thiele diagram which
are concave upward in the rectifying section and
concave downward in the stripping section. Stream
enthalpies are estimated by using gas and liquid heat
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capacities and heats of vaporization for the pure
components and by estimating heats of mixing using
reqular solution theory for the liquid phase and the
Redlich-Kwong equation of state for the vapor phase.
First consider the case where FS/Fw = 1.5, which
results in a Toaded feed that is very dilute in EDC.
By assuming that the distillate is condensed at 120°F,
the column pressure is determined as 81.1 psia.
If the feed is pumped to this pressure and fed to the
column as a subcooled liquid, then no reflux is
needed and the feed enters the top plate. A stage-to-
stage calculation indicates that 5 actual stages are
required as shown in Figure D1. Details on the top
two plates are illustrated in Figure D2. Operation
in this case results in large flows of liquid and
vapor throughout the column at near total reflux (L/V
varies from 1.0048 below the feed plate to 1.0025
above the reboiler). The reboiler operates at 275°F,
so all the heat required to boil the volatile solvent
must be supplied at a high temperature. The alternative
cost for this case is $129,600 per year with the break-
down shown in Table D1. The steam used to drive the
reboiler accounts for 56% of the total alternative cost.
One alternative to the above operation is to
vaporize the feed before it is added to the column.
If the distillate is again condensed at 120°F, the
dew point of the feed is 122°F, so this vaporization
can be carried out using exhaust steam. By assuming
that reflux is added to the column at 40% above mini-
mum reflux, a stage-by-stage calculation shows 6
plates are required below the feed and 3 plates above.
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Figure D2, Details of Simplest Alternative

Table D1. Costs for Simplest Alternative

Alternative Investment = $132,000

Equipment Item $ of Total
Condenser 35
Reboiler 29
Distillation Column 26
Solvent Recycle Pump 4
Reflux Tank _ 6

Alternative Operating Cost = $§129,600 /year

Cost Item $ of Total
Capital Cost 26
Cooling Water 17
Steam (100 psig) 56
Power 1
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This mode of operation is illustrated in Figure D3
with details of the top few stages shown in Figure D4,
Although more total plates are required with a satu-
rated vapor feed than with a subcooled liquid feed,
the flows in the stripping section are much lower with
the vapor feed (V/F = 0.156 as compared to V/F = 1.17),
resulting in a less expensive distillation column.
The requirement of a small amount of reflux (R/D =
0.165) results in more total heat required in the
feed vaporizer and the reboiler, but the use of
cheaper exhaust steam in the feed vaporizer results
in a substantial savings. The alternative cost for
the case of a saturated vapor feed is $106,900 per
year with the breakdown shown in Table D2. The
alternative cost is reduced by about 18%.

To fix the design of the distillation column
with the saturated vapor feed, it is necessary to
assume the condensation temperature and the reflux
ratio. Holding the ratio of actual to minimum reflux
at 1.4, the effect on the alternative cost due to
changing the condensation temperature, and thus the
column pressure, was investigated. As the pressure
increases, the temperature driving force in the
condenser increases while the driving forces in the
feed vaporizer and in the reboiler decrease. Also,
the cost of the recycle pump and its power increase
as temperature and pressure increase. The overall
alternative cost decreases rapidly until the distillate
temperature reaches 120°F, and then the cost shows
a flat minimum between 120 and 140°F. The use of
120°F for cost comparisons seems reasonable.
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Table D2. Costs for Alternative with Feed Vaporizer

Alternative Investment = $127,900 _
Equipment Item % of Total

Condenser 40
Reboiler 8
Feed Vaporizer 20
Distillation Column 19
Pumps 6
Reflux Tank 7

Alternative Operating Cost = $106,900 /year

Cost Item $ of Total
Capital Cost 31
Cooling Water 24
Steam (100 psig) 10
Steam (Exhaust) 34
Power 1
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Another alternative arrangement utilizes a
subcooled 1iquid feed (and no reflux), but several
stages below the feed point the downflowing liquid
is drawn off and partially vaporized. To fix the
design in this arrangement, the condensation tempera-
ture is set at 120°F, the actual-to-minimum vapor
flow in the stripper is set at 1.2, and the tempera-
ture of the side stream boiler is varied to locate
the optimum. As the side stream boiler is moved up
the column and operates at decreasing temperatures,
the number of stages and the flows of liquid and
vapor in the lower section of the column increase
causing an increase in the cost of this portion of
the column; however, the number of stages above the
side stream boiler decreases, resulting in a nearly
constant cost for the entire column. The lower
portion of the column is small in all cases and is
designed as a packed tower assuming its total height to
be the same as a plate tower with 18 inch plate spacing.
As the side stream boiler temperature decreases, its
temperature driving force and cost decrease, but the
portion of the constant amount of total heat which
is supplied with higher cost steam in the reboiler
increases. An optimum alternative cost of $89,000 per
year occurs when the side stream boiler operates at
128°F resulting in 3 stages above and 4 stages below
the side stream boiler. This mode of operation is
illustrated in Figure D5 with details in Figure D6,
and a breakdown in costs is shown in Table D3. The
lower portion of the column is designed to operate
with V/F = 0.024 at 40% of flooding in a 14-inch
diameter column packed with 1-inch Raschig rings.
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Table D3. Costs for Alternativevwith Side Stream Boiler

Alternative Investment = $111,500

Equipment Item % of Total
Condenser 42
Reboiler 1
Side Stream Boiler 28
Distillation Column 17
Solvent Recycle Pump 5
Reflux Tank 7

Alternative Operating Cost = $89,000 /year

Cost Item % of Total
Capital Cost 32
Cooling Water 25
Steam (100 psig) 2
Steam (Exhaust) 40
Power 1
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In comparing the vapor feed and side stream
boiler alternatives, the latter results in a 17% lower
alternative cost. This Tower cost is the result of
operating without reflux and thus with smaller quantity
of heat supplied and removed, with a smaller condenser
and reflux tank, and with no reflux pump. Also,

a smaller fraction of the total heat supplied is in
the form of high pressure steam with a side stream
boiler.

Many of the conclusions discussed for the case
where Fs/Fw = 1,5 also hold for Tower values of Fs/Fw'
When Fs/Fw = 0.08, reflux is required even with a
subcooled liquid feed. The alternative costs for
subcooled liquid feed with one reboiler, for saturated
vapor feed, and for subcooled liquid feed with a side
stream boiler are $14,600/yr., $11,700/yr., and
$10,400/yr., respectively. Although all items of equip-
ment are smaller because much less solvent must be
regenerated at lower values of FS/FW, the cost of the
distillation column decreases only moderately with
decreasing FS/Fw and then makes up a larger fraction of
the total cost. The optimum location of the side
stream boiler is approximately the same for all values
of F /F, between 1.5 and 0.08 (i.e., at a point where
the temperature is about 128°F). At values of Fs/Fw
below about 0.15, the flow of purified water is large
enough so that it may replace the need for cooling
water in the condenser.

The general procedure recommended for the design
of a distillation system for separating any polliutant
of similar volatility to ethylene dichloride is to
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use a subcooled 1iquid feed and a side stream boiler.
Practical operation can be achieved by setting the
ratio of actual to minimum reflux at 1.4 (if any reflux
is needed), by condensing the C4 hydrocarbon solvent

at 120°F, by setting the ratio of actual to minimum
vapor flow below the side stream boiler at 1.2, and

by locating the side stream boiler several stages

below the feed point. These four parameters can be
optimized for any pollutant at a later stage in

process development.
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APPENDIX E
DISTRIBUTION COEFFICIENTS FOR ORGANIC SOLUTES BETWEEN
ISOBUTYLENE OR ISOBUTANE AND WATER*

Introduction

This work presents distribution coefficients for
a variety of organic solutes between water and iso-
butane or isobutylene. Because of the solvent's
volatility, it is not possible to use standard
apparatus to measure distribution coefficients. A
special sampling device was constructed to facilitate
sampling of the volatile Tiquid mixture at pressures
ranging from 3 to 10 atmospheres.

Apparatus
E1,

The equilibrium cell, shown in Figure / is a cylindrical, stainless-
steel container about 30 cm long and 12 cm. outside diameter. The_inside
diometer is about 8 cm and the inside depth is 25 em. Above the top plote
is a rotating holding magnet driven by a variable-speed motor. A stirrer
rotating inside the equilibrium cell is magnetically coupled to the variable-

speed motor. To allow visual observation of the immiscible mixtures under

* References and Nomenclature for this Appendix are
included at the end of the Appendix. ’
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pressure, two Jerguson sight gages are bolted to the two opposite sides of
the cylinder. The equilibrium cell is completely immersed in a constant-
temperature water bath held at 25 + 0.05°C. A periscope is positioned
outside the front sight gage and a light source is located in the rear.
Sampling devices are attached to the side and to the top plate, which also
contains a high-pressure, sample-injection port. The pressure is measured
by a Heise gage and the temperature in the cell is measured by a liquid-
filled glass thermometer with a 0. 1°C graduation. Liquefied gas is intro-
duced from an inverted cylinder into the equilibrium cell driven by its own
vapor pressure augmented by helium gas at obout | or 2 atm. All connections
are 3.18mm and 6.35mm stainless~steel tubing. Ball valves are from Whitey
Research Company. Chemical analysis of both aqueous-phase and organic-

phase samples is achieved with a Perkin-Elmer 990 Gas Chromatograph.
Procedure

To start, about | liter of distilled water is introduced into the
equilibrium cell. Orgonic solute is introduced with a syringe through a
rubber septum located at the top of the cell. Liquefied isobutane (or iso-
butylene) is then introduced from an inverted gas cylinder.

Equilibration between the two phases is obtained by a stirring rod
with five propellers, two in each liquid phase and one at the liquid-liquid
interface. The two liquid phases are stirred for about ten hours and one

hour of settling (no stirring) is allowed before sampling.
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Sampling

The aqueous sample is removed at the bottom of the equilibrium
cell. After purging twice, a 50--t:m3 sample is removed from the equilibrium
cell. From this large sample, six samples, 5 microliters each, are intro-
duced in the chromatograph for chemical analysis. Reproducibility of this
analysis is better than 2%.

Because of the high vapor pressure, it is much more difficult to
obtain a sample of the organic phase for chemical analysis. FigureE; shows
the special technique devised for sampling of a volatile liquid; this technique
is based on the special properties of Indalloy, as suggested by Fleck (1967);
based on the ‘work of Nerheim (1964). Initially the flash chamber and the
sight gage are filled with solvent vapor and heliuvm gas. After opening the
microcapillary sample valve, the pressure in the flash chamber is reduced by
opening the 3-way ball valve to the cxfmo‘sp'nere. Liquid is allowed to Flow
into and through the Indalloy capillary sample tube until it fills the Pyrex-
tube sight gage.

The Indalloy capillary sample tube is swaged at both ends and
removed. This capillary tube, 12 centimeters long, 1. 39 mm outer diameter
and 0.254 mm internal diometer, is then swaged at intermediate points so as

to provide six encapsulated samples, each about ene and a half centimeter

long, with a volume of opproximately 0.5 microliter.
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One at a time, each sample is placed into the induction oven as
shown in FiguresE,l3 and 54 " The oven [Varian Aerograph Model 695],
operating at 250°C, melts the Indalloy (melting point 150°C) and completely
vaporizes the sample. Helium gas sweeps the vaporized sample info the
chromofogr.aph. Reproducibility is better than 5%. Further details of this

analytical procedure are presented elsewhere (Won 1974).

Chemical Analysis

and has linear temperature-programming capability. Two 3. 18mm O. D.
stainless-steel tubes, each 1 meter long, are pocked with 80-100 mesh
Porapak Q (or T). Helium, the carrier gas, flows at 30 cm3/min at ambient
temperature. The detector signals are recorded by a 1. Omv Brown Electronik
recorder equipped with a disc~chart integrator. Temperatures of injector
block, detector manifold and induction oven are nomally kept at 250°C.
Since the volatilities of solvent and solutes are widely different, tempera~
ture programming is nomally employed, typically from 125°C to about 50°C
above the nommal boiling point of the heaviest solute. To convert peak area

to mass, the response factor (mv sec/mg) of the volatile solvent is obtained

as a function of sample size by injecting a known amount of the sample with
a calibrated, gas-tight syringe made by Micro-Sampling Corporation. The
response factors of the solutes are obtained from chromatograms for mixtures

of known composition.
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Results

Distribution coefficients were measured for dilute solutions of

acetates, ketones, aldehydes and phenolics. " These coefficients, in units

mole solute/1000 g solvent

mole solute/1000 g water are shown in Tables E1 to E4.

For polar solutes, the distribution coefficients in isobutylene are
larger than those in isobutane because of weak complexing between the
double bond in isobutylene and the polar group of the solute. For a
homologous series, the distribution coefficient increases sharply as the
molecular weight of the solute riscs.

Correlation of Results: Theory of Dilute Solutions

To interpret and correlate the experimental results, it is convenient
to introduce some simplifying assumptions which are applicable to dilute
solutions. Let c stand for concentration of the solute, let single prime
refer to the aqueous phase cnd let double prime refer to the organic phase.

Let Ag stand for the change in partial molar Gibbs energy of the
dilute solute when it is transferred at constant temperature and pressure from
the aqueous phase to the organic phase such thet its concentration is the
same in both phases: ¢'=c". The partial Gibbs eniergy of transfer is related

to the solute concentration and activity coefficients ¥ by

clly n "

i - Y
Ag = RT4n c,y,—RTﬁn y (E1)
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Table [

Distribution Coefficients and Characteristic Volumes
for Acetates. Distribution Between Water and Isobutylene
(and Isobutane) at 25°C.

Distribution Coefficient K+
v
Isobutylene Isobutane cm3/mole
Methyl Acetate 2.56 1.47 80
Ethyl Acetate 10.2 5.86 101
Butyl Acetate 168 107 144
i
Amyl Acetate 727 (400) leg?

'I'K - Tole of solute/l1000 g solvent
~ "mole of solute/1000 g water

+Estimated

( ) Extrapolated
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Table E2

Distribution Coefficients and Characteristic Volunes
for Ketones. Distribution between Water and Iscobutylene
(and Isobutane) at 25°C.

Distribution Coefficient K

®
v
Isobutylene Isobutane cm3/mole

Acetone 0.63 0.33 74
Butanone—-2 2.49 1.35 92
Pentanone~3 13.4 {(5.5) 112
Methyl Isobutyl 41.5 24.4 134
Ketone
Heptanone-2 222 (110) 157+
+Estimated

( ) Interpolated or Extrapolated
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Table E3

pistribution Coefficients and Characteristic Volumes for
Aldehydes. Distribution between Water and Isobutylene
(and Isobutane) at 25°C.

Distribution Coefficient K

&
, A Y
Isobutylene Isobutane cm3/mole
Crotonaldehyde 2.48 1.37 88+
Butyraldehyde 8.05 4.36 82
Furfuraldehyde 1.44 (0.78) s2
Valeraldehyde (32.2) 17.2 112+
llexylaldehyde 130 (68.6) 132+

+Estimated

( ) Interpolated or Extrapolated
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Table E4

Distribution Coafficients and Characteristic Volumes

for Phenolics. Distribution between Water and Iscbutylene
{and Isobutane) at 25°C.

Distribution Coefficient K v

Xsobutylene Isobutane cm3/mole
Phenol 0.7 0.2 g8
o-Cresol 4.8 {1.28) 1li6
m-Cresol 2.7 (0.7) 1ls
3,5-Xylenol (7) 2.14 139

{ ) Interpolated or Extrapolated
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Note that Ag is not the change in Gibbs energy when phases
and " are in equilibrium.

From the definition of Gibbs energy

Ag =g -g' = Au-TAS + PAV (E2)

where At = g" -0
and As=5"-%

AV=y" =V

In a dilute solution, the partial molar entropy of a solute
is determined primarily by its concentration; intermolecular forces between
solute and solvent are only of secondary importance. However, the partial
molar energy of the solute is strongly dependent on these forces. For the
process under consideration here (c¢' = c¢"), we assume AT =0.

At the modest pressures considered here, PAV is negligible
compared to Au. To obtain an expression for AT we use c concept pro-
vided by the perturbed-hard-sphere theory (Reed and Gubbins 1973). We
assume

g -0 = kqtU (E3)

and
-u'“ _uo = k':q + U" (E4)

where superscript zero refers to the ideal-gas state at system temperature, q

is a (hard-sphere) size parameter for the solute and k' and k" are
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(temperature~dependent) constants of proportionclity. The characteristic
energy U' refers to (attractive) interactions between solute and water and
U" refers to similar interactions between solute and orcanic solvent.
Equationsg E; )ond (54f<)>l|ow from the notion that in order to introduce

a solute molecule into the liquid solvent, it is first necessary to create

a vacancy (hole) of size q. The work required to make the hole in the
aqueous phase is k'q and that to make the hole in the organic phase is
k"q. Attractive forces between solute and water are responsible for
energy U' and those between solute and organic solvent are responsible
for energy U".

Substitution gives for the Gibbs energy of transfer

A§=-kq - AU (E5)

where k=k' -k" and AU=U' - U",

The dfstribuﬁon coefficient K is defined by

“eq . Yeg
K= o = (E6)
eq ‘qu

where subscript eq stands for equilibrium. Since both phases are dilute
with respect to solute, we assume that the activity coefficients are constants,

independent of concentration; that is, we assume

| 1y — Yyt ' ] " = n "
¥' (at c') yeq (ai-ceq) and y" (at c") yeq (atceq) (E7)
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(E5), (E6) (E7) (E1)
Substitution of Equations / ond /into Equation / gives the desired

Among others, McGowan (1954), and Deno angd Berkheimer (1940) have used
Equcﬁors E?2 setting size parameter q equal to the parachor.

Since the parachor is a poorly understood quantity we prefer to
base q on a parameter V* reflecting the molecular volume. This
paramefér is calculated from vapor-pressure and density data as outlined
subsequently. We have found that the experimental results are better
correlated with V' than with any other commonly-available measure of
molecular size.

It can be argued that the energy needed to make a hole for intro-
ducing a solute is proportional not to the volume of a solute molecule but
to its surface area. Hence we propose to use for q the characteristic
volume V“r raised to a constant power m where m is somewhere
between 2/3 and unity. To fix m, we investigated the distribution co-
efficients of paraffins between water and n-butane (or n-heptane) shown in
Table Esléhese distribution coefficients were calculated from solubility data
for hydrocarbons in water (McAuliffe, 1966) and from Henry's constant dcfc
in hydrocarbons (Cook et al., 1957; Aroyan et al., 1951; Hayduk et dl.,

E5 (E8)
1970, 1973). As indicated by Figure / Equation / is obeyed when
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Table E5

Distribution Coefficients and Characteristic Volumes for n-Alkaznes
Between Vater and n-Butane (and n-Heptane) at 25°C.

Distribution Coefficient X

vﬁ cm3/mole

n—Butane ri-Heptane
Methane 70.6 33.2 35.1
Ethane 300 159 5l.4
Propane 1577 825 71.4
Butane 7040 4000 91.0
Pentane 3.24x10% 1.67x10% 111.7
Hexane 1.5%10° 9.05x10" 132.7
Heptane 5.33x10° 3.4x10° 154.4
Octane 2.53x10° 1.7x10° 178.4
Hydrogen 2.2 8.7 23.6
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*m *m
g=V with m=0.7. Whenm =0.7 aplot of log K versus V

gives a straight line. However, considerable curvature is observed when
m is set equal to unity. In all subsequent correlations, we use m =0C.7.
The constants in Equation( 58\)Nere evaluated by least-squares; they are
shown in Table ¢ .

The experimentally-determined distribution coefficients are
plotted on semilogarithmic coordinates as suggested by Equation (ES);

excellent straight lines are obtained as indicated by Figures E6 to E9.

*
volumes V  used to prepare these figures are given in Tables E1 to E4.

Some additional volumes for organic solutes are given in Table E7.

Figures 5?0 EgprOV?de a vseful method for interpolation and
extrapolation toward providing good estimates of distribution coefficients
for those solutes where no experimental data are available.

' The double bond in crotonaldehyde and the two double bonds
in furfuraldehyde tend to lower the distribution coefficient as shown in
Figure 58cnd in Table 53 i’iowever. if the double bond is well removed
from the polar functional group, its effect is reduced.

The effect of steric hindrance is evident in Figure ES/; " When
chain branching is close to the polar functional group, the distribution

coefficient tends to rise. However, branching well removed from the polar

functional group has little influence on the distribution coefficient.
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Table EG6

(E8)

. . . . *0.7
Constants in Equation/ with q =V

3 ~0.7

v, (25) .
ISOBUTYLENE
Acetates 0.387 7.42
Aldehydes 0.%1 7.62
Ketones 0.412 g.81
Phenolics 0.34 8.72
XSOBUTANE
Alkanes 0.41 0.713
Acetates 0.388 7.98
hldehydes 0.403 8.08
Ketones 0.411 8.45
Phenolics 0.348 10.2
Alcohols% 0.41 11.27

%Estimated from correlation of Pierotti et al., Ind. Eng.
Chem. .51 95 (1959)
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Table E7

x*
Characteristic Volumes V  for Scome

Other Organic Solutes (cm3/mol)

Benzene
Toluene
mn~Xylene
Aniline
Methanol
Ethanol
n-Propanol
n-Pentanol
n-Octanol
n-Decanol
Benzyl Alcohol
Ethylene Glycol

1.

9l.2
112.6
133.8
102.6

41.1

60.2

78.7
118.1
180.2
228.8
117.6

62.0
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Resorcinol
Acetic Acid
n-Propionic Acid

n-Butyric Acid

n-Hexanoic Acid

n-Octanoic Acid
Behzoic Acid
Fluorcomethane
Chloromethane

Trickloromethane

Trichlorofluoromethane

Tetrachloromethane

103.2
61l.2
82.3

103.7

147.7

192.1

123.0
36.2
£7.9
80.6
87.8
98.6

Liquid density data extrapolated with the Rackett egquation.



*
Evaluation of Size Parameter V

The molecular-size parameter V* is the molar volume of a saturated
liquid in a standard state specified by Hildebrand's rule (Hildebrand, 1939).
The standard state chosen here is that state where the vapor volumé in
equilibrium with the saturated liquid is 100 liters per mole. This state is
useful because it corresponds to a temperature range where liquid density
data are most frequently available.

The liquid volume V" is determined from vapor-pressure and
liquid-density data. The vapor pressure P is represented as a function of

temperature T by the Antoine equation
lnP=A-B(C+T)—] (E9)

where A, Band C are empirical constants. When the vapor volume is

100 liters per mole, the pressure is given by the ideal-gas law

P = RT(100)"! (E10)

. . . (E9) (E10
Simultaneous solution of Equations / and / ixes the temperature.

The molar liquid volume V is given as a function of temperature

by an equation of the Rackett form (Rackett 1970):
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LnV = D+IE(I-T/TC)2/7 (E11)

where Tc is the critical temperature and where D end E are empirical

(E9) (E10).
constants. When the temperature determined from Equctions / and /

(E] ] ) s *
is substituted into Equation / we obtain the parometer V' The

compilation by Francis (1959) is particularly useful for obtaining constants

D and E from density data for organic liquids.
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Correlation of Characteristic Volume V*

To evaluate the characteristic volume V" for a fluid, liquid=
density and vapor-pressure data are needed near the temperature where
the saturated vapor of the fluid is 100 liter/mole. For some fluids of
interest, such data are often not available. For the majerity of polar
fluids, the characteristic volume V" can be estimated with fair accuracy
based on that of the parent hydrocatbon containing the same number of

carbon atoms.
E10
Figure / shows the effect of carbon number on the character-
* .
istic volume V for n-alkanes and primary n-alcohols. The characteristic
volumes for n-alkanes and primary n-alcohols, when compared at equal
*
carbon number, differ by a constant. This constant (AVg) is a character-

*
ictic group volume Vg of group g minus that of methylene (or methyi) group

or hydrogen atom. For primary n-alkanols,

* * L3
AVou = Vou = Vi
= 6.6 (ml/mole) (E12)

%*
AVg may vary slightly when the molecule contains only one or two carbon
atoms; however, for these small molecules, the necessary data are usually

available.
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* *
Table pg shows AVg for five common polar solvents. Using AVg

& *
given in Table fg V for a polar fluid is calculated from V  for

parent hydrocarbon by

* * *
Vng: Vn+ AVg (E]3)

where subscript n refers to a molecule with carbon number n and
subscript g refers to a molecule with group g.
*
Table E9  shows the experimental and calculated V  for

some typical fluids.
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Table E8

*
Relative Characteristic Group Volume, AVC for Equation (E13)

\S
Fluid Definition ml/mole
* *
Aliphatic Alcohol VOH - Vy 6.6
Aliphatic Ether V’(‘) 9.7
. . * %*
Aliphatic Ketone VCO - VCH2 1.4
. . * *
Aliphatic Acetate Ester VC02 VCH2 H
. . * %
Aliphatic Aldehyde VCHO - VCH3 1.0
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Table E9

*
Experimental and Calculated V  for Some Polar Fluids

Characteristic Volume , V*(ml/mole)

Fluid Experimental Calculated
Phenol 98 | 97.8
m~Cresol 119 719.2
3, 5-Xylenol 139 140.2
Resorcinol 103.2 104.4
Benzylalcohol 117.6 119.2
Methyl Propionate 102 99.6
Ethy! Propionate 121.4 122.7
Ethyl Propyl Ether | 121.6 | 121.4
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Notation (Appendix E)

A,B,C,D,E = Empirical constants

g mole solute
1000 g solvent

c = Concentration of solute,

g = Partial molar Gibbs energy, f—n%;

k = Proportionality constant

concentration in organic phase
concentration in aqueous phase

K = Distribution coefficient,

P = Vapor pressure
q = Molecular-size parameter

R = Gas constant

- . cal
s = Portial molar entropy, I
T = Absolute temperature

catl

G = Partial molar intemal energy, —
mecle

U = Characteristic interaction energy, =2

mole
m3
V = Molar liquid volume, <
mole

* - L] cm
V = Characteristic volume, -

3

- . cm
v = Partial molar volume, —lc

activity
concentration

v = Activity coefficient,
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Subscripts
eq = EqUi"brium

¢ = Critical

Superscripts

0 = ldeal-gos state

' = Aqueous phase

Organic phase

m = Exponent
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APPENDIX F
DISTRIBUTION OF PHENOLIC SOLUTES BETWEEN POLAR ORGANIC
SOLVENTS AND WATER*

Introduction

Recently, Abrams and Prausnitz(]) presented distri-
bution-coefficient data for phenolics between water and
nonpolar hydrocarbon solvents and also gave a correlation
of experimental results based on the theory of associated
solutions. This Appendix presents distribution-coefficient
data for phenolics between water and polar organic solvents.
Particular attention is given to the effect of solute
concentration on the distribution coefficient. The
experimental results are correlated with a theory simi-
lar to that used by Abrams but extended to allow for
solvation between the phenolic solute and the polar
organic solvent

For removal of phenolic solutes from water by ex-
traction, polar organic fluids are much better solvents
than nonpolar hydrocarbons; for example, the distribution
coefficient for. phenol between water and butyl acetate
is much larger than that between water and benzene.
Unfortunately, however, compared to nonpolar solvents,
polar solvents are much more soluble in water. Therefore,
while a polar solvent is useful for extraction of

* References and Nomenclature for this Appendix are
given at the end of the Appendix.
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phenolic solutes from water, the raffinate water must
be treated subsequently to remove the dissolved polar
solvent. Such removal is accomplished with high
efficiency by volatile-solvent extraction.

Experimental

Distribution coefficients for phenol dnd for other phenolics were
determined by measuring equilibrium solute concentrations in the aqueous
phase and in the organic phase. Reagent-grade chemicals were used with-
out further purification. About 100 ml each of organic solvent and aqueous
solution were equilibrated in a 250 ml. Erlenmeyer flask, sealed with a
ground-glass top and stirred by a Teflon-coated magnetic stirring bar.
Equilibrium was attained after two hours of stirring. Both phases were
transferred into a separatory funnel and allowed to settle for two hours prior
to separation. Both phases were removed and stored in 50 ml volumetric
flasks. Chemical analysis was performed with a Perkin-Elmer model 990
gas chromatograph, equipped with a dual~flame ionization detector.

Two stainless-steel columns(1 meter long, 3.18 mm O.D.), packed with
Porapak Q were used with helium as carrier gas. Five-microliter aqueous
samples and one-half-microliter organic samples were used to obtain
chromatograms. For calibration, standard aqueous and organic samples
were prepared such that solute responses in the detector were similar to

those of the test samples. Fresh standard samples were prepared frequently
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because the solute response was not linear with solute concentration and
because the sensitivity of the detector varied slightly from day to day.
Typically five to six samples were analyzed for each distribution co-

efficient.

Effect of Solute Concentration

Distribution coefficients in butyl acetate and in methyl isobutyl
ketone were measured at high dilution for the following phenolic solutes:
phenol, m-cresol, 3, 5-xylenol, pyrocatechol, resorcinol, and o-chloro-
phenol, Results are given in Table F1

The distribution coefficient K" is defined by

w _ weight % solute in water-free solvent
weight % solute in water

(F1)

The effect of solute concentration on the distribu-
tion coefficient of phenol was measured for four
polar solvents: butyl acetate, methyl isobutyl ketone,
isopropyl ether and 1,2-dichloroethane; results are
given in Tables F2-F5 and Figures F1-F4. The effect
of solute concentration on the distribution coefficient
of resorcinol was measured with butyl acetate; results
are given in Table F6 and in Figure F5. Tables F2,
F3, F4 and F6 also report measured distribution coef-

ficients for the polar organic solvent between water
and itself.
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TABLE F1

Distribution Coefficients for Phenolics Between Water and Two Organic

Solvents at High Dilution at 25°C

Distribution Coefficienf’ k™

Solute Butyl Acetate Methyl Isobuty! Ketone
Phenol 65 110
m~Cresol 153 264-
3, 5-Xylenol 540 814
Pyrocatechol 13.2 20.3
(o-Dihydrexy

Phenol)
Resorcinol 9.9 15.2
(m-Dihydroxy

Phenol)
o-Chlorophenol 287 490
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TABLE F2

Distribution Coefficients for Phenol and Butyl Acetate

Between Water and Butyl Acetate

Phenol Conc. Distribution Coefficient, K%
in Water, wt. % Phenol Buty| Acetate
25°C 0. 0025 64 157
0. 007 61 157
0.0085 55 -
0.011 58 -
0. 061 58 171
0.083 56 160
0.35 42 170
0.93 32 184
1.75 24- 232
2.48 19 -
45°C 0. 003 50 -
0.0125 52 -
0.13 46 -
0. 52 34 -
0.8 29 -
1.3 25 -
2.45 23 -
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TABLE F3

Distribution Coefficient for Phenol and Isopropyl Ether Between Water

and lsopropy| Ether at 25°C

Phenol Conc. Distribution Ceefficient, K v
in Water, wt. % Phenol Isopropy!l Ether

0.03 32 -

0.013 34 99

0. 066 | 34 108

0. 089 32 -

0.36 31 117

0.52 34 -

1.32 27 -

1.55 25. -

1.92 23 -

2.7 19 -
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TABLE F4

Distribution Coefficients for Phenol and Methyl Isobutyl Ketone

Between Water and Methy! iscbutyl Ketone at 25°C

Phenol Conc. Distribution Coefficient, K"
in Water, wt. % Phenol MIB Ketone
0. 0033 110 58
0. 0041 108 -

0. 0093 99 -
0.031 103 55
0.070 89 56
0.12 76 -
0.19 68 65
0.48 48 -
0.89 -39 -
1.64 29 96
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TABLE F5

Distribution Coefficients for Phenol Between Water and
1, 2-Dichloroethane at 25°C

Phenol Conc.

in Water, wt. % Distribution Coefficient, <
0.32 4,1
0.8 4.3
1.7 5.7
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TABLE F6

Distribution Coefficients for Resorcinol and Butyl Acetate Between

Water and Butyl Acetate at 25°C

Resorcinol Conc. Distribution Coefficient, K v
in Water, wt. % Resorcinol Butyl Acetate
0.0064 10 -

0.011 9 -

0.017 10 -

0. 061 9 150

0.080 9 -
0.19 8 156
0.39 7 -
0.77 6 -
1.75 ) -
2.03 5 -
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The precision of the data is approximately + 5% for aqueous solute
concentrations above 200 ppm and approximately + 7% for aqueous concen-
trations below 200 ppm. The distribution coefficient data for phenol between
water and butyl acetate (and methyl isobutyl ketone) ot 25°C agree well at

high sclute concentrations with those reported by Narcsimhan et al. ©)

F2
however, at low concentrations the results shown in Table/ for phenol at

25°C are about 20% below those reported by Kiezyk and Mcckcym. At

high dilution (aqueous concentration less than 500 ppm) the distribution

F3
coefficients for phenol shown in Table /are in fair agreement with those

of Kiezyk and Mackay”?

Thermodynamic Analysis

For a phenolic solute: (designated by subscript A) distributed

between an organic phase (designated by superscript o) and an aqueous

phase (designated by superscript a), the distribution coefficient KAx is

defined by

Q
X = Aa = YAO (F2)
X Y

For a polar solvent (designated by subscript B), the distribution

coefficient KBX is similarly defined:

KAX = = (F3)
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where X is the mole fraction and y is the activity coefficient. The
standard state for each component in either phase is the pure liquid at
system temperature and pressure. Distribution coefficient K* is calcu-

lated from experimental KY by

X _ w [M°N\

Ka =Ky (;@‘) (Fa)
x w [M°

Kg = Ky (;A';;) (F5)

where M® is the average molecular weight of the aqueous phase and m°
is the average molecular weight of the organic phase on a water-free basis.
At equilibrium, the aqueous phase contains a small amount of
polar organic solvent. We consider the aqueous phase to be a ternary
solution with relatively low concentrations of solute and organic solvent
and an excess of water. For the activity coefficients of solute A and
organic solvent B in water W, we write two-suffix Margules equations:

a\ 2

(o]

2
d a a,,
Lnvy = Daw (xw) * DAB<XB) +(DAW+DAB'DWB)XB *w
(F6)
Zny.% =D ( °)2+D (x°)2+(o +D. =D )x"x"’
B wa\ *w B \ XA we * Pas ™ Paw}*a *w
| (F7)
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(8)

where D designates the Margules coefficient. At 25°C, Tsonopoulos
reports that for phenol DAW is 3.9. Some other Margules coefficients in
dilute aqueous solution are given in Table F7.

For _on and }'Bo, we use a theory of associated solutions similar
to that 'given by Renon and Prausnitz(9), based on the model of Kretschmer
and Wiebe(] 0). The key assumptions are:

1. The solute in the organic phase exists in the form of linear,
hydrogen-bonded polymers designated by A, for monomer, A2 for

dimer, etc. These polymers are in chemical equilibrium

An * Al‘:AAn-f-] (F8)

2. The equilibrium constant K 1 defined below, is independent

of n.

¢
An+'l n

e ¢An¢A] n+1

K (F9)
where @ is the "true" volume fraction. For a fixed solute, equilibrium
constant K, is a function only of temperature. It is independent of the

organic solvent. Equilibrium constants kg for phenolic solutes have been

correlated by Abrams and Prausnitz (1).

3. The molar volume of an n-mer is related to thot of a monomer by

VA = nVA (F10)
n ]
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TABLE F7

(F6) (F7?
Margules Constants for the Aqueous Phase Equations / and / | and

Solubilities in Solute=Free Water of Polar Solvents at 25°C

(1) @) a (3)
DA Pwa X
Butyl Acetate 2.15 7.0 0.94 x 10™
Methyl Isobutyl Ketone 2.5 5.85 2.9x107
Isopropyl Ether | -1.37 6.34 1.8 x 10-3

Subscript W refers to water, A to phenol, and B to polar solvent.

Superscript a refers to aqueous phase.

(1) Calculated from

_ a,2 ®oX
(2) Calculated from o
2nX
Dy = - B
wB a\2
1-Xy )

(3) Measured by authors
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4. Interactions between solute polymer An and polar erganic

solvent B are described by the chemical equilibrium

n 1 = AnBl (F11)

5. The equilibrium constant Kg» defined below, is independent cf

n. ¢AB nVv
n 1 8 (F12)
“s 9 @ V, +V
An' Bl n A B

For a given solute, equilibrium constant K is a function of

temperature and of the organic solvent.

Following a derivation outlined by wonz, activity co-

efficients on and ‘yBo are given by

Pa

£n?,° = fn|——>(— +(]-¢-, _.._ﬁ_)
A qusA] ATV

AN KS¢A¢B](1-KG¢A]) (F14)
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In these equations, mole fractions XA and XB stand

for the overall (stochiometric) mole fractions of solute A and solvent B.

Similarly ¢A and @3 stand for the overall (stoichiometric) volume

fractions. The "true" volume fractions of the monomers. d>A and ¢'B
1 1

are found from simultaneous solution of the material-balance equations

o 0
¢A=Z¢A +VA2; n¢AB/(nVA+VB)
n=1 n n=1 nl

2
. v
) (H %8, ‘%’B)"’A]/("Ke%]) (F15)

o)

$g = Pp * Ve 21 PAp /("VA+VB)

Ks¢A'|
=|-¢A=¢B](]+I_Ke¢AI) (F16)

The "true" volume fraction of monomer in the pure state, designated by

¢A *, is given by

dr = lim Pa _ 142k - *\’_].;.-4,(6

e

(F17)

(1,9

The theory outlined above is similiar to that presented earlier

in the sense that both theories consider the solute to form linear hydrogen-
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bonded polymers which are in chemical equilibrium. However, whereas
the earlier theory, applicable to solutions in nonpolar solvents, describes
solute-solvent interactions with a van Laar term containing a physical
parameter B, the present treatment, applicable to solutions in polar
solvents, describes solute~solvent interactions in terms of a chemical
equilibrium constant K. Similar chemical theories were preposed
previously for solutions containing alcohols (4, 5).

We now consider some results obtained from the thermodynamic

Fé F7

analysis; these are given in Figures / and / The calculations shown
pertain to phenol near 25°C; we have used DAW =3.9 and for

simplicity we have set XBO =0,
F6 F7

Figures / and /show how the distribution coefficient for phenol
varies with aqueous phenol concentration, solvation equilibrium constant,
K and molar volume ratio, vB/V » where B stands for solvent and
A for phenol. For large Ko the distribution coefficient falls rapidly as
the aqueous concentration of phenol rises. For intermediate values of K
(about 10), the distribution coefficient is insensitive to aqueous phenol

F6 F7

concentration. Although not shown in Figures /and/ for small values
of K the distribution coefficient rises slightly with aqueous phenol
concentration, consistent with the physical theory (for 8 < 0) discussed

M

earlier’ '. The chemical theory and the physical thecry become identical
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in the limit, as K 0 in the chemical theory and as B - 0 in the

physical theory.
F8.

A comparison of the two theories is given in Figure / Calcula~
tions were performed for phenol with three solvents. Using experimental
distribution-coefficient data at very low phenol concentrations, parameter
Ks(chemiccl theory) and parameter B (physiccxi theory) were determined
as briefly discussed in the next section. Using these parameters, distri-
bution coefficients were then calculated for phenol at higher concentrations.

The results given in Figure/ Fsahow that a physical theory is
adequate only when the attraction between phenol and solvent (negative 8)
is weak. |If that attraction is strong (large Ky ) the chemical theory is
required to represent the data over an appreciable concentration range. On
the other hand, the chemical theory is not suitable for physical solvents
which have little tendency to attract phenol. For such solvents B is positive
and therefore the chemical theory does not apply. In FigureFi experimental
data for 1,2-dichloroethane at high dilution were taken from Kiezyk and
Muckaya)

To illustrate the applicability of the chemical theory, consider

the distribution coefficient for phenol between water and diethy! ketone.

Distribution coefficient data at high dilution, reported by Kiezyk and
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Mackcya), were used fo find K¢ Distribution coefficients at higher

Fo.
phenol concentrations were then predicted as shown in Figure / The

@)

predictions by chemical theory are in good agreement with experiment™ ’,

considering the large experimental scatter.

Distribution Cocfficient at High Dilution

In the limit as X, =~ 0, the thermodynamic equations simplify

greatly. In that limit

™o lim o VB
A T x,-07A ° v (F18)
A (K + ..._..B_._ b *
] VA A]
\
o a B *
I . A [Ks A ] ®A,
Kwa - « ”:‘.0 KA = v (F'|9)
A exp lv'- -—v—é— - K ¢;
B © 1

For phenol ct 2(5F°6c), €= 8.0, ¢;] = 0,089 ond 7A°°°
o]

is obtained from Equation swith X A =0
In the limit as XA-’ 0, the activity coefficient onoo

according to the physical theory is
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A (F20)

e
A _ BVa :
s v, PP\ TRT )T (F21)

When
Ao (F22)

Y BV
A A
Ks V = - T (F23)

For small « , ond at high dilution, the physical theory (with

* negative B ) gives essentially the same results as the chemical theory,

as indicated in Figure F8.
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Additional Solvents

F
Table .Snows distribution coefficients for phenol between water

and thirteen polar organic solvents. The distribution coefficient KV is

defined by Equation F1.

Since the concentrations of phenol in both phases are very small, the
experimental distribution coefficients are essentially those corresponding

to high dilution. The precision of the data is approximately + 5%.

Thermodynamic Relations

A thermodynamic distribution coefficient K- for phenol between
the aqueous phase {designated by superscript a) and an organic solvent

(designated by superscript ) is defined by

K* = S (F24)
x° y°

where X is the mole fraction, and ¥ is the activity coefficient of phenol.
. L ] - - . tad - x ]
For dilute solutions, distribution coefficient K~ is related to

distribution coefficient K" by

MO
K* = k¥ ( - ) (F25)

418



Table F8

Distribution Coefficients for Phenol at High Dilution

Between Water and Polor Solvent at 25°C

Aqueous Phenol  Distribution " Purity of

Solvent Conc. wt. % Coefficient, K Solvent
n-Pentanol 0.016 54 Boiling point
136-138°C (MCB)T
n~Decanol 0.029 33 Melting point
5.5-6.5°C (MCB)
Methyl Iscbutyl 0.003 110 Boiling point
Ketone 114-117°C (MCB)
Octanone-2 0.015 99 Refractive Index
n 20 = 1. 4151
(Aldrich)
Ethyl Acetate 0.018 65 98 + Mole % (MCB)
n-Butyl Acetate 0.003 64 Boiling point
124-126°C (MCB)
Di-Ethy! Ether 0.016 52 Analytical Reagent

(Mallinckrodt)

Di-lsopropyl Ether 0.013 34 Boiling point
67-69°C (MCB)

T- Stands for Matheson, Coleman and Bell
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Table F8 (continued)

Aqueous Phenol Distribution Purity of
Solvent Conc. wt. % Coefficient, KX Solvent
Di-n-Butyl Ether 0.01 16 Boiling point

140-142°C (MCB)

Nitroethane 0.14 14 Boiling point
112-114°C (MCB)

Valeraldehyde 0.035 59 Boiling point
100-104°C (MCB)
Di~n-Propylamine 0.18 6.7 Refractive Index
20 _
np = 1.4051
(Aldrich)
1, 2-Dichloroethane 0.32 4.1 Boiling point

82.7-84.2 °C (MCB)
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o . a .

where M~ is the molecular weight of the solvent and M~ is the average
the
molecular weight of the aqueous phase. According to /chemical theory of
- L . . L x
liquid solutions distribution coefficient K for phenol between water
and a polar organic solvent is related to the aqueous mole fraction of phenol
a I R . . .
X", to phenol association equilibrium constant K s to solvation equi-
librium constant K and to the molar volume ratio (VA// ), where
B

subscript A refers to phenol and B to the solvent.

At high dilution, the relation is

©0a *
0 X X 4 (K5+VB A)d)A]
X, =0 Va .
-k
A exp{ 1 VB o A]

where ywa is the activify coefficient of phenol (referred to pure liquid
phenol) in the agqueous phase at high dilution. Near 25°C, ',V°°° is 47.3

(8) K is 8.0 (1), the volume fraction of phencl monomer in pure liquid

F10
phenol, designated by ¢:\ » i5 0.089. Figure/ shows the effect of
! 00 x :
solvation equilibrium constant k, on K for several values of VB /V
F10 A

For comparison, Figure / also indicates the distribution coefficient obtained
with an inert non~polar solvent, where K= 0. When the solubility of
polar solvent in water is appreciable, a correction for ¥y may be

necessary as described above.
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F9
Table/ shows density, solubility in water, distribution coefficient

for phenol, solvation equilibrium constant and normal boiling point for

twenty-two polar solvents. To be useful as an extractant, the density of
the solvent should differ from that of water by about 0. 1 g/ml; the
solubility of the solvent in solute-free water should be small (less than
about 2 weight percent) and the distribution coefficient for phenol should
be large. For regeneration of the solvent from the phenolic solute, the
normal boiling point of the solvent should be well below that of phenol
(181.4°C).

Considering the four criteria described above, methyl isobutyl
ketone, butyl acetate and diisopropy| ether are potentially good solvents.
Aldehydes can not be recommended because of their edor and pentyl (or
heavier) alcohols may be difficult to regenerate from phenolics because of,

their high boiling points.

Data Correlation

Solvation equilibrium constant K is found from experimental
mx Ld . . .
values of K as indicated by Equation ; These equilibrium constants
are plotted against the molar volume ratio VB/V as shown in Figure F11.
A
The data suggest that there is a linear relation for each of three types of
polar solvent. The data for isomeric decanols show considerable deviation,
probably because of branching near the hydroxyl group. Such branching

offers steric hindrance for solvation and lowers KS.
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Table .F9

Properties of Polar Solvents: Density, Solubility in Water, Distribution

Coefficient for Phenol, K and Solvation Equilibrium Constant, k

L

Solubilify? DistributionTT  Solvation Normal
Density in Water Coefficient Equilibrium  Boiling
Solvent (g/ml) (Weight %) of Phenol, K Consfant,lcs Point (°C)

Benzyl  1.04 417 196 7 27 205
Alcohol
n-Pentanol 0. 82 2.6 296 45 138
Methyl  0.91- (7) 155~
Cyclo-  0.94 0.9 352 55 173
hexanol
n-Hexanol 0.82 0.629 345 (7) 54 157
n-Octanol 0.83  0.054 34 (7) 63 195
n-Decanol 0.83  (0.004) 298 60 233
Cyelo-  0.95 5089 434 (7) 63 156
hexanone
Diethyl  0.82 4720 55 (7 82 102
Ketone

(7)
Aceto-  1.03  0.54 514 77 202
phenone
Methyl 0.8 1.6 611 9 17
Isobutyl
Ketone
Octanone-2 0. 82 0.1) 704 126 173
Ethyl 0.90 8.8 318 45 77
Acetate
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F9

Table / (continued)

Solubiiify:? Disfriburion*# Solvation Normal
Density  in Water  Coefficient Equilibrium Boiling

Solvent (g/ml)  (Weight %) of Phenol, K~ Constant, K Point (°C)
n-Butyl 0.88 0.6 413 66 127
Acetate

Benzyl 1.os 407 e (7) 26 214
Acetate

n=Octyl 0. 89 (0.01) 51y (7) 103 210
Acetate

Di-gthyl  0.71 7520 o3 34 35
Ether

Di~lsopropyl

Ether 0.81 0.95 193 32 68
Di-n-Butyl

Ether 0.77 (0.06) 106 20 142
Valeralde-- 0.82 - 282 39 103
hyde

Di-n- 0.74 2.5 37 5.3 110
Propylamine

Nitro- 1.04 4.7 57 4.5 115
ethane

1,2-Di- 1.26 0.9 19 1.1 84

chloro Ethane

f At 25°C, unless otherwise specified, Superscript number in parentheses
indicates temperature where the solubility is measured. Number in
parentheses indicates estimated solubility.

it Experimental data from this research unless othenwise specified. Super-~
script number in parentheses indicates data source.
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F11

Figure /indicates that to a good approximation

S “s TV (F27)

where I?s is the slope of the lines shown in Figure F11.

~
It appears that the reduced solvation equilibrium constant ¥

depends only on the type of polar solvent. According to the chemical
theory of solutions the reduced solvation equilibrium constant ?s
is related to Ags , the standard Gibbs energy of complex formation

between phenol and polar solvent, by

VB ” Ags
j"'("s. VA)”” e A (F28)

where T is the coordination number, a constant, here taken as 10.
Table ;]sgows the reduced solvation equilibritm constant, and
the stanacrd Gibbs energy change Ags for complex formation between
the hydroxy! group in phenol and the polar functional group in the solvent.
Large negativé valués of Ags indicate strong affinity between these groups.
The simple relation given by EquoﬁonF37 holds for @ homolcgous
series, that is, for a series where the polar functional group is freely ex~
posed and not sterically hindered. For example, Equcfiorf?does not hold

for dialkyl ethers because the ether yroup is increasingly shielded as

molecular size increases.
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TABLE F10

Reduced Solvation Equilibrium Constant 25 for Nine Types of Polar Solvents

Polar Solvent Type Es g :Zfel
Aliphatic and Aromatic Ketone 63 -1.15
Naphthenic Ketone 50 -1.01
Acetate 45 -0.95
Aliphatic and Naphthenic 33 -0.77
Alcohols

Aldehyde 32 -0.75
Aromatic Aleohol 22 =0. 53
Nitroparaffin 5.3 +0.31
Dialkyl Amine 3.4 +0. 57
Dichloroparaffin f 1.1 +1.24

¥ Two chlorines attached to two different carbons
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Distribution Coefficients for Phenol Derivatives

At high dilution, the distribution coefficient Ki°° X for

phenolic derivative i between water and organic solvent, can be

X

related to that for phenol KA between water and the same solvent by

an expression of the form

o0
oK. = K" > v, tn K. X (F29)
|

where subscript A refers to phenol, and subscript | refers to any group
in the meta or para position on the aromatic ring. The number of groups
of type | is designated by Vi and K'iwx is the "group distribution
coefficient" for group .

Table F11 shows the logarithms of the group
distribution coefficients for methyl, hydroxyl and
chlorine groups calculated by Equation F29 from
experimental data given above. For comparison, Table
F11 also shows the logarithms of group distribution
coefficients K?x for the methyl group between water and
six polar solvents (and three non-polar solvents)
calculated by analytical-solution-of-groups (ASOG)
theory (3). According to the experimental results and
ASOG theory, the group distribution coefficient
shows appreciable dependence on whether the solvent
is polar or non-polar; however, the dependence is
insignificant among six polar solvents and among
three non-polar solvents as shown in Table F11.
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TABLE F11

Calculation of Distribution Coefficients for Phenol Derivatives: Group
Contribution, 2 K.®” for Methyl, Chlorine and Hydroxy! Groups

near 25°C
¥
Solvent Groups
Methyl (or Methylene) Chlorine  Hydroxyl
Experimental Calculcredﬁ Experi-  Experi-
by ASOG mental  mental
Butyl Acetate 1.06 1. 14 1.20 ~1.89
Amy! Acetate 1.15
Polar Hexyl Acetate 1.16
Solvent  Mrethyl lsobutyl  1.00 1.09 .21 -1.98
Ketone
Heptanone-2 1.15
Octanone-2 1. 17
Average 1.03 1.14 1.21 -1.95
Benzene 1.31 1.33
Nonpolar Isobutylene 1.35 1.32
Solvent  sobutane 1.19 1.31
Average 1.25 1.32

¥ When the group is located at the ortho position, a steric correction is
necessary. Add to Equation 8:
©x
n Kortho = 0.3 for polar solvents
0.7 for nonpolar solvents

+ Parameters for ASOG method obtained from paraffin-water correlation
(2) and from paraffin-polar solvent data (?). The differences between
experimental and calculated n Ka’-iz show that there is a difference
between the methylene group in paraffins and that in phenolics.”
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Distribution coefficients for phenol K?x between
water and non-polar solvents were reported above. To
estimate the distribution coefficient for phenol
between water and a polar solvent, obtain solvation
equilibrium constant Ke for that solvent by Equation F27
and Table F10. With the solvation equilibrium constant
K and the molar volume of the solvent VB’ the distri-
bution coefficient for phenol can be estimated from
Figure FI11. For a phenolic derivative distributed
between water and a polar solvent, the distribution
coefficient at high dilution can be estimated from
that for phenol by Equation F29. Logarithms of group

distribution coefficients ijx are given in Table F11.
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Nomenclature

C = concentration, weight percent
s . . Keal
Ag = Gibbs energy for complex formation,
mole
w - L d - - .
K = Distribution coefficient,
weight percent phenol in solvent, water~free basis
weight percent phenol inwater
x [ ] L L3 -
K = Distribution coefficient,
mole fraction phenol in solvent
mole fraction phenol in water
. . ml
\'4 = molar liquid volume, -—g—
mole
X = mole fraction
M = molecular weight
Greek Letters
T = coordination number
K ‘ = reduced solvation equilibrium constant
Y = activity coefficient
Ke = association equilibrium constant
K, = solvation equilibrium constant
"¢'A * = volume fraction of monomeric phenol in pure liquid
1
vi = numer of group |
Superscripts
© = at high dilution o = solvent phase a = aqueous phase
s = standard state r = reference sample
Subscripts
A = phenol i = phenol derivative B = solvent
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APPENDIX G
EXPERIMENTAL DATA FROM SPRAY COLUMN EXTRACTOR

The data which were directly measured at steady
state in each run conducted in the spray column
included the solvent and water flow rates, the temper-
atures of the two streams leaving the extractor, and
the concentrations of each solute in the feed and
product water. Since the difference between the
two temperature measurements was always less than
1°C, the average was taken as the column temperature.
These experimental data were then combined with
estimates for physical properties to compute experi-
mental mass transfer coefficients which were corrected
for axial mixing. Since these calculations were
repetitious, a computer program was developed and
used. In this appendix the calculational procedure
and computer programs are described; then the results
for all 37 runs conducted in the spray column are listed.

Estimates of Physical Properties.
The aqueous phase density and viscosity at
the column temperature were taken as those listed
by Weast (1970) for pure water. The solvent-phase
density and viscosity were determined from data listed
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for pure solvents (API, 1963). The interfacial
tension was estimated by the method of Donahue and
Bartell (1952) as discussed in Section VII. The
diffusivities for each solute in water and in the
solvent were estimated by the method of Scheibel
(1954) assuming that the values at infinite dilution
would apply.

Computer Programs.

The majority of the spray column data reduction
was done in the Fortran program SPRAY using a CDC
6400 computer. The experimental data, which were
corrected for mass transfer during drop formation and
coalescence in SPRAY, were then reduced in terms
of the dispersion model using the Fortran program
EVAL. The nomenclature used in this appendix while
describing these programs is the same as that used
in the computer programs; a listing of these
programs follows this section.

Program SPRAY begins by solving the hydrodynamic
equations. The superficial velocities of each
phase, VD and VC, the column temperature, TEMP, and
the physical property data are read in. From the
total cross-sectional area of distributor plate
holes, a discharge velocity, VZERO, is calculated
and read in along with the hole diameter, DZERO.

This information is used in a trial and error
calculation to determine the drop diameter, DP.

The method of Scheele and Meister (1968) is used to
calculate DP since the discharge velocity in these
experiments was always less than the jetting velocity.
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The correlation of Minard and Johnson (1952) is

used to calculate the continuous-phase flooding
velocity, VCF, and the fraction of flooding, FF.

The single drop terminal velocity, VT, is determined
using the equations of Klee and Treybal (1956), and
the method of Hughmark (1967) is used to calculate
the hold-up, PHI, and the slip velocity, VS.

Program SPRAY continues by correcting the
experimental data for end effects. The contact time
for drop formation, CONTIME, and the interfacial
area of the fully formed drop, AP, are calculated,
which allows the mass transfer coefficient during
drop formation to be calculated using equation (BS8).
The uncorrected aqueous-phase concentrations, XIN
and XOUT (measured directly), and the solvent-phase
concentrations, YIN (assumed to be zero) and YOUT
(calculated by a material balance), are corrected for
mass transfer during drop formation and drop coales-
cence. The corrected concentrations, CXIN, CXOUT,
CYIN, and CYOUT, are the values used in the dispersion
model to estimate mass transfer during drop rise.

The continuous-phase Peclet number, PEC, based on
the column height, COLHT, is calculated using
equation (B6).

The calculations in program SPRAY are completed
by determining theoretical estimates for the dispersed-
phase number of transfer units, ND (equivalent to
calculating the dispersed-phase mass transfer
coefficient, kd), and for the continuous-phase
number of transfer units, NC. The interfacial
area per unit of extractor volume, A, and the
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droplet rise (or fall) time, RT, are calculated.
Theoretical estimates are made for oscillating drops
using the theory of Angelo, et al. (1966; 1968) to
calculate NDOD and NCOD, and for circulating drops
using the equations of Ruby and Elgin {(1955) to
calculate NCRE, the equations of Hughmark (1967) to
calculate NCHK, and the equation of Kronig and

Brink (1950) to calculate NDKB.

The final step in determining the experimental
values for the overall water-phase number of transfer
units was accomplished using the program EVAL and
subroutines FINDN and EETA. The subroutine EETA
was described in Appendix C; it is used to solve
the equations of the dispersion model. The contin-
uous-phase Peclet number, PEC, is read into EVAL; a
negative value of the dispersed-phase Peclet number,
PED, is read in to signal that the dispersed phase
travels through the extractor in plug flow (PED = «).
A value of E, the extraction factor, and ZETA [n
in equation (1), calculated from corrected concen-
trations] is read into EVAL for each component. By
using the search subroutine FINDN, equation (3)
is solved implicitly to determine NOW.

A listing of the programs follows. At the
end of each program and subroutine listing, a typical
output is shown for Run SS12A.
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PROGRAM SPRAY

PROGRAM SPRAY(CINPUT «oUTPUT)
C*» SBPAY AcCSPTS DATA FROM AN EXPERIMENTAL RUN AND CALCULATES DROP
C¥#% DIAMETER HOLD=-UPs PECLET NUMBERe AND MASS TRANSFER COEFFICIENTS,
CHn®

DIMENSION NAME (6YsDIFFD(6E) DIFFC(BIEES)

RCAL ¥OU(5) s KODF + KAPP A s NCOD « NODOD ¢ NOW ¢ NC HK « NCRE « NDKA
CHEFREUREX JLRT CHATAPERER S ACGIN FORVAT STATEMENTS H#ER SR RANERIREFERNERL

1 FOHMAT(AS-3X0A703X0A7‘lﬁ-aFlf;J.Flﬁolv15)

2 FOPMAT (1H1+20%XsIJHAMNALYELS OF SPRAY COLUMN QUN +AS.10%.
1AHPAGE. 1//7/711Xs 19HD I gPERSED PHASF IS sA74//1 X 2CHCONT INUOUS PHASE
2 1S JA7v//7/714%ea3H* 45 SUPERFICIAL VELOCITIES AND TEVMRPERATURS /23X,
A2THVEL.OCITY DISPEQSES PHASE x 1FOP16H FT/HR/23X% 28HVELOCITY CONMT]
ANUOUSE FPHASE & «FBe24gH FT/HR/23IXe 14HTEMPERATURE = oFaele
% 104 NFGRIES C//)

3 FORAATUZIF1N,8,F10e3s2F 10,4)

a4 FOQMAT(14X024H**** PrYSICAL PROPERTIES/23X26HDENSITY DISPFRSED PH
{ASC = «F74'3,8H GRAM/CC/23%«2THDENSITY CONTINUOUS PHASE = 4F7.5
28H GRAM/CTC/23xe22HINTERFACTAL TENSION = (F7e43¢0H DYNFE /CM/27X,
32BHVISCGLITY DISCOERSED PHASE = +F7.4¢3H CP/23X,

APOMHVISCOSTITY CONTINUQUS PHASE £ +F7.443H CP//)

S FONRMATI(F1ID4NFI1045)

6 FODUAT( 14X 2I9HRRER DISTRIBUTOR FLATE STIZING/27% ¢ |EHHOLE DIAVETER
17 «FT7e640H INCH/ZZ2AX 2 1HDISCHARGE VELOCITY = (FT7,5,7 FT/SEC/P3X,

P ZFRHSINGLE ORIFICE rlOW = +1PEQ.3+8H CUFT/HR/22X 16HOROP DIAMETER
A = (aPFT.60RH INCH//Z

7 FORMAT (14X 29H k%%% F OODING CHARACTERISTICS/23X4 21 HCONT-PHASE FLOO
IDING VILOCITY = «F6epe6H FT/HR/23XW23HFRACTION OF FLOODING = +F6eS
2/7)

8 FORMAT{ 14X 34H*#E%E HALD-UP ESTIMATING PARAMETEQS /23X I0HPRID 1S =
1¢FTe3/723X+21HOSCILLATION FACTOR = «F7.3/23X.27HTRANSITION DROS DIA
2METER = oF7,6:5H INCY/2AX20HTERMINAL VELOCITY = FT7e2,

2 6 FT/Z7HRZ23) BHNDPHAR = «FR47+85H INCH/2AX s 1 1HOP/OPBAR = oF7¢3/23X
a4 THVBAR = F7.246H Fr/HR//)

Q FOQMAT(15X|36H'*** SOLUTICN TO HOLD-UP CALCULATION/23¥410HHOLD=UP
12 FT7¢5/723XVIGHSLIP yELOCITY = «FT7e246H FT/HR/ /)Y

10 FODMAT(\H\c?OX-33HANALYSTS OF SPRAY COLUMN RUN A% 10X,
VEHPARE 2/7/7)

11 FORMAT(BB12%¢351N, 2)

12 FORMAT ( 14X 62H# %R SHLUTE OIFFUSIVITIES. DISTRIAUTION COTFFICIENTS
1ty ANN CU(])/728Xe15H10x%S # SOFT/HR/Z 17X+ 6HSOLUTE « X 4S5HDD (T ) « 55X
2 SHRC(INs 11X SHRD 1y 1OXeaHE(T) /)

13 EOQMAT(ISXqAB-FQ.EcFQC.?cFlﬁ.BcFIB.?)

14 FORAATLIMO/ 14X AOH® % u % FND EFFECT CORRTATION WITH SOLVENT NISPERSE
IN/23Xe IOHFS/FW = FD/0C =z oF642¢6H LB/LA/ZI3IXI6HIROD DIAMEOTER =
2 FTe54¢5H INTH/2IX 4 1SHORIFICE FLOW = o 1PF9e3eRH CUF T/HR/PIX
A ISHCEONIACT TIME = 4F9.3:8H HR/DROP/2I¥ W ISHSURFACE AKRFA = £ G,7,
aJOH OFT/CRIPL/IEX 4 OHHIOLUTE e OX BHFEN s AX e AHPROND 4 BX «AHTTF N, OX
S AHPROD ¢ 24X o THOVERALL /23X« 1 IHIPPM) WATER(AX s SHWATIR ¢ AX « THROL VS NT o
A PX  THSOLVANT «SX s 8HZETA/)

19 FOEMAT IO« 3F 1041

16 FORMAT LAY AR OH MEAG . FBel 4 AF94 1 FI104H)

17 FORMAT (2 IXW4HCORRWFA 1o IFQ, 1.F10.5)

1R FORMAT (IHO/Z 14X s ATHY Sy ¥ N EFFECT CONRECTION WITH WATER DISPTRSED
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1723%, 1 6HFS/FW = FC/7FD = oFGe3¢0H LB/LB/23X +16HNDROP DIAMETER = o
2 F74643H INCH/2IX W 1SHORIFICE FLCW = +1PY9,2384 CUFT/HR/23X
3¢ 1GHCONTACT TIME = +g9eeBH HR/DROP/PINICHSURFACE ARTCA = +E9.3,
a10H SOFT/OEOD//lSX-éuSOLUTE.OX.4H¢EED.RX.AHDQOO.Rx.aHFFFD.Hx.
S AHPRIND AR THOVERALL /23X« 1 1H(PPM) WATFRAXSHWATER 3% « 7HSOLVENT
6 zx.THGﬂLVFNToGXoaHvETA/)
19 FORMAT(F10¢3)
20 FORMAT(1H0/14Xc2SH**4* AXTAL MIXING PARAMITTRS/23X«12HLOCAL PFC =
1.F7ob/23X016HC0LUMN HEIGHT = «FE.3¢3H FT/23X ¢ 14HOVERALL PEC = o
> 77.0//)
21 FONMAT (1ML 20 Y« 3AHANALYSIS OF SPRAY CCOLUMN RUN JAS 10X,
1 OHPAGE J////718X«2BHu %% MASS TRANSFER FSTIMATES/23XaHA = F6e24
2 10H SOST/CUFT/23Y. e 12HRISE TIME = «1PE1D¢3+43H HR//)
22 FODMAT(IH10?0K033HANALY915 oF SPRAY COLUMN  RUN +AG.1CX
1 6HPAGE 3//77/718X PRMHa k¥R MASS TRANSFER SOSTIMATES/23X0HA = F6e 20
2 10H SGFT/CUFT/Z23X«12HFALL TIME = «1PF10e243H HR//)
23 FOQMAT(IQX047H**** OsCILLATlNG DROPS (SURFAZE STRETCH THEORY)Y/
1 2aAX,0HEB = FEebe/2Ix 1 8HW = JIPEQ¢Ivd4H /HR/ZISX1O6HSOLUTE + 6X « 2HNC
2 7X.2HN008¥0IHQ'7X93PNOW.4X.SHI/NOW-&X.3H!/E/)
P4 FORMAT 14X ABAF 9,8 4c0,484FQ,a)
25 FORMAT { 1HO/ 14X «28H*¥ ¥4 CIRCULATING DROPS = MK = HUGHMARK /30X,
1 1SHRE = RUBY-ELGIN/J30OX, 1 7HwS = KRONIG-FRINK/22X. 1BHHK FACTCRS -
PRE = sFO1 /735X AHIKAPOA = (F7.4/35XAHF = FCoA/71SX EHECLUTE « 5Xa
9 SHHC s BK VAN BHNC ¢ RE (4X o SHND KB ¢« 6X o | HR 4 TN s IHNCW ¢ A3« SH1 ROV /)
26 FOQM,.T( 14X ABSFDe A srR,a)
CHUFXEFARR L X ARERER) RERRFEE NP OF EONMAT STATFMENTS SEREXRRRLEAAIREULISREY
Ciy-¥¥
Ca%% pPEZAD [N AND PRINT EXPePRIMENTAL CONPITIONS
31 READ 1 sRUNNUM(NAMED ¢« NIAMEC . IDISP 4 VD2 VC ¢ TEMP (NCOVDS
IFCIpISP.F0.0) GO TO 10n
Cudx IF I1D1SP=1e SCLVENT le DISPFRSED. IF IDISP=2s WATER 1S DISPERSED.
ORINY 2 +RUNNUMINAMED , NAMEC VDV« TEMP
Cxa¥ READ AND PRINY PAYSICAL PROPERTY DATA (GM/CCGM/CCWDYNE/CMCPRCP)
READ 3 «DENSDDENSC e ST1GMALVISCD VI SCC
NELDEN = ABS(DENSD - DENSC)
PRINT 4 +DENSUDENSCIcIGMAVISCDWWVISCC
Cax¥% DEAD TN DISTRIBUTOR P ATE HOLF DIAMETER AND DISCHARGE VELOCITY
Conx CINCH) (FT/SEC)H
Ces% TO RYDPASS DISTRIBUTOR CALCULATIONS RFEAD DZERD = NP AND VZFRO = 0,0
WLD H+¢DZFROWVZERN :
QOFLLON = T8.54%VZIRO%NZFRO*DIERND
15(V2ERD oNEe QD) Gn TO 32
02 3 DZERD
NZERO = 040
GO To A0
Ca%¥% CALCULATE OROPLET NI1AuCTER
a2 A = 2o&775-07‘5lGMA*DYFQOIDFLDEN ~ 1eH6Q4FE~TARXDFENSDH*
1 (D7CRO¥VZERD)I*%2/CrLDEN + 8,403E~-05%DZERO**2 %8 ((VZERO/DELDEN) #%2%
> DENSDYSIGMA)¥*%10,3133233
A = 4.3905"05“V|SCC*VZFQO‘OZERO¥*3/DELDEN
DP = 2+0%DZERO
NO 39 131.3
Y = + Q/0P/DP
X = pZEWOII?.O/Y**O.13333
1F(X,GTe Cs5) GO TO a5
F = 140000 = 0e¢7506#Y + 0,45T724#X%X
GO To 239
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35 IF(X,GTe 147) GO TO 37
€ = 00266 - 0.4890%% 4+ 0, 1556%X#¥X

50 To 39
AT F &= 064108 4 Dall2S¥*y
G NP = 14,8 (FrY)%%0 13333

40 PRINT 6+DZIROWZEROQ +sOFILOWDP
Criit CcALCUL ATE FLOODING VE _LOCITY OF CONTINUOUS PHASE
VCF = 31 02C404¥DVLDCN*#0e28B/(40077%V ] SCCH A0 JCTSXSORT (DENSC)
1 4+ e 87FDPHFADLOSOHEHGORTIDENSDR¥VD/VCH+M=-2
FF = VC/VCF
PRIY TVCF
Co¥¥ CALCULATE HOLD-UP ESTIMATING PARAMITERS
P = (1e029E+05*¥DENSCH¥DENSCHSIGMAR I /VISCCH¥A/DELDEN) #%0,415
NSCFACT = BH410.#DELDUCNADR#DOP#O/SIGMA
DPT a 9e1275~02%SQRT (SIGMA/DELDEN/P)
IF(DPeCTDPTY GO TO 44

VT a3 1.8435404#EXP (0 SA*ALOGIDELDEN) + 0.7TN#ALOG(DP) ~ 0.45%AL0OGH

1 DENSC) = Os11XALAGIVISCC))
GO Tp 45
AN VT = 1+310F4+03#EXP (0 ,28%ALOG(DELDEN) + 0. 10%¥ALOG(VISCC)
1 + O«IB¥ALOGISIGMA) — N,SSHALOGIDTNSC)H)

45 DPRAR = 1+6TOE~O3% (V] SCC*VISCC/DENSC/DELDEN) #%C,33333
A = pP/DPHAR
VBAR = 278.6%tVISCC¥pELDEN/DENSC/DENSC ) #40,33333
PRINT 84P405CFACT«DPYTVT4DPBARAsVBAR
Cx¥# CALCULATE HOLD-UP AMD SLIP VELOCITY

X = yD/VT

TF(X,GTs 0422) GO TO 46

H = X

GO Tgo %O
46 IF(X,GTs CanNS) GO TO a8

H = 040023 + 1611%X

G0 Yo 56
48 H = L0sC285 4 1,36%X + 2s908%X*YX
S0 X = ywD/H

Y = x + VD - VvC

PH] =2 (Y = SORT(YH*Y o 4,0AVDOEX)YI/2,0/X
VS = VD/7PH] 4 VC/ttlep ~ PHIY
PRINT 9«PHI VS
: PRINT 10 RUMINUM
Crudr READ tN AND PRINT DIFFUSIVITIES
DO 54 =1 «NCOMPS
CrE# (s 1Y RDRGOF T/ HR (IO X SESQF T /HR ¢~ )
84 READ 11 aNAME(T)IeDIFFR(INOIFECIT)WKD(])Y
FDOFE = FSOFwWw = DENSpavn/neNSC/VvC
IFLIplISP.EQe2)Y FSOFW = 1,G/FDOFC
C##x ORINT DIFFUSIVITIESs pDISTRISUTION COEFFICIENTSs AND E(1)
PRINT 12
DO S5 1=14+NCONPS
Etl1) = FSOFWrEDL!)
55 PRINT I3«NAMECI)Y «DIFeDIEYDIFFCIIIWKDUTYE(T])
Cex® CALCUL ATE END EFFECT CcORRECTION
CONTIHME = 3,030E-04#nPAOPELP/SOFLOV
AP 1 2,4,1BZE-02*NDP*DP
IF(ID1ISPelQe2yY GO TO 70
PRINT 13.FSOFY DP + SOFLOWCONTIME 4 AP
DO 6 T=1sNCOMPS
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60

70

a1

1

READ 1S XINHOUTSYIN

YOUT = YIN + (XIN - wQUT)/FSOFW

ZETA = (XOUT - YINK(I))/ZIXIN ~ YINZKD(1))
PRIMT L1OWNAME(] ) « XIN XOUT YIN'YOUT+ZETA

NYREOT = XOUT¥KD(IY - YIN
PYT0p = XIN¥KD(1) - vOUT
OY = 94 125¥APYSARTUIDIFFD(1 )% ONTIMF)#DYBOT/DP*43/(1,0 +

DENSDYSONTADIFEND( 1y /DIFFC 1Y Y 4MEL 1Y /DENSC)
CYIN = YIN + DY
cXoUr = XOUT + DY*FSoFV

Ny

= DY¥DYTORP/DYROT

cYouy = YOUT -~ DV
CXIN = XIN - DY¥FSQOFw

ZETA

(CXOUT — CYIN/KDIUII)IZICXIN = CYIN/ZKDUI)Y)Y

PRINT 17+CXINCXOUT e cYINCYOUT  ZETA

a0

To 80

PRINT 1BFSOFW DR e SOFLOW«CONT IME 4 AP

Do

71 121 «NCOMPS

READ IS¢ XINXOUT VY IN

YOUT = YIN + (XIN - yOQUT)/FSOFW

ZE7A = (XOUT - YIN/KDIINIZEXIN -~ YIN/KNLTY)
PRINT 16NAME(1) o+ X IN XCUT«YIN'YOUTZETA
PXTOp = XIN « YOUT/Kp(!)

DXBROT

DX

no

XOUT - YIN/Kpt1)
2 Qe 125%AF *SCRT(ODIFFD( 1 )#CONTIME I RDXTOR /DP#%3/( 140 +

DENSD*SORT(DIFFDIIY/DIFFCI1))/KD( 1Y /DENSC)

CXiN = XIN - X

CYQUT = YOUT — DX/FSoFW
DX = DX¥DXBOT/DXTOP
cxXpour = XOUT + DX

CY 1IN

YIN + OX/FSOFw

ZEIA 5 (CXOUY = CYIN/KD(IIIZHCXIN = CYIN/KD(LY)
71 PRINT 17¢CXINCXOUT oY INCYOUTZ2ETA

Co¥¥ ALV ATE CONTINUDUS-mHASE PECL.ET NUMBFR
90 [WFWAD 19 +COLKHT

PECL = 2+36%4pHI¥%0,33337

EC
PFC

= VUSHDP/PECL/12.0
= VCHCOLHT/EC/(1,0 ~ PHI)

PRINT 20.PECL «COLHT pEC
Ca¥x CALCUI ATE MASS TRANSFER ESTIMATES

A

RT

124 O¥PHL/DP
= COLMT#DHI/VD

IF(IpISP«EQe2) GO TO A1

PIRINT 21 +RUNNUMS As RT

GO To 82

DRy SZRUNNUM e A RT

Ce¥¥ FIRST FOR OSCILLATING DROPS ~ SURFACE STRETCH THEORY

82 B

W

= 0.4602&Dp4»9,;25
= 1966, ¥SORT(SIGMAXA/DP#¥3/ (3, #DFNSD + 24 *DENSC) )

PRINT 234944

B

ANCOLHT/VD

NG Bg 1=14NCOMOS
NDOD = 1.244YSQART( 1 eAFE=0S*DIFFD( 1) %W)ea
NCON = NDOD*SORT(DIFFC(I)Y/DIFFD(]))YHWDIVC
lF(lDlsplFOQZ) GO TO gfa

c

= 1e0/NCOD + 10/F (1Y /NDOD
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A4

as

NOW = l1e0/C

R = §COD/E(1)/NDCD

D = 1.0/

GO Tp 85

C 2 160O/NDOD + 1. O/E (1) /NCOD

NOW = 1.40/C

R = NDOD/ZEC(1)/NCOO

D = 1.0/E(1)

PRINT ?—a'NAME(!,!f\'C%lNDODORONow‘COD

Ce¥#x NOW FOR CIRCULATING DROPS

87

212}

100

RE = 2. 150%0P#VS#nENGC sV eCC
KAPPR = EXP(ALLOG(RE) /B0 + ALOGIVISCC/VISCD)I/4.0 + ALOG(B.4325-C5%
IVS*VISCC/SIGMAY /64 0)

F = 0ePB1 + 1,615 KAPPA + 3. 7IKAPPARKAPPA — |,048%KAPPA®E]
AHY = O+¢A63XRE*¥N. 48y

BRE = 0e725%(140 = PHII¥RF*XO,S7

g = 1e20-04*A¥COLHT 7pP/VC

PRINT 25 REKIPPACF

DO Bg 1=1¢NCOMPS

D = 1+342E305%¥DR/DIFeClI)4#0,66667

SC = 3B75.#V]1SCC/DENSC/DIFFCIT)

MNOHC = (24N 4 BHCH#SCx#0,320%D*H0,072)#F*R¥DIFFCIT)

NPRE = BRE®SC $%0. 42%p¥DIFFC ()

XOAM = 9e216E-02¥DIFFN(1)*RT/DP/DOP

MDA = =ALCG(0.6240%EXP(~1465568X0LAM) 4+ Co13A2#FEXD( -0, CR¥XOLAM)
1 + 0,05587+EXP(~224.24XO0LAM))

1IF(Ipl SP.EQ.2) GO TO 87

C = 1+ 0/NCRE « 1.0/E (1)Y/NDKB

NOw = 1¢0/C

R = NCREVZE(1)/NDKB

GO Tp B8
C = 160/NDKD + 140/E(1)/NCRE
NOW = 1.0/C

R = NDXE/E(1)/NCRE

PRINT P26 s NAME (1) s NCHK « NCRE «NDKBR ¢R«NOW C
GO To 31

CONT INUE

END sPRAY
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ANALYSLS OF SPRAY COLUMN  RUN SS(2A PAGE

DISPERSEL PrASE IS 18UTENWL

CONTINVOUS PRnASE IS WATeR

avoe SUPERFICIAL VELUCITIES AND TEMPLRATURE
VELOCLITY DISPERSED PHASE = 52,25 FT/HR
"VELUOCITY CONTINUOUS PRASE = 23,26 FI/HR
TEMPLUATURE = 21,0 DEGREES C

avas PHYSICAL PROPIRTIES
VENSITY DISPERSEN PHASE =  «%59140 GRAM/CC

UeNSLLY CONTINUOUS PHASE = (499795 GrRAM/CC
INTeraclaL TENSIUN = qlebuQ UYNE/ZCH
VISCUSITY DISPLASED PHASE = 1820 CP

VISCOSITY CONTIWUUUS PHASE = «3104 Cp

aene DISIH]|GBUTUR PLATE SIZ2ING
AOLL VIAMETER = ,06250n InCr
VISCHaARGE VELOCITY = ,1236v FT/5EC

SINOLL ORIFICE FLOUW = 3.09¢L«02 CLFI/HR
UHUP DI1AHMETER = ,iblar4 InCh

#f4e FLOIUING CHARACTFARISTICS

CONT=HHASLE FLOODING VELOCITY = (94.91 FTIZHR
TFRACTION OF FLOODING = (11934

ot HOLU=UR ESTIMATING PARAMETERS
Pean,1h = 35,171
OSCILLAaTION FACTON = 35,939
TRANSLTION DROP VLIAMETER = .18%%00 I0CH
TerMINAL VELOCITY = 19aT7+26 FT/KR
LVPOBA = Q022112 Lhice
UPZDPDAR 2 B2 .25y
VAR 3 206,61 FT/HR

anad SO0LYTIUN TU HIOLD=Up Cal.CUL AT ION
HIL U=Up = 02727
SLIP veLUCLTY = 1943,48 FI/ZNR
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ANALYSLS OF  SPRAY COLUMN KUN S$S5)2A PAGE 2

edne SOLUTE DIFFUSIVITIES, DISTRIBUTION COEFFICIENTSy aND E(I)
10aas # SHFT/HR

SuLUTe bt DCtly kD1 e
ACETUNE 2020 422 .63 «84
HER 24400 3487 2449 3.31
CROTQwnL d4 400 3.88 2,68 3,30
N-bU ALE 20 .40 2.71 168,00 223,66

swaoas EXND CFFECT CORRECTION v[Tr SOLVENT CISPERSED
FS/EW = FQO/FC = 1331 LB/LE
JROP DIAMETER =  J181R7 INCh
VRIFICE FLOW 3, 192F-n? CUFT/HR
CuiNTalT T 4, BUTE~DS HR/DKOP
SUXFALE AREA 7.2186-096 SUFT/DROF

W

SOLUTE FEED PrROUD FEED PRVU OVERALL
{PFin) WMATER WATER SOLVENT  SCLVENT 2ETA

8 CE TUNE 11 AS 2058.,0 1307‘0 0, Sb‘.l «63508
COnk  2038,4 1329, 16,¢ 94Y (4 64TAT

MEK e aS  4l167,.0 1579, 0 U, 19644, 0 37893
COMe 4nTT.7 1620.6 3.3 1876,9 39554

CROTOUNAL JcAS 6422,0 1620,0 v, eloa,7 ¢ 36635
Curr 4321 ,86 100247 32,1 2094,0 38235

N«BU ACE mpAS 2212.0 62040 e 1199,8 «28029
Cukrt 2190.,3 63743 13.0 114945 0290636

woab AXIAL MIKING PARAMFTERS

LUCAL PEC = s 7099
CULUAN MIIGHT = 3.4ng FT
UveRALL PEC = 2,01L170

444



ANALYSIS UF  SPRAY

@ves MASY THANOFER ESTIMATES
A = 10.7d SQFT/CUFT
RISE TIME = ] ,923C-

aaed USCILLATING DROKS
gz 43130
# 2 3el10EC04 /HR

SOLUTE He

ND

ACETOUNE 284364 3.1542
VEK 2.1231 3.n)e8
CRNTONAL 2elebg 3.0188
A=) ACE 2.21817 2.,7832

oo CIRCULATING URVUPS - K

ne. =

=

hh FACTUPS « RE = 7b

RAPPA =

F = 4,7
SOt.UTE HC MK NC4RE
ACE TONE 4.tibDS 2.4023
VEK Qe032Y 24417
CROTORAL 40379 €e3652
h=nll ACE KPS 1N 1.9045

COLUMN

03 HR

{SUKFACE STRETCH THEORY)

R NOW
1,079 1.3705
2721 21406
P16 21409
.N037 2.2704
HUGHMARK

HURY=ELGIN
KROWIG=BKINA
1.8

1 03622'
70

ND KB R
6102 4,R116
5040 1.72067
HH40 1e7len
tSJ’j «nlity
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RUN §S}24

1/NOW

1297

V4672
L4671
L0604

NOW

4237
1+0598
1.0581
18749

PAGE 3

1/7E

1.1923
e3017
v 3029
<0045

1/NOW

2+3602
19430
09451
15334



PROGRAM EVAL

PeNAn ANt EVAL L INGUT « O TRPUT)
C¥ EVAL ACCrPTS EXPERIMENTAL DATA FROM EXTRACTING SOLUTES FROM WATER
Cyeat AND AL YZES THEM N TFRMS OF THE DISPERSION MODEL

DI jON HNAME(O) « T R) e ZFTA(GE) « 70O aUL1D1)eVI101)Y

RE AL HDOMNWNOA

NATA AM1/3HTIMNEIN/ UND/THUNDETER Y/
CH3% AQEGIN FIRVAT STATEMENTS #5RXFEEXERERFFRABEFRFXEIPEIEFR BRI RARFARERA Y

1 FOOMAT (1R)

2 FORMATI{PFING4AG 1 ™)

3 FODUAT LARG2XFIN.24F 1 0eF)

11 FORMZ T I IH]1«15XeaIHANALYSIS OF DATA FOR EXTRACTION RUN NUMBER JAS//
TIOX s 4HHPEX = qFRG4 e TIXEHPEY = FR,A¢128411H CONPONENTS /)

12 FORMAT(IHI 15X e 43HANALYSIS OF DATA FOR EXTRACTION RUN NUM3ER JAS//
110X s A HPEX = «FReb48Y THRPEY = «ASe126411H COMPONENTS/)

13 FORMAT(I1ZHO**R* FOR JAB,6H E = +FBd4412H AND 2FTA = +F6E.S¢18H GIV
1ING NOX = «FT a3//7 BCH ¥PROFILE Z(0e0) Z(Ce1) 2(Ce?) Z(0O«3
2 Zt0,5) Z(D.7) Z¢0.a) 2(0,9) Z01.0Y/2X AHMIXFN «QFA,8)

14 FORM T (10H03* 3% FOR ,AB8¢AH E = «FBe4s12H AND ZFTA = FHSe1aH GlV
1ING NOX = WATZ/)

19 FOrMaT{OXs40HND SOLUTION POSKIBLE FOR NOX +LTe 17070/

16 FORMAT (HXeIOHTRIAL AP FRROR SFARCH NIN NOT CONVFRGF/)

17 FCEMAT (22X sH6HPLUG LIS V)

18 FORMAT (71 xSTNSITIVITY -= Dx = CHANGE IN NOX CAUSED RBY A 1| PURCFEFN
1T DLEAREASI IN X/S5XeBUDZFTA = 4 1PEQ.248H o« DE = £942+10H « DPEX =
24294240101 o [PEY = 4rGeD/)

Cedn =N I~ TUORAMAT STATEMENTS HA SRR XL SRR U R AR EERFEKERIFRARBERRA BT N X RRAN
Cuux RTAN 1MW NUMIER OF RUNg
READ ) +NRUNS
DO 3n NP=1NRUNS
Cx*% PCAN [N PCXe PEYe RUN MUMARFR, AND NUMRFR OF COMPONCNTS
. READ 2 «FOXWPEY «RINUIM g ONVPSg
Cedd DEAD TN T AND 2TA FOo FACH COMPONENT
I Zp 1=1eNT0MRS
PO RTAND 1 MNAMTIIY T (T) s 2ETAC])
IF(PEYelTe0.,0) GN TO 21
CHyxe PRIMT RLADINGS
PRINT 11 «RNUMPEX« PEY «NCOMPS
GO T P&
P1 PRINY 12+3NUMPEX s AMT «NCOMPS
22 N2 Qp HC=1.400MRS
Crpy aDLy"T FFOR NIOX FOR SACH COMPONTNT
EA = EAND)
ZA = 7FT4INTY
CALL FINON(OEXPEVYIEA ¢ ZANOX 7))
IFI(NAX.GTe 100.90) Go TO 29
PRINT 134MNLIFUINCY s T IMC) «ZFTAINCYINOXG(Z(J) e Jd=1 Q)
Cre® ~ALAU ATE FROFILLE FOR PLUA FLOV
IFIE(NC) Q. 1e0) GO TO 25
FA = 160 = 140/6(NC)
NOA = MLOGULEA/ZETAINC) + 1.,0/E(NC)YI/FA
EA = ~f AXNOA
ZA = —EXPLEA)/ZE(NC)
J= 0
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NO 23 1=t}
IF(1,FQeS «CRe 1eFQe7Y e TO 23
J o= g+ 1
¥ = fLOAT(] ~ 1)/10.9
ZUy = (ZA 4+ EXP(EA¥Y))I/(1.0 + ZA)

23 CONTINUE
GD To 27

25 MOA = 1+D/7FE7A(INC)Y - 140
eA = NCA + 1.0
J =0
DO 24 1=1e11
IF(1,F0:E oNORe 14FQe7) GO TO 26
J= ) ¢+ 1
X = FLCAT(! - 1)3/10.p ’
70J) = (1.0 4+ NOA¥(),0 ~ X))/EA

P26 CONTYNUD

27 PRINY 17¢(70(0)eJd=1 49y

Cowd CALCULATE SENSITIVITY

MOA = 1e01%NOX
EA = F(NC)
CALL EETA(PEXPEY 1FA NOAIZEs]+2¢UeV)
DN = (ZE - ZETA(NC)) /(T .01#NOX)
NNNZ = =0.01%ZETAINC)Y /DN
EA = NeGOFEINC)
AALL EFTA(PRPEXPEY«EA NOXsZEv19Z2sUeV)
NNDE = (ZETAINC) = ZF)/DN
PEA = CeGIDEX
EA = E£(NC)
CALL FETAIPFAWEYEA NCXeZEe1 124UV
OMNPY = (ZETAINC) = 2F)I/DN
DPY » 09
DNDPV = 0.0
IF(PEY«LT«0s0) GO TO 28
PEA = Oe¢Q9UCEY
CALL CETAIPEXPFASTA NOXeZFe1e24UeV)
DNDPY = (ZETAINC) - ZE)/DN

PP PRINT 18OMOZ,DNOE « DANPX  NNDPY
GO Tg 390

Cy t% PRINT OUT WSULTS

PO PRINT 14 NAMEINC) ¢ E(NC) ¢ZFTAINC) ¢ UND
17(NOXsFQe¢ 100,01) PRINT 1S
1F(NOQX Qs 10002) PRINT 16

30 CONTINUE
CND gVAL
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SUBROUTINE FINDN

SUBROUT INE FINDN(PEX ,PEY.E+ZETANOX2)
Cx FINON DETFRMINES NOX WHEN OFXe. PEY., Ee¢ AND 2ETA ARF GIVEN, IF PEY IS
CH¥¥® LT, ge0 + THE SOLUTIAN IS FOR NO SACKMIXING IN THT ORGANIC PHASF,
Cex* |1F F 1S LESS THAN 0e0 + THEN CALCULATION IS FCR INFINITE E.
Cenx 1F NO SOLUTICN EXISTS FOR WHICH NOX «LTe 1C0e¢ s THE PROGRAM RETURNS
Coed WITH NOX = 100,01 IF THE PROGRAM DOES NOT CONVERGE e« NOX = 100,02
DIMENSION Z(9)+U(101)4V(101)
RE AL NOX.NANB
Cx t% FIRST DETERMINE THE MINIMUM ZETAM WITH [NFINITE MASS TRANSFER
IF(E,LTe 040) GO 7O 10
IF(PEY«Gs 0eD) KO To 3
IF(E,“Q¢ 140) GO TO 2
DUM = EXP(EXEX%#(1e0/E — 1.0V}

1 ZETAV = (E¥NUM ~ DUMy/IE*E - DUM)
6O To S

2 2ETAM = 1eN/(2eN + PEX)
GO T 5

2 IS(E,E0e 1enN) GO TO
NUM = FEXPIPEX#PEY#(] ,O/E - 1.0V /7(PEX + PEY/E))
GO T 1
4 ZETAu = (PEX + PEY) , (2,0%(PEX + PEY) + PEX*PEY)
S 17(ZeETA«GT«ZETAMY GO TO 10
6 NOX « 100401
GO Yo 60
Cx¥# NDOW A=GIN TRIAL AND ERROR SFARCH FOR NOX
10 NA = 4,090
N 1g 1TFP =21.20
CALL EETA(PEXPEY s F eMAZETACAL ¢ 142 eUeV)Y
IFCARS(ZETACAL = ZETA).LT, 0,000C]1} GO TO 16
NP = NA + O
CALL FETACPEY WPEY'EsnNBeZETAR 147 UeV)
DFON = 10.0+ALOG(ZETAB/ZFTACALY
NOX = NA <« ALOG(ZETACAL/ZETA)Y/DFDN
IF(NOXeGTe (00:0) GO TO 1a
IF(NOXeGTe0s0) GO TO 18
NOX = 0s¢5RNA
60 To 15
14 1F(Np.I"Qs 99,00) GO YO 6
NOX = 99,00
15 NA = NOX
NOX = 100402
FETURN
16 NO% = NA
CALL ECTA(PEXWPEY 1 EsNOXeZETAR20Z0UsV)
60 PETURN
END ¢ INDN
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ANALYS)S UF LaTA FOUR EXTRACTION RUN NUMBER SS12A

Pty = 2.01¢10 FEY = INF1W 4 COMPONENTS
ket P OR ACFICNE £ = Jbalu AMD ZETA = (64T4&T GJVING NUXN = 694
ORECEILE 2000 2(Celd)  L2{baeg) 2(0,3)  Z(0,5) Liga)  200,8) 2t0,9) 2(€1,0)
MIatl B8LGE LB2LET  abULNY  7T2¢H  JTF143 J6T7BT) 406259 65160 64747
FLLo 14000U0  o9604d  ovuchh  Jp9826 oB2050 747231 «72]110 +6B449 L6474/
@SERSITIVIYY == DA = (RaMOL [ MOX CALSED BY A 1 PERCINT OtCREASL IN X
VBT = 7,85t =U2 v LE = 3,30b-03 ¢ DPEy = 7,05€«06 4+ piPty = 0,
#ved FOK MEK E = Je310C AND 201A = 39588 CIVING NUX = l1.403
eFRUFILE Z(0eC)  £0Ced)  £GUeZ) 210,3) Z210,5) Z(0e7) Z10,8) L(0,9) 21,0}
MIdEL o 1236T o670 stcBh 57491 44613 43617 JGlake  L40075 L 3YSLT
FLUG TaloULO o9Ibul - sbe) 79 77004 464355 - 023646 L4843 L43B29 L3994
eSELSITivVIlY == Ua = (Rabbe IN HOX CALSLY by & 1 PERCENT ULCREASE IN A
VR TA = golblb=02 v LE = 7,63F-02 s LPEY =  CTor9F=C3 9 DFEY = U,
wesé FOR CROTCHAL B =77 3.5000 AND 7ETA = 34235 GIVIAG NUX = Js478
SERUEILE ZUnob)  Z0ves) 200 eP)  Z200,3) Z7¢a,5Y Z(0e?) Z1048) 20,9 21).0)
HI2EL Ty 19 fOE2)D s b el JBEARG JABARU W6FRF3 440195 L 38T6) L 3823Y
FLUG 1o0p0C0  491beb  s0db7l 76345 (63363 ,92)166  ,47166 L,4e5%32 3823y
eSEESITIVITY ‘== DA = CRANGE It NOa CALSEL Y A )1 PERCENRT DECREASE IN X
BIEVYA = o220 =ld v UE & 2,95 pd o LFpR & o8 6F-(3 s DFEY = (o
vt pOL tepU ACE B o= cedib000 AND ZFTA = , 29036 GIVING NUX = 1,678
opbCEHILE ZGpeC) 20041 v 2 /th.3) 200 ,%) LT 2{o.t) 2109} 281,.,0)
(BPIY sheat3  GJBEBRD L LoUGe LATBTY L 39465 433450 «d16l6 L30107  L29630
FLL o FoleOu 0bb561 2 7L42Y 00450 s86406%  o67Tn3  ¢oTB10 33475 429630

oSEL SITIVITY == DX = ChabMLe il poXx CAUSLU BY & )

PrtTh = lewlle(z 9 Lb = LHotuba0S 4 Dbty = 2,79E~C3 9 DOPEY
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List of Experimental Data.

In the Table G to follow, the experimental
data for all 37 runs conducted in the spray column
extractor are listed. The table entries include

the measured phase velocities (based on a 1 inch
column diameter), the column temperature, and the
feed and product aqueous-phase concentrations.
FS/Fw is the solvent mass flow rate divided by

the water mass flow rate; when this quantity is
multiplied by Kd’ the extraction factor, E, for
each solute results. Also included in the table
are the estimates of physical properties and the
following quantities calculated during the computer
data reduction:

dp = drop diameter

¢ = dispersed phase hold-up

a = interfacial area per column volume
Pec = continuous-phase Peclet number

FF = percentage of flooding

RT = dispersed phase rise (or fall) time
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Table G. Spray Column Data

Spray column run # SS1 Temperature = 22.7°C
Dispersed phase = Isobutylene
Continuous phase = Prepared waste water
Vg = 82.43 ft/hr, vV, = 19.38 ft/hr, FS/Fw = 2,519
Pq = 0.5908 gm/cc, Mg = 0.180 cp,
P = 0.9976 gm/cc, Mo = 0.942 cp, 0 = 41.5 dyne/cm
a, = 0.1865 inch, ¢ = 0.0443, a = 17.11 £e2 /53
Pec = 2.029, FF = 15.3%, RT = 6.78 seconds
Solute Dd Dc Kd Feed Product %
5 2 Water Water Removal
(10”+£ft“/hr) (ppm) (ppm)
1. Phenol 23.7 3.51 0.70 20000 4180 79.1
2. o-Cresol 22.0 3,08 4.80 10000 492 95.1
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Table G. Spray Column Data (Continued)

Spray column run # SS2 Temperature = 21.2 °C

Dispersed phase Isobutylene

Continuous phase Prepared waste water

Vd = 71.63 ft/hr, Vc = 22.18 ft/hr, FS/Fw = 1,918
Pg = 0.5927 gm/cc, Mg = 0.182 cp,
Pe = 0.9980 gm/cc, He = 0.975 cp, 0 = 41.8 dyne/cm
d, =0.1857 inch, ¢ = 0.0381, a = 14.79 £e2/£e3
Pec = 2.179, FF = 14.5 &, RT = 6.71 seconds
Solute Dd Dc Kd Feed Product %
5 2 Water Water Removal
(L0~ +£t“/hr) (ppm) (ppm)
1. Phenol 23.3 3.39 0.70 16900 2001 88.2
2. o-Cresol 21.6 2.98 4.80 1300 44.0 96.6
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Table G. Spray Column Data (Continued)

Spray column run # SS3 Temperature = 20.6 °C
Dispersed phase

Isobutylene

Continuous phase Lube o0il refining waste water

Vd = 71.63 ft/hr, Vc = 22,18 ft/hr, FS/Fw = 1.920

pg = 0.5934 gm/cc, yy = 0.183 cp,
e = 0.9981 gm/cc, Ve = 0.991 cp, c = 41.9 dyne/cm
d, = 0.1859 inch, ¢ = 0.0381 , a = 14.74 £e2/ee3
Pec = 2.171, FF = 14.6 %, RT = 6.70 seconds
Solute Dd Dc Kd Feed Broduct $
5 2 Water Water Removal
(10°-£t“/hr) (ppm) (ppm)
1. Phenol 23.1 3.33 0.70 17000 10100 40.6
2. o-Cresol 21.5 2.93 4.80 1200 397 66.9

Comments: May have been phenol and o-cresol in the
feed solvent (See Chapter V).

Spray column run # SS4A Temperature = 22.5 °C
Dispersed phase

Isobutylene

Continuous phase Prepared waste water

Vd = 71.63 ft/hr, Vc = 22,52 ft/hr, FS/Fw = 1.884

Pg = 0.5911 gym/cc, Mg = 0.180 cp,

Pe = 0.9977 gm/cc, Mo = 0.947 cp, o = 41.5 gynegcm
d, = 0.1850 inch, ¢ = 0.0383, a = 14.90 ft°/ft
Pe, = 2.231, FF = 14.5%, RT = 6.73 seconds

Solute Dd Dc Kd Feed Product %
5. 2 Water Water Removal
(L0”*£t“/hr) (ppm) {(ppm)
1. Phenol 23.7 3.51 0.70 17850 2570 85.6
2. o-Cresol 22.0 3.08 4.80 1450 59.0 96.1
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Table G.

Spray Column Data (Continued)

Spray column run # SS4B. Temperature = 22.5 °C
Dispersed phase = Isobutylene
Continuous phase = Prepared waste water
Vd = 52.50 ft/hr, Vc = 22.52 ft/hr, FS/Fw = 1,381
Pg = 0.5911 gm/cc, Mg = 0.180 cp,
Pe = 0.9977 gm/cc, M, = 0.947 cp, o = 41.5 dyne/cm
d, =0.1818 inch, ¢ = 0.0274, a = 10.86 fe2/£¢3
Pec = 1.964, FF = 11.8%, RT = 6.58 seconds
Solute Dd Dc Kd Feed Product 2

5 2 Water Water Removal

(10~ «£t°/hr) (ppm) (ppm)

1. Phenol 23.7 3.51 0.70 17850 4280 76.0
2, o-Cresol 22.0 3.08 4,80 1450 68.0 95.3
Spray column run # SS5 Temperature = 21.2 °C
Dispersed phase = Isobutylene
Continuous phase = Prepared waste water
Vd' = 52.25 ft/hr, Vc = 23.31 ft/hr, FS/Fw = 1.312
Pg = 0.5927 gm/cc, Mg = 0.182 cp, _
Pe = 0.9979 gm/cc, Mo = 0.976 cp, g = 41.8 dyne/cm
d, =0.1825 inch, ¢ = 0.0272, a = 10.73 fe2/£e3
Pec = 2.012, FF = 12.0%, RT = 6.56 seconds
Solute Dd Dc Kd Feed Product %

5 2 Water Water Removal

(107- £t%/hr) (ppm) (ppm)

1l. Phenol 23.3 3.39 (0.7) 12900 2580 80.0
2. Vinylac 23.5 3.45 52.0 12000 97.0 99.2
Comments: The presence of vinyl acetate in the solvent

phase probably increased Kd for phenol.
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Table G. Spray Column Data (Continued)

Spray column run # SS6A Temperature = 21.7°C
Dispersed phase = Isobutylene
Continuous phase

Lube o0il refining waste water

d 92.24 ft/hr, Vc = 21.56 ft/hr, FS/Fw = 2,535

3 0.5913 gm/cc, 0.182 cp,

0.9978 gm/cc, u 0.965 cp, c = 41.5 dyne/cm

o <
non

©
"

(o] C 2 3
dp = 0.1882 inch, ¢ = 0.0499, a = 19.07 ft°/ft
Pec = 2.348, FF = 17.1%, RT = 6.8l seconds
Solute Dd D Kd Feed Product %

5 2 ¢ Water Water Removal
(10° «£t“/hr) (ppm) (ppm)
1. Acetone 26.2 4,25 0.63 37.0 16.0 56.8
2. MEK 24.0 3.61 2.49 232 12.0 94.8
3. Benzene 24.0 3.61 407. 170 7.0 95.9
4. Phenol 23.3 3.44 0.70 23220 4590 80.2
5. o-Cresol 21.7 3.04 4,80 2040 50.0 97.5

Comments: 77 ppm of tert-butanol in product water.
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Table G. Spray Column Data (Continued)

Spray column run # SS6B Temperature = 21.7°C
Dispersed phase = Isobutylene
Continuous phase = Lube 0il refining waste water
Vg = 52.00 ft/hr, V. = 21.56 ft/hr, FS/Fw = 1.429
Pg = 0.5913 gm/cc, Mg = 0.182 cp,
Pe = 0.9978 gm/cc, He = 0.965 cp, g = 41.5 dyne/cm
d, =0.1818 inch, ¢ = 0.0271, a = 10.72 £e2 /863
PeC = 1.867, FF = 11.6%, RT = 6.56 seconds
Solute Dd Dc Kd Feed Product %

5 2 Water Water Removal

(107 £t°/hr) (ppm) (ppm)

1. Acetone 26.2 4.25 0.63 37.0 22.0 40.5
2. MEK 24.0 3.61 2.49 232 55.0 76.3
3. Benzene 24.0 3.61 407. 170 35.0 79.4
4. Phenol 23.3 3.44 0.70 23220 9550 58.9
5. o-Cresol 21.7 3.04 4.80 2040 328 83.9

Comments: 60 ppm of tert-butanol in product water.
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Table G. Spray Column Data (Continued)

Spray column run # SS7 Temperature = 22,5°C
Dispersed phase = Isobutylene
Continuous phase = Prepared waste water
Vg = 67.95 ft/hr, vV, = 21.56 ft/hr, FS/Fw = 1.867
Pq = 0.5911 gm/cc, Mg = 0.180 cp,
Pe = 0.9977 gm/cc, He = 0.947 cp, 0 = 41.5 dyne/cm
dp = 0.1844 inch, ¢ = 0.0362, a= 14,12 ftz/ft3
Pec = 2.091, FF = 13.8%, RT = 6.71 seconds
Solute Dd Dc Kd Feed Product %

5 2 Water Water Removal

(10~ +£t“/hr) (ppm) (ppm)

1. MEK 24.3 3.69 2.49 1972 440 77.7
2. Crotonal, 24.3 3.70 2.48 2094 482 77.0
Spray column run # SS8A Temperature = 21.8°C
Dispersed phase = Isobutylene
Continuous phase = Prepared waste water

Vg = 36.06 ft/hr, Vo = 15.36 ft/hr, FS/Fw = 1.393

g = 0.5919 gm/cc, My = 0.181 cp,
e = 0.9978 gm/cc, B, = 0.963 cp, o = 41.6 dyne/cm
dp = 0.1789 inch, ¢ = 0.0183, a= 7.37 ftz/ft3
Pec = 1.151, FF = 8.1%, RT = 6.40 seconds
Solute Dd D Kd Feed Product %
5 5 c Water Water Removal
(107 +£t“/hr) (ppm) (ppm)

1. Propionit. 25.7 3.93 1.80 4092 380 90.7
2. n-BuOH 23.5 3.34 0.76 6259 1344 78.5
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Table G. Spray Column Data (Continued)

Spray column run # SS8B Temperature = 21.8°C
Dispersed phase = Isobutylene
Continuous phase = Prepared waste water
Vd = 67.95 ft/hr, Vc = 15.36 ft/hr, Fs/Fw = 2.624
Pg = 0.5919 gm/cc, Mg = 0.181 cp,
e = 0.9978 gm/cc, Mo = 0.963 cp, 0 = 41.6 dyne/cm
d, =0.1847 inch, ¢ = 0.0360, a = 14.03 £e2 /663
Pec = 1.482, FF = 12.,5%, RT = 6.67 seconds
Solute Dd Dc Kd Feed Product %

5 D) Water Water Removal

(10" *ft"/hr) — {ppm) (ppm)

1. Propionit. 25.7 3.93 1.80 4092 161 96.1
2, n-BuOH 23.5 3.34 0.76 6259 742 88.1
Spray column run # SS9A Temperature = 22.7°C
Dispersed phase = Isobutylene
Continuous phase = Prepared waste water
Vd = 43,18 ft/hr, V_ = 51.27 ft/hr, FS/Fw = 0.499
o = =

c
3 0.5908 gm/cc, Ud 0.180 cp,
0.9976 gm/cc, U_ = 0.962 cp, 0 = 41.5 dyne/cm

©
n

c c 2 3
dp = 0.1801 inch, $ = 0.0224, a = 8.97 ft°/ft
Pe = 4,115, FF = 14.6%, RT = 6.54 seconds
Solute Dd Dc Kd Feed Product %

5 2 Water Water Removal

(10~ *ft“/hr) (ppm) (ppm)

1. EDC 24.6 3.69 70.0 3014 225 92.5
2. IAA 22.2 3.10 3.53 2472 717 71.0
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Spray Column Data (Continued)

Spray column run # SS9B Temperature = 22.7°C
Dispersed phase = Isobutylene
Continuous phase

Prepared Waste Water

Vd = 30.17 ft/hr, Vc = 51.27 ft/hr, FS/Fw = 0,348
Pg = 0.5908 gm/cc, Mg = 0.180 cp,
P = 0.9976 gm/cc, My = 0.962 cp, 0 = 41.5 dyne/cm
d, =0.1773 inch, ¢ = 0.0156, a = 6.33 fe2/5°
Pec = 3.662, FF = 12.,4%, RT = 6.51 seconds
Solute Dd D Kd Feed Product 3
5 2 ¢ Watexr Water Removal

(10« £t“/hr) (ppm) (ppm)
1. EDC 24.6 3.69 70.0 3014 659 78.1
2. IAA 22.2 3.10 3.53 2472 1169 52.7
Spray column run # SS9C Temperature = 22.7°C
Dispersed phase = Isobutylene

Continuous phase =Prepared Waste Water
d 17.17 ft/hr, V. = 51.27 ft/hr, FS/Fw = 0.198

<
it

g = 0.5908 gm/cc, My = 0.180 cp,
Pe = 0.9976 gm/cc, B, = 0.962 cp, g = 41.5 dyne/cm
4, =0.1740 inch, ¢ = 0.0089, a = 3.67 £e2 g3
Pec = 3.072, FF = 9.7%, RT = 6.51 seconds
Solute Dd D Kd Feed Product %
5 2 c Water Water Removal
(107 *£ft“/hr) (ppm) (ppm)
l. EDC 24.6 3.69 70.0 3014 (48.3) (98.4)
2. IaA 22,2 3.10 3.53 2472 1311 47.0

Comments: High EDC removal due to loss from sample bottle.
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Table G.  Spray Column Data (Continued)

Spray column run # SS10A Temperature = 23.4°C
n-Butane

Dispersed phase

Continuous phase Prepared Waste Water

Vg = 43.77 ft/hr, v, = 51.27 ft/hr, FS/Fw = 0.475
Pg = 0.5549 gm/cc, Uy = 0.197 cp,
P = 0.9974 gm/cc, U, = 0.927 cp, o = 47.02dyn§/cm
dp = 0.1817 inch, ¢ = 0.0217, a = 8.60 ft°/ft
Pec = 3.852, FF = 14.1%, RT = 6.25 seconds
Solute Dd Dc Kd Feed Product $
5 2 Water Water Removal

(10°+£t“/hr) (ppm) (ppm)
l. EDC 22.5 3.84 44.0 2890 735 74.6
2. IAA 20.4 3.22 1.44 2063 1185 42.6
Spray column run # SS10B Temperature = 23.4°C
Dispersed phase = n-Butane
Continuous phase = Prepared Waste Water
Vg = 31.40 ft/hr, Vc = 51,27 ft/hr, FS/Fw = 0.341
Pg = 0.5549 gm/cc, Hg = 0.197 cp,
Pe = 0.9974 gm/cc, U, = 0.927 cp, 0= 47.02dyn§/cm
‘dp = 0.1792 inch, ¢ = 0.0155, a = 6.24 ft°/ft
Pec = 3.468, FF = 12.0%, RT = 6.24 seconds
Solute Dd Dc Kd Feed Product $

5 2 Water Water Removal

(10°+£t“/hr) (ppm) (ppm)
1. EDC 22.5 3.84 44.0 2890 1181 59.1
2. IAA 20.4 3.22 1.44 2063 1457 29.4

460



Table G. Spray Column Data (Continued)
Spray column run # SS10C Temperature = 23.,4°C
Dispersed phase = n-Butane
Continuous phase = Prepared Waste Water
Vq = 17.42 ft/hr, Vc = 51.27 ft/hr, FS/Fw = 0.189
Pg = 0.5549 gm/cc, Mg = 0.197 cp,
P = 0.9974 gm/cc, He = 0.927 cp, c = 47.0 dyne/cnm
d, =0.1759 inch, ¢ = 0.0086, a = 3.53 ft?/ft>
Pec = 2,883, FF = 9,2%, RT = 6.24 seconds
Solute Dd Dc Kd Feed Product %
5 2 Water Water Removal

(107 «£t“/hr) (ppm) (ppm)
1. EDC 22.5 3.84 44.0 2890 1657 42.7
2. Iaa 20.4 3.22 1.44 2063 1668 19.1
Spray column run # SS1laA Temperature = 21.4°C
Dispersed phase = Isobutylene
Continuous phase = Prepared Waste Water
Vd = 43,18 ft/hr, Vc = 36.80 ft/hr, FS/Fw = 0.697
Pqg = 0.5924 gm/cc, Mg = 0.182 cp,
Pe = 0.9979 gm/cc, Mg = 0.972 cp, o = 41.7 dyne/cm
a, =0.1806 inch, ¢ = 0.0222, a = 8.87 £t?/ft>
Pec = 2,935, FF = 12.8%, RT = 6.49 seconds
Solute Dd Dc Kd Feed Product 2

5 2 Water Water Removal

(107 £t°/hr) (ppm) (ppm)

1. EDC 24.2 3.64 70.0 2892 370 87.2
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Table G. Spray Column Data (Continued)

Spray column run # SS11B Temperature = 21.4°C
Dispersed phase = Isobutylene
Continuous phase = Prepared Waste Water
Vq = 17.17 ft/hr, Vo = 36.80 ft/hr, FS/Fw = 0.277
g = 0.5924 gm/cc, Mg = 0.182 cp,
Pe = 0.9979 gm/cc, Mg = 0.972 cp, o = 41.7 dyne/cm
d, =0.1744 inch, ¢ = 0.0088, a = 3.63 ft’/ft>
Pec = 2.191, FF = 8.0%, RT = 6.46 seconds
Solute Dyg D, Kq Feed Product 3

5 2 Water Water Removal

(10" -£ft"/hr) (ppm) (ppm)

1. EDC 24,2 3.64 70.0 2892 1098 62.0
Spray column run # SS12A Temperature = 21.6°C
Dispersed phase = Isobutylene
Continuous phase = Prepared Waste Water
Vd = 52.25 ft/hr, Vc = 23.26 ft/hr, FS/Fw = 1,331
Pg = 0.5914 gm/cc, Hq = 0.182 cp,
e = 0.9979 gm/cc, Mg = 0.970 cp, g = 41.5 dyne/cm
d, =0.1819 inch, ¢ = 0.0272, a = 10.78 £e2/£t>
Pec = 2.017, FF = 11.9%, RT = 6.56 seconds
Solute Dd Dc Kd Feed Product %

5 2 Water Water Removal

(L0~ +£t“/hr) (ppm) (ppm)

l. Acetone 26,2 4.22 0.63 2058 1307 36.5
2. MEK 24.0 3.87 2.49 4167 1579 62.1
3. Crotonal, 24.0 3.88 2.48 4422 1620 63.4
4. n-BuAc 20.4 2.71 168.0 2212 620 72.0
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Table G. Spray Column Data (Continued)

Spray column run # SS12B Temperature = 21.6°C
Dispersed phase = Isobutylene
Continuous phase = Prepared Waste Water

Vd = 83.16 ft/hr, Vc = 23.26 ft/hr, FS/Fw = 2.189

Pg = 0.5914 gm/cc, Mg = 0.182 cp,
Pe = 0.9979 gm/cc, Mg = 0.970 cp, o = 41.5 gyneécm
d = 0.1868 inch, ¢ = 0.0447, a = 17.24 ft°/ft
ch = 2,435, FF = 16.3%, RT = 6.78 seconds
Solute Dd Dc Kd Feed Product ]

5 2 Water Water Removal

(10~ ££“/hr) {ppm) (ppm)

1. Acetone 26.2 4,22 0.63 2058 1090 47.0
2. MEK 24.0 3.87 2.49 4167 1084 74.0
3. Crotonal. 24.0 3.88 2.48 4422 1152 74.0
4. n-BuAc 20.4 2.71 168.0 2212 431 80.5
Spray column run # SS13A Temperature = 21.6°C
Dispersed phase = Isobutylene
Continuous phase = Prepared Waste Water
v =

g 52.25 ft/hr, Vc = 23.26 ft/hr, FS/Fw = 1,333

Pg = 0.5922 gm/cc, Hg = 0.182 cp,
Pe = 0.9979 gm/cc, Mo = 0.967 cp, 0 = 41.7 dyne/cm
d, = 0.1822 inch, ¢ = 0.0272, a = 10.75 £t2/g¢3
Pec = 2,013, FF = 12.0%, RT = 6.56 seconds
Solute Dd Dc Kd Feed Product %

5 2 Water Water Removal

(107 *ft“/hr) (ppm) (ppm)

1. Acetone 26.2 4,24 0.63 2099 539 74.3
2. Benzene 24.0 3.60 407. 300.7 5.7 98.1
3. n-BuOH 23.4 3.44 0.76 4174 924 77.9
4. n-BuAc 20.4 2.73 168. 2067 6.7 99.7
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Table G. Spray Column Data (Continued)

Spray column run # SS13B Temperature = 20.7°C

Dispersed phase Isobutylene

Continuous phase Prepared Waste Water

Vd = 26.86 ft/hr, Vc = 23.26 ft/hr, FS/Fw = 0.686
g = 0.5933 gm/cc, ng = 0.183 cp,
Pe = 0.9981 gm/cc, Mo = 0.988 cp, o = 41.9 dyne/cnm
dp = 0.1774 inch, ¢ = 0.0137, a= 5.54 ftz/ft3
Pec = 1.581, FF = 8.0%, RT = 6.40 seconds
Solute Dd Dc Kd Feed Product %
5 2 Water Water Removal

(10~ «£t“/hr) (ppm) (ppm)
1. Acetone 25.9 4.15 0.63 2072 1492 28.0
2. Benzene 23.8 3.53 407. 288.3 20.0 93.1
3. n-BuOH 23.2 3.36 0.76 4122 2667 35.3
4, n-BuAc 20.3 2.67 168. 2110 197 90.7
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Table G. Spray Column Data (Continued)

Spray column run # SS14 Temperature = 21.6°C
Dispersed phase = Isobutylene
Continuous phase = Cresylic Acid Recovery Waste Water
Vd = 60.59 ft/hr, Vc = 20.14 ft/hr, FS/Fw = 1.785
g = 0.5922 gm/cc, Mg = 0.182 cp,
b = 0.9979 gm/cc, Ue = 0.967 cp, g = 41.7 dyne/cm
d, =0.1837 inch, ¢ = 0.0319, a = 12.50 ££2/£¢3
Pec = 1.853, FF = 12.5%, RT = 6.63 seconds
Solute Dd Dc Kd Feed Product %

5 2 Water Water Removal

(107 «£t“/hr) (ppm) (ppm)

1. Phenol 23.3 3.43 0.70 579 163 71.8
2. o=-Cresol 21.7 3.01 4.80 307 31.2 89.8
3. m, p-Cresol

21.7 3.01 2.70 291 25.2 91.3
4. Xylenols 20.4 2.71 7.0 227 10.0 95.6

Comments: Feed Water COD = 4050;
Product Water COD = 1070,
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Table G. Spray Column Data (Continued)

Spray column run # SS15A Temperature = 21.3°C
Dispersed phase = Isobutylene
Continuous phase = Prepared Waste Water
Vg = 52.25 ft/hr, Vc = 23.26 ft/hr, FS/Fw = 1.334
Pqg = 0.5926 gm/cc, ud = 0.182 cp,
e = 0.9979 gm/cc, Uc = 0.974 cp, 0 = 41.7 dyne/cm
a, =0.1823 inch, ¢ = 0.0272, a = 10.74 £r2/5t3
Pec = 2,011, FF = 12.0%, RT = 6.56 seconds
Solute Dd Dc Kd Feed Product 2
5 2 Water Water Removal

(07 £t /hr) (ppm) (ppm)
1. Acetone 26.1 4.21 6.63 2049 590 71.2
2. n-BuAc 20.4 2.70 168. 2113 11.8 99.4
Spray column run # SS15B Temperature = 21.3°C
Dispersed phase = Isobutylene
Continuous phase = Prepared Waste Water
Vd = 26.86 ft/hr, Vc = 23.26 ft/hr, FS/Fw = 0.686
Pg = 0.5926 gm/cc, Mg = 0.182 cp,
e = 0.9979 gm/cc, My = 0.974 cp, 0 = 41.7 dyne/cm
a, = 0.1770 inch, ¢ = 0.0137, a = 5.56 ee2 g8’
PeC = 1.588, FF = 8.0%, RT = 6.42 seconds
Solute Dd Dc Kd Feed Product %

5 2 Water Water Removal

(10° +£t“/hr) (ppm) (ppm)
1. Acetone 26.1 4,21 0.63 2049 1341 34.6
2. n-BuAc 20.4 2.70 168. 2113 144 93.2
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Table G. Spray Column Data (Continued)

Spray column run # SS16 Temperature = 22.7°C
Dispersed phase

Il

Isobutylene

Continuous phase Prepared Waste Water

Vg = 52.25 ft/hr, Vo = 23.26 ft/hr, FS/Fw = 1.330
g = 0.5908 gm/cc, Mg = 0.180 cp,
oo = 0.9976 gm/cc, Mo = 0.942 cp, o = 41.5 gyneécm
dp = 0.1818 inch, ¢ = 0.0273, a = 10.81 ft°/ft
Pec = 2,026, FF = 11.9%, RT = 6.58 seconds
Solute Dd Dc Kd Feed Product %
5 5 Water Water Removal

(10°+£t“/hr) (ppm) (ppm)
1. Acetone 26.6 4,37 0.63 1986 1093 45.0
2. MEK 24.3 3.71 2.49 3957 1257 68.2
3. Crotonal, 24.4 3.72 2.48 4247 1373 67.7
4. n-BuAc 20.7 2.81 168. 2138 508 76.2
Spray column run # SWI1A Temperature = 20.0°C

Dispersed phase

Prepared Waste Water
Continuous phase

Isobutylene
g 51.27 ft/hr, v, = 17.17 ft/hr, FS/Fw = 0.199

<
i

Pq = 0.9982 gm/cc, Mg = 1.005 cp,
Pe = 0.5942 gm/cc, M, = 0.184 cp, o = 42.0 dyne/cm
d, = 0.1947 inch, ¢ = 0.0233, a = 8.62 £t /5¢3
Pec = 1.153, FF = 12.9%, RT = 5.73 seconds
Solute Dd Dc Kd Feed Product %
5 2 Water Water Removal
(L0« £t“/hr) (ppm) (ppm)
1. EDC 3.50 23.8 70.0 2763 1129 59.1
2. IAA 2.94 21.6 3.53 1920 1327 30.9

467



Table G. Spray Column Data (Continued)
Spray column run # SWI1B Temperature = 20.0°C
Dispersed phase = Prepared Waste Water
Continuous phase = Isobutylene
Vd = 51.27 ft/hr, VC = 43.18 ft/hr, FS/Fw = 0.501
g = 0.9982 gm/cc, Mg = 1.005 cp,
Pe = 0.5942 gm/cc, Mo = 0.184 cp, c = 42.0 dyne/cm
a, = 0.1947 inch, ¢ = 0.0236, a = 8.72 TP
Pec = 2.912, FF = 16.1%, RT = 5.80 seconds
Solute Dd Dc Kd Feed Product 2
5 2 Water Water Removal

_ (10~ - ft“/hr) (ppm) (ppm)

EDC 3.50 23.8 70.0 2763 860 68.9

IAA 2.94 21.6 3.53 1920 1076 44.0
Spray column run # SW2A Temperature = 18.6°C
Dispersed phase = Prepared Waste Water
Continuous phase = Isobutylene
Vd = 36.80 ft/hr, VC = 43,18 ft/hr, FS/Fw = 0.700
g = 0.9985 gm/cc, Mg = 1.040 cp,
P = 0.5960 gm/cc, Mo = 0.186 cp, o = 42.3 dyne/cm
a, =0.1935 inch, ¢ = 0.0168, a = 6.24 £e2 /£t
Pec = 2.572, FF = 12.8%, RT = 5.74 seconds
Solute Dd D Kd Feed Product %

5 2 ¢ Water Water Removal
(107 £ft“/hr) (ppm) (ppm)

1. EDC 3.37 23.4 70.0 3061 537 82.5
2. n-BuOH 3.17 22.7 0.76 2065 1546 25.1
3. n-BuAc 2.51 19.8 168. 2184 456 79.1
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Table G.

Spray Column Data (Continued)

Spray column run # SW2B

Temperature = 18.6°C

Dispersed phase = Prepared Waste Water
Continuous phase = Isobutylene
Vq = 36.80 ft/hr, Vo = 30.17 ft/hr, FS/Fw = 0,489
Pg = 0.9985 gm/cc, Mg = 1.040 cp,
P = 0.5960 gm/cc, M = 0.186 cp, 0 = 42.3 dyne/cm
o, =0.1936 inch, ¢ = 0.0167, a = 6.20 £e2/8¢°
Pe_ = 1.793, FF = 11.5%, RT = 5.71 seconds
Solute Dd Dc Kd Feed Product %

5 2 Water Water Removal

(107 -£t"/hr) (ppm) (ppm)

1. EDC 3.37 23.4 70.0 3061 605 80.2
2. n-BuOH 3.17 22.7 0.76 2065 1581 23.4
3. n-BuAc 2.51 19.8 l68. 2184 547 75.0
Spray column run # SW2C Temperature = 18.6°C
Dispersed phase = Prepared Waste Water
Continuous phase = Isobutylene
Vq = 27.23 ft/hr, Vc = 30.17 ft/hr, FS/Fw = 0.661
Pq = 0.9985 gm/cc, Mg = 1.040 cp,
P = 0.5960 gm/cc, M, = 0.186 cp, 0 = 42.3 dyne/cm
a, =0.1908 inch, ¢= 0.0123, a= 4.65 fe2/£0°
Pec = 1.637, FF = 9.3%, RT = 5.71 seconds
Solute Dd Dc Kd Feed Product %

5 D) Water Water Removal

(10" *£ft“/hr) (ppm) (ppm)

1. EDC 3.37 23.4 70.0 3061 519 83.0
2. n=-BuOH 3.17 22.7 0.76 2065 1507 27.0
3. n-BuAc 2.51 19.8 168. 2184 473 78.3
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Table G. Spray Column Data (Continued)

Spray column run # SW3A Temperature = 18.3°C
Dispersed phase = Prepared Waste Water
Continuous phase = Isobutylene
Vq = 36.80 ft/hr, Vc = 43.18 ft/hr, FS/Fw = 0.701
Dd = 0.9985 gm/cc, Ud = 1.048 cp,
Pe = 0.5963 gm/cc, Mg = 0.187 cp, o = 42.3 dyne/cm
d, =0.1936 inch, ¢ = 0.0168, a = 6.24 f2/8e3
Pec = 2.571, FF = 12.8%, RT = 5.74 seconds
Solute Dd D Kd Feed Product %

5 5 ¢ Water Water Removal

(107« £t“/hr) (ppm) (ppm)

1, EDC 3.34 23.3 70.0 3128 1529 51.1
Spray column run # SW3B Temperature = 18,3°C

Dispersed phase Prepared Waste Water

Continuous phase Isobutylene

Vd = 36.80 ft/hr, VC = 30.17 ft/hr, FS/Fw = 0.490
Pg = 0.9985 gm/cc, Hgq = 1.048 cp,
Pe = 0.5963 gm/cc, Mo = 0.187 cp, 0 = 42,3 dyne/cm
da, =0.1936 inch, ¢ = 0.0167, a = 6.20 £e2/£¢3
Pec = 1.793, FF = 11.5%, RT = 5.71 seconds
Solute Dd D Kd Feed Product %
5 2 ¢ Water Water Removal
(107« ft“/hr) (ppm) (ppm)
l. EDC 3.34 23.3 70.0 3128 1501 52.0

470



Table G. Spray Column Data (Continued)

Spray column run # SW3C Temperature = 18.3°C
Dispersed phase = Prepared Waste Water
Continuous phase = Isobutylene
Vd = 36.80 ft/hr, Vc = 17.17 ft/hr, FS/Fw = 0,279
Pg = 0.9985 gm/cc, Mg = 1.048 cp,
e = 0.5963 gm/cc, Mg = 0.187 cp, o = 42.3 dyne/cm
a, =0.1936 inch, ¢ = 0.0166, a = 6.16 £e2 /g3
Pec = 1.018, FF = 9.9%, RT = 5.67 seconds
Solute Dd DC Kd Feed Product %
5 2 Water Water Removal

(10”:£t“/hr) (ppm) (ppm)
l. EDC 3.34 23.3 70.0 3128 1535 50.9
Spray column run # SW3D Temperature = 18.3°C
Dispersed phase = Prepared Waste Water
Continuous phase = Isobutylene
Vd = 27.23 ft/hr, Vc = 30.17 ft/hr, FS/Fw = 0.662

Pg = 0.9985 gm/cc, Mg = 1.048 cp,
P = 0.5963 gm/cc, He = 0.187 cp, 0 = 42.3 dyne/cm
d, =0.1910 inch, ¢ = 0.0123, a = 4.65 ft/ft>

Pec = 1.637, FF = 9,3%, RT = 5.71 seconds
Solute Dd Dc Kd Feed Product %
5 2 Water Water Removal
(107« £ft“/hr) (ppm) (ppm)
1. EDC 3.34 23.3 70.0 3128 1406 55.1
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Table G. Spray Column Data (Continued)

Spray column run # SW3E Temperature = 18.3°C
Dispersed phase = Prepared Waste Water
Continuous phase = Isobutylene
Vg = 27.23 ft/hr, Vo = 43.18 ft/hr, FS/Fw = 0.947
pq = 0.9985 gm/cc, uy = 1.048 cp,
P = 0.5963 gm/cc, Mo = 0.187 cp, 0 = 42.3 dyne/cm
a, = 0.1910 inch, ¢ = 0.0124, a = 4.68 £e2 /£t
Pec = 2,347, FF = 10.5%, RT = 35.74 seconds
Solute Dd Dc Kd Feed Product %
5 2 Water Water Removal

(10~ «££“/hr) (ppm) (ppm)

1. EDC 3.34 23.3 70.0 3128 1395 55.4
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APPENDIX H
EXPERIMENTAL DATA FROM RDC EXTRACTOR

The data which were directly determined at
steady state in each run conducted in the RDC extrac-
tor included the solvent and water flow rates, the
diameters of the discs and stator holes, the compart-
ment heights and whole column height, the rotational
speed of the discs, the temperatures of the two
streams leaving the RDC, and the concentrations of
each solute in the feed and product water. In some
experiments the solvent hold-up and the solute
concentrations in the loaded solvent were also
measured. Since the difference between the two temper-
ature measurements was less than 1°C, the average
was taken as the column temperature. These experi-
mental data were then combined with estimates for
physical properties to compute experimental mass
transfer coefficients. Since these calculations
were lengthy and repetitious, a computer program
was developed and used. 1In this appendix the
calculational procedure and computer programs are

described, then the results for 15 runs conducted
in the RDC extractor are listed.
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Estimates of Physical Properties.

The aqueous phase density and viscosity at
the column temperature were taken as those listed
by Weast (1970) for pure water. The density and
viscosity for the volatile solvent phases were deter-
mined from data listed for the pure solvents (API,
1963). The interfacial tensions were estimated
by the method of Donahue and Bartell (1952) as
discussed in Section VII. The density and viscosity
for n-butyl acetate were from Toropov (1956).
The interfacial tension at 20°C was taken from
Logsdail, et al. (1957), and the correlation of
Donahue and Bartell (1952) was used to correct this
value to the column temperature. For mixtures of

n-butyl acetate and isobutylene, the density was
estimated by assuming no excess volume of mixing, the
viscosity was estimated from the molar average of
In o and the interfacial tension was estimated
from the molar average of 05, where My and o; are
for pure components. The density and viscosity of
2-ethyl hexanol were taken from Marks (1967). The
interfacial tension was assumed equal to that for
n-octanol as given by Weast (1970).

The diffusivities for each solute in water and
in the solvent were estimated by the method of
Scheibel (1954) assuming that the values at infinite

dilution would apply.

Computer Programs.

The majority of RDC extractor data reduction
was done in the Fortran program EXPTRDC and subpro-
grams RDC and POFUNC. Program EXPTRDC begins by
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reading in the superficial velocities of each phase,
VD and VC, the column temperature, TEMP, the rota-
tional speed, RPM, the measured hold-up, PHI, and
the column dimensions including disc diameter, DI,
stator hole diameter, DS, column diameter, DC, compart-
ment height, HC, and column height, COLHT. When
the hold-up was not measured or when G18 is assumed
for some other reason, the value read into PHI is
(1 + 618)' The program senses that PHI is greater than
1 so that the correct value for PHI must be calculated
using G18' A11 physical properties are next read in.
The subroutine RDC is calied to make all design
calculations for the RDC extractor. Program EXPTRDC
then prints out the results.

Subroutine RDC uses data stored in various
common blocks to design the RDC. It first calculates
PHI or G18, depending upon which is specified and
which must be calculated, using the correlation of
Strand, et al. (1962). This step includes the
calculation of drop diameter, DP, slip velocity,
VS, and power per unit mass, POM. The function
subprogram POFUNC is used during this calculation
to determine the power number using the disc Reynolds
number, RE, after the correlation of Reman and
van der Vusse (1955).

Subroutine RDC continues by checking for flooding
both by the correlation of Logsdail, et al. (1957)
and by the method of Strand, et al. (1962). The
two Peclet numbers, PEC and PED, are calculated
using the equations developed in Appendix B. The
calculations in RDC are completed by determining
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theoretical estimates for the solvent-phase number
of transfer units, NS, for the water-phase number
of transfer units, NW, and for the overall water-phase
number of transfer units, NOW. The interfacial
area per unit of extractor volume, A, and the solvent
droplet rise time, R, are calculated. Theoretical
estimates for NOW are made for stagnant drops and
for circulating drops using the equations of Strand,
et al. (1962). Theoretical estimates are made for
NW using the model of Calderbank and Moo-Young (1961).
This estimate is then used with NS calculated for
stagnant drops to calculate a third estimate for NOW.
The final step in determining the experimental
values for the overall water-phase number of transfer
units was accomplished using the program EVAL and
subroutines FINDN and EETA. These programs were
listed in Appendix G. The values of PEC and PED
determined in RDC are read in. A value of E, the
extraction factor, and ZETA [n in equation (1),
calculated using measured concentrations] is read into
EVAL for each component. By using the search
subroutine FINDN, equation (3) is solved implicitly
to determine NOW for each component.
A listing of the program follows. At the end
a typical output is shown for run RS13.
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PROGRAM EXPTRDC

PROGH AM EXPTRDC( IMOUTY JOUTRUT)
C# FXPTRNC ACLYPTS CATA FRAM AN ERPERIFINTAL RUN AND CALLS FOR THE
Core TH CaL.CULATION OF DiRgP DIAMITE R, PECLET NUMBERSs AND MASS TRANSFER
Crs® cOTFE I IINNTS,

COMVAI/ODTIMTIN/DT D e DCaMC e COLHT  CR

COMMO‘J/("?’.‘53'3/9’:‘:”';[).')tNSCQ'_"(’LDFN CSTAMAGYISCD VI SCCMCOMPS

1 DICEY(A)Y eNIEFC(6H) s (A)

COVMAN 70D TRAT /VD WV o iPMRE GPON  PHT s G184 D™ e DP T« QSCFACT o AR

COMMAN A NMFPT/PED T G PHIF o VKo FFSIVELsFFLoETALG) « S (EY «NWSTAG(E) o

1 NSSTAC(()) sMNOWSTAG(A) «NWCIRCIAY s NSCIRCHE) JNOWCIRCIE) s NWTURB(S)

2 NSIUNBIO) «NOWTUPA (L)
REAL KL ONISTIGINS L TAAINOWSTAG «NIWCIRCaNSCIRE «NOWE TRC JNWTURS «NGSTURB §

1 NOwW T U
LOGI AL FLOOUDCALCPHY
DIME MG TON NAMELOH) « PRF (/)Y «PPVMD(E)
Cas® QEGIN FORMAT STATERINTS ¥ RA 43R R P REREARBIFRFFHEREARFRALF AR SRR R
FOQ%AT(A“OIX~1!0FH-4‘“1OAQoFH-lOVICOIoron6|QF“o?;F7.3013)
FORMA T (21045 F104345F 1064)
FORMAT (AN «OXe3F 104 2)
FOOMAT ( TH1 420X e ANHANALYSTS 0OF  RTC EXTRACTION RUN  +ANe X
1 AHOAGE 1//771AX e 29 s %8 EXPER AL MNTAL CONDITIONC /23X,
2 27yl LOTCTITY DISPERGED PHACE = (FHeTeaH FT/HU/2O%20MVEL OCTITY CON
ATINUQUS FHASE = sFGeaefH FT/HRI/ 22X ¢ T4HTEMPIRATLURY = WFhely
a 1Oy DLGRUTS C/23X a1 OHROTATIONAL SPECD = W€ e e RPMy /13X,
S eFTe6HeaY s IOHIMTARUREND) /22X EHGIE = W F 764050

s LonoOLO - =
12H( CALCULATEDY /// 14X e 22K 888 COLUMIY DINMF NS TONG /23X

DN -

6 .
2 1AHDISC DIAMETER = oFE.2¢8H INCH/PIXe23HSTATOR HOLE DIAMITER = o
R FS.Z’_«QH INCH/23X « 1 aHCOLUMN DIANMETER = oFSe2¢CH INCH/23X

< ?]HCO“’»’~QT”ENT HE TGHT = «FSe2 ¢S54 IMCH/23X e J6HCOLUMN HETGHT =

1 E7,3+5M DICR/ZY
7 FORMAT L 1H1 e 20X 3AHANALYSTS or RNC FXTRACTICN RUN s AS P X
1 EHPAGE. 1 //718X «PRAHAXI % FXPERIMONTAL CCNDITIONS /23X

2 P27HVILOCITY DISPIRGED OHASE = FEeIeb6H FT/HR /2y ¢ PAHYELOCITY CON
ATINUQOUS PHZSE = o FGe3e6H ET/HR/23Y S JAHTEMPERATUNE = +F 8ol

10u DUGRLES C/23X o] QHROTATIONAL SPEFEN = (Faledtt RPMe/23X
FOHOLLD - = F7eb0g X 12HICALCULATED ) /23X 461’317 = «F 72A4BX
VIHCESTINATTDY) Z/ /14X 22HF*I & COLUYN DIMENSTONS /23X
INCH/Z23X ¢ 23HSTATCR HOLE DTAME TER =

-3

DIAMETEN = oFCa246H
= WFSe e INCHZ2AX

3

6

7 166N 15LC
I PeM 11CH/2AX « 1 pHCOLUMN DIAMOTER =
9

1

F, e
?]G(UMWAH1M[NT HLIGHT = P Gel e GH INTHZ23X s LORCOLUMN HETGHT =
F7, 3000 10C477)

BOEOPMAT (14N 24HBXE ¥ PHYSTCAL PROCURTIES/2AX W 2EHDENTITY DISPERET) M
TAGE = of 7205 0BH GRAM/CO/PAX2THDUMGTTY CONT INUGT PHATE = of Te5e
2aH Gp!\'v'/(’,C/?BY-?{’“INTFL'?ACIAL TENSION = oF 76 eft* DYNT/CM/P2AX
G2AHVESCCAITY DISPIRIEH PUASE = 4F 740030 CHR/ION,

APV SCOSTTY CONTINUCLS DHASST = eFTe1434 CP//D
= F 7656/

O FOTMATLIAX OQHNSXE FLooaTnS CHANACTIRISTICS /2 V% o AHVD /VE
1 230 13HTR] FLODDTING = «F7e6¢/ 23X 16HYK (LOGENATIL) = «F 762,

EH T /U 23X 2THITRACTION OF FLOODING (L) 7 of%Ged e /720X
W Tel M T ZHINZD AN, 2THE RACY TON OF FLOODING (SH)

FTe6H e INCH/ZD X e PPHTRANS TTTON DR

T W F Tal

>
4 JAHYK (STRANDY =
4= Jfheht WSl 3INIOHDROP DIAMTIER =
GOP DIA T ol 7e0GaSH TNCHZZIX T THDOW! B PR MALSG
6 1A TV LBE /HIRSLBMZ DI T T HOSC LT ATION FACTOR = oF e/ /)
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10 FORMAT( 14X 33 %% % AvIAL MIXING CHARACTYFRISTICS/Pax,
1723X,6HFPEC = FBea//y

11 FORMAT(1IH]1+20% ¢ 3GHANALYSIS OF RDC FXTRACTION £
1 GHPAGE 2///18X62Hs* %% SOLUTE CIFFUSIVITIES, DIGTS
S2CIFNTSe AND 5(1)128)(.!‘3%!10**: * SQFT/HR/Z17X«6HSOLUTS

3 SXSHDC DI e 1 IXeSHKD (1) 4 OXNsaHE (1) /)
12 FOPMAT (16X s 1B F 942 ¢F 1N s24F16,2¢F13.2)
13 FORMAT(1HO/ 14X+ 28H%%xs MASS TRANSFCR ESTIMATES /23 ..
1 10n SOFT/CUFT/23X-|?HRIS€ TIME = (1P 10,63 i)
14 FORMATCIHD 414X ¢ 1 TH* % STAGNANT DROPS/17X GHSOLUTE « &y -
1 AX 3IHNOW/)
1S FORMATUIE6X A8.2X%,3F1a.2)
16 FORMAT (1HO 414X« 20H4%% CIRCULLATING DROPS /17X ¢ 6HSOLUT T .
1 2HNS « X ¢ IHNOW /)
17 FORMAT L 1HO s 14X+ 1 8H* % TURRBULENT DROPS/17X e 6HSOLLITE 4
1 AX 3HNOW/)
18 FORMAT (1IHI/ 14X+ 26H% %% EXPERIMENTAL REMOVALS /17X 4 1ot
1 BRHFEED PPU.AXBHPRAD PPM, 7X«3IHETA/)
19 FOPMATLIOX2F 10al)
20 FOOMAT L IHX s 1SX ABF 1 el oM 1261 4F1245)
Cox# D) O FORMAT STATEMEMTS %4 ¥4 db Uy nar b s s unsaaunt)
Ceed RQUAC 1IN EXPTIRIVENTAL ~ONOITIONS
31 AEAD 1 «PUNNIML JUYP A VD s VC e TEMP (RPMPHT D1 e DS e DC o HEC o ¢
1F(VpeEQOs 0.0) GO TO 1C9
CALCPHTI = JFALSE.,
TFAPHT oGTs 1.0) CALCPHI = (TRUS,
I¥ (JYMPEDQL 1) 0 TO 36
Co i DUAD 1IN PHYSICAL PROPERTY NDATA (GM/CC(GM/CC JOYNE /O,
RIAD 2 ¢DEMNSD «DENSC oS IGMAWWISCD VI SAC
DOLOEN = ABRSICEMNSD - NDONACH
Ce%% PTAp 1N DIFFUSIVITIES
N0 35 =1 «NCOMPS
Caux (s INXSERSOFT yHR (I O*¥SHSOF T /44y =)
35 READ 3eNAME(')aDIFFD 1) NIFFCEIYaND(])
Cx¥% CALL. FOR PDC DESIGN
36 CALL. RBCIO«LOCD 041 ,041,0)
Crex PRINT OPEFRATING CONDITIONS
1 (CALCPHTIY GO TO a0
PRINT GeRUNNUNMIUND W VC (TEMP (RPMPHT G180 DS eDCeHC o7
G T al
40 PRINT T1RUNNUMIND o VC (TEMP  ROMIPHT G118 401 eDGeDC o HC o 7
Caax NRINT PHYSICAL POORFRTICC
81 PRINT BDENSODTNSC e gIGCHALVIACD WV SCC
Cx¥ad PRINT FLOODING CHARACTERISTICS
Y-S AV] s V4Vie
AT = 2 43F2T-09%NOV
Pl QOAAQPHIFs\’F'Lcr‘rLcV’(‘F"StDptDpToAQ!OSCFACT
Caxsd POINT AXITAL MIXING PARAMETERS
PRINT 10PCDWFC
Ce¥s PRINT SCLUTE DIFFUSIVITIESs DISTRIEUTION COrFFICIENT
PRiNTY 11 JRUNINUM
DO 4g 1=1eNCOMPS
A5 PRINT 12eNAMECI) o DIFFDLII oNIFFCLIN KD (1) F (1)
CH¥e PRINT MALS TRANSFER RESULTS
PRINT 134AR
PRINT 146
DO ag 1=14NCOYV,S
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46 PRINT
PRUNT
0N A7

47 PRINT

pPoINT
DO 43
4B PRINT

Cux® READ M

PRINT
nNno 5o

15 eNAME(T ) s WS TAG(1 ) e NSSTAG (1) +NOWSTAG( 1)

16

121 «NCOMPS

TS eNAME( T )Y o NWCTRC (T ) eNSCIRC(T) «NOWCIRC(T)

17

151 W NCOMPS

TR eMAME(T ) ¢y NWTURE (T ) s NSTURB (1) NOWTLRB(T)

AND PRINT. EXPERIMENTAL REMOVAL EFFICIENCIFS

18

[ =1 MEOMPS

IF(JUMi'eEQel) GO TO 50O

READ

ETACY)

PRINY
G0 To

ile]

100

192 ePPMT (1Y PPMP (T

= PPHMPCTY/ZPPMeE(T)

POSNAME (T Y« PPME (1)« PPMPIT ) ETALL)
31
CONT M "
END X TRDE

~
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SUBROUTINE RDC

SUBRQ!TINS ROCIKEY «FLOGD«MTTYPE « ANW ¢ ANS)
C* RDC USEg DATA STORED [N COMMONS TO DESIGN AN RDC £XTRACTOR
COMMON/DIMEN/DIADSeDr o HC COLHT $ CR
COMMON /PPOPS/DENSD ¢ DENSCIDELDEN«STGMAWVISCD VI SCC « NCOMP S,
1 DIFFDO)DISFCIH) oD (6H)
AOMMANZCIFRAT /VD s VE sPH o RE «POM e PHE «G1E«DPDP T+ OSCRACT 1 A 4R
COMMON /7BMIMT /PED s PEC \PHIF s VK o FF S VEL WFFLOETA(EI W E(H) sNWSTAGI6) o
1 NSSTAG(G6) NOWSTAG (a3 «NWCIRC(6) «NSCIRC(6) NOWCIRCI6) sNWTURS{A) o
? NSTURHBI{O) NOWTURB(4)
REAL KDINYETAGINSSTAGINOVSTAGNVC IRC WNSC IR «NOWE TRC «NWTHRA ¢ NS TURE o
] SO TUIR s NOX
DIMENSTION Z(D)«UAT101) A1)
LNGICAL FLOOD
1 FORMAT L IHD AGHE#ER #ysd *x¥% PHI LOOP DID NOT CONVERGE #¥x%//)
FLOOD = «FALSC.
AA = VD/VC
PHIF = (SQRT(AA®AA + B.0%¥AA) - 3.0¥AA)Y/4,0/(1.0 - AA)
VKF = (VC/(140 = PHIF) + VD/PHIF)Y/(1.0 ~ PHIF)
AA = 1.0 -~ (DI/DCYx¥p
AB (OS/DCH* 42
AC = ((D5 + OII/DCI*GORT(((DS = DIN/NCI*¥2 &+ (HC/DICH)R%2)
“R = AMINI(AAAB.AC)
IFIKEYSEQel) GO TO 1g
Ct %% |F KEyeNFals CALCULATE PARAVETERS DEPENDING ON PHYSICAL PROPFRTIFS
P = (160227 40 ¥DENSCHDINSCHSIGMAS X I/VISCORRA/DELDINY¥E0, 15
DPT = D¢1276-02*SORT (S1GMA/DELDEN/T)
AD = 144450 AREXP (0, G8%ALOG(DELDEN) = CoaS¥ALOGINENSC) - Oo11#
1 ALpG(VISCCY)
Cra® CALCULATE G18 OR PHI+ DPs VSs AND VK
10 RE = 10+734D1¥DI¥RPMADENSE/V]SCC
POM = 1910, 5POFUNC (REIFOPH*FARD [ ¥ RS/HC /DC 2
AA = EXP(O62ALOGI 659 7T2*S1GMA/DENSC) = Coa%ALOGIPOM)Y)#12,0
IF(PUl «GTs 1,0y GO v0 12
VS = VD/PHL 4 VC/(1eq = PHI)
IF(PHT «GEe PHIFY GO TO LA
VX = YS/(140 - PHI)
VT = VK/CR
O = CXP(ALOGIVTZAD) y0e7)
IFNPeGTa™PTY OGP = DT
518 = DFPsaa
50 Ta 20
12 618 = PHI - 1,0
NP = GIBxAA
IF(Op«GT«D?TY GO TO 12
VT = AD¥NPxAh,7
GO Tg 14
13 VT 5 143100 +03#EXP (0, 20XALOGIDELDEN)Y 4 0 12%ALNG(VISCC)H
1 + OsIBAALOGISIGMA) = 0.55*ALOGIDINSC))
14 VK = VTHCR
IF (VI olfe VKF) GO T 18
PHE = ((VK 4+ yD =~ VCy — SORTI(VK + VD ~ VCIRAD — A4, 0AvK¥YD)I )/ e0Or
TIY]
DO 1g 1=1410

i}
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FP = VC*PHI 4 VD*(1en = PHI) = VK¥#(1,7 - PHI)*#2¥PH]
DFEOP = VL =~ VD - VK#(3,0%PHI*OH] ~ 4,0%PHI + 1,0)
DELP = FP/DFDP
IF(ABS(DEL®) (LTe Nep00O1) GO TO 16

15 PHY = PHI - DELP

PRINT !

16 PHY = PH!I - DELP
VS = VK¥*(1,0 - PHI)
GO T 29

Cxu% pRNC g FLOONED BY STRAND CORRFLATY ION
18 FLOOD = «TRUE.
Co%¥ CALCULATE FLOODINSG PARAMETERS
2O A = (100 = 2.04PHIF Y% (140 ~- PHIF)*%2
FFSs = VC/V</AB
AA = (DILDEM/DENSC) #x0¢GR(NS/DI) RE2 AR (HC/DIIEX0 X (DI /DCIRED .6
VKL = 1+9R3E40B¥SIGMARAA/VISCC/DT/RPME%D
FFL = VCr/vxL/AR
I (FLO0D) RETURN
Cedd CHECK OSCILLATION FACTCR, IF{OSCFACT «GTe 7C.0)
OGSCFACT = S419.*CELDEN*DO#DP*O /S CMA
Cesn caAlLCUL ATE AXTAL MIXING PARAMITIRS
PEC = COLHT/(0e5 + 0,06%(1eC ~ PHIN®DIXRPOME(DS/DCHY®*2/VC Y /HE
AA = (DI /DCHr %2
AB a3 AA®{(DS/CCHI¥X2 _ AA%AA)
PED = COLHT/(0e5 + C,a58PHI¥NISRPMEAR /YN ) /4HC
Cox® CALCU ATE MASS TRANSFER FSTIMATES
AA = VD*DUNSD/VC/DENSGC
DO 21 1=214NCOMPS
NOWSTAG(L) = NOWCIRC(1) = NOWTURS(1) = 0.0
21 £(1) = AA®KD( ()Y
A = 72.0%0K1/DP
AN = AXCOLMT/VYC/12.0
AB = A*COLHT,VD/12.0
R = ¢OLHT*PHI/VDN/ 1240
Cau¥ 1F MTTYYPE «EQe O« CALCULATE NOWCI) FOR ALL THOEF MODELS
Con¥ 15 MTTYL «E0Qe 1e CALCULATE NOW(1) FOR STAGNANY DROPS AND CALL FETA
[E(MTIYPE 00, 2 «0R, MTTVRE £Q. 3) GO TO 25
Cra% CALCULATIONS FCR STAGNANT DROPS
N0 22 1=1«NCOMPS

HAVE OSCILLATIONS

NRSTAG(LY = 0.001*VeuAA
NSSTAGITY = T AN ~Na%#n|FFn (] 4AQ/NP
P2 NOWSTAGIL) = 140701 49/NWSTAGILY 4+ 1,075 (1) /NSSTAGI 1YY

IF(MTTYPE +EQ. 1) GO TC 35
C¥X [FF MTTYPL «EQs 2« CALCULATE NOW(1) FOR CIRC DROPS AND CALL FCTA
25 IT(MTTYPE «LQs 3) GO TC 130
Cra* CALCULATIONS FOR CIRCHLATING PROPS
DO 7 171.NCOVPS
MECTRC DY = 1.P236E-0p#SORTIDIFFC (1)1 %VS /D0 ) #AN
NECIREC (1Y = (7.826C-04%DIFFDI1) /0P + 3,75 -GARySy
1 (1,0 + VISCO/VISTCy )y *an
27 NOWCIRC L) = 1,0/01 en/NWCIRCITY +
IF(MTITYPE 4€Q. 2) GO TO 35
Cund (AL(HLATIONS FOR TUNRBLENT NROPS
30 DO 33 1=14NCOMPS

NWTURD D) = 2,330 ~0q%POMESQ,PSsDIFFCLIIN*0660ATH
1 (DENSC/VISCOI K0 o4 1 66THAALANY

NSTURDUT) = T,89GLE-0a*DIFFD (1) * AB/DP/ANS

1oO/E (1Y /NSCIRCO Y)Y
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32

35

a6

10

1€

NOWTUIRB(TI) = 160701 en/NWTURR (L) + 1077011 /NISTURDPCT)Y)

IFMTTYPE +EQ, 7)) RETURN

DO 3¢ 1=1«NCOMDY

NOX = NOWSTAGII) + NoWCIRC(l)Y + NCwWTURI (1)
EA = E(I)

CALL FETAL(PECIPENsEA NOXeZETAL s ZeUAVLIY)
ETACY))Y = ZETA

RETURN

END RDC

FUNCTION POFUNC

FUNCTYION POFUNCIRE)
IF(REL.Te H5,0£05) GO TO 10

OOFUNC = 0,028

QEYURN

IF(Pe«GTe 4,00048) GO TC 1S
POFUNC = 230.5a%*3E#%¥_0e8
RITUEN

IF(RE«GTe 145805y GO TO 20
POFUME = 0s93205tE*%—-0,20
RETUNRN

POFUNC = O« 1758%RE*%.0e 14
RETUNN

CND pOFUNT
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ANALYSIS OF  RDe EXTRACTION RUN  RS13 PAGE

g8a0 EAPERIMEINIAL CONDITIONS

VELOCLITY DISPERSED PHASE = 1,680 FT/HR
VELOCLTY COnTINUOUS PHASL = 13,046 FT/HR
L@ PERATURL = 2l.n DEGHREES €

RUTATIONAL SEEED = BOJ.) KPM

nOLL=~LP = 4012352 (CALCULATER)

vld = W 2U00 tFSTIMATED)

aeae COLUMN DIMENSTIONS
VISC LVIAMETER = 1«0 INCH
STATOUR wULE DIAMETER = 2.2% INCH
CuLusiy DlaME TEQ = 3,00 InIn
CUMPARTVYENT HETGHT = 1,00 INCH
COLUM HETIBHT = 294193 INCH

suee PRYS[CAL PRAPERTIES
VDENSTIY DISPERSED PHASE = 879290 GWAM/CC
VLNSTTY CONTIMNUOUS PHASE = ,99790 GRAM/CC
INTEREACTAL YENST I = 13900 Dying /CH
VISCUSITY UISPERSED PHASL = e 7080 LP
VISCUSTTY CUNTINUUUS PRASE = J9tad CP

a0en FLOOULIG (HARACTERISTICS

YU/VC = ,17204%

Prl FLOOD G = 141867

VE {LuosSoally = 127,52 FT/nR
FraCTion OF FLAOAD[INS (L) = 2388
VA (aTrRAND) = lene03 FTI/NR
FRACTION OF FLOONINS (S) = «2n5A

URJIF WM TER = 0p2l3oe INCH
IRANSETION DEOP Dl = 1934593 I".CHr
PUwbrR PIR MiSS = 164,72 FTeLRF /ARl UM
USCLLLAYION FactOn = ' BABO

appe AXIAL MLIALING CAAQACTEXISTICS

PeU 729.03%7
[ Belh?l

I )
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ARALYSTS  Jr RDC EXTRACTION

#denr LOLUTE VLrruSIVITIESy DISTRINUTION COEFFLICIENTS,

1drun ® SAFT/HK

STy Lot pcel
A L 45 3.7
(AR ST} H07 3,49
| R Yy 3.4
O-Lis Ul Db 3.02

ater MASS TRANSFER (STIMATLS
A = Ml.lL SOFT/CuUbT
RISE Tl =  1.,821e=-02 HR

3 ST Aoand]l Uitups

SULUIL W NS
ME Ll Jel%} 144bAA
T AaCL lolal 13,591
1=V 14 Al 1.14) 12.75n
0-CHe sk Telald 12,632

és CIHFCLLATING IROFS

Sulidie Ny NS
ME ACE JIRISRIT 344207
ET HCE 164707 33.109
1= &Lt )’q')ﬂz 32267
O=(HEaul 13,0400 32,194

e TurLLEn T UKCES

SULUIe N NS
ME AL 2382 14 b8 A
FT it - KT 13,593
T-F W e Yovin? 12.7%0
e ool levla 1Z2e617

asran Exprp el IMEwlap REFOYVALS

SULUle FEEDr 2t PR ppem
NS el 1Ry, ¢
FY oe(r eThen [ WS
[-t"% i LYETYS @ne3

D=l vl

YA ARE 5y, 0

484

RUN  R313

K1)

3,06
11,¢0
14,10

206,00

NOw

7.307
10,843
12,416
13,601

NOw

1,680
1.R97
1,90
1.9%0

ETA

« 73736
sd0F S
s 12E 16
s NS3¢

PAGE 2

AND £ (1)

€Eth

4l
1,25
3.80

22,95



AMALYSLS OF DATA FCR EXTRACTION HUN NUMJER
rEyx = Beldrl PEY = 29,0357
wvwe FOr E aCE L o= 4190 AND 2ETA = 79736 GIVING
SPRCETLE Zipeu)  2(0e1) Llued)  2(0.3) 200,95 2(0.7)
WIaLb STHET 62yl L dvunl 492526  4BBG24  +B4dn)
PlLuuw Logguutr  a98503 10059 454957 91018 46910
SSERSTTIVIINY == DX = CHatue [N 40X CAUSEDY Sy A | PERCENT
DILTR = Ze2obke=yd 9 UL = 1 ,15t=07 » DPEX = 1,208~04
oved FOK KT ACE &t = 1.2500 AND 2ETA = ,30222 SIVING
CPRUFLLE Zinet)  2t0es)  2{ve?2) 200,13 2(0.5) 21047)
P LALD <GPSR sdl06U W TD25)  ,53148 54711 92604
P L JanpUo® YL «83449  JTA222  «61813 48451
A0S ITIVLITY == DA = Crahbt [N HOK CauScd) By A 1 PERCENT
2LV = J.99k=02 » Ut = 2.,536-n2 4 DPEX = S,SBE~-(C3

wwsr FOR Japr ACE [ = 3,000 AND 2ETA = 12618 GJVING
rRur [t Zlned) LU0 1)  Zluel) 2(N,3) 2(0,3) Li0o.7)
MLarD sty des L6 Taue L0819 L6ANER LI10%0 20570
PL U 1.0p000  oB2/uB  cuudTd %6235 L,37137 24956
e wsSLITIvidy == DA = Cnielibe It 13)X CAUSKEY BY A ) PERCENT
BLEYA 5 ce210=02 v UL 5 F443E«03 ¢+ JPEX = ©6,94E=Q3
Hawn FOR USCRESOL & = 2249500 AND 2€TA = ,06335 GIVING
SPROE LLE Tinen) 201} 2(92)  2(N,3)  Zt0.5) L(D.7)
BPiaty s‘l‘!(‘l‘ﬂ hagué R PR «?249375 BEYRE «0R9G5
FLU S Leopuef 073053 94234 439920 «21593 211637
el RSITIVE Y = DN = Ut 11 40g CAUSED Hy A 1 PERCENT
pLETA Lebeb=02 o Ut = 2,240<13 4y 093X = 1,0%F=Q2
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RS13
4 COMPQONENTS

NUX = «337
200,8) 2(049) 2(140)
82259 ,80544 L,79730
84558 82202 79736
DL CREASE IN X

[] OPtY = B.QBE-OS
NOX = 24520
200,8) Z(0,9) 2(1,0)
«36301° 32374 30222
42143 « 36069 e30222
CeCrREASE IN X

+ DPEY = 1467£-03
NUX = 3,249
2(¢,8) L (0.9} 2(1,0)
W16715 L13888 ,l2617
20081 ,16013 412613
DECrEASE IN X

v DPEY = B,30E~0¢
NJUX = 4,339
2(0,8) 2(049) 211.0)
V6706 405169 04530
V8523 06228 045306
UCCREASE IN X

v DFEY = 3,1¢E-Qs



List of Experimental Data.

In the Table H to follow, the experimental data
for runs conducted in the RDC extractor are listed.
The table entries include the measured phase velocities,

the column temperature, the dimensions of the column
and its internals, the disc rotational speed, and

the feed and product aqueous-phase concentrations.
FS/Fw is the ratio of solvent mass flow rate to

water mass flow rate; when this quantity is multi-
plied by Kd’ the extraction factor, E, for each

solute results. Also included in the table are

the estimates of physical properties and the following

quantities calculated in the computer program:

Gig

¢ca1c

POM

value assumed to give correct drop size

= calculated solvent hold-up

measured solvent hold-up

average drop diameter

interfacial area per column volume
water-phase Peclet number
solvent-phase Peclet number
percentage of flooding according to
Logsdail, et al. (1957)

power per unit mass
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Table H. RDC Extractor Data

RDC extractor run # RS1A Temperature = 22.0°C
Dispersed phase = Isobutylene
Continuous phase = Prepared Waste Water
Vg = 3.704 ft/hr, Vc = 6.210 ft/hr, FS/Fw = 0.3538
di = 1,50 inch, ds = 2,25 inch, H = 23.00 inch
g = 0.5917 gm/cc, Mg = 0.181 cp, N = 1430.0 RPM
P = 0.9978 gm/cc, Hg = 0.955 cp, o = 41.6 dyne/cm
Gig = 0.337, ¢calc = 0.0078, gmea§ = --
dp = 0.0417 inch, a = 13.43 ft7/ft", Pey = 30.52
FF = 8.3%, POM = 586.6 ft-lbf/hr-lbm, Pe_ = 1.906

Dd Dc Kd Feed Product 3

5 2 Water Water Removal
Solute (10 £t°/hr) (ppm) (ppm)
1. MEK 24.1 3.65 2.49 2109 639 69.7
2. DEK 22.5 3.22 13.4 4297 183 95.7
3. n-BuAc 20.6 2.76 168. 4393 77.3 98.2
RDC extractor run # RS1B Temperature = 22,0°C
Dispersed phase = Isobutylene
Continuous phase = Prepared Waste Water
Vd = 1.226 ft/hr, Vc = 6.210 ft/hr, FS/Fw = 0.1171
di = 1.50 inch, ds = 2,25 inch, H = 23.00 inch
Pg = 0.5917 gm/cc, Hg = 0.181 cp, N = 1430.0 RPM
Pe = 0.9978 gm/cc, Mg = 0.955 cp, o = 41.6 dyne/cm
Gyg = 0:337, 0,5y = 0.0026, 2¢me§s - 7T
dp = 0.0417 inch, a = 4.42 ft°/ft7, Ped = 30.58
FF = 4.8%, POM = 586.6 ft-lbf/hr-lbm, Pec = 1.897

Dd Dc Kd Feed Product %

5 2 Water Water Removal
Solute (10 ft“/hr) (ppm) (ppm)
1. MEK 24.1 3.65 2.49 2109 1340 36.5
2. DEK 22.5 3.22 13.4 4297 888 79.3
3. n-BuAc 20.6 2.76 168. 4393 288 93.4
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Table H. RDC Extractor Data (Continued)

RDC extractor run # RS2 Temperature = 22.0°C
Dispersed phase = n-Butyl Acetate

Continuous phase = Prepared Waste Water

\Y% = 1.909 ft/hr, V_ = 14.054 ft/hr, FS/Fw = 0.1196

di = 1.50 inch, dS = 2.25 inch, H = 23.00 inch
Pq = 0.8788 gm/cc, My = 0.704 cp, N = 617.0 RPM
e = 0.9978 gm/cc, Mo = 0.955 cp, 0 = 13.9 dyne/cm
G18 = 0.200, ¢calc = 0.0120, gmea§ = =—-
dp = 0.0269 inch, a = 32.17 ft°/ft7, Ped = 27.79
FF = 15.6%, POM = 92.3 ft-lbf/hr-lb R Pe_ = 8.530
m c
Dd Dc Kd Feed Product %
5 2 Water Water Removal

Solute (10 ft®/hr) (ppm) (ppm)
1. MEK 6.21 3.65 4.56 2213 1413 36.2
2. DEK 5.79 3.22 16.2 4314 1485 65.6
3. Phenol 6.04 3.47 57.0 6143 1073 82.5

Comment: Product water concentrations calculated by
material balance from loaded solvent analysis.
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Table H.

RDC Extractor Data (Continued)

RDC extractor run # RS3 Temperature = 22.0°C
Dispersed phase = n-Butyl Acetate
Continuous phase = Prepared Waste Water
Vg = 1.705 ft/hr, Vc = 15,388 ft/hr, FS/Fw = 0.0974
di = 1.50 inch, ds = 2,25 inch, H = 29.75 inch
g = 0.8788 gm/cc, by = 0.704 cp, N = 805.0 RPM
e = 0.9978 gm/cc, By = 0.955 cp, o = 13.9 dyne/cm
Gig = 0.200, ¢calc = 0.0130, gmeag = 0.0630
dp = 0.0213 inch, a = 43.97 ft7/ft7, Ped = 29.24
FF = 17.3%, POM = 165.7 ft—lbf/hr-lbm, Pe = 9.554

Dd Dc Kd Feed Product %

5 2 Water Water Removal

Solute (10~ f£t“/hr) (ppm) (ppm)
1. Acetone 6.77 4.30 1.05 38.0 34.3 9.7
2. MEK 6.21 3.65 4.56 217 126 41.9
3. Benzene 6.21 3.65 61.5 169 30.5 82.0
4, Phenol 6.04 3.47 57.0 13300 308 97.7
5. o-Cresolg 61 3,05 206. 2107 25.4 98.8
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Table H. RDC Extractor Data (Continued)

26.8°C

RDC extractor run # RS4 Temperature

Dispersed phase Isobutylene

Continuous phase Prepared Waste Water

Vd = 2.152 ft/hr, Vc = 12.622 ft/hr, FS/Fw = 0.0996
di = 1.75 inch, dS = 2.00 inch, H = 28.31 inch
Pq = 0.5856 gm/cc, Mg = 0.175 cp, N = 1430.0 RPM
Pe = 0.9966 gm/cc, u, = 0.855 cp, 0 = 40.6 dyne/cm
318 = 0.337, ¢calc = 0.00658, ¢me§s = 0.00658
a, =0.0324 inch, a = 14.64 ££2/FL°, Pe, = 31.99
FF = 13.8%, POM = 1070.1 ft—lbf/hr-lbm, Pec = 4,922

Dd DC Kd Feed Product %

5 2 Water Water Removal

Solute  (10° £t“/hr) (ppm) (ppm)
l. Acetone 27.7 4.88 0.63 29.9 28.2 5.7
2. MEK 25.4 4.14 2.49 124 83.3 22.8
3. Benzene 25.4 4.15 407. 68.5 60.4 11.8
4. n-BuAc 21.6 3.13 1e68. 5457 10.8 99.8
5. Phenol 24,7 3.94 0.70 605 522 13.7
6. o-Cresol 22.9 3.46 4.80 72.8 17.0 76.6

Comment: Feed water is the product water from run RS3.
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Table H. RDC

Extractor Data (Continued)

RDC extractor run #

Dispersed phase

Continuous phase

RS6A
n-Butyl Acetate
Lube

Temperature 24.,2°C

0il Refining Waste Water

Vd = 1.005 ft/hr, v_ = 8.743 ft/hr, FS/Fw = 0.1010
di = 1.50 inch, ds = 2.25 inch, H = 29.00 inch
pd = 0.8765 gm/cc, Hg = 0.687 cp, N = 1100.0 RPM
P = 0.9972 gm/cc, W, = 0.907 cp, g = 13.5 dyne/cm
G18 = 0.200, ¢calc = 0.0088, %mea§ = --
dp = 0.0161 inch, a = 39.14 ft°/ft7, Ped = 22.13
FF = 28.0%, POM = 316.2 ft—lbf/hr-lbm, Pec = 4.256

Dd D Kd Feed Product £

5 2c Water Water Removal

Solute (10 £t°/hr) (ppm) (ppm)
1. MEK 6.41 3.87 4.56 12216 5883 51.8
2. Phenol 6.23 3.69 57.0 8751 104 98.8
3. O0-Cresol

5.79 3.24 206. 892 6.5 99.3
RDC extractor run # RS6B Temperature = 23.4°C
Dispersed phase = n-Butyl Acetate
Continuous phase = Lube 0il Refining Waste Water
Vd = 3.023 ft/hr, V. = 8.743 ft/hr, FS/Fw = 0.3042
di = 1.50 inch, dS = 2.25 inch, H = 29.19 inch
Pq = 0.8774 gm/cc, g = 0.690 cp, N = 1100.0 RPM
P = 0.9974 gm/cc, He = 0.932 cp, g = 13.7 dyne/cm
G18 = 0.200, ¢calc = 0.0272, gmea§ = 0.00214
dp = 0.0162 inch, a = 121.1 ft°/ft7, Ped = 21.88
FF = 45.6%, POM = 323.0 ft—lbf/hr-lbm, PeC = 4,359

Dd Dc Kd Feed Product %

5 2 Water Water Removal

Solute (10 ft°/hr) (ppm) (ppm)
1. MEK 6.36 3.76 4.56 12216 2452 82.3
2. Phenol 6.19 3.58 57.0 8751 77.0 99.1
3. o-Cresol

5.75 3.14 206. 892 4.3 99.5

491



Table H. RDC Extractor Data (Continued)
RDC extractor run # RS7A Temperature = 23.3°C

Dispersed phase = Isobutylene
Continuous phase = Treated Lube 0il Refining Waste Water

Vd = 1.506 ft/hr, Vc = 8.743 ft/hr, FS/Fw = 0.1019
di = 1.75 inch, ds = 2,00 inch, H = 29.31 inch
Pg = 0.5900 gm/cc, Mg = 0.179 cp, N = 1450.0 RPM
P = 0.9975 gm/cc, He = 0.926 cp, o = 41.3 dyne/cm
G18 = 0.337, ¢calc = 0.0047, 3mea§ = 0.0362
dp = 0.0319 inch, a = 10.51 ft°/ft~, Ped = 32.76
FF = 10.6%, POM = 1136.1 ft-lbf/hr-lbm, Pec = 3.573

Dd D Kd Feed Product 2

5 2c Water Water Removal

Solute (10 ft”/hr) (ppm) (ppm)
1. MEK 24.5 3.78 2.49 5573 3597 35.5
2. n-BuAc 20.9 2.86 168, 7133 11.0 99.8
3. Phenol 23.8 3.60 0.70 306 227 25.8
4, o-Cresol

22,2 3.16 4.80 24.2 2.3 90.5

Comment: Feed water is the product water from run RS6A.
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Table H. RDC Extractor Data (Continued)

RDC extractor run # RS7B Temperature = 23.3°C
Dispersed phase = Isobutylene

Continuous phase = Treated Lube 0il Refining Waste Water
Vq = 1.506 ft/hr, Vc = 8.743 ft/hr, Fs/Fw = 0.1019

di = 1.75 inch, dS = 2.00 inch, H = 28.88 inch
Pg = 0.5900 gm/cc, ng = 0.179 cp, N = 1450.0 RPM
e = 0.9975 gm/cc, M, = 0.926 cp, o = 41.3 dyne/cm
G18 = 0.337, ¢calc = 0.0047, gmeag = 0.0346
dp = 0.0319 inch, a = 10.51 ft°/ft", Ped = 32.28
FF = 10.6%, POM = 1136.1 ft—lbf/hr-lbm, Pec = 3.521

Dd Dc Kd Feed Product 2

5 2 Water Water Removal

Solute (10 ft“/hr) (ppm) (ppm)
1. MEK 24.5 3.78 2.49 2801 1891 32.5
2. n-BuAc 20.9 2.86 168. 6791 15.2 99.8
3. Phenol 23.8 3.60 0.70 229 190 17.0
4. o-Cresol

22.2 3.16 4.80 18.0 2.8 84.4

Comment: Feed water is the product water from run RS6B,
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Table H. RDC Extractor Data (Continued)

RDC extractor run # RS8 Temperature = 21.2°C
Dispersed phase = 48.7% n-Butyl Acetate in Isobutylene
Continuous phase = Lube 0il Refining Waste Water

\Y = 3.072 ft/hr, vV, = 11.003 ft/hr, FS/Fw = 0.2049

d
i 1.50 inch, dS 2.00 inch, H 29.00 inch

o}
i

Py = 0.7325 gm/cc, Mg = 0.279 cp, N = 1090.0 RPM
Pe = 0.9979 gm/cc, Mo = 0.973 cp, 0 = 33.1 dyne/cm
G18 = 0.171, ¢ca1c = 0,0157, gmea§ = -
dp = 0.0233 inch, a = 48.47 ft°/ft7, Ped = 33.77
FF = 14.1%, POM = 327.8 ft—lbf/hr-lbm, PeC = 6.590

Dd D Kd Feed Product %

5 2c Water Water Removal
Solute (10 ft“/hr) (ppm) (ppm)
1. Acetone 17.0 4.20 0.83 24.6 12.1 50.8
2. MEK 15.6 3.57 3.50 108 54.9 49,2
3. Phenol 15.2 3.40 28.1 17170 1902 88.9
4, o-Cresol

14.1 2.99 100. 2660 124 95.3
5. Benzene 15.6 3.57 239. 36.9 9.2 75.1
RDC extractor run # RS9 Temperature = 22.3°C
Dispersed phase = 53.1% n-Butyl Acetate in Isobutylene
Continuous phase = Prepared Waste Water
Vd = 3.715 ft/hr, V.= 12.692 ft/hr, FS/Fw = 0.2182
di = 1.75 inch, ds = 2.00 inch, H = 28.88 inch
CP 0.7438 gm/cc, Hg = 0.292 cp, N = 1090.0 RPM
P = 0.9977 gm/cc, He = 0.948 cp, o = 31.7 dyne/cm
G18 = 0.171, ¢calc = 0.0238, gmeag = 0.0238
dp = 0.0186 inch, a = 92,31 ft°/ft", Ped = 25.90
FF = 22.5%, POM = 542,2 ft-lbf/hr—lbm, Pec = 6.544

Dd Dc Kd Feed Product %

5 2 Water Water Removal
Solute (10 ft“/hr) (ppm) (ppm)
1. MEK 15.0 3.68 3.59 424 91.3 75.5
2. Phenol 14.6 3.50 30.6 17320 93.4 99.5
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Table H. RDC Extractor Data (Continued)

RDC extractor run # RS10 Temperature = 20.8°C
Dispersed phase

Isobutylene
Continuous phase

Ethylene Quench Waste Water

Vd = 2.141 ft/hr, Vc = 12.583 ft/hr, FS/Fw = 0.1010
di = 1.75 inch, ds = 2.00 inch, H = 28.81 inch
Pqg = 0.5923 gm/cc, Mg = 0.183 cp, N = 1450.0 RPM
e = 0.9980 gm/cc, M, = 0.983 cp, ¢ = 41.8 dyne/cm
G18 0.220, ¢calc = 0.0093, gmeai = 0.0217
dp = 0.0208 inch, a = 32,10 £t£7/£f¢7, Ped = 27.33
FF = 16.0%, POM = 1154.9 ft—lbf/hr-lbm, Pec = 4,944

Dd Dc Kd Feed Product %

5 2 Water Water Removal

Solute (107 £t°/hr) (ppm) {(ppm)
1. Benzene 23.8 3.54 407. 71.1 2.9 95.9
2. Toluene 22.2 3.12 1690. 40.5 2.3 94.3
3. Xylenes 21.1 2.83 - 40.3 <1l >97
4, Phenol 23.1 3.36 0.70 66.9 63.1 5.7

Comment: Feed COD = 1880 ppm; Product COD = 1209 ppm.
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Table H.

RDC Extractor Data (Continued)

RDC extractor run # RS1ll Temperature = 23.4°C
Dispersed phase = Isobutane
Continuous phase = Ethylene Quench Waste Water
Vd = 2.198 ft/hr, Vc = 12,528 ft/hr, Fs/Fw = 0.0973
di = 1.75 inch, ds = 2,00 inch, H = 29,50 inch
Pqg ~ 0.5530 gm/cc, Mg = 0.201 cp, N = 1450.0 RPM
e = 0.9974 gm/cc, Mo = 0.924 cp, o = 47.7 dyne/cm
G18 = 0,200, ¢calc = 0.0090, gmea§ = 0.0096
dp = 0.0207 inch, a = 31.41 ft°/ft7, Ped = 28.83
FF = 12,3%, POM = 1135.4 ft—lbf/hr-lbm, Pec = 5,041
Dd Dc Kd Feed Product %

5 2 Water Water Removal
Solute (10 ft°/hr) (ppm) (ppm)
l. Benzene 21.9 3.79 338. 8l1.2 2.4 97.0
2. Toluene 20.4 3.35 1460. 43.8 1.6 96.3
3. Xylenes 19.3 3.03 - 33.6 <1 >97
4. Phenol 21.2 3,58 0.20 68.2 66.0 3.2
Comment: Feed COD = 1880 ppm; Product COD = 699 ppm.

Turbidity reduced by
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Table H. RDC Extractor Data (Continued)

RDC extractor run # RS12 Temperature = 22,2°C
Dispersed phase = 2-Ethyl Hexanol
Continuous phase = Neutralized Oxychlorination Waste
Water

Vd = 1.501 ft/hr, Vc = 11.766 ft/hr, Fs/Fw = 0.1063
di = 1.50 inch, dS = 2.25 inch, H = 30.00 inch
pq = 0.8311 gm/cc, Mg = 8.038 cp, N = 800.0 RPM
Pe = 0.9977 gm/cc, Mg = 0.964 cp, o = 8.5 dyne/cm
G18 = 0,200, boale = 0.0112, gmeaﬁ = 0.0156
dp = 0.0159 inch, a = 50.94 ft°/ft", Pe, = 29.85
FF = 26.1%, POM = 164.7 ft—lbf/hr—lbm, Pe_ = 7.686

Dd DC Kd Feed Product %

5 2 Water Water Removal

Solute (10 ft°/hr) (ppm) (ppm)

1. Ethanol 0.64 4.99 1.0 286 265 7.3
2. EDC 0.55 3.73 200. 1505 20 98.7
3. ECH 0.58 4.11 5.0 1636 1292 21.0
4. Chloral Hyd.

0.49 3.08 140. 15220 7726 49.2

Comment: Water phase contained 9.26 wt. % NaCl.
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Table H. RDC Extractor Data (Continued)

RDC extractor run # RS13 Temperature = 21.6°C
Dispersed phase = n-Butyl Acetate

Continuous phase = Prepared Waste Water

\Y = 1.650 ft/hr, V. = 13.049 ft/hr, FS/Fw = 0.1114

di = 1.50 inch, ds = 2,25 inch, H = 29.19 inch
Py = 0.8792 gm/cc, Hg = 0.708 cp, N = 800.0 RPM
Pe = 0.9979 gm/cc, Mo = 0.964 cp, o = 13.9 dyne/cm
Gyg = 0.200, ¢ 4, = 0.0124, gmeaﬁ = 0.0428
dp = 0.0213 inch, a = 41.71 ft°/ft", Ped = 29,04
FF = 24.0%, POM = 164.7 ft-lbf/hr—lbm, Pec = 8.187

Dd Dc Kd Feed Product 2

5 2 Water Water Removal

Solute (10 ft°/hr) (ppm) (ppm)
1. MeAc 6.45 3.93 3.64 227 181 20.3
2. EtAc 5.97 3.40 11.2 270 81.6 69.8
3. i-PrAc 5.60 3.04 34.1 676 85.3 87.4
4. o-Cresol

5.57 3.02 206. 5622 255, 95.5
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Table H.

RDC Extractor Data (Continued)

RDC extractor run # RS14 Temperature = 25,3°C
Dispersed phase = Isobutylene
Continuous phase = Prepared Waste Water
Vd = 9,986 ft/hr, Vc = 8.607 f£t/hr, FS/Fw = 0.6867
di = 1.75 inch, ds = 2.00 inch, H= 29.00 inch
g = 0.5869 gm/cc, Hg = 0.177 cp, N = 1200 RPM
e = 0.9970 gm/cc, Mo = 0.883 cp, g = 40.9 dyne/cm
G18 = 0.337, bcalc = 0.0270 ) 5
dp = 0.,0392 inch, a = 49.62 ft°/ft", Ped = 36.90
FF = 19.4%, POM = 670.08 ft-lbf/hr—lbm, PeC = 4,246
Dd Dc Kd Feed Product %
5 5 Water Water Removal
Solute (107 £t“/hr) (ppm) (ppm)
Crotonaldehyde
25.35 3.34 2.48 5572 936 83.2
RDC extractor run # RS15 Temperature = 22.7 °C

Dispersed phase

48.2% n-Butyl Aceta

Phenolic Resin Plan

Continuous phase

te in Isobutylene
t Water

Vd = 1.844 ft/hr, Vc = 6.583 ft/hr, Fq/Fw = 0.2059
di = 1.75 inch, ds = 2.00 inch, H = 28.18 inch
g = 0.7294 gm/cc, by = 0.285 cp, N = 1200 RPM
b = 0.9976 gm/cc, W, = 0.940 cp, ¢ = 32.1 dyne/cm
G18 = 0,0171 , qbalc = 0.0115, , 5
dp = 0.0171 inch, a = 48.56 ft°/ft~, Ped = 24,30
FF = 12.9 %, POM = 681.8 ft—lbf/hr—lbm, Pec = 3.163
Dd Dc Kd Feed Product %
5 2 Water Water Removal
Solute (10 ft“/hr) (ppm) {(ppm)
Methanol 14.18 4.68 0.10 12000 11510 4.1
Formaldehyde
17.12 7.36 0.15 17370 16450 5.3
Phenol 6.12 3.53 6.15 48270 483 99.0
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Tahle H. RDC Extractor Data (Continued)
RDC extractor run # RS1l6 Temperature = 23.4 °C
Dispersed phase = n-Butyl Acetate
Continuous phase = Phenolic Resin Plant Water
Vg = 0.804 ft/hr, V_ = .936 ft/hr, F /F, = 0.1188
di = -1.50 inch, ds = 2.25 inch, H = 30.50 inch
Pg = 0.8744 gm/cc, ng = 0.690 cp, N = 1250 RPM
pe = 0.9974 gm/céc, Mg T 0.932 cp, O = 13.7 dyne/cm
018 = 0.200 , ¢ calc = 0.0075 , ;
dp = 0.0144 inch, a = 37.34 £t7/£ft7, Pey = 20.58
FF = 26.5 %, POM = 428.1 ft-lbf/hr-lbm, Pec = 2,753
Dd Dc Kd Feed Product %
g 5 Water Water Removal
Solute (10 £+°/hr) (ppm) (ppm)
Methanol 14.31 4.69 0.10 12000 7608 36.6
Formaldehyde
17.30 7.44 0.15 17370 10370 40.3
Phenol 6.19 3.58 12.0 48270 €082 7.4
PDC extractor run # RS17 Temperature = 24.5 °C
Dispersed Ehase = Methyl Iscbutyl Ketone
Continuous phase = Hydrofiner Waste Water
Vg = 1.682 ft/hr, v_ = 10,717 ft/hr, FS/Fw = 0.1249
di = 1.50 inch, ds = 2.25 inch, H = 30.25 inch
Py = 0.7914 gm/cc, ng = 0.542 cp, N = 1250 RPM
P = 0.9972 gm/cc, He = 0.8282 cp, g = 9.90 dyne/cm
G18 = 0.200 , bcalc = 0.0134 , )
dp = 0.0120 inch, a = 80.42 ft°/ft7, Ped = 22.55
FF = 41.6%, POM = 415.6 ft—lbf/hr-lbm, Pec = 4,782
Dd Dc Kd Feed Product %
5 2 Water Water Removal
Solute (10 ft®/hr) (ppm) (ppm)
Phenol 6.24 3.74 68.0 400 <1 > 99.8
Comment: Feed COD = 17530 ppm
MIBK Concentration in Product Water = 15680 ppm

(COD 42500 ppm)
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Tabkle H, RDC Fxtractor Data (Continued)

RDC extractor run #RS18 Temperature = 24.2 °C

Dispersed phase

Continuous phase

49.5% Methyl Isobutyl Ketone in Isobutylene
Hydrofiner Waste Water

Vd = 2.052 ft/hr, V_ = 6,808 ft/hr, FS/Fw = 0.2091
di = 1.75 inch, ds = 2.00 inch, H = 30.38 inch
P = 0.7916 am/cc, ng = 0.265 cp, N = 1150 RPM
Pe = 0.9972 gm/cc, W = 0.907 cp, g = 29.7 dyne/cm
GlB = 0.171 , beale = 0.015¢0 , 5
dp = 0.0171 inch, a = 63.14 £t°/ft7, Ped = 24,47
FF = 16.8%, POM = 601.3 ft-lbf/hr—lbm, Pec = 3.676

Dd D Kd Feed Product %

5 2c Water Water Removal

Solute (10 ft°/hr) (ppm) {ppm)
Phenol 6.23 3.69 34.0 400 <1 > 99

Comment: Feed COD = 17530 ppm; Product CCD = 18580 ppm

MIBK Concentration in Product Water = 3150 ppm
(COD 9000 ppm)

RDC extractor run #RS19 Temperature = 21.8°C

Dispersed phase

Continuous phase

Sol
1.
2.

3.

Isobutylene

Styrene Waste Water
= 1.480 ft/hr, Vc = 8.170 ft/hr, Fs/Fw = 0.1072

= 1.75 inch, d_ = 2.00 inch, H = 30.00 inch
= 0.5926 gm/cc, ud = 0.181 cp, N = 1250 RPM
= 0.9978 gm/cc, Mg = 0.959 cp, 0 = 41.7 dyne/cm
= 0.337, | ¢calc = 0.0043 ) 3
= 0.0376 inch, a = 8.27 £t°/ft7, Ped = 36.06
= 7.93%, POM = 766.11 ft—lbf/hr~1bm, Pec = 3.811
Dd Dc Kd Feed Product E
5 2 Water Water Removal
ute (10° £t“/hr) (ppm) (ppm)
Benzene 24.00 3.62 407. 290 10 96.6
Ethyl-
benzene 25.17 2.90 120 4 96.7
Styrene 26.19 2.99 15 <1 >93
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APPENDIX I

LABORATORY EXTRACTIONS OF OXYCHLORINATION WASTE WATER

One of the samples of industrial waste water
which was studied in this work came from an oxychlo-
rination plant. The most serious pollutant present in
this waste water was found to be chloral hydrate,
which was present at a concentration of about 1.5
weight %. This waste water also contained between
1.5 and 5.8 weight % HC1, between 1500 and 3460
ppm ethylene dichloride, and less than 500 ppm of
several other organic compounds.

The measurement of the equilibrium distri-
bution coefficient for chloral hydrate distributing
between salt-free water and 2-ethyl hexanol
indicated that this was an excellent solvent. Kd
varied from 50 with 500 ppm in the aqueous phase to 17
with 15,000 ppm in the aqueous phase. However, when
a sample of neutralized oxychlorination waste water
was contacted at a low flow ratio with 2-ethyl hexanol
in the RDC extractor (Run RS12), the removal efficiency
was found to be only 49% rather than about 98% expected
for a solute with such a large value of Kd' In this
appendix several experiments are discussed which show
that this low removal is probably due to a slow chemical
reaction which accompanies the transfer of chloral from
the water phase to the solvent phase.
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Initial Experiment.

An aqueous solution containing ethyl acetate,
n-butyl acetate, and chloral hydrate was prepared.
An accurately measured quantity (359 gm) of this
solution was added to a 500-ml1 separatory funnel. A
50-gm sample of 2-ethyl hexanoT was added, and shaking
of the mixture was begun immediately. After a
precisely measured time interval, about 30 ml of
the dispersion was removed into a 60 ml separatory
funnel, and shaking of the 500-m1 separatory was
continued. After 40 seconds to allow the phases to
separate in the 60-ml separatory funnel, about 10 m]l
of aqueous phase was drained into a sample bottle.
Three samples were collected from three 60-ml
separatory funnels before the shaking of the 500-ml
separatory funnel was terminated. These samples
were analyzed for the three solutes using the gas
chromatograph, and then the contents of each 60-ml
separatory funnel and of each sample bottle (only
a few microliters were used for the GC analysis)
were added back into the 500-ml separatory funnel.
After 24 hours with occasional shaking, the aqueous

phase from the equilibrated mixture was analyzed using
the GC.

Results and Discussion on Initial Experiment.

In Table I1 the results are shown from the
analyses of the initial aqueous phase, of the un-
equilibrated samples taken at 1, 4, and 10 minutes

after shaking began, and of the sample taken after
24 hours which is assumed to be at equilibrium.
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Table 1Il. Results from Extraction of a Prepared

Water Solution using 2-Ethyl Hexanol

Initially pure solvent added to 500-ml separatory
funnel = 50.0 grams
Prepared water solution added to 500-ml separatory

funnel = 359. grams

Water phase analyses (concentrations in ppm by weight):

Time after beginning Ethyl n-Butyl Chloral
to shake funnel (min) Acetate Acetate Hydrate
Initial 1,802 4,410 15,000
1 896 264 10,350
4 883 262 8,750
10 809 235 5,220
% 860 244 2,360

Apparent values of K

d
1 7.26 113 3.2
4 7.47 114 5.1
10 8.81 128 13.5
o 7.85 123 38.5
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It appears that both ethyl acetate and n-butyl
acetate had essentially equilibrated within the
first minute of shaking. However, even after 10
minutes of shaking, the concentration of chioral
hydrate is still changing with time.

Another way of presenting the results is to
calculate an apparent value of Kd based on a material
balance. From the known quantities of the two
phases, Kd can be calculated from the initial and
final concentrations by assuming equilibrium is
achieved. These results shown at the bottom of
Table Il again indicate a slow approach to equilib-
rium in the case of chloral hydrate. The final
value of Kd for chloral hydrate after a long time
(24 hours) agreed well with the separately determined
equilibrium measurements of 38.

A possible explanation for the observed slow
rate of mass transfer for chloral can be postulated
based on the extensive work of Jensen and coworkers.
In a study of the kinetics of the reversible reaction
between chloral and various primary and secondary
alcohols, Jensen, et al. (1970) found that the
reaction in a nonpolar solvent was catalized by
acetic acid. The product of reaction is the hemi-
acetal, as summarized by the following:

IH IH
CC1;-C=0 + ROH —= CC1,-C — OH

\

OR

In the presence of water, chloral hydrate rather
than chloral would 1ikely be the reactant, but the
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hemiacetal could still be the final product.

Whereas chloral hydrate would be expected to favor
the aqueous phase strongly, it is likely that the
hemiacetal of chloral and 2-ethyl hexanol would

favor the alcohol phase. The observed high value of
Kd could well be much more the result of the reaction
to form the hemiacetal than of the transfer of
chloral itself into the alcohol phase.

Additional Experiments.
Since the previous reports had shown carboxylic

acids to be good catalysts for increasing the rate

of reaction of chloral with various alcohols, we

made several extractions of chloral using n-octanol

to which several percent of various organic acids

had been added. The procedure was the same as for

the previous experiment, except the ethyl acetate and
n-butyl acetate were not present in the initial aqueous
phase and a sample taken after 60 minutes was the

final sample analyzed.

The carboxylic acids chosen for testing were
hexanoic, benzoic, and p-toluic. These acids are
expected to show high values of K, between water and
octanol so that they should not be extracted back
into the waste water to a large extent.

Additional Results and Discussion.

The results of the three additional experiments
are reported in Table I2 in the form of apparent
values of Kd. For comparison the previous results
from the extraction of chloral hydrate with pure
2-ethyl hexanol are included in Table I2. The
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carboxylic acids are seen to have a significant
catalytic effect, but not so great as to make this
a very promising process approach. In a recycle
process with solvent regeneration by distillation,
other problems such as esterification of the car-
boxylic acid would have to be considered.
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Table I2, Results from Extractions of Prepared

Water Solutions Which Contained Chloral Hydrate

Initial water solutions contained 15,000 ppm of

chloral hydrate.

Apparent values of Kd:

Time after
beginning to
shake funnel

(min) Run A Run B Run C Run D
1 3.2 5.4 7.2 7.0
4 5.1 9.5 13.3 13.2
10 13.5 19.2 25.7 25.4
60 - -- 36.1 36.8
o 38.5 -- -- --

Run A used pure 2-ethyl hexanol as solvent.
Run B used 1 wt. % hexanoic acid in n-octanol.
Run C used 2 wt. % benzoic acid in n-octanol.

Run D used 2 wt. % p-toluic acid in n-octanol.
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APPENDIX J. METRIC CONVERSION TABLE

9.480 x10™% BTU = 1 joule
1.8 °F or OR = 10C or 1 9K
0.03281 ft = 1 cm
0.2642 gal = 1 Titer
2.642 x 10°% gal = 1 emd
1.341 HP = 1 kilowatt
0.3937 in = 1 cm
0.002205 1b = 1 gram
14.696 psi (1b/in?) = 1 atm
14.223 psi (1b/in?) = 1 kg./cm?
14.504 psi (1b/in® = 1 bar
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